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Abstract: Experimental studies have revealed that the introduction of a small amount (0.5% by
volume) of permanent and chemically inert gas bubbles leads to the intensification of droplets
disintegration in a liquid–liquid system (emulsification) in a pulsating flow type apparatus. The
liquids used were water (continuous phase) and oil (dispersed phase) at room temperature, and
nitrogen was used as a gas. The gas hold-up ϕin was varied in the range of 0% to 4%. The volume
fraction of the dispersed phase (oil) was 1% with respect to the continuous phase. The size of
the oil droplets was determined by microphotographs; at least 600 drops were photographed in
each experiment. The optimal gas hold-up in terms of the highest interfacial area (for the studied
conditions) was found to be 0.5%, at which value the droplets’ Sauter mean diameter d32 decreased
1.88 times, and the maximum droplet size decreased 1.3 times, compared with the case without gas
input. The effect of decreasing the average droplet size d32 upon the injection of an inert gas in the
continuous phase disappears at ϕin ≈ 2%. The pressure loss at ϕin ≤ 2% within the measurement
error remained constant, while at 4%, it increases by only 5.4%. The role of an inert gas is explained
by several factors: (i) a redistribution of momentum over the volume of liquid; (ii) the occurrence of
microflows near bubbles and drops, which leads to an increase in shear stresses on the surface of the
drops; and (iii) gas bubbles act as pseudocavitation bubbles, whereby when they collapse, they break
up adjacent droplets.

Keywords: emulsification; droplet breakup; liquid–liquid disintegration; process intensification;
pulsating flow type apparatus

1. Introduction

Emulsification processes and liquid–liquid systems are widely used in the chemical
and petrochemical industry, cosmetics, drugs, fabrics, liquid extraction and homogeniza-
tion, food products, etc. [1]. Another application of emulsions is the use of droplets as a
transporting tool for various types of chemicals within droplets.

The following physical mechanisms are those most studied and applied in industrial
practice for droplet disintegration [2,3], specifically laminar shear flows (in devices with
rotating disks, rotor-stator mixers) and laminar elongation flows (nozzles and diffusers,
microfluidic devices), and for turbulent flows, specifically pressure fluctuation or shear
forces (stirred tanks, colloid mills, impinging jet mixers, static mixers) and the cavitation
field (cavitation caused by ultrasonication, high velocity flows).

Efficiency enhancement, energy savings, and sustainability problems are the challenges
of the modern science and technologies, inspiring research into new paths of process
intensification by use of sophisticated and possibly easy methods. One of the trends is to
intensify the momentum exchange processes occurring in the fluids by inputting into it
additional forms of energy or by redistributing the input energy to activate and receive the
necessary effect by spending less [4].
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In recent decades, there has been a tendency toward decreasing energy costs versus
energy input in the immediate vicinity of the interphase boundary. One scientifically
based method is the principle of discrete-pulse energy input [5–7]. Obviously, this
method of energy conversion should lead to an increase in the efficiency of processes
in heterogeneous media, which will be expressed, for example, as a sharp increase in
the specific surface area of the dispersed phase at an equal energy dissipation rate. To
implement the principle, two conditions must be met: (i) the presence in the system
of distributed working elements that play the role of local microsources of energy, and
(ii) the presence in the system of significant gradients of thermodynamic or hydrody-
namic parameters (temperature, pressure, velocity, etc.) [6].

The approach is known to be implemented by creating vapor–gas bubbles in a het-
erogeneous system by sharply reducing the pressure to the saturated vapor pressure at
a given temperature. With a following sharp increase in pressure, the bubbles collapse
with the release of a short powerful pulse. Accompanying this phenomenon, shock waves,
microcavitation, cumulative microjets, and vortices cause Rayleigh–Taylor and Kelvin–
Helmholtz instabilities on interfacial surfaces, leading to intensive fragmentation during
the dispersed phase, an increase in the interface, and an increase in the rate of the mass and
heat transfer processes [6,7].

To form the dispersed phase, it is necessary to use sufficiently rigid mechanisms of
influence with a high level of specific power (energy dissipation rate) in the pulse, which
requires the use of high-speed devices for a sharp change in the hydrodynamic parameters
in the system. In this case, such processes should be carried out in flow type devices
with intensive exposure in a small working volume, which eliminates the circulation
and repeated imposition of effects on the already-processed system and, consequently,
additional energy costs. This principle is implemented in a number of elementary devices
connected in series, a common feature of which is the design in the form of a pipe with a
periodically changing cross-section area. In this case, a change in the channel configuration
leads to pulsations of velocity, flow pressure, and shear stresses, as well as enhanced
vortex formation caused by the separation of the flow from the walls thanks to sudden
expansion. The intentional generation of vortices in some pulsating devices of the tubular
type [8–11] allows for classifying these devices as so-called static mixers. An extensive
review by Thakur et al. [12] represents the main types of commercially available static
mixers, along with the area on their industrial application for mixing, heat and mass transfer,
and emulsification. Several significant reviews have been devoted to more-specific topics:
the application of static mixers in organic chemistry [13], the synthesis of pharmaceutical
ingredients [14], etc. Current advances in liquid–liquid mixing in static mixers has been
presented in a recent review [15].

However, the presence of secondary eddies leads to an increase in hydraulic resis-
tance (in which the most of the mechanical energy is dissipated) and to the formation
of stagnant zones in the apparatus, which leads to a broadening of the residence time
distribution curve. In order to solve this problem, a new type of apparatus has been elab-
orated at the Department of Optimization of Chemical and Biotechnological Equipment
of SPSIT—a pulsating flow type apparatus (PFA) [16–18]. This device has a smoother
shape, preventing the detachment of the flow from the walls in the expansion sections,
but at the same time, PFA has higher intensity of impact on the fluids to be processed,
compared both with commercially available types of static mixers (such as Lightnin and
Sulzer SMV) [19] and with tubular type [8] apparatuses (see [20,21]). It was found that
there are disintegration mechanisms other than turbulence in the PFA that contribute to
a finer dispersion of droplets. It was shown earlier that these mechanisms are high shear
stresses and Kelvin–Helmholtz instability [22,23]. On the other hand, in [16], it was first
proposed to inject a small amount of gas into the system, into a liquid (not a vapor), and
the appearance of cumulative jets when gas bubbles collapse (just like cavitation bubbles
do), as a result of periodic changes in the pressure in the system, is called by the author
“pseudocavitation”. The dynamics and the pulsation of vapor (vapor–gas) bubbles, as



Fluids 2023, 8, 38 3 of 18

well as the high-frequency radial oscillations of the fluid created by them in the vicinity
of these bubbles, are discussed in [24,25].

In this paper, the method of redistributing the introduced energy by introducing a
third phase (a gas phase) into the liquid–liquid system is studied. The implementation
of the method consists in the gas supply and uniform distribution of gas bubbles in the
volume of the treated medium, which would transform the accumulated potential energy
into the kinetic energy of the liquid movement in the vicinity of the bubbles. It is assumed
that with a sharp change in pressure, high-frequency oscillations of the interphase surface
of gas bubbles occur, as well as a change in their volume, accompanied under certain
conditions by the emission of a pressure pulse of large amplitude and strong turbulence
of the adjacent layers of the liquid. As a result, intense microflows occur in the space
between the bubbles with high instantaneous values of local velocity, acceleration, and
pressure. Thus, to implement the method, it is necessary to have gas bubbles in the
system that act as (secondary) energy microtransformers and to have the presence of
significant pressure gradients in the working system. With this in mind, in this work, a
pulsating flow type apparatus, a new type of static disperser (see Section 3.1), was used as
a disintegration device.

This work is an experimental study of liquid disintegration process intensification in a
pulsating flow type apparatus by introducing a gas phase into a liquid–liquid system. The
device efficiency is assessed, and the optimal volume fraction of gas bubbles is determined.

2. Theoretical Part

Two main aims of the emulsification process can be distinguished: (i) to disintegrate
the dispersed phase to the droplets that have the required size and (ii) to distribute the
droplets within the volume of the continuous phase as evenly as possible.

Currently, there is the widely used population balance model that theoretically predicts
the average size of droplets dispersed in laminar or turbulent flows [26,27]. The population
balance method makes it possible to predict the distribution curves of drops and bubbles.
However, to use them, one needs to have reliable information on the following functions,
birth and death by breakage and birth and death by coalescence, which creates significant
difficulties. Therefore, to assess the efficiency of dispersion, the size of the maximum stable
droplet size dmax is traditionally used; under the influence of external stresses τ, a diameter
exceeding the forces that keep the drop from disintegration τcoh ≈ 2σ/d will make the drop
become unstable and break up into smaller drops.

To disperse droplets in laminar flow, it is important to consider droplet breakdown
in two deformation cases: shear flow and elongation flow. In the first case, with a shear
flow, the deformation and subsequent destruction of the drop occurs as a result of shear-
stress τ action. This is caused by the shear field (τs = µc

.
γ, where

.
γ is the shear rate s−1),

and it happens in the presence of an elongation flow, under the action of tensile stresses
determined by the equation τe = 2µc

.
ε, where

.
ε is the elongation deformation rate s−1.

In this case, the maximum stable droplet size can be determined from an expression
that includes the capillary number, which is characterized by the ratio of viscous forces
promoting droplet fragmentation to the surface tension forces holding the droplet [28,29]:

Cacr =

.
γµcdmax

σ
(1)

where
.
γ is the shear rate s−1; µc is the dynamic viscosity of the continuous phase Pa·s; dmax

is maximum stable droplet size, in m; and σ is interfacial tension, in N/m.
The traditional methods of process intensification in heterogeneous media are based

mainly on the concept of local isotropic turbulence, the foundations of which were laid
in the works of Kolmogorov [30] and Hinze [31]. According to this theory, the level of
intensification depends directly on the turbulent pulsation velocity value vt, which, in the
general case, is defined as:

vt(d) = C(εd)
1
3 (2)
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where C is a constant; ε is the specific energy dissipation rate W/kg; and d is the diameter
of the droplet, in m.

In this case, drops of low viscosity are within the inertial range, i.e., ηK < d < L,
where L is the size of large structures (eddies) of energy cascade and ηK is the Kolmogorov
microscale (ηK =

(
ν3/ε

)1/4). The maximum stable diameter of droplets that resist further
dispersion due to confining interfacial tension forces can be related to the local energy
dissipation rate by the following expression:

dmax = C
(

σ

ρc

)3/5
ε−2/5 (3)

where ρc is the density of the continuous phase, in kg/m3.
Thus, in accordance with this concept, in order to increase the level of intensification,

it is necessary to achieve the maximum values of turbulent pulsations velocity vt. On
the other hand, the most effective intensification could be expected in those zones where
the greatest energy dissipation is observed. These methods are used to one degree or
another to improve the operation of traditional devices, including static mixers. However,
any increase in the specific energy dissipation rate ε in the apparatus usually requires an
additional increase in the power input. As a consequence, this leads to a decrease in its
efficiency because the main part of the energy is not spent on performing useful work in
the vicinity of dispersions but is instead unproductively dissipated in the volume of the
continuous phase and on the walls of the apparatus.

As mentioned above, an alternative approach to the process intensification in hetero-
geneous media assumes that the dissipation of the introduced energy should occur mainly
in the vicinity of a dispersed particle, and any factors contributing to energy losses outside
these local zones should be eliminated as much as possible. The implementation of the
method consists in creating vapor or gas bubbles evenly distributed in the working volume,
which transform the accumulated potential energy into kinetic energy of liquid movement
in the vicinity of the bubble when the volume of bubbles changes.

It is known that the presence of gas bubbles complicates the understanding of both
dispersion processes and coalescence [29]. However, there is very little information in the
literature on the mechanisms of the gas-phase effect on the emulsification process.

Thus, a particle of a dispersed phase located between two growing bubbles will be
subjected to the action of shear stresses due to high velocities. This, in turn, can lead to the
development of Kelvin–Helmholtz instability and cause the fragmentation of the dispersed
phase. The possible dispersion of such fragmentation can be estimated as [6,32]

dKH =
σWecr

4ρcvb
2 (4)

where Wecr is the critical Weber number, equal to Wecr = 2π ≈ 6.28 [32], and vb is the
radial bubble growth rate, in m/s.

Moreover, impulsive pressure changes during the collapse of gas or vapor bubbles
lead to the high-frequency oscillations of the dispersed medium. Such oscillations can cause
Rayleigh–Taylor instability for dispersed-phase inclusions with subsequent destruction to
a size of the order of [6,32]

dRT =

√
σBocr

4ρcb
, (5)

where Bocr is the critical bond number, equal to Bocr = 4π2 ≈ 39.5 [32]; b is a linear
acceleration, b = 1/ρcC·dP/dτ; and C is the sound velocity in the system.

The presence of gas bubbles in the system can also contributes to the occurrence of the
so-called cumulative mechanism of cavitation emulsification. The collapse of the bubble at
the interface leads to the formation of a cumulative jet, the entry of which into the nearest
drop is accompanied by its fragmentation. Given the characteristics of cumulative jets and
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the physical properties of liquids, it is possible to estimate the most probable diameter of
the formed emulsion droplets from the theory of jet disintegration [33]:

dC =

(
δcj

vcj

)2/3 (
4.5πσ

ρc + ρd

)1/3
, (6)

where δcj is the diameter of the cumulative jet, in m; vcj is the collapse rate of the
cumulative jet, in m/s; and ρc, ρd are the densities of continuous and dispersed phases,
respectively, in kg/m3.

In addition to the direct introduction of cumulative jets with their subsequent disinte-
gration, the formation of shock waves from collapsing bubbles along the interface, leading
to its deformation, is also possible. These shock waves are generated by the collapse of
a symmetric bubble and then radially propagate outward from the collapse point into
the surrounding fluid. In addition, shock waves often accompany an effect known as an
acoustic stream [34], which can be observed as a rapid flow of fluid caused by the oscil-
lation of bubbles. Cumulative jets have velocities in the order of 100 m/s [33,35,36] and,
together with shock waves and acoustic streams, are extremely effective in the formation
of emulsions.

The noted reasons for hydrodynamic fragmentation with a change in the volume of
bubbles lead to the micron range of the obtained particles of the dispersed phase.

In addition, other mechanisms explain the role of gas bubbles in the decay of dispersions:

• The oscillations of bubbles cause additional shear stresses and local flows.
• The reduced rigidity of the gas–liquid mixture leads to an increase in the amplitude of

droplet oscillations thanks to a decrease in acoustic impedance.
• Bubbles redistribute energy between particles.
• Gas bubbles act as pseudocavitation bubbles, where collapsed bubbles break up droplets.
• Gas bubbles expand along the axial coordinate of each PFA element, resulting in

additional acceleration of the liquid.

Currently, not all mechanisms can be accurately described theoretically. A detailed
study of these processes should be the topic of several future theoretical works.

In this article, a theoretical assessment of some mechanisms of the effect of gas bubbles
on the dispersed-phase droplets was performed, which made it possible to explain the
obtained experimental results.

The aim of this study is to experimentally demonstrate the possibility to increase
disintegration efficiency by introducing small amounts of inert gas into a liquid–liquid
system and to assess the size of the formed droplets and the additional amount of energy
needed for gas–liquid–liquid system transportation through the disintegration device.

3. Experimental Part
3.1. Materials and Methods

To study the liquid–liquid disintegration process intensification in PFA by the addition
of a permanent and chemically inert gas as a third phase, an oil-in-water emulsion was
used. A permanent gas is regarded as one that cannot be liquefied by pressure alone at
normal temperatures; an inert gas is regarded as one that cannot react with either of two
liquids. The following liquids were used: tap water as the continuous phase and sunflower
oil as the dispersed phase (Table 1 contains the physical properties of the liquids used).
The flow rate of the continuous phase (water) was fixed at Qc = 2 m3/h, and the flow
rate of the dispersed phase (oil) was 1% (Qd = 0.02 m3/h). A syringe pump with variable
infusion rate was used to supply the dispersed phase into PFA. At the same time, a certain
speed was set on the syringe pump to supply oil within a given time slot to ensure the
desired volumetric flow. The interfacial liquid–liquid tension was measured by using
the Schrodinger method (maximum droplet pressure method [37]), the maximum relative
measurement error was 0.6%, and a homemade measuring device was built. The dynamic
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viscosity of sunflower oil was determined from [38]. High-purity nitrogen as an inert gas
injected into the liquid–liquid system was used in this work.

Table 1. Physicochemical properties of liquids used in this study (at 20 ◦C).

Fluids Density (ρ), kg/m3 Dynamic Viscosity (µ), mPa·s Interphase Tension (σ), mN/m

Dispersed phase:
Sunflower oil 920.3 56

20.6
Continuous phase:

Water 998.2 1.0016

3.2. Design and Operating Principle of Pulsating Flow Type Apparatus

A pulsating flow type apparatus (PFA, see Figure 1) was studied in this work. PFA
demonstrates a high level of energy dissipation and could be used in various processes:
liquid reactions, absorption, emulsification, etc. [18].
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Figure 1. (a) Schematic of pulsating flow type apparatus (PFA) element ne and (b) photo of the PFA
(five sections fragment) used in this work (ne = 10, Ds = 9 mm).

A liquid–liquid two-phase mixture, passing through a PFA having a periodical geome-
try, is exposed by pulsating velocity, acceleration, and pressure appearing thanks to the
cross-section variation along streamlines. As it has been revealed earlier [22], disintegration
of droplets in PFA occurs mainly thanks to two factors: shear stresses in the neck area and
Kelvin–Helmholtz instability. Additionally, our previous studies, which were devoted to
the study of the carbon nanotubes deagglomeration [39] and droplet dispersion [23] with
a subsequent comparison with static mixers [19], showed the high efficiency of PFA for
solid–liquid dispersion and liquid–liquid dispersion.

In this study, a PFA with a diameter of the neck at Ds = 10 mm; Ds/Dl = 1/2 and
le/Dl = 4.25 ratio, the angles of confuser and diffuser at 36◦ and 11.5◦, respectively; and the
number of dispersing elements at ne = 10 was used (see Figure 1a). Laboratory-scale PFAs
were made of Pyrex glass tubes having a wall thickness of approx. 2–2.5 mm (see Figure 1b).

3.3. Experimental Rig

An experimental setup for the study of the liquid disintegration process intensification
by means of additional injection of the gas phase into a two-phase liquid–liquid system
in a PFA is shown in Figure 2. The continuous phase was supplied from the tank 1 by a
centrifugal pump 2 (Wilo MVIE414 (Wilo, Dortmund, Germany), head H = 160 m, maximal
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flow rate Q = 8 m3/h) into the horizontal PFA 3—a thick-walled glass tube consisting
of ne = 10, dispersing elements of the “Venturi tube” (linear dimensions of the structural
elements are shown in Figure 1a). The inner diameter of feeding and discharging lines of
PFA was 16 mm. The dispersed and gas phases were fed into the cross-section center in
the initial part of the stabilization section: pipeline between pressure gauge and the first
Venturi element, through a straight tube (OD = 3.5 mm, ID = 2.5 mm) and a check valve 4.
The dispersed phase was supplied using a syringe pump 5 with adjustable flow rate and
was equipped by two syringes of 22 mL each. Two syringes were used to provide a given
volumetric flow rate of the dispersed phase. The gas phase (nitrogen) used in the work
was supplied to the apparatus through the check valve 4 from the high-pressure cylinder 6.
At the outlet of the PFA, there was a nipple to take samples to the 60 mL glass sampler 7,
prefilled with surfactant (a water solution of sodium dodecylsulfate, SDS). The volume
ratio of 1:10 was used to ensure total blocking of droplets surface by surfactant molecules
(5 mL of surfactant per 50 mL of the emulsion obtained in the sample). Electromagnetic
flow meter 8 Vzlyot ER ERSV-540M (Vzlyot, Russia) with a relative error of ±2.0% was
used for the mixture’s flow rate measurements.
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Figure 2. Schematic diagram of the experimental rig for the emulsification process intensifica-
tion studying in PFA by entering the gas phase: 1—feed tank, 2—pump, 3—PFA, 4—check valve,
5—syringe pump, 6—compressed inert gas (Nitrogen) cylinder, 7—sampler, 8—flow meter, 9—gas
flow sensor, 10—analog-to-digital converter, 11—laptop with PowerGraph software, 12—pressure
gauges, 13—valve.

The volumetric gas flow rate in the system was registered using a nitrogen flow sensor
9 Honeywell AWM5101VN (Honeywell, Freeport, IL, USA) with a relative measurement error
of ±0.5%. The signal acquisition from the sensor was performed using an analog-to-digital
converter 10 L-Card E14-140 (L-Card, Moscow, Russia) and recorded using a laptop 11 with
a PowerGraph software package for information collecting and processing. To determine
the friction factor of the apparatus at the stabilization part with known dimensions, the
pressure was measured before and after the apparatus by means of pressure gauges 12 Elemer
AIR-20/M2-DI (Elemer, Moscow, Russia) with a relative error of measurement of ±0.6%.

In this paper, a volumetric flow-rate-defined gas hold-up reduced to standard condi-
tions for temperature and pressure was used. After taking into account the pressure and
temperature of gas at which the experiments were conducted, the volumetric flow rate of
the gas (QG.in)-defined gas hold-up under standard conditions at the inlet of the apparatus
was determined:

QG.in =
(Qc + Qd)·ϕin

100
·PG
TG

· 273.15
101325

(7)

where ϕin is the gas hold-up in the inlet of PFA; PG is the gas pressure, in Pa; TG is
temperature, in K; Qc is the volumetric flow rate of the continuous phase (water), in m3/s;
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and Qd is the volumetric flow rate of the dispersed phase (oil), in m3/s. The gas pressure
was taken to be equal to the pressure measured by the pressure gauge before the PFA
(PG = Pin) (see Figure 2). In this case, the gas temperature was taken to be equal to the
room temperature measured in the immediate vicinity of the nitrogen cylinder. Volumetric
flow-rate-defined gas hold-up was subsequently set during the experiment by the output
voltage from the flow sensor datasheet [40]. Then, the value of gas hold-up at the PFA inlet
is as follows:

ϕin =
QG.in

QL + QG.in
(8)

At the same time, it is obvious that owing to the change in pressure along the length
of the PFA, the gas hold-up values will also change. The equations for calculating the
real average volume gas hold-up, which take into account the expansion of the gas, are
presented in the Appendix A.

3.4. Droplets Diameters Measurements

Microphotographs gained by means of an optical microscope MBS-10 (LOMO, Russia,
a total magnification of ×56) were used for drop-size measurements. The SLR camera
Nikon D3100 SLR with Zoom NIKKOR 18–55 mm f/3.5-5.6G AF-S VR DX lens (resolution
4608 × 3072 = 14.2 million pixels) was attached to the microscope. The resolution of pictures
(2.3 pixels/µm) was high enough to identify the droplets with a size ~5 µm or larger (see
Figure 3: an example of a microphotograph).
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Figure 3. Example of microphotograph with oil droplets produced in PFA (vs = 8.7 m/s, Res = 78,630,
ϕin = 0.5%); microphotograph processing by the Kompas software.

Two samples were taken during each experiment to check the reproducibility. This
was repeated twice; i.e., for each set of input parameters, 4 samples were taken. Thus, the
diameters reported below were obtained from the average values of the 4 assays performed
at each gas hold-up tested. CAD Kompas software (Russia) was used to measure the
droplets’ size in microphotographs. In addition, a visual control on the monitor allowed for
avoiding counting the same droplet twice. The minimal number of droplets to be measured
was experimentally found for an amount of sampling from n = 100 to n = 800 (with a step
of 100 drops). The empirical method included the calculation of the standard deviation σn
for the droplet diameter, and then the normalized standard deviation (scaling function) σN
was calculated:

σN =
σn − σn.min

σn.max − σn.min
(9)

where σn is the standard deviation of the sample with a volume of n, in µm, and σn.min, σn.max
is the standard deviation for the minimum and the maximum amount of sampling, respec-
tively (n = 100 and 800), in µm.

The influence of the amount of sampling on the normalized standard deviation of
droplet sizes is shown in Figure 4. From what follows, the normalized standard deviation
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value is stabilized with an amount of sampling of 600 drops. This amount of sampling
(n = 600) was used as the minimum for further analysis of the obtained emulsions. All the
droplets in the sample were numbered.
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Figure 4. Dependence of the normalized standard deviation of the droplets size σN on the amount
of sampling.

One of the most used parameters characterizing droplet size is their mean diameter
d10. However, the more appropriate average size for mass transfer is the average surface-
to-volume diameter (Sauter diameter) d32 [41], which is defined as d32 = m3/m2, where mq
is the moment of the qth order (q = 2, 3) of a particle’s size density function fn(d) [42]:

mq =
∫ dmax

dmin

dq fn(d)dd . (10)

For the experimental data on droplet sizes presented for the ith fractions, the Sauter
diameter is defined as follows:

d32 =
m3

m2
=

∑i ni·di
3

∑i ni·di
2 , (11)

where ni is the number of droplets in the range of sizes from di to di+1.

4. Results and Discussion
4.1. Estimation of Droplet-Size Distribution and the Mean Droplet Size for Various Gas Hold-Up Values

Our experimental results show that the introduction of the gas phase into the PFA
generally has a positive effect on the quality of dispersion at a ϕin ≤ 2%. With a value of
gas hold-up of 0.25% to 2.0%, the maximum size of the obtained droplets is 2.6% to 21.5%
smaller than the droplets obtained under the same conditions without any gas supply (see
Figure 5). The average diameter of the droplets for the case of injected gas is 1.8 times
smaller and is 21.7 microns against 40.7 microns. The values of the average volume of gas
hold-up ϕavg (see Equation (A5)), which take into account the expansion of the gas, for the
corresponding ϕin are given in Table 2.

Table 2. Dependence of the pressure drop in PFA, the maximum and average droplet size on the
gas hold-up.

ϕin, % 0 0.25 0.5 0.75 1 2 4

ϕout , % 0 0.71 1.42 2.14 2.87 5.72 11.29
ϕavg , % 0 0.40 0.80 1.20 1.59 3.13 6.04

∆P, kPa 184 184 184 185 184 185 195

dmax, µm 52 44.93 40.82 50.64 52.47 54.47 64.92

d32, µm 40.69 33.94 21.67 28.36 29.49 38.87 46.20
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Figure 5. Dependence of the maximum and Sauter mean diameter of oil droplets on the volume gas
hold-up for the PFA Ds = 9 mm, Dl = 20 mm, ne = 10 at vs = 8.7 m/s, Res = 78,630.

It can also be concluded from Figure 5 that the optimum volume gas hold-up at which
the smallest droplets are achieved is 0.5% (ϕavg = 0.8%). Figure 6 shows microphotographs
of the obtained emulsions without gas injection ϕin = 0%, with an average droplet size
equal to d32 = 40.7 µm (see Figure 6a), as well as at a gas flow rate of ϕin = 0.5%, at which
the average droplet size is d32 = 21.7 µm (see Figure 6b).
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Figure 6. Examples of microphotograph with oil droplets produced in PFA at vs = 8.7 m/s, Res = 78,630:
(a) ϕin = 0% (d32 = 40.7 µm) and (b) ϕin = 0.5% (d32 = 21.7 µm). (c) The droplet-size distribution of oil in
water for various gas hold-up values (ϕin = 0%, 0.5%, 1%, and 2%). Scale bar length is 500 µm.
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Moreover, Figure 6 illustrates the droplet-size distribution on the volume gas hold-up
(see Figure 6c). It is clear that the distribution curves shift to the smaller droplet size at
volume gas hold-up ϕin = 0.5%. The droplet-size distribution fn was calculated according
to Equation (12):

fn =
∆n

n·∆d
, (12)

where ∆n is the number of drops in the nth range of sizes [d, d + ∆d] and n is the total
number of droplets.

It was also found that pressure losses along the length of the apparatus for volume
gas hold-up in the PFA in the range from 0% to 2% remain unchanged (they are within
an experimental error), and an increase in resistance is observed when the gas hold-up is
larger than 2% (see Figure 7a, Table 2). For clarity, the dependence of the pressure drop for
the L–L–G system to the two-phase L–L system ratio on the gas hold-up was also obtained
(see Figure 7b).
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Figure 7. Dependence of (a) the pressure drop on the gas hold-up ϕin (b) the pressure drop for the
L–L–G system to the two-phase L–L system ratio on the gas hold-up ϕin at vs = 8.7 m/s, Res = 78,630.



Fluids 2023, 8, 38 12 of 18

The equation for approximating the experimental dependence of the pressure drop (in
Pa) on the gas hold-up in the PFA is in Equation (13), as follows (ϕin is expressed in %):

∆P = 752.14ϕin
2 − 330.21ϕin + 1.84·105 (13)

Thus, the effect of the injected gas on the droplet size theoretically predicted earlier [16,24]
has been experimentally confirmed: introducing a small amount of gas into the liquid–liquid
system reduces the average drop size by almost two times, without increasing the energy cost
of pumping the liquid.

4.2. Mechanisms Explaining the Role of Gas Bubbles in the Intensified Emulsification in PFA

Consider the possible reasons for which an additional intensification of the emulsi-
fication process occurs when gas is introduced into the PFA. The fact is that the bubbles
are uniformly distributed over the volume of the apparatus, and they intensively expand
when the pressure falls (in the neck zone) and when there is a fluctuation in the interface
surface, in which case a rapid transformation of kinetic energy occurs in the vicinity of
the bubbles with the release of a short powerful pulse. In this case, in the continuous
phase, nonstationary microflows are formed in the vicinity of the bubbles, which have a
dynamic effect on the dispersed liquid phase. Thus, the introduction of the gas phase leads
to the fact that bubble oscillations induce additional shear stresses and local flows; bubbles
reduce the stiffness of the gas–liquid mixture, resulting in the amplitude increase in droplet
oscillations; and the bubbles redistribute energy among the oil droplets (see Figure 8a).

Let us evaluate the possible effect of droplet fragmentation under the condition of the
Kelvin–Helmholtz and Rayleigh–Taylor instabilities, according to Equations (4) and (5),
respectively. Under the given experimental conditions for the calculated vb = 0.2 m/s and
b = 125 m/s2 (dP/dτ = 2.5·107 Pa/s, C = 200 m/s), the possible droplet sizes caused by the
Kelvin–Helmholtz and Rayleigh–Taylor instabilities are dKH = 1.26 mm and dRT = 1.6 mm,
respectively. Thus, under the conditions under consideration, the Kelvin–Helmholtz and
Rayleigh–Taylor instabilities are not the predominant droplet-fragmentation mechanisms;
at least, they can work in the first stages of crushing large droplets. During the final
stages, crushing is carried out, apparently owing to the collapse of gas bubbles, which is
reminiscent of cavitation. We call this mechanism “pseudocavitation”.
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Figure 8. (a) The effect of bubble oscillations in PFA on oil droplet deformation and dispersion; the
pressure profile along the axial coordinate of (b) 1 PFA element and (c) 10 PFA elements for the
studied conditions (for the PFA Ds = 9 mm, Dl = 20 mm, ne = 10).

In PFA, thanks to the special shape of the apparatus’s longitudinal section, periodic
nonstationary motion occurs, in which favorable conditions are created for the formation of
the dispersed phase. In addition, the necessary conditions are implemented in the PFA for
their increases and decreases in size, as well as high-frequency oscillations of the interface.
Figure 8b shows the dependence of the pressure along the axial coordinate of one PFA
element. According to calculations, the double amplitude (span) of pressure pulsations in
one PFA element for the studied flow rate is 0.4 bar. Relative to the average pressure on an
absolute scale of 2.45 bar (abs.), this is 16.3%. Hence, the amplitude of the pulsations of
the volume of the bubbles is AV = 0,163/2 = 0.0815. The amplitude of the pulsations of the
bubble’s diameter is Ad ∝ (1 + AV)1/3 − 1 ≈ 0.052, which seems to be not very large.
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Indeed, the estimate of the probable droplet diameter by the cumulative mechanism of
cavitation emulsification (see Equation (6)) with a cumulative jet diameter δcj = 50 µm (for
drops of approximately 0.5 mm [33]) and a cumulative jet collapse velocity vcj = 100 m/s
gives us a result in the order of dC = 4–5 µm.

Thus, significant pressure pulsations in the PFA element contribute to the fact that gas
bubbles act as pseudocavitation bubbles (see Figure 9). Thus, with a sharp pressure jump in
the diffuser of the PFA dispersing element, cumulative jets are formed (see Figure 9b), which
contribute to the intensification of drop disintegration in the apparatus (see Figure 9c).
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(a) bubble attachment on the oil droplet surface; (b) formation of the cumulative jet on the oil droplet
surface during pressure jump in diffuser; (c) defragmentation of the oil droplet owing to the gas
bubble collapse in the wide section of the PFA.

In addition, it is necessary to take into account the fact that, on average, the pressure
decreases along the length of the apparatus, which leads to the expansion of bubbles and to
the additional acceleration of the emulsion toward the exit from the apparatus. Therefore,
under experimental conditions, the pressure decreases along the length of the apparatus
from 280 to 100 kPa (see Figure 8c). In this case, the volume of gas bubbles, in view of the
decrease in pressure, will increase by an average of ϕout/ϕin ≈ 2.85 times by the end of the
apparatus. This leads to an increase in the emulsion velocity in the PFA neck toward the
end of the apparatus—for example, at ϕin = 1% by 0.12 m/s.

However, the effect of the expansion–compression process of the bubbles along the
length of one PFA element is more significant. First, the local pressure gradients along
the length of one element are much higher than the average pressure gradient in PFA (see
Figure 9a). Thus, during the passage of one PFA element, gas bubbles in the confuser
and neck of the apparatus first sharply expand by 42% of the initial size, and then they
are compressed by 31% in the diffuser and wide part of the PFA. Second, the expansion–
compression process occurs in each element of the PFA; i.e., the impact on the bubbles
(and droplets) is repeated ne times. In addition, owing to the repeated effects on the PFA
emulsion, the probability that all the volumes of a heterogeneous medium will fall into the
zone of the most intensive energy conversion near the walls of the neck and small areas
adjacent to it [19,23] increases; thus, spatial discretization is realized. Therefore, along the
length of the apparatus, when gas is introduced, the efficiency of the droplet crushing
increases, in addition to the imposition of the effect of the bubbles.

Thus, the introduction of an inert gas into the apparatus allows for increasing the
efficiency of the liquid–liquid dispersion process thanks to a more uniform input of energy
into the heterogeneous system. When passing through areas with a periodically changing
cross section, the bubbles distributed in the volume of the processed emulsion serve as
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secondary oscillation emitters, significantly improving the hydrodynamic condition in
the apparatus.

This effect is most pronounced in the range of gas hold-up from 0.25% to 2% (see
Figure 5). With an increase in the gas hold-up of the injected gas above 2%–4%, the distance
between the bubbles becomes comparable with their diameter; with pressure pulsations,
the force of hydrodynamic long-range action (Bjerknes force) arises, under the influence of
which the bubbles come closer and coalesce, as a result of which they become larger, their
buoyancy increases, and the uniformity of their distribution in the volume decreases. This
explains why, with an increase in the gas hold-up over the value ϕin = 2%, the effect of gas
bubbles diminishes and then completely disappears.

As could be seen from the calculations presented in Table 3, the sound velocity
rapidly decreases with growing ϕ, even in the range from 0.25% to 1.0%. For ϕin = 0.25%,
C/C0 = 0.228 (related to the pure water sound velocity C0), and for ϕin = 0.5%, C/C0 = 0.161.
For higher gas hold-up values, the C/C0 is even smaller.

Table 3. Influence of the gas hold-up ϕ on sonic speed C in liquid–gas mixture (liquid—water,
gas—nitrogen) at P = 1.85 bar. C0 = 1483 m/s is a sonic speed in pure water.

ϕin, % 0.25 0.5 0.75 1.0

C, m/s 338.1 239.3 195.7 169.7

C/C0 0.228 0.161 0.132 0.114

5. Conclusions

Experimental studies have shown that the input of a small amount of inert gas bubbles
leads to an intensification of disintegration in the liquid–liquid system (emulsification) in a
pulsation flow type apparatus. A range of gas hold-up ϕin from 0% to 4% was investigated
in the paper. The volume fraction of the dispersed phase (oil) was 1% with respect to the
continuous phase. During the study, it was found that the optimal gas hold-up wasϕopt = 0.5%.

The average droplet size according to Sauter decreased by 1.88 times, and the maxi-
mum droplet size decreased by 1.30 times. The effect of a decrease in the average droplet
size upon the input of the inert gas decreases with an increase in its volume fraction (with
respect to ϕopt = 0.5%) and completely disappears at ϕin ≈ 2%–2.5%. At the same time, the
pressure loss at ϕin ≤ 2% within the measurement error remained constant, and at 4%, it
increased by only 5.4%.

In the course of the work, the reasons for the intensification of the process of droplet
dispersion (emulsification) when inert gas was introduced were considered and discussed.
It was proposed that in the presence of gas bubbles in the system, the dispersed phase
(oil) is influenced by the following factors: the redistribution of the momentum over the
volume of the liquid; the occurrence of microflows near bubbles and drops, which leads to
an increase in shear stresses on the surface of the drops; gas bubbles act as pseudocavitation
bubbles; and when gas bubbles collapse on the surface of the droplets, they are dispersed.
The listed factors contribute to the occurrence of such droplet-fragmentation mechanisms
as the Kelvin–Helmholtz and Rayleigh–Taylor instabilities and the so-called cumulative
mechanism of cavitation emulsification.

It was found in this paper that the Kelvin–Helmholtz and Rayleigh–Taylor instabilities,
under the conditions under consideration, are not the dominant droplet-fragmentation
mechanisms. However, at the same time, they can work at the first stages of crushing large
droplets (in the order of several millimeters). The final stages of fragmentation, down to
micron sizes, appear to be due to the cumulative mechanism caused by the collapse of
gas bubbles.

Thus, this paper gives experimental proof of the idea that the introduction of gas
bubbles could improve hydrodynamics in liquids and liquid–liquid systems.

Though not all the obtained results could be now exactly described theoretically, a
detailed study of these processes should be the topic of future theoretical papers.
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The method of introducing inert gas with a small flow rate (just 0.5%) could be
recommended as a promising tool for the intensification of emulsification process.
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Appendix A. Local and Average Gas Flow Rates and Average Gas Hold-Up

The following equation takes into account that the general (mean) line of pressure
profile P(X) is linear, except at the local zones of the PFA necks, where the pressure sinks
and then immediately grows [20]:

P(X) = Pin +
∂P
∂X

X (A1)

The general pressure gradient is as follows:

∂P
∂X

= −∆P
L

(A2)

The local value of the gas flow rate, assuming an isothermal process of gas bubble
expansion is as follows:

QG(X) =
PinQG.in

P(X)
=

PoutQG.out
P(X)

(A3)

Then, the average gas flow rate along the length of the PFA QG.av could be found
as follows:

QG.avg = PoutQG.out
L

L∫
0

dX
P(X)

= PoutQG.out
L

L∫
0

dX
Pin+

∂P
∂X X

=

= PoutQG.out L
−L∆P ln

(
Pin+∆PL

Pin

)
= PoutQG.out

∆P ln
(

Pin
Pout

)
.

(A4)

The average value of gas hold-up ϕavg is as follows:

ϕavg =
QG.avg

QL + QG.avg
(A5)

The size of the bubbles also depends on the axial coordinate X. The local gas volume
could be expressed in the same way as in Equation (A3):

VG(X) =
PinVG.in

P(X)
=

PoutVG.out
P(X)

(A6)

An average gas volume, according to the derivation analogous to those in Equation (A4),
is as follows:

VG.avg =
PoutVG.out

∆P
ln
(

Pin
Pout

)
. (A7)

References
1. Etchells, A.W.; Meyer, C.F. Mixing in Pipelines. In Handbook of Industrial Mixing; John Wiley & Sons, Inc.: Hoboken, NJ, USA, 2004.

[CrossRef]
2. Babick, F. Suspensions of Colloidal Particles and Aggregates; Springer: Berlin/Heidelberg, Germany, 2016; Volume 20.
3. Dietzel, A. Microsystems for Pharmatechnology: Manipulation of Fluids, Particles, Droplets, and Cells; Springer: Berlin/Heidelberg, Germany, 2016.

http://doi.org/10.1002/0471451452.ch7


Fluids 2023, 8, 38 17 of 18

4. Oyewunmi, O.A.; Kirmse, C.J.W.; Pantaleo, A.M.; Markides, C.N. Performance of working-fluid mixtures in ORC-CHP systems for
different heat-demand segments and heat-recovery temperature levels. Energy Convers. Manag. 2017, 148, 1508–1524. [CrossRef]

5. Dolinsky, A.A.; Ivanitsky, G.K. Theoretical substantiation of the principle of the discrete-pulse energy input. II. The study of the
behavior of an ensemble of vapour bubbles. Heat Transf. Res. 1996, 27, 431–448.

6. Dolinsky, A.A.; Basok, B.I. Discrete-pulse energy transformation in an adiabatically boiling flow. Ind. Heat. Technol. 2001, 23, 5–20.
(In Russian)

7. Dolinsky, A.A.; Pavlenko, A.M.; Basok, B.I. Thermophysical Processes in Emulsions; Naukova Dumka: Kiev, 2005. (In Russian)
8. Berlin, A.A.; Dyumaev, K.M.; Minsker, K.S.; Khalafov, F.R.; Kolesov, S.V. Tubular turbulent reactors: The basis of energy-and

resource-saving technologies. Russ. Chem. Ind. 1995, 27, 84–91.
9. Bian, Y.N.; Li, C.L. Effect of geometric parameters on mass transfer characteristics for pulsatile flow in wavy-walled tubes. Appl.

Mech. Mat. 2014, 575, 414–418. [CrossRef]
10. Ni, X.; Mackley, M.R.; Harvey, A.P.; Stonestreet, P.; Baird, M.H.I.; Rama Rao, N.V. Mixing through oscillations and pulsations—A

guide to achieving process enhancements in the chemical and process industries. Chem. Eng. Res. Des. 2003, 81, 373–383.
[CrossRef]

11. Harvey, A.P.; Mackley, M.R.; Reis, N.; Teixeira, J.A.; Vicente, A.A. The Fluid Mechanics Relating to a Novel Oscillatory Flow Micro
Reactor. Eur. Congr. Chem. Eng. 2003.

12. Thakur, R.K.; Vial, C.; Nigam, K.D.P.; Nauman, E.B.; Djelveh, G. Static mixers in the process industries—A review. Chem. Eng.
Res. Des. 2003, 81, 787–826. [CrossRef]

13. Bayer, T.; Himmler, K. Mixing and organic chemistry. Chem. Eng. Technol. 2005, 28, 285–289. [CrossRef]
14. Brechtelsbauer, C.; Ricard, F. Reaction engineering evaluation and utilization of static mixer technology for the synthesis of

pharmaceuticals. Org. Process. Res. Dev. 2001, 5, 646–651. [CrossRef]
15. Valdés, J.P.; Kahouadji, L.; Matar, O.K. Current advances in liquid–liquid mixing in static mixers: A review. Chem. Eng. Res. Des.

2021, 177, 694–731. [CrossRef]
16. Abiev, R.S. Method of intensification of the reactive and mass-exchange processes in the heterogeneous systems and the apparatus

for its realization. Russian Patent 2264847 B01F5/00, B01J19/10, 10 July 2005.
17. Abiev, R.S. Investigations of flow of gas-fluid system in pipe with periodically variable cross section. Khimicheskaya Promyshlennost

2003, 12, 10–18.
18. Abiev, R.S. Flow of homogeneous incompressible liquid in a tube with periodically changing section. Khimicheskoe I Neftegazov.

Mashinostroenie 2003, 1, 6–10.
19. Vasilev, M.P.; Abiev, R.S. Intensity and efficiency of droplet dispersion: Pulsating flow type apparatus vs. static mixers. Chem.

Eng. Res. Des. 2018, 137, 329–349. [CrossRef]
20. Abiev, R.S.; Galushko, A.S. Hydrodynamics of pulsating flow type apparatus: Simulation and experiments. Chem. Eng. J. 2013,

229, 285–295. [CrossRef]
21. Abiev, R.S.; Galushko, A.S. Bubbles size and mass transfer in a pulsating flow type apparatus with gas-liquid mixture. J. Flow

Chem. 2021, 11, 369–391. [CrossRef]
22. Abiev, R.S.; Vasilev, M.P. Pulsating flow type apparatus: Energy dissipation rate and droplets dispersion. Chem. Eng. Res. Des.

2016, 108, 101–108. [CrossRef]
23. Vasilev, M.P.; Abiev, R.S. Turbulent droplets dispersion in a pulsating flow type apparatus—New type of static disperser. Chem.

Eng. J. 2018, 349, 646–661. [CrossRef]
24. Dolinsky, A.A.; Ivanitsky, G.K. Principles of development of new energy-resource-saving technologies and equipment based on

methods of discrete-pulse energy input. Ind. Heat. Technol. 1997, 19, 24–32. (In Russian)
25. Ivanitsky, G.K. Destruction of emulsion droplets in adiabatically boiling flows. Heat Process Eng. 1999, 21, 10–15. (In Russian)
26. Coulaloglou, C.A.; Tavlarides, L.L. Description of interaction processes in agitated liquid-liquid dispersions. Chem. Eng. Sci. 1977,

32, 1289–1297. [CrossRef]
27. Azizi, F.; Al Taweel, A.M. Population balance simulation of gas-liquid contacting. Chem. Eng. Sci. 2007, 62, 7436–7445. [CrossRef]
28. Cullen, P.J.; Romañach, R.J.; Abatzoglou, N.; Rielly, C.D. Pharmaceutical Blending and Mixing, Pharmaceutical Blending and Mixing;

John Wiley & Sons, Inc.: Hoboken, NJ, USA, 2015. [CrossRef]
29. Leng, D.E.; Calabrese, R.V. Immiscible Liquid–Liquid Systems. In Handbook of Industrial Mixing; John Wiley & Sons, Inc.:

Hoboken, NJ, USA, 2004. [CrossRef]
30. Kolmogorov, A.N. On the disintegration of drops by turbulent flows. Dokl. Akad. Nauk SSSR 1949, 66, 825–828. (In Russian)
31. Hinze, J.O. Fundamentals of the hydrodynamic mechanism of splitting in dispersion processes. AIChE J. 1955, 1, 289–295.

[CrossRef]
32. Nigmatulin, R.I.; Friedly, J.C. Dynamics of Multiphase Media; CRC Press: Boca Raton, FL, USA, 1990; Volume 2.
33. Kardashev, G.A. Physical Methods for Intensification of the Processes of Chemical Technology; Chemistry: Moscow, 1990. (In Russian)
34. Lighthill, S.J. Acoustic streaming. J. Sound Vib. 1978, 61, 391–418. [CrossRef]
35. Suslick, K.S. Sonochemistry. Science 1990, 247, 1439–1445. [CrossRef] [PubMed]
36. Leong, T.S.H.; Manickam, S.; Martin, G.J.O.; Li, W.; Ashokkumar, M. Ultrasonic Production of Nano-Emulsions for Bioactive Delivery

in Drug and Food Applications; Springer: Berlin/Heidelberg, Germany, 2018. [CrossRef]

http://doi.org/10.1016/j.enconman.2017.05.078
http://doi.org/10.4028/www.scientific.net/AMM.575.414
http://doi.org/10.1205/02638760360596928
http://doi.org/10.1205/026387603322302968
http://doi.org/10.1002/ceat.200407121
http://doi.org/10.1021/op010056t
http://doi.org/10.1016/j.cherd.2021.11.016
http://doi.org/10.1016/j.cherd.2018.07.029
http://doi.org/10.1016/j.cej.2013.05.105
http://doi.org/10.1007/s41981-021-00177-y
http://doi.org/10.1016/j.cherd.2016.03.011
http://doi.org/10.1016/j.cej.2018.05.104
http://doi.org/10.1016/0009-2509(77)85023-9
http://doi.org/10.1016/j.ces.2007.08.083
http://doi.org/10.1002/9781118682692
http://doi.org/10.1002/0471451452.ch12
http://doi.org/10.1002/aic.690010303
http://doi.org/10.1016/0022-460X(78)90388-7
http://doi.org/10.1126/science.247.4949.1439
http://www.ncbi.nlm.nih.gov/pubmed/17791211
http://doi.org/10.1007/978-3-319-73491-0


Fluids 2023, 8, 38 18 of 18

37. Mysels, K.J. The maximum bubble pressure method of measuring surface tension, revisited. Colloids Surf. 1990, 43, 241–262.
[CrossRef]

38. Esteban, B.; Riba, J.R.; Baquero, G.; Rius, A.; Puig, R. Temperature dependence of density and viscosity of vegetable oils. Biomass
Bioenergy 2012, 42, 164–171. [CrossRef]

39. Vasilev, M.P.; Abiev, R.S. Dispersion of carbon nanotubes clusters in pulsating and vortex in-line apparatuses. Chem. Eng. Sci.
2017, 171, 204–217. [CrossRef]

40. Honeywell. Airflow Sensors High Flow Mass Airflow/Amplified AWM5000 Series. 2013. Available online: https://docs.rs-
online.com/a136/0900766b80025add.pdf (accessed on 20 December 2022).

41. Beddow, J.K. Particulate Science and Technology; Chemical Publishing, Co.: Gloucester, MA, USA, 1980.
42. Lemenand, T.; Della Valle, D.; Zellouf, Y.; Peerhossaini, H. Droplets formation in turbulent mixing of two immiscible fluids in a

new type of static mixer. Int. J. Multiph. Flow 2003, 29, 813–840. [CrossRef]

Disclaimer/Publisher’s Note: The statements, opinions and data contained in all publications are solely those of the individual
author(s) and contributor(s) and not of MDPI and/or the editor(s). MDPI and/or the editor(s) disclaim responsibility for any injury to
people or property resulting from any ideas, methods, instructions or products referred to in the content.

http://doi.org/10.1016/0166-6622(90)80291-B
http://doi.org/10.1016/j.biombioe.2012.03.007
http://doi.org/10.1016/j.ces.2017.05.036
https://docs.rs-online.com/a136/0900766b80025add.pdf
https://docs.rs-online.com/a136/0900766b80025add.pdf
http://doi.org/10.1016/S0301-9322(03)00032-6

	Introduction 
	Theoretical Part 
	Experimental Part 
	Materials and Methods 
	Design and Operating Principle of Pulsating Flow Type Apparatus 
	Experimental Rig 
	Droplets Diameters Measurements 

	Results and Discussion 
	Estimation of Droplet-Size Distribution and the Mean Droplet Size for Various Gas Hold-Up Values 
	Mechanisms Explaining the Role of Gas Bubbles in the Intensified Emulsification in PFA 

	Conclusions 
	Appendix A
	References

