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Abstract: Due to growing interest in providing and storing sufficient renewable energies, energy
generation from biomass is becoming increasingly important. Biomass gasification represents the
process of converting biomass into hydrogen-rich syngas. A one-dimensional kinetic reactor model
was developed to simulate biomass gasification processes as an alternative to cost-intensive exper-
iments. The presented model stands out as it contains the additional value of universal use with
different biomass types and a more comprehensive application due to its integration into the DWSIM
process simulator. The model consists of mass and energy balances based on the kinetics of selected
reactions. Two different reactor schemes are simulated: (1) a fixed bed reactor and (2) a fluidized bed
reactor. The operating mode can be set as isothermal or non-isothermal. The model was programmed
using Python and integrated into DWSIM. Depending on incoming mass flows (biomass, oxygen,
steam), biomass type, reactor type, reactor dimensions, temperature, and pressure, the model pre-
dicts the mass flows of char, tar, hydrogen, carbon monoxide, carbon dioxide, methane, and water.
Comparison with experimental data from the literature validates the results gained from our model.

Keywords: biomass gasification; hydrogen; fluidized bed reactor; fixed bed reactor; process simulation

1. Introduction

Using biomass as an energy source is essential for the global energy mix. At 10.7%,
gaining energy from biomass is the world’s fourth largest energy source behind petroleum,
coal, and natural gas [1]. For energy use, biomass must be processed. Biomass is initially
available in farm products like grain or wheat, in lignocellulosic material like straw or
wood, or in animal products ranging from small insects to large animal remains. Biomass
is converted into usable energy sources by biochemical or thermochemical processes.
Biochemical processes include digestion or fermentation. Bacteria or enzymes decompose
the biomass into gases. Gasification and liquefaction of biomass are thermochemical
processes. Under high temperatures, oxidation and reduction reactions produce a gas
consisting mainly of hydrogen, carbon monoxide, carbon dioxide, and methane. The
product gas is used for energy or material purposes. Energy use includes combustion of
product gas or use in fuel cells. For material use, the gas is used for ammonia, methanol,
or biofuel production [2]. This work focuses on thermochemical biomass gasification.
Fixed bed reactors, fluidized bed reactors, and entrained flow reactors are used for this
process. The state of the art is the use of fluidized bed reactors due to their excellent mixing
properties and high heat and mass transfer. The reactor design and determination of the
product gas composition are performed using experimental tests or theoretical models.
As experiments are expensive and time-consuming, theoretical models are becoming
more critical. Modeling biomass gasification must integrate many parallel and sequential
process steps. Homogeneous and heterogeneous reactions co-occur, depending on various
influencing factors like temperature, pressure, or biomass composition.

Nevertheless, in theory, the processes are well investigated. Various researchers
have reviewed and summarized the current state of modeling biomass gasification [3–5].
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Numerous theoretical models have been created to describe biomass gasification. These
approaches can be divided into computational fluid dynamics (CFD), kinetic, and black-box
models. Only a few CFD models are discussed using fluid dynamics simulations [6,7].
The advantages of CFD models are high accuracies and two- or three-dimensional views
of the reactor. This means that temperature, pressure, and material composition can be
calculated at every point in the reactor. Disadvantages are high computing times and
low applicability, as integration in process simulators such as Aspen Plus is impossible.
Black-box models describe incoming and outgoing mass flows while neglecting process
steps inside the reactor [8,9]. Calculations of outgoing mass flows are often performed by
equilibrium or empirical approaches. Since no reaction rates and reactor specifications
are considered, equilibrium models are less accurate. Nevertheless, black-box models are
popular because of their simple structure, short computing times, and easy integration into
process simulators. Gibbs reactors are frequently used in process simulators. In addition
to CFD and black box models, kinetic models are widely used [10,11]. Mass and energy
balances are considered using theoretical approaches, such as Kunii et al.’s bubble emulsion
approach [12]. The concentration profiles in the reactor are calculated considering kinetics
and reaction rates. Advantages include good integration into process simulators and high
accuracies achieved by considering reaction rates and reactor specifications.

Current publications aim to create a universal model that predicts valid statements
about syngas compositions. Models are often presented in process simulators like Aspen
Plus. Tepper [13] created a kinetic model for a fluidized bed reactor in his dissertation,
which includes twelve reactions. The fluidization effects are based on the bubble emulsion
model. He validated his model with his experimental results. The incoming biomass was
defined as C6H9O4 and is not universally selectable. The programming was not integrated
into a process simulator. Puig-Gamero et al. [10] created a model in Aspen Plus. The process
was divided into drying, pyrolysis, oxidation, and gasification. Pyrolysis was simulated
with a yield reactor and coupled with Excel calculations. A plug flow reactor was chosen
for oxidation and gasification reactions. The kinetic model comprises fourteen reactions.
No fluidized bed reactor was considered. González-Vázquez et al. [14] developed an
equilibrium model in Aspen Plus that predicts the syngas composition of different biomass
types with eight reactions. Overall, two models were created. The first non-stoichiometric
model simulates pyrolysis in a yield reactor. A Gibbs reactor is chosen to model further
oxidation and gasification reactions. The second stoichiometric model contains a yield
reactor for pyrolysis, a stoichiometric reactor for oxidation, and an equilibrium reactor
for gasification. Both models were validated with experimental results of a fluidized bed
reactor. However, no fluidized bed effects were considered in the Aspen Plus model itself.
Zhu et al. [15] also created an equilibrium model in Aspen Plus. Pyrolysis is represented in
a yield reactor. Oxidation and gasification reactions are simulated in a continuous stirred
tank reactor. The model can be used for different types of biomasses. Tavares et al. [16]
modeled the gasification of Portuguese forest residues with their equilibrium model. Aspen
Plus was selected to simulate the process. Pyrolysis was modeled with a yield reactor. All
other reactions were simulated in a Gibbs reactor. Abdul Azeez et al. [17] developed three
models that consider the equilibrium approach and the kinetics approach. Pyrolysis is
represented in all three models with a yield reactor. In model 1, gasification is viewed as
an equilibrium reaction in a Gibbs reactor. In models 2 and 3, the kinetics approach with
six reactions is selected. Model 2 includes a continuously stirred tank, and model 3 is a
fluidized bed reactor.

A summary of these publications shows that many models were created in combi-
nation with process simulators. Nevertheless, most models are based on less accurate
equilibrium approaches. Kinetic models considering fluidized bed reactors, which are most
used in practice, are rarely integrated into process simulators. To close this research gap,
this work combines all the previous publications’ advantages to obtain a universal and
valid reactor model. This model should fulfill the following requirements:

• Includes the creation of a kinetic gasification model.
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• Universally applicable for all biomass types.
• Contains all important reactor types (fixed bed and fluidized bed reactor).
• Includes essential process parameters and substance mass flows.
• Contains enough reactions with reaction rates derived from scientific studies.
• Allows integration into the DWSIM process simulator.
• Validation with experimental data from the literature is feasible.

DWSIM is a cape-open flow diagram simulator that can simulate chemical processes.
It is an alternative to Aspen Plus or CHEMCAD. The integration of programmed Python
scripts into the simulator is an advantage.

2. Modeling Method

The gasification model is based on eleven reactions that are shown in Table 1. The
reactions can be divided into the pyrolysis of biomass (R1), oxidation reactions (R2–R6),
and gasification reactions (R7–R11).

Table 1. Considered reactions for the gasification model.

No. Name Stoichiometry

R1 Devolatilization Biomass → char + tar + CO2 + CO + CH4 + H2 + H2O

R2 Char combustion
βC + O2 → 2(β− 1)CO + (2 − β)CO2

β = CO
CO2

= 2511·e−( 6240
T ) [18]

R3 Partial tar oxidation CnHm + n
2 O2 → nCO + m

2 H2

R4 Hydrogen oxidation H2 +
1
2 O2 → H2O

R5 Methane oxidation CH4 +
1
2 O2 → CO + 2H2

R6 Carbon monoxide oxidation CO + 1
2 O2 → CO2

R7 Boudouard reaction C + CO2 → 2CO

R8 Steam gasification C + H2O → CO + H2

R9 Thermal tar cracking CnHm → m
4 CH4 +

(
n − m

4
)
C

R10 Water–gas shift reaction CO + H2O ↔ CO2 + H2

R11 Methanation CH4 + 2H2O ↔ CO2 + 4H2

Considered products of the gasification process are char, tar, carbon monoxide, carbon
dioxide, hydrogen, methane, and water. The following assumptions are made to model
biomass gasification:

1. All gaseous components have ideal behavior.
2. Char consists entirely of carbon.
3. Tar is a mixture of condensable organics. It is represented by ethyne (C2H2).
4. The pressure is uniform in the reactor. No pressure losses take place.
5. Particle abrasion, agglomeration, and fragmentation are neglected.
6. The reactor is considered ideal. Dispersion effects are neglected.

Ethyne is used as a representative of tar because it is a tar component and has a
balanced hydrocarbon ratio. The discussion assesses the effects of referring to only one
representative component and neglecting oxygen in tar.

Data from scientific experiments are analyzed for each reaction to determine the
reaction kinetics. Arrhenius describes the temperature dependence:

k(T) = A0·e−
EA
R∗T (1)
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Criteria for selecting the appropriate kinetics are the experimental conditions; process
conditions such as the temperature range, pressure range, and oxygen supply; and the
differentiation between micro- and macro-kinetics. The chosen kinetics for the gasification
model are summarized in Table 2.

Table 2. Kinetics for the considered reactions.

No. A0 EA

[
kJ

mol

]
Reaction Scheme Source

R1
- - wbio → wchar+wtar + wH2 + wCO + wCO2 + wCH4 + wH2O [19]

1.4·1010 1
s 150 dwbio

dt = −k·wbio [20]

R2 1.0 m3

m2·s·K·bar 68 dX
dt = −k·T·aV·PO2·(1 − X) [21]

R3 5.9·102
(

m3

kmol

)0.5 1
K·Pa0.3·s

80 r = −k·T·p0.3·CO2·Ctar
0.5 [22] 1

R4 2.2·109 m3

kmol·s 110 r = −k·CH2·CO2 [23,24]

R5 5.0·1011
(

m3

kmol

)0.5 1
s 203 r = −k·CCH4

0.7·CO2
0.8 [25]

R6 2.3·1012
(

m3

kmol

)0.75 1
s 167 r = −k·CCO·CO2

0.25·CH2O
0.5 [25]

R7 4.2·107 1
bar0.72·s 221 dX

dt = −k·PCO2
0.72·(1 − X) [26]

R8 2.6·108 1
Pa0.57·s 237 dX

dt = −k·PH2O
0.57·(1 − X) [27]

R9 4.1·104 1
s 102 dX

dt = −k·(1 − X) [28]

R10 2.8·103
(

m3

kmol·s

)
13

r = −k·
(

CCO·CH2O − CCO2·CH2
Keq,shift

)
[29]

Keq,shift = 0.027·e
−32.89 kJ

mol
RT [30]

R11
3.0·105−

3.0·108
(

m3

kmol·s

)
125

r = −k·
(

CCH4·CH2O
2 − CCO2·CH2

4

Keq,meth

)
[31] 2

Keq,meth = 6.1·1013·e
−262 kJ

mol
RT [3]

1 Smoot and Smith [22] introduced two kinetics for tar oxidation. A mix of both kinetics is used. 2 Depending on
the reactor scheme and operation mode, the factor A0 was selected in the specified range.

Pyrolysis (R1) involves the decomposition of biomass into its product components.
Two kinetic approaches are combined: (1) Neves et al. [19] use a semi-empirical approach
to describe the kinetics. They define a system of balance equations and empirical equations
to represent the decomposition of biomass to char, tar, carbon monoxide, carbon dioxide,
methane, hydrogen, and water. The incoming biomass stream is specified by the mass
fraction of carbon (wC,bio), hydrogen (wH,bio), and oxygen (wO,bio).

wC,tar wC,CH4 wC,CO wC;CO2 0 0
wO,tar 0 wO,CO wO,CO2 wO,H2O 0
wH,tar wH,CH4 0 0 wH,H2O wH,H2

0 0 Ω1 0 0 1
0 −1 0.146 0 0 0
0 0 0 0 0 1

·



wtar
wCH4
wCO
wCO2
wH2O
wH2

 =



wC,bio − wC,char·wchar
wO,bio − wO,char·wchar
wH,bio − wH,char·wchar

0
2.18·104

Ω2

 (2)

The first three equations are carbon, oxygen, and hydrogen mass balances. The
other equations are empirically determined approaches. The equations are solved using
Ω1 = wH2/wCO and Ω2 = 1.145·

(
1 − exp

(
−0.11·10−2·T

)9.384
)

. Thus, mass fractions of
char (wchar), tar (wtar), hydrogen (wH2), carbon monoxide (wCO), carbon dioxide (wCO2),
methane (wCH4), and water (wH2O) are determined. The time dependence of the kinetic
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expression is essential to describe the concentration curve in the reactor. Since the approach
of Neves et al. [19] specifies the mass fractions independent of the decomposition time, the
pyrolysis reaction R1 is coupled with another approach. (2) Wagenaar et al. [20] describe
the decomposition of biomass depending on the time, as seen in Table 2. As a result, the
two coupled approaches describe the biomass distribution into its components as a function
of time.

Oxidation reactions (R2–R6) describe char, tar, and gas combustion. Tar and gas
reactions (R3–R6) are homogeneous gas–gas reactions. The oxidation of char (R2) is a
heterogeneous solid–gas reaction. The reaction is assumed to be first order, and the effective
reaction constant considers the micro-kinetics, the internal mass transfer through the
particle pore, and the external mass transfer through the gas film surrounding the particle:

kchar,eff =
1

1
βA·av

+ 1
ηpore·kchar

(3)

Internal and external mass transport values are calculated using the Sherwood number,
Thiele module, and diffusion coefficients. The char reaction causes the particle diameter
to decrease over time to represent shrinking. A particle model considers this effect. The
shrinking unreacted particle model (SUPM) is chosen for the gasification model. The
diameter shrinks in relation to the turnover:

dp = dp.0·(1 − XChar)
1
3 (4)

The ash formed does not stick to the particle but separates directly. Besides the SUPM,
more particle models are available. Gómez-Barea and Leckner [3] summarized different
particle models in their review article.

Gasification reactions (R7–R11) are fundamental for hydrogen production. The
Boudouard reaction (R7) and steam gasification (R8) are heterogeneous solid–gas reactions.
The SUPM again considers the influence of char particle size. As these are higher-order
reactions, the effective reaction constant is calculated using an internal and external effi-
ciency factor:

kchar,eff = kchar·ηp= kchar·ηe·ηi (5)

The efficiency factors are calculated using internal and external Damkoehler numbers.
Gómez-Barea and Leckner [3] describe a procedure to determine these numbers.

Mass and energy balances are based on two different reactor types. The fixed bed
reactor is shown in Figure 1a and the fluidized bed reactor is shown in Figure 1b.
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The reaction rate and the flow rate of the gas determine the difference in concentra-
tion of the individual components dCi. The mass balance is calculated iteratively using
concentration gradients of each component i:

dCi

dh
=

−rmol,i·Areactor
.

Vgas
(6)

The energy balance consists of reaction heat, heat transfer between particle bed and
gas, and heat transfer between reactor wall and gas inside:

0 = −ρg·cp,g·u0·
dT
dh

+ kgs·
dA
dV

·(T − Ts) + kw·
dA
dV

·(T − Tw)− ∆HR·rmol,i (7)

The balances for the fluidized bed reactor (see Figure 1b) are solved using the bubble
emulsion model. The fluidized bed reactor is divided into the fluidized bed and the
freeboard (see Figure 2).
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dṁi,b
dh

= εb ∙ rm,gg,i
b + fbe,i (8) 

1

Areactor
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.
m: (a) fluidized bed section; (b) freeboard section.

The fluidized bed section (see Figure 2a) contains bubble and emulsion phases. The
incoming mass flow

.
m0 splits into the mass flow for bubble phase

.
mi,b and the mass flow

for emulsion phase
.

mi,e. The bubble phase consists only of gas and does not contain
solids. The emulsion phase contains gases and solids. Solids are particles that are shown
as black dots in Figures 1b and 2. The mass flow difference in the bubble phase for
component i (see (8)) depends on the reaction rate of homogeneous gas reactions rb

m,gg,i
and the exchange mass flow between bubble and emulsion fbe,i, which occurs due to the
concentration difference between the bubble and emulsion phases. Similarly, the mass
flow difference of the emulsion for component i is shown in (9). In addition to the reaction
rate of homogeneous reactions re

m,gg,i and the exchange mass flow fbe,i, the reaction rate of
heterogeneous gas–solid reactions re

m,gs,i is also included [3].

1
Areactor

d
.

mi,b

dh
= εb·rb

m,gg,i + fbe,i (8)

1
Areactor

d
.

mi,e

dh
= εe(1 − εb)r

e
m,gg,i + (1 − εe)(1 − εb)·re

m,gs,i − fbe,i (9)

At the end of the fluidized bed, the two mass flows of the bubble and emulsion phases
merge again to become a mass flow

.
mi,f that runs through the freeboard. On the surface

of the fluidized bed, solids splash upward into the freeboard. The freeboard section (see
Figure 2b) consists of a gas mixture and a few solid particles entrained from the fluidized
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bed. The mass flow difference in the freeboard considers reaction rates of homogeneous
reactions rf

m,gg,i and heterogeneous reactions rf
m,gs,i [3]:

1
Areactor

d
.

mi,f

dh
= εf·rf

m,gg,i + (1 − εf)·rf
m,gs,i (10)

The fraction of particles in the freeboard (1 − εf) is a function of freeboard height. At
the fluid bed surface, particles splash upwards and get entrained. Particles fall again or
are carried upwards depending on the particle diameter and sinking velocity. From the
surface, the char particle fraction decreases until they reach the end of the reactor. The
entrainment and particle fraction are calculated using equations from Kunii et al. [12]. The
energy balance is calculated analogously to the fixed bed reactor using (7). In summary,
this approach considers detailed fluidization and mixing effects. A practical, theoretical
model is created by dividing the reactor into different sections and phases.

As a result, the final model can be utilized to simulate two types of reactors: a fixed
bed and a fluidized bed reactor. Each reactor can be modeled with two different operating
modes. The isothermal operating mode assumes that the temperature in the entire reactor is
constant. The advantages of this variant are that the model is very robust and less prone to
errors due to temperature negligence. The results are valid despite the simplification. In the
non-isothermal operating mode, the temperature changes with the coupled energy balance,
dependent on reaction enthalpy and heat transfer between gas, particle bed, and reactor
wall. The advantage is the insight into the heat balance. This shows how much heat the
oxygen supply generates and what heat is transferred to the reactor bed or the environment.
However, this model variant is more error-prone due to the temperature profile.

The model was programmed in Python to be used independent of process simulators.
The substance data are calculated in Python. Estimated equations from VDI Heat Atlas [32]
are used to calculate the density, viscosity, thermal conductivity, diffusion coefficients,
vapor pressure, and enthalpy of vaporization. The gases are assumed to be ideal due to
their main applications at atmospheric pressure. No real gas corrections are made.

The Python code was implemented into the open-source process simulation tool
“DWSIM” for better operability. In addition to the advantage of simple applications, other
processes can be integrated into the process simulator in addition to biomass gasification.
Although Python calculates the material data, the Peng–Robinson thermodynamic model is
preset in DWSIM. If the gasification model is extended with further process steps, DWSIM
uses this equation of state. The Peng–Robinson equation of state is used as we are dealing
exclusively with gases in a low-temperature range.

Figure 3 shows the structure of the created gasification model. The DWSIM template
is divided into four incoming mass flows; the reactor, where the Python programming is
stored; and the outgoing syngas mass flow.
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The gasification model considers the following criteria:

1. Mass stream of incoming biomass.
2. Biomass specification into the mass fractions of carbon (C), hydrogen (H), and oxy-

gen (O).
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3. Moisture content of incoming biomass.
4. Mass stream of added oxygen.
5. Mass stream of added steam.
6. Process temperature and pressure.
7. Reactor dimensions: diameter, total height, and bed height.

After simulation, output variables are the product mass flow, temperature, and syngas
composition consisting of hydrogen, carbon monoxide, carbon dioxide, and methane.

3. Results

The developed gasification model describes the concentration curves in the reactor
and the final syngas composition by changing various input parameters. Figures 4–6 show
the mass fraction curves of an isothermal fluidized bed reactor with a total reactor height
of h = 4 m and a diameter of D = 1.5 m. The starting pyrolysis (R1) is shown in Figure 4.
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Figure 4. Mass fraction profile for pyrolysis with an incoming biomass mass fraction of C = 0.50,
H = 0.07, and O = 0.42 at T = 1123 K and p = 1.013 bar: (a) biomass devolatilization into char, tar,
gas, and water; (b) detailed gas composition of biomass devolatilization.
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Figure 5. Syngas volume fraction profile containing hydrogen, carbon monoxide, carbon dioxide,
methane, and oxygen for reactions R2–R11 in the fluidized bed section at T = 1123 K, e = 0.3, and
p = 1.013 bar.
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Figure 6. Syngas volume fraction profile containing hydrogen, carbon monoxide, carbon dioxide,
and methane for reactions R7–R11 in the freeboard section at T = 1123 K, e = 0.3, and p = 1.013 bar.

The main product of biomass decomposition is tar. Char, water, and gas have a simi-
larly high proportion. When looking at the gas composition, carbon dioxide and carbon
monoxide are produced mainly. Hydrogen and methane are present in small quantities. Af-
ter an actual reactor height of hx = 0.025 m, biomass is completely decomposed. Reactions
R2–R11 proceed in the fluidized bed, which is shown in Figure 5.

In the fluidized bed, homogeneous and heterogeneous reactions are calculated using
the bubble emulsion model. From hx = 0.025 m to hx = 0.10 m, fast and exothermic
oxidation reactions R2–R6 influence the volume fraction. The slower gasification reactions
proceed after the supplied oxygen is completely burned. At hx = 1.00 m, the syngas leaves
the fluidized bed and enters the freeboard, which is shown in Figure 6.

Mostly homogeneous gas reactions (R9–R11) occur in the freeboard. Heterogeneous re-
actions (R7–R8) by splashed-up particles have a minor influence on the syngas composition.
The hydrogen content increases because of the water–gas shift reaction and methanation.
When syngas leaves the reactor at hx = 4.00 m, the components are almost in equilibrium.

The developed universal gasification model allows changing various input parameters.
The model results are, therefore, displayed as a function of these variables.

3.1. Influence of Biomass Composition

Biomass variation is shown in Table 3. Four types with different amounts of carbon,
hydrogen, and oxygen are listed. Their pyrolysis product compositions are compared.

Table 3. Pyrolysis products for different biomass types.

Biomass Specification [kg/kg] 1 Product Composition [kg/kg]

C H O Char Tar H2 CO CO2 CH4 H2O

Cardoon 0.43 0.04 0.44 0.22 0.42 0.0003 0.05 0.14 0.007 0.16
Wheat straw 0.49 0.05 0.41 0.21 0.49 0.0003 0.05 0.09 0.007 0.15
Pine sawdust 0.45 0.07 0.41 0.21 0.45 0.0003 0.05 0.06 0.007 0.22

Coir pith 0.44 0.05 0.43 0.22 0.44 0.0003 0.05 0.12 0.007 0.16
1 Table excerpt from Neves et al. [19].

The minor difference in the initial biomass composition has a limited influence on the
product composition. It is noticeable that char, hydrogen, carbon monoxide, and methane
have constant values. Thus, the biomass type in the model influences the proportion of
tar, carbon dioxide, and water. Mass balances can explain the results. As tar consists of
hydrocarbons, it increases at high biomass carbon contents. The carbon dioxide content
increases when the biomass oxygen content increases. Suppose the biomass has a high
hydrogen content, then especially the proportion of formed water increases.
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3.2. Influence of Incoming Mass Stream Ratios

Figure 7 shows the syngas composition by varying the amount of incoming oxygen
and steam.
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Figure 7. Model results for syngas composition containing hydrogen, carbon monoxide, car-
bon dioxide, and methane by varying oxygen and steam ratios: (a) different oxygen ra-
tios at T = 1123 K, p = 1.013 bar, τ = 8 s, and s = 0; (b) different steam ratios at
T = 1123 K, τ = 7 s, e = 0.3, and p = 1.013 bar.

Setup is an isothermal fluidized bed with a height of h = 3 m and a diameter of
D = 1.5 m and a specified biomass mass fraction of C = 0.50, H = 0.07, and O = 0.42.
The predicted syngas composition comprises hydrogen, carbon monoxide, carbon dioxide,
and methane.

The oxygen ratio is the relation between the actual mass stream of oxygen supplied
and the mass stream of oxygen needed for complete combustion. The change in the
oxygen ratio (see Figure 7a) has a considerable influence on the syngas composition. The
more oxygen is added to the gasification process, the more oxidation reactions (R2–R6)
occur. As a result, more components combust to carbon dioxide and water. The fraction of
carbon dioxide in the stream exiting the reactor increases, and further main gas components,
including hydrogen, carbon monoxide, and methane, decrease. The advantage of increasing
the oxygen ratio is that more heat is added to the process due to higher combustion
rates. A certain minimum amount of heat is required for gasification reactions to run and
thus produce hydrogen-rich syngas. The steam ratio is the relation between the steam
and biomass mass streams. Adding steam influences the equilibrium of the water–gas
shift reaction (R10). As a result, hydrogen and carbon dioxide proportions increase (see
Figure 7b). Therefore, steam is an essential factor in increasing hydrogen content. As steam
generation is energy-intensive, it is necessary to check which quantities of steam supplied
are economical.

3.3. Influence of Reactor Design and Process Parameters

Varying average residence times and temperatures, results are shown in Figure 8.
Setup is an isothermal fluidized bed reactor with a diameter of D = 3 m and a specified
biomass of C = 0.50, H = 0.07, and O = 0.42. Incoming mass streams or reactor design,
especially reactor diameter or height, influence the average residence time. In Figure 8a,
residence time is varied by changing reactor heights between h = 0.8 m and h = 3.2 m.
Varying residence times influence the progress, especially the water–gas shift reaction and
methanation. Figure 8a clearly shows that the average residence time must be increased
further than τ = 8 s to achieve equilibrium.
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Figure 8. Model results for syngas composition containing hydrogen, carbon monoxide, carbon
dioxide, and methane by varying average residence times and temperatures: (a) different average
residence times at T = 1123 K, e = 0.3, s = 0, and p = 1.013 bar; (b) different temperatures at
τ = 8 s, e = 0.3, s = 0, and p = 1.013 bar.

In addition, the syngas composition is predicted as a function of the temperature in
Figure 8b. An increase in temperature causes the chemical reactions to run more quickly. As
oxidation reactions (R2–R6) run rapidly and are limited by the oxygen ratio, the temperature
increase primarily affects the gasification reaction rate (R7–R11). The increase in hydrogen
production at higher temperatures is mainly caused by the influence of the water–gas shift
reaction (R10). By increasing the temperature, the reaction runs faster, and the equilibrium
constant Keq,shift is increased so that more hydrogen is produced in a shorter time. In
addition, the reaction rate and the equilibrium constant Keq,meth of methanation (R11)
increase, which is why more methane is converted, and thus, the methane fraction is
reduced. Due to equilibrium reactions, the proportion of carbon monoxide increases,
and the proportion of carbon dioxide decreases. However, an increase in temperature is
accompanied by increased energy consumption and more complex process control.

3.4. Influence of Reactor Type

Since there are four model variations possible with the fixed bed reactor and the
fluidized bed reactor, each with an isothermal and non-isothermal operating mode, the
predictions of the different variants are compared in Figure 9.
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Figure 9. Comparison between different modeled reactor types: isothermal and non-isothermal fixed
bed reactor and fluidized bed reactor with a height of h = 3 m and a diameter of D = 1.5 m at
T = 1123 K, p = 1.013 bar, τ = 8 s, s = 0, and e = 0.3.
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Biomass is specified with C = 0.50, H = 0.07, and O = 0.42. Distributions of gas
components of all model variants are in the same order of proportions. Minor differences
between the models can be explained as follows: Two different reactor models are used
based on various energy and mass balances. The reactions in the isothermal models always
take place at the same temperature. Referring to non-isothermal models, a temperature
profile is created that strongly influences the reactions. This can be seen in Figure 10. In
a reactor with a total height of h = 1.5 m, the one-dimensional temperature profile is
calculated from the reactor bottom to the top. Biomass is specified with C = 0.50, H = 0.07,
and O = 0.42.
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Figure 10. Gas temperature profile for biomass gasification of a non-isothermal fluidized bed reactor
with a height of h = 1.5 m, a diameter of D = 1.5 m, and an average residence time τgas = 8 s at
p = 1.013 bar.

After pyrolysis (R1), the combustion reactions (R2–R6) take place directly, as these
are much faster than the gasification reactions. The exothermic reactions cause the gas
temperature to rise rapidly, as can be observed at the reactor inlet from h0 = 0 m to
h1 = 0.05 m in Figure 10. Temperature rises from T0 = 650 K to T1 = 1350 K. Only the
endothermic gasification reactions (R7–R12) occur when the oxygen is used up. This causes
the gas temperature to drop again to approximately Tend = 1000 K by the end of the reactor
at a height of hend = 1.5 m.

4. Discussion

To confirm the validity of the model predictions, the gasification model is compared to
experimental investigations presented in the literature. For this purpose, the experimental
results of Manyá et al. [33], Kang et al. [34], de Andrés et al. [35], and Tepper [13] are
considered. Table 4 shows the boundary conditions of the experiments published in the
scientific articles used for the model.

All authors conducted an elemental analysis of biomass for their experiments. The
model requires the proportions of carbon (C), hydrogen (H), and oxygen (O) that are shown
in Table 4. These three proportions are not 100%, as other elements such as nitrogen, sulfur,
or heavy metals are present in biomass.

Experimental syngas compositions of hydrogen, carbon monoxide, carbon dioxide,
and methane are compared with calculated syngas compositions from the isothermal
fluidized bed reactor model. The comparison is shown in Figures 11 and 12. Appendix A
contains a table with detailed test results and input parameters. The main components,
hydrogen, carbon monoxide, carbon dioxide, and methane, are normalized to 100%.
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Table 4. Initial conditions of experimental data.

Manyá et al. [33] Kang et al. [34] De Andrés et al. [35] Tepper [13]

Reactor height [m] 0.3 0.6 0.7 3.0

Reactor diameter [m] 0.04 0.07 0.03 0.40
Volume stream [m3/h] 0.18–0.3 1.1–1.4 1 0.20–0.26 110–270

Gas velocity [m/s] 0.04–0.07 0.08–0.10 1 0.06–0.09 0.25–0.60

Residence time [s] 4–7 6–8 1 7–10 5–12

Biomass
composition

C [kg/kg] 0.55 0.40 0.28 0.50

H [kg/kg] 0.07 0.06 0.05 0.07

O [kg/kg] 0.28 0.47 0.62 0.42

Moisture [kg/kg] 0.09 0.06 0.07 0.00
1 Own estimation, as no data were available.
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In Figure 11, the model’s predicted hydrogen and methane fractions agree very well
with the compared values. The maximum deviation is s = ±0.1. For hydrogen, our model
calculation is in accordance with values from de Andrés et al. [35]. Their results are derived
from a setup where steam can be separately supplied. This confirms that modeling the
separate steam supply also provides valid results. Compared to Manyá et al. [33] and Kang
et al. [34], hydrogen values tend to be predicted too high. For Tepper [13], the predictions
are too low. Regarding the methane fraction, the model calculations are generally higher
than the experimental results.
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In Figure 12, validation for carbon monoxide and carbon dioxide is shown. The
agreement is acceptable but is more widely distributed than the results for hydrogen and
methane in Figure 11. This means that model simulations of hydrogen and methane values
are accurate. However, carbon monoxide and carbon dioxide values still require more
optimization regarding accuracy and distribution between the two values. Particularly
striking is the comparison of carbon monoxide and carbon dioxide with Tepper. Several
values are outside the range of s = ±0.1. These values are test results with high oxidation
numbers e > 0.45. Concerning Figure 7a, it is noticeable that the modeled carbon dioxide
value rises strongly at high oxygen ratios. This makes it clear that significant deviations
occur at this model boundary. Nevertheless, the overall carbon monoxide and carbon
dioxide ratio agrees well with Tepper [13]. For example, in experiment 10 (see Table A1), the
value for carbon monoxide is vCO = 0.36, and the value for carbon dioxide is vCO2 = 0.35,
so they have a total of vCO+CO2 = 0.71. The model predicts a value for carbon monoxide
of vCO = 0.18 and a value of carbon dioxide of vCO2 = 0.58, so they have a total of
vCO+CO2 = 0.76. That means that only the distribution of the two components at high
oxygen ratios is not exact and must be optimized.

In summary, the model is successfully validated. Due to deviations in the boundary
regions, the model should be used in the temperature range of T = 1050 − 1200 K and
the oxygen ratio should be e = 0.1 − 0.4 to obtain valid results. Only the isothermal
fluidized bed reactor was validated with experimental results, which has the most practical
application. Regarding Figures 11 and 12, the model predictions relate to deviations.
This inaccuracy can be related to assumptions used in the model and to experimental
uncertainties. Possible errors in modeling the gasification process are as follows:

1. Selection of the reactions: Only eleven reactions are considered due to the simplified
approach. However, more reactions are known to influence the syngas composition.

2. Substance data are estimated and show inaccuracies.
3. Reaction kinetics: Different kinetic data exist for the same chemical equations, which

show significant differences in the reaction rate.
4. Considered substances: The primary substances are biomass, char, tar, water, oxygen,

hydrogen, carbon monoxide, carbon dioxide, and methane. Char is assumed to consist
entirely of carbon. Tar is a complex mixture of different aromatics but is considered in
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the model to be simplified as ethyne. If tar is described by other substances such as
ethane or benzene or defined by a composition of different aromatics, this has a direct
influence on the tar reactions R3 and R9. Carbon monoxide, hydrogen, and methane
proportions change and influence the equilibrium reactions R10 and R11.

5. In some cases, process parameters, such as the average gas residence time in the
reactor, are assumed.

6. Ideal assumptions: The heat and mass balance equations are based on ideal reactor
models. Real occurring effects, like dispersion effects, are neglected.

7. Catalysts: The fluidized bed consists of biomass and char particles. The use of a
catalyst in the fluidized bed is neglected. In practice, a solid inert material or a catalyst
is added, influencing the reactions.

In addition to modeling, errors also occur during experimental implementation. Dif-
ferent experimental setups, test procedures, and methods of evaluating and analyzing the
biomass and syngas result in uncertainties.

This work focuses on creating a generalized and detailed biomass gasification model to
be integrated into the DWSIM process simulator for simple application. Despite achieving
these goals, limitations are imposed on this work and the model. Fluidization with air
cannot be represented in the model since the substance nitrogen is not accounted for. In
addition, no particle model for pyrolysis has been integrated so far. In the case of pyrolysis,
however, inhibitions due to heat and mass transport are neglected. In general, only the
isothermal fluidizing bed reactor model was validated. The other models were neglected
and only compared to each other. Therefore, further model variants like the fixed bed
reactor or non-isothermal fluidized bed reactor should be validated in the future, and
deviations that are too large, such as carbon monoxide and carbon dioxide distribution,
should be reduced.

5. Conclusions

A gasification model was created to predict syngas composition produced from
biomass. Overall, a model with four model variants was programmed. The model consists
of the isothermal fixed bed reactor, the non-isothermal fixed bed reactor, the isothermal
fluidized bed reactor, and the non-isothermal fluidized bed reactor. The programming was
performed using Python and integrated into DWSIM for a better application. Experimental
results from the literature validated the fluidized bed reactor. The gasification model shows
good agreement with experimental results. The recommended application is at temperature
ranges of T = 1050 − 1200 K and oxygen ratios of e = 0.1 − 0.4.
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Abbreviations/Nomenclature

.
m0 Initial mass flow [kg/s]
.

mh Mass flow after height h [kg/s]
.

mi,b Mass flow (component i) in bubble phase [kg/s]
.

mi,e Mass flow (component i) in emulsion phase [kg/s]
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.
mi,f Mass flow (component i) in freeboard [kg/s]
.

Vgas Volume stream gas [m3/s]
∆HR Reaction enthalpy [J/mol]
A0 Pre-exponential factor for reaction kinetics
Areactor Cross-sectional area reactor [m2]
av Volume-related specific surface [1/m]
C Concentration [mol/m3]
cp,g Heat capacity gas [J/(kg·K)]
dp Particle diameter [m]
dp.0 Initial particle diameter [m]
Dreactor Reactor diameter [m]
e Oxygen ratio
EA Activation energy [J/(mol)]
fbe,i Mass transfer (component i) between bubble and emulsion phases [kg/(m3·s)]
h Height [m]
k Reaction constant
keff Effective reaction constant
Keq Equilibrium constant
kgs Overall heat transfer coefficient between gas and particle bed [W/(m2·K)]
kw Overall heat transfer coefficient between gas and reactor wall [W/(m2·K)]
P Pressure [Pa]
Pi Partial pressure of component i [Pa]
R Ideal gas constant [J/(mol·K)]
r Reaction rate [mol/(m3·s)]
rb

m,gg,i Reaction rate for homogeneous reactions (component i) in bubble phase [kg/(m3·s)]
re

m,gg,i Reaction rate for homogeneous reactions (component i) emulsion phase [kg/(m3·s)]
rf

m,gg,i Reaction rate for homogeneous reactions (component i) in freeboard [kg/(m3·s)]
re

m,gs,i Reaction rate for heterogeneous reactions (component i) in emulsion phase [kg/(m3·s)]
rf

m,gs,i Reaction rate for heterogeneous reactions (component i) in emulsion phase [kg/(m3·s)]
rmol,i Molar reaction rate (component i) [mol/(m3·s)]
t Time [s]
T Temperature [K]
Ts Temperature at particle surface [K]
Tw Temperature at wall [K]
u0 Superficial velocity in the reactor [m/s]
V Volume [m3]
wi Mass fraction (component i)
we,i Mass fraction (element e) of component i
X Turnover
βA Mass transfer coefficient [m/s]
εb Void fraction bubble phase
εe Void fraction emulsion phase
εf Void fraction freeboard
ηe External efficiency factor
ηi Internal efficiency factor
ηp Particle efficiency factor
ηpore Pore efficiency factor
ρg Density gas [kg/m3]
τgas Average gas residence time [s]
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Appendix A

Table A1. Comparison between experimental and modeled results.

Author Temperature
[K]

Oxygen
Ratio [-]

Volume Fraction
Experimental Results [-]

Volume Fraction
Modeled [-]

H2 CO CO2 CH4 H2 CO CO2 CH4

Manyá et al. [33]

1 1123 0.244 0.24 0.27 0.41 0.08 0.23 0.29 0.34 0.14

2 1123 0.307 0.19 0.26 0.47 0.08 0.22 0.29 0.37 0.12

3 1123 0.349 0.16 0.27 0.50 0.07 0.20 0.27 0.42 0.11

4 1123 0.238 0.23 0.27 0.42 0.07 0.25 0.32 0.29 0.15

5 1123 0.286 0.19 0.28 0.45 0.08 0.23 0.30 0.35 0.13

6 1123 0.328 0.15 0.28 0.50 0.07 0.21 0.28 0.40 0.12

7 1123 0.341 0.15 0.28 0.50 0.07 0.21 0.27 0.41 0.12

8 1123 0.297 0.17 0.28 0.47 0.08 0.21 0.27 0.40 0.12

9 1123 0.245 0.24 0.25 0.44 0.07 0.23 0.29 0.34 0.14

10 1123 0.291 0.23 0.27 0.43 0.07 0.21 0.27 0.40 0.12

11 1123 0.343 0.19 0.27 0.41 0.07 0.23 0.29 0.34 0.14

12 1123 0.242 0.25 0.27 0.41 0.07 0.23 0.29 0.34 0.14

13 1123 0.293 0.22 0.26 0.46 0.06 0.20 0.27 0.40 0.12

14 1123 0.338 0.15 0.25 0.54 0.07 0.19 0.25 0.46 0.11

Kang et al. [34]

1 1073 0.2 0.31 0.31 0.23 0.15 0.26 0.24 0.38 0.12

2 1130 0.2 0.24 0.33 0.29 0.13 0.33 0.30 0.32 0.05

3 1073 0.1 0.24 0.35 0.28 0.13 0.32 0.28 0.25 0.15

4 1073 0.15 0.29 0.35 0.24 0.12 0.29 0.26 0.31 0.14

5 1073 0.25 0.16 0.22 0.50 0.11 0.22 0.22 0.45 0.11

6 1073 0.3 0.12 0.23 0.56 0.09 0.19 0.19 0.51 0.10

de Andrés et al. [35]

1 1073 0.2 0.32 0.25 0.31 0.11 0.27 0.26 0.33 0.14

2 1123 0.2 0.34 0.26 0.27 0.12 0.33 0.34 0.23 0.10

3 1123 0.3 0.31 0.26 0.34 0.09 0.28 0.32 0.32 0.08

4 1123 0.4 0.29 0.24 0.41 0.06 0.23 0.27 0.43 0.07

5 1073 0.3 0.29 0.23 0.40 0.08 0.28 0.13 0.52 0.08

6 1123 0.3 0.36 0.24 0.33 0.07 0.38 0.20 0.37 0.05

7 1073 0.3 0.31 0.22 0.39 0.07 0.34 0.10 0.47 0.08

8 1123 0.3 0.37 0.23 0.33 0.07 0.39 0.14 0.40 0.05

Tepper [13]

1 1100 0.32 0.22 0.29 0.41 0.08 0.24 0.27 0.40 0.10

2 1118 0.38 0.24 0.30 0.41 0.06 0.23 0.26 0.44 0.07

3 1099 0.40 0.24 0.32 0.39 0.06 0.20 0.23 0.49 0.08
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Table A1. Cont.

Author Temperature
[K]

Oxygen
Ratio [-]

Volume Fraction
Experimental Results [-]

Volume Fraction
Modeled [-]

H2 CO CO2 CH4 H2 CO CO2 CH4

4 1045 0.33 0.26 0.28 0.40 0.06 0.16 0.19 0.50 0.15

5 1069 0.33 0.25 0.25 0.42 0.07 0.19 0.22 0.46 0.13

6 1080 0.37 0.26 0.26 0.42 0.07 0.19 0.22 0.46 0.13

7 1100 0.47 0.23 0.25 0.46 0.06 0.17 0.19 0.57 0.07

8 1072 0.35 0.23 0.31 0.37 0.09 0.19 0.22 0.48 0.12

9 1096 0.45 0.21 0.33 0.36 0.10 0.17 0.20 0.55 0.08

10 1078 0.45 0.19 0.36 0.35 0.10 0.15 0.18 0.58 0.09

11 1095 0.45 0.23 0.39 0.32 0.07 0.17 0.20 0.56 0.08
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