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Abstract: Stabilization of condensate is a highly energy-consuming process compared to other oil
and gas processes. There is a need to reduce this energy consumption. Therefore, the present
work aims to simulate the stabilization unit in terms of available energy and on-spec stabilized
condensate products. Natural gas condensate liquids (NGL) need to be stabilized by eliminating
lighter hydrocarbon gases and acid gases before being sent to the refinery. Stabilized NGL has the
vapor pressure determined as a Reid vapor pressure of 7 psia, showing that light components did
not evolve as a separate gas phase. Stabilization and CO2 removal was performed through the
distillation method by heating and pressure reduction using steady state and dynamic simulation
through Aspen HYSYS. Different process alterations around the exchanger and column have been
studied based on the utilities available for the stabilization and CO2 removal process. Sensitivity
studies, including the impact of CO2 concentration, the temperature at the inlet of the stabilizer flash
separator, and the dynamic simulation for the PID controller, have been performed to analyze the
impact on the process parameters, such as Reid vapor pressure (RVP) and CO2 of the rundown air
cooler and heat duties of the exchangers. Actual plant data have been used for the validation of
process simulation values for the accuracy of the condensate stabilization unit model. Based on the
scenarios analyzed, it can be concluded that the nitrogen stripping method achieved 7 ppmv CO2

and 7 psia RVP in the condensate from the cooler outlet, while a variation of 29 bpd was observed
for the stabilized condensate flowrate throughout all scenarios with data validation showing 0.24%
discrepancy between Aspen Hysys data and actual plant data.

Keywords: dynamic simulation; Aspen HYSYS; natural gas condensate

1. Stabilization of Natural Gas Condensate
1.1. Introduction

Increased world demand for crude oil is causing the depletion of oil reserves, which is
increasing oil and energy prices. Crude oil, as the main contributor to the world’s power
supply, requires processing by oil and gas plants that have the minimum operational cost
for producing quality oil products. Further, natural gas condensate liquids (NGL) are
medium fractions of crude oil with a carbon chain of C5-C9 [1], which can be converted
to different petroleum products, such as gasoline, light oil, and jet fuels. When NGL is
extracted from gas, it may contain hydrocarbon gases (C1-C4) with impurities, including
CO2, H2S, N2, O2, various salts, and water [2]. However, impurities including H2S and
CO2 increase with the decrease in the conventional oil reserves. These impurities must
be removed from NGL to produce saleable products for the market [3]. Unstabilized
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NGL, if not treated for impurities and hydrocarbon gases, will release these gases at
low pressure and high temperature, affecting the condensate’s quality and resulting in
environmental issues and operational disturbances, including corrosion to pumps and
storage tanks [4]. Consequently, the growing concern regarding impurities is an important
driver for the development of operations in the petroleum industries, and more energy-
efficient and environmentally friendly processes will be required to reduce the processing
cost of crude oil. The stabilization method is an important method for industry to remove
gaseous impurities from unstabilized NGL. Reid vapor pressure (RVP) is a mean for the
measurement of NGL stabilization, and it is the absolute vapor pressure exerted by the
vapors of the liquid and any dissolved gases at 37.8 ◦C (100 ◦F) [4]. About 6–7 psia RVP
(less than 8 psia) is an industrial accepted value for a good stabilization point for NGL [5].
Generally, the required RVP is obtained by removing the lighter hydrocarbon gases through
heating and by reducing the pressure. Heating/pressure reduction also removes H2S,
CO2, O2, N2, and other gases, along with stabilization of NGL [3]. Generally, the crude
oil stabilization process consists of heaters, separators, coolers, and stabilizer columns [6].
As a result, stabilized NGL is sent to a storage tank for transfer to the refinery, while
lighter hydrocarbon gases, along with gases impurities, are sent to one of the following
sources; (i) the fuel gas is diluted by injecting corrosive gas into the fuel gas header if the
downstream piping is designed based on corrosive material; (ii) re-compress the gas to
inject it into a high-pressure gas handling system; (iii) recover the fuel gas by removing
acidic gases through sweetening, such as using the amine system; (iv) gases can be recycled
into a reservoir for enhanced oil recovery purposes; or (v) gases are used to flare as
a continuous source of light-up gas with the redundant supply of fuel gas from other
sources [7]. Stabilized NGL is then sent to the refinery for mixing with heavy crude oil [8],
to help in the pumping of heavy crude oil by reducing viscosity from the storage tanks to
the preheat exchanger trains and to increase the production of motor gasoline [9].

So far, many process schemes regarding condensate stabilization have been analyzed
to study the said system. The effect of feed conditions, such as on RVP of 8.78 psia, on sulfur
content was analyzed and the validation of HYSYS results with actual plant conditions was
performed. Pro II software results have been discussed in the literature regarding the frac-
tionation process having a compressor and de-salter [1] and also for flash vaporization [3].
Compression, heat integration (reboiler and column), dynamic controlling, and economic
analysis for the fractionation column have also been performed [2]. The effect of feed
conditions, including the increase in water content from 2 to 29 bpd to achieve 12 psia TVP,
and validation of the Aspen HYSYS results for the stabilization process with actual plant
data, have reported a 3% variation [4]. Gases from the top of the fractionation column in the
stabilization process are recovered through liquefaction, LPG production, and the compres-
sion unit, for which the 219% highest rate of return (ROR) was found for the liquefaction
process based on economic analysis [5]. Development of stabilizer column models through
the artificial neural networks (ANN) method have shown an average absolute deviation
percent (ADD%) of 1.6 for RVP and 3.8 for H2S concentration [6], in comparison to the
support vector machine (SVM) method with a squared correlation coefficient of 0.97 for
H2S concentration and 0.94 for Reid vapor pressure (RVP) [7]. The pressure effect through
model development on the stabilization column with a mean absolute error of 2.69% for
process variables has been studied in the literature [10]. Modeling of the stabilizer column
in the refinery has also been performed with an error percentage in LPG and gasoline
properties, among which a maximum of 6.67% was reported for the specific gravity of
LPG [9]. Stabilization along with H2S removal through a split-flow configuration has
provided reasonable result validation and an optimal split ratio of 15% based on economic
analysis [11]. The pressure selection of multiple separators based on the gas–oil ratio (GOR),
with the selection of reduced compressor power for recovery of separator off-gas in the
flash vaporization method, have also been discussed [11]. Different techno-commercial
studies of desulfurization of condensate have been discussed, such as desulfurization of
condensate through caustic wash, oxidative desulfurization via H2SO4, and combined
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oxidative desulfurization with caustic wash. Among these, oxidative desulfurization is a
commercially viable method to decrease the total sulfur content from 8500 ppm to less than
700 ppm by eliminating all hydrogen sulfide with mercaptans and severely reducing other
heavy sulfur-containing compounds. [12]. In case of defects in the cooling system at the top
stage of debutanizer column, modification of LPG and NGL production has been discussed
to avoid flaring by selecting a reflux stream temperature of 55 ◦C [13]. Fractionation is
a selected technology with an optimized parameter for RVP of 10 psia in summer and
12 psia in winter among flash vaporization and fractionation methods [14,15]. Shutdown
reduction methods for compressors in the condensate stabilization unit have been analyzed
based on first-out alarms, transmitter selection, and a programmable logic controller [16].
Energy and exergy analysis of the stabilizer column with a water draw pan to remove water
and a reduction of reboiler duty show a reduction of compressor power with 80% exergy
efficiency [15]; also, the addition of a de-ethanizer and debutanizer column to increase the
production of LPG in an existing gas plant reduces condensate production and compressor
power [17]. Evaluating the effect of operational parameters such as the desalter mixing
valve differential pressure, column pressure, condenser temperature, inlet feed column
temperature, and the C5+ component’s effect on increasing performance of the condensate
fractionation process have been discussed [18,19]. The heat pump recuperation-based
condensate fractionation process has been studied to save 73.43% and 83.48% of the con-
denser and reboiler energy compared to a conventional column [20,21], and a substantial
50% energy saving has been achieved [22]. The development of a concentric internally
heat-integrated distillation column has also been discussed [23]. A debottlenecking study
was performed for a 20% increase in the throughput of condensate with the installation of
an additional heat transfer area of 1554 m2 while keeping the utility consumption main-
tained at the existing level [22]. A fractionation column with steam stripping and flash
vaporization has been discussed to achieve 9 psia RVP [24]. Details of the Soave Redlich
Kong (SRK) or Peng–Robinson (PR) equation are used for the condensate stabilization
process of non-polar components in the literature [4,10,25].

1.2. Literature Review

Stabilization of condensate can be achieved through either of two methods, namely
flash vaporization or fractionation. Flash vaporization is an older technique based on
the vapor–liquid equilibrium having different phase densities [1]. It operates at different
temperatures and pressures of the condensate liquid to flash into vapor and stabilize the
oil [2] and generally consists of a number of separators and heaters. The number of vessels
required for the stabilization of oil depends upon the gas-to-oil ratio as well as the wellhead
pressure [11]. The flash vaporization method is cheaper than the fractionation method;
however, it cannot meet the RVP requirements due to the large loss of lighter hydrocarbons,
therefore, a flash separator alone cannot be used for stabilization [7].

Fractionation is an advanced technique using columns, heaters, and vessels to stabilize
the oil of various specifications by controlling heat to strip out lighter hydrocarbons and
gaseous impurities [14]. The condensate is fed into the flash separator, where the lighter
portion is removed (using flash vaporization), while the liquid is preheated in the heat
exchanger and sent to the stabilization tower or stripper. Stripping vapor from the reboiler
is used to remove the lighter hydrocarbon gases, CO2, and sulfur components to realize
that stabilization and de-corrosiveness can be performed in one column.

To analyze the performance of flash vaporization and fractionation techniques, dif-
ferent flow conditions for the stabilization of condensates have been considered in the
literature [1–4], including: (i) inlet feed parameters for the flash separator, including the
variation of feed flowrate, temperature, pressure, composition, BS&W, and impurities such
as wax, asphaltenes, salts, and metals; (ii) flash separator parameters, such as operating
pressure, operating temperature, and carry over of condensate/water to the stabilizer
column; (iii) heater performance parameters (duty and pressure drop); (iv) stabilizer col-
umn performance parameters, such as column hydraulics, reboiler duty, column bottom
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specifications, such as water content, RVP, CO2, H2S, and condensate/gas product flowrate;
(v) cooler performance parameters (duty, pressure drop, temperature approach and final
storage temperature); and (vi) stabilization column flow configuration (straight-through
or split-flow). The variation range is usually a 10–30% split-flow ratio with an optimal
reported value of 15% [7]. However, the straight method has lower energy consumption
and a smaller condensate production rate, while the split-flow scheme has more condensate
production by reducing flash gas flow with higher energy requirements. Nevertheless,
for large-scale applications, the split-flow configuration for the stabilizer column is more
efficient and economical due to the higher production of condensate with the same inlet
flowrate to the stabilizer column [4,7,18].

In addition, the above parameters have also been studied on simulators, such as
Aspen HYSYS and Pro/II [11], and the results have been compared with operating plant
data. It has been found that PRO/II shows a better agreement for the light hydrocarbons
with the plant data than HYSYS, while HYSYS shows better agreement for the heavy
hydrocarbons than PRO/II due to their proprietary method of simulation for the same
Peng–Robinson (PR) equation of state [24]. The PR equation of state has been considered
as a property package in simulators for petroleum and gas applications due to the wider
range of temperature and pressure values (T > −271 ◦C and P < 1035 bar) for non-polar
and slightly- polar real components in single and multiphase systems. Further, the PR
equation of state has a wider binary interaction database for a wide range of temperature
and pressure conditions [4,26]. The PR equation of state is widely used in LPG modeling
due to its wider application and sound results.

So far, a lot of work has been carried out on condensate fractionation and flash vapor-
ization techniques for stabilization of condensates with the removal of impurities such as
water and H2S. Techniques previously studied are steam stripping in a column, split-flow
configuration around columns, heat pump configurations around columns, a concentric
internally heat integrated column, removal of water through a water draw pan in columns,
recovery of the off-gases stream through liquefaction/LPG recovery/compression, and
H2S removal from sour condensate through caustic wash (MEROX)/oxidative desulfur-
ization (H2SO4/hydrodesulfurization) [27]. Parametric studies have been studied, such as
pressure selection of separators in flash vaporization and pressure effects on the column.
Further analysis, such as ANN/SVM modeling of columns, energy/exergy analysis of
columns, the impact of inlet process conditions on the condensate stabilization process,
debottlenecking/cross pinch exchanger analysis, economic analysis of the system, dynamic
controllers’ response studies, modification of process units to obtain LPG/NGLs products,
and shutdown reduction methods for compressors in condensate stabilization processes
have been performed. Furthermore, HYSYS -simulated result validation with actual plant
data/Pro-II software results has also been studied previously.

However, the intention for the removal of a high percentage of CO2 along with NGL
stabilization is rarely found in the literature [10–16]. In the present research work, a
maximum 15 mol% CO2 concentration in the feed stream of the stabilizer unit is studied to
achieve CO2-free condensate with stabilizer unit parameters of a 7 psia Reid vapor pressure
(RVP), however, the maximum CO2 in feed reported in the literature [19] is only 7.47 mol%.

Therefore, the novelty of the present research work for high CO2 in the inlet of the
condensate stabilization unit will be: (i) it removes the high composition CO2 (15 mol%)
from the raw condensate along with the required specification of 7 psia RVP by utilizing
pressure reduction and heat conservation; (ii) validation of the Aspen HYSYS simulated
model against the actual plant operating data for CO2 and RVP of stabilized condensate;
(iii) nitrogen stripping in the additional stripper column installed at the bottom of the
stabilizer reboiler; (iv) dynamic simulation of the condensate stabilization process to analyze
plant behavior; and (v) different column pressure operation. Some previously described
concepts of straight-through/split-flow schemes [8] are also discussed in this research for a
high CO2 scenario.
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2. Process Description

Fractionation is considered for stabilizing an NGL condensate of 7 psia RVP with
a small quantity of CO2 and other impurities in the plant outlet condition. The process
consists of a flash separator, heat exchanger, stabilizer column, hot oil-based reboiler, and
an air cooler, as shown in Figure 1.
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and grey lines are control lines.

Initially, the unstabilized feed is introduced from the upstream system/LP well into
the flash separator operating at 140 psig and 69 ◦F, where the primary separation takes
place. The flash separator is a three-phase separator that separates gas, oil, and produced
water by utilizing the density differences between the phases. The vapor phase is flashed
off, the liquid mixture is partially vaporized, and equilibrium is reached between the phases.
The produced water is separated and directed to the produce water degasser at 55 psig
after the level control valve (LCV). Oil collected from the flash separator is routed for
stabilization via a heat exchanger on the tube side, where it is preheated with hot reboiled
condensate to 160 ◦F. The corrosive fuel gas (mainly C1-C4 and some CO2) from the flash
separator is routed to the fuel gas system at 105 psig after pressure reduction from the
pressure control valve (PCV). Condensate from the heat exchanger after LCV enters the
packed-type stabilizer column at 70 psig and 157 ◦F.

The internal flash section above the 1st stage in the column is added in order to reduce
the pressure to the column operating pressure of 55 psig. It is worth noting that the 2nd
flash drum inside the column reduces the vapor pressure of condensate and reduces the
vapor load of the column. Further, stabilization occurs in the column, which is without
reflux and is derived from the reboiler, where heat is supplied to process the fluids at
305 ◦F through hot oil flowing in the tubes of the exchanger. The heat is adjusted in the
reboiler to obtain the bottom product with 7 psia RVP. Light hydrocarbon vapors and
acidic gases (C1, C2, C3, C4, CO2, and H2S) are stripped from the stabilizer column, and
it is vented to the low-pressure flare system at 25 psig after the PCV. The actual pressure
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will depend upon the flare system back pressure. The reboiled condensate then flows
toward the shell side of the heat exchanger and is cooled down to 220 ◦F. The condensate
temperature is further reduced to 135 ◦F via an air cooler and then sent for storage in a
tank. All schemes are studied under the same feed conditions and composition, which are
shown in Tables 1 and 2. The composition of the feed stream and the feed conditions are
obtained from the actual plant, and to have a thorough comparison, they are kept the same
in all analyses and model verifications.

Table 1. Feed conditions.

Parameters Values

Inlet pressure (psig) 140

Inlet temperature (◦F) 69.14

Condensate flow (bpd)
(downstream of stabilizer inlet flash separator) 1500

Table 2. Feed composition.

Components Mole% Components Mole%

Nitrogen 2.42 n-C14 1.10

CO2 16.72 n-C15 1.05

H2S 0.00 n-C16 0.82

Methane 19.37 n-C17 0.56

Ethane 5.92 n-C18 0.49

Propane 4.14 n-C19 0.42

i-Butane 1.06 n-C20 0.36

n-Butane 2.11 n-C21 0.32

i-Pentane 1.33 n-C22 0.19

n-Pentane 1.36 n-C23 0.16

n-Hexane 3.02 n-C24 0.14

MCyclopentane 0.57 n-C25 0.12

Benzene 0.57 n-C26 0.10

Cyclohexane 0.59 n-C27 0.09

n-Heptane 6.21 n-C28 0.07

MCyclohexane 2.08 n-C29 0.06

Toluene 2.15 n-C30 0.15

n-Octane 5.86 n-DotriC32 0.07

E-Benzene 0.17 n-HexatriC30 0.09

m-Xylene 0.76 H2O 0.09

p-Xylene 0.76

o-xylene 0.52

n-Nonane 5.16

n-Decane 4.44

n-C11 2.80

n-C12 1.94

n-C13 1.51

In comparison to the above conventional process, the following process schemes have
been studied:
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2.1. Stabilizer Column Inlet Flow Straight-through and Split-Flow Configuration

The conventional process scheme is a straight-through scheme, which are discussed
in Figure 1. However, a split-flow scheme is made by partly or totally bypassing the feed
bottom heat exchanger, as shown in Figure 2. The bypass stream of the heat exchanger
enters at the 1st stage of the column at separator outlet temperature while the stream from
the feed bottom heat exchanger enters at the 3rd stage of the column at 160 ◦F.
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2.2. Stripping Nitrogen in the Additional Column Installed at the Bottom of the Stabilizer Reboiler

The previous conventional condensate stabilization scheme is considered with the
addition of stripping nitrogen, which is injected at the bottom of the two-staged new
striping column, while the condensate stream from the stabilizer reboiler is added at the
top of the new stripping column (Figure 3).

2.3. Same Separator and Column Gas Outlet Pressure for Different Column Pressure Operation

Conventional condensate stabilization scheme is considered with changes of column
pressure to get system overall gas outlet pressure from 25 to 105 psig for calculation of CO2
in stabilized condensate at rundown cooler outlet (Figure 4).
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3. Methodology

In this research work, various flow configurations of condensate stabilization process
have been studied to achieve CO2 removal capacities from un-stabilized sour condensate
for overall performance of unit.

Scenario 1 shows straight through (Figure 1) and split flow (Figure 2) configuration
around feed bottom heat exchanger to stabilizer column. Straight The straight-through
configuration has a 100% flowrate (0% split-flow ratio) passing through the exchanger. A
0–100% flow passes through the exchanger in the split-flow configuration, while the rest
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bypasses the exchanger. Both configurations are studied at 7 psia RVP at the rundown air
cooler outlet and 1500 bpd at the flash separator outlet.

Scenario 2 shows the nitrogen stripping method (Figure 3), which is used when
nitrogen is commonly available and has been produced in the plant through membrane
or pressure swing adsorption technology. Nitrogen is added in the additional stripping
column that is installed at the bottom of the reboiler to strip the lighter hydrocarbon and
impurity gases. The nitrogen flowrate range of 0–400 scfh is added in the column to read
the effect of the CO2 removal from the sour condensate.

Scenario 3 considers the variation of stabilizer column pressure (Figure 4) to calculate
the CO2 in the stabilized condensate at the rundown cooler outlet.

Scenario 4 considers the dynamic simulation (Figure 5), which has been prepared from
steady-state Aspen HYSYS simulation of the conventional condensate stabilization scheme
(Figure 1) by the addition of equipment sizes and valve sizes, taking into account the
residence time for the separator and universal equation for the valves. Tuning parameters
of the P&ID controller are added to take the smooth controller behavior and to analyze the
plant conditions.
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In Scenario 5, validation of steady-state Aspen Hysys simulated values for conven-
tional straight-through scheme (Figure 1) are considered against the actual plant data
received from the plant. The actual plant data at a flowrate of 145 bpd at the inlet of the run-
down cooler is received. However, the simulated flowrate of the condensate stabilization
unit is 1500 bpd at the outlet of the flash separator instead at the inlet of the rundown cooler.
Therefore, a new steady-state simulation was performed at 145 bpd stabilized flowrate
at the inlet of the rundown cooler, and values are compared with actual plant data. All
scenarios are studied at 7 psia RVP at the bottom of reboiler and the four ideal stages of
the column.
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The actual column installed in the field is a packed stabilizer column, while the
simulation shows the ideal stages. The ideal stages in the simulation are converted to
theoretical stages by taking the efficiency of the process. A packing height equivalent to
theoretical plate stages (HETP) is then considered to calculate the height of packing whose
calculations are in the vendor’s scope.

4. Results and Discussion
4.1. Scenario 1: Straight-through Flow and Split-Flow Configuration through the Feed-Bottom
Heat Exchanger to the Stabilizer Column

A 1500 bpd flowrate at the outlet of the flash separator for straight-through flow
(0% split-flow ratio) and a 0–100% split-flow ratio scenario was considered. The stabilized
condensate flowrate received at the air cooler in straight-through option was 1418 bpd,
which was less than when compared to 1427–1436 bpd for the 10–100% split-flow ratio, as
shown in Figure 6. Therefore, the value difference for the straight-through configuration
was a 0.63–1.27% decrease in the flowrate compared to the split-flow configuration. The
same behavior was reported with a 0.11–4.26% decrease in the stabilized condensate
flowrate in the literature [8] (see Figure 4).
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Figure 6. Condensate and gas flowrate vs. split ratio.

The CO2 flowrate in the flash column gas outlet for the straight-through and split ratio
is shown in Figure 6. CO2 removed from the stabilized condensate at the reboiler will come
in the column flash gas at the top of the stabilizer column. The CO2 flowrate in the total
column flash gas for the straight-through option was 2765 scfh, with an increasing trend
from 2740 scfh at 10% split ratio to 2771 scfh at 100% split ratio observed.

However, in Figure 6, the flash gas flowrate at the outlet of the column decreased from
8219 scfh at the straight-through flow (0% split ratio) to 7404 scfh at the 100% split ratio
due to cooled fluid coming from the feed bottom heat exchanger and acting as reflux to
the column, which caused the temperature of the flash column gas outlet to decrease, as
shown in Figure 7. Therefore, the straight-through configuration had a 9.92% increased
flowrate compared to the 100% split ratio configuration. The same behavior was reported
by Lin Zhu, with a 55.56% increase in flowrate, in Figure 8 of the referenced article [8].
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The total duty of the feed bottom heat exchanger, reboiler, and air cooler increased
with the split ratio due to the high stabilized flowrate, as shown in Figure 7. The total
duty difference for the straight-through and 100% split ratio was 0.7371 MMBtu/h with
the extra recovered flowrate of 18 bpd. Duty for the feed bottom heat exchanger was
transferred to the reboiler (heating) and the rundown air cooler (cooling) accordingly for
10–100% split-flows. Thus, as the split-flow ratio increased, the feed bottom heat exchanger
duty 100% decreased while the duty of the reboiler and air cooler increased by 53.58% and
107.8%, respectively. The same behavior for the reboiler, with a 64.7% increased duty was
reported by Lin Zhu in Figure 4 of the referenced article [8]. A 2 ◦F decrease in temperature
of the stabilized condensate at the reboiler outlet was observed from the straight-through
case to the 100% split ratio case, as shown in Figure 7.

As the reboiler duty increased from the straight-through flow (0% split ratio) to
100% split ratio (as shown in Figure 7), the CO2 composition in the flash column gas
outlet increased by 3.79%, as shown in Figure 8. It is shown in Figure 8 that the CO2 in the
stabilized condensate at the cooler outlet for the straight-through option (0% split-flow) was
160 ppmv due to the feed bottom heat exchanger duty totally supplied to the condensate.
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Figure 7. Heat exchanger duties and temperature vs. split ratio.

CO2 in the split-flow option in the condensate at the air cooler outlet decreased from
731 ppmv at the 10% split ratio due to the 10% flow bypass to the feed bottom heat
exchanger with no reflux present, while 19 ppmv at the 100% split ratio was due to the
increase in reboiler duty. CO2 in the stabilized condensate for the straight-through option
and 50% split ratio were equal.
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4.2. Scenario 2: Stripping Nitrogen in the Additional Stripping Column Installed at the Bottom of
the Reboiler

The stabilized condensate flowrate at the air cooler outlet decreased by 11 bpd for
the 0 to 400 scfh nitrogen stripping flowrate, added in the additional two-stage column
installed at the reboiler outlet, as shown in Figure 9.
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As the temperature was fixed at 160 ◦F at the outlet of the feed bottom heat exchanger,
the duty of the exchanger was constant at 0.7897 MMBtu/hr, as shown in Figure 10, for
the 0 to 400 scfh stripping nitrogen flowrate. However, duties of 6.95% and 15.32% for
the reboiler and air cooler decreased, respectively, for the 0 to 400 scfh nitrogen stripping
flowrate, as shown in Figure 10.
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Therefore, the total heat duty requirement of all heat exchangers decreased by
0.21 MMBtu/h for the 0 to 400 scfh nitrogen flowrate, as shown in Figure 10. This is due to
nitrogen added in the column, which decreases the partial pressure of the condensate, caus-
ing a reduction in the duty of the reboiler. Consequently, CO2 in the stabilized condensate
at the cooler outlet decreased from 160 ppmv to 7 ppmv for the nitrogen flowrate of 0 to
400 scfh, respectively, as shown in Figure 11. Therefore, a 5 ◦F temperature decrease of the
stabilized condensate at the reboiler outlet was observed for the nitrogen flowrate of 0 to
400 scfh, as shown in Figure 10.

As nitrogen was added to the column, nitrogen composition at the flash column gas
outlet was increased by 3.21 mol%, as shown in Figure 11. The nitrogen composition at the
inlet of the stabilizer column without nitrogen injection in the additional stripping column
was 0.1 mol%.

CO2 flowrate in the flash column gas outlet increased by 7 scfh for the 0 to 400 scfh
nitrogen flowrate, as shown in Figure 9. However, a 3.76% decrease in CO2 composition in
the flash column gas outlet occurred due to the nitrogen % increase in the gas outlet for the
0 to 400 nitrogen striping flowrate, as shown in Figure 11. As CO2 and nitrogen flowrates
increased in the flash column gas outlet, the total flash gas increased by 1059 scfh for the
nitrogen flowrate of 0 to 400 scfh, as shown in Figure 9. Correspondingly, the temperature
of the flash column gas outlet slightly increased by 1 ◦F due to no reflux and the high flash
gas flowrate for the 0 to 400 scfh nitrogen striping flowrate, as shown in Figure 10.
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4.3. Scenario 3: Same Separator and Column Gas Outlet Pressure for Different Column
Pressure Operations

The stabilized condensate flowrate at the air cooler outlet increased by 9 bpd for
changes of column pressure from 55 to 120 psig to achieve the same separator and column
gas outlet pressure from 25 to 105 psig, as shown in Figure 12.
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As the temperature was fixed at 160 ◦F at the outlet of the feed bottom heat exchanger,
the duty of the exchanger was constant at 0.7897 MMBtu/h, as shown in Figure 13 for
changes in column pressure. The duty of the reboiler increased by 0.869 MMBtu/h, as
shown in Figure 13. Due to changes in the stabilized condensate flowrate and pressure
of the column, the air cooler duty increased by 0.88 MMBtu/h, as shown in Figure 13.
Therefore, the total heat duty of exchangers increased by 1.75 MMBtu/h.
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Increasing temperatures of 8 ◦F for the flash column gas outlet and 85 ◦F for the
condensate at the reboiler outlet were observed due to column pressure changes, as shown
in Figure 13.

As CO2 composition in the stabilized condensate at the cooler outlet decreased from
160 ppmv to 126 ppmv, correspondingly, an increase in CO2 composition in the flash
column gas outlet was seen, by 1.7 mol%, respectively, as shown in Figure 14. Therefore,
the CO2 flowrate in the flash column gas outlet increased by 1 scfh, as shown in Figure 12.
However, the total flowrate of the flash column gas outlet decreased by 391 scfh due to an
increase of the stabilized condensate flowrate by 9 bpd at the rundown air cooler outlet.

4.4. Scenario 4: Dynamic Simulation of the Condensate Stabilization Process at 1500 Bpd Flowrate
at the Outlet of Flash Separator to Analyze Plant Behavior

Dynamic simulation has been prepared from the basic four-stage column of the steady
state simulation to check the process conditions before the plant installation at the site, as
shown in Figure 5. It also helped to find out plant conditions at any flowrate.

Steady-state and dynamic simulation data are provided in Table A1. The values of the
PID parameters for the controllers have been provided in Table A2. Each PID controller
targets different control variables by manipulating different parameters, as indicated in
Table A2. Initially, the base case steady-state simulation is considered as being provided
in scenario 1, the straight-through flowrate having a top stage and bottom stage column
pressure of 55 psig and 58 psig, respectively, for comparison with dynamic simulation. The
results have been provided in Table A1. The maximum percentage deviation for the heat
duty of the rundown cooler was found to be 7.11% among all heat exchangers used in the
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above-mentioned scheme. Value differences in the percentage for some parameters were
1.25% for CO2 in the condensate outlet from the cooler, 0.76% for gas flowrate from the
column outlet, and 0.14% for condensate flowrate from the cooler outlet.
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Figure 14. Carbon dioxide compositions vs. separator and column gas outlet pressure.

To reduce the differences in readings, steady-state simulation was again performed for
the top-stage and bottom-stage column pressure of 55 psig and 55.05 psig, respectively, the
same as that considered for dynamic simulation. The results are provided in Table A1 with
good approximation, as the percentage deviation has reduced. The maximum percentage
deviation of the heat duty for the rundown cooler was 0.31% among all heat exchangers
used. The percentage deviation for other parameters were 1.89% for CO2 in the condensate
outlet from the cooler, 0.76% for the gas flowrate from the column outlet, and 0.14% for the
condensate flowrate from the cooler outlet.

4.5. Scenario 5: Validation of the Aspen Hysys Simulated Model against the Actual Plant
Operating Data at 145 Bpd Flowrate in the Outlet of the Flash Separator

The validity of the Aspen HYSYS simulation model of the condensate stabilization
scheme was checked by comparing RVP and process variable values in simulations with
the actual plant conditions received from the plant during performance testing at a 145 bpd
flowrate at the outlet of the feed bottom heat exchanger. Simulated values, actual plant
values, and percentage error are present in Table 3.

Although the condensate stabilization unit was designed on a 1500 bpd flowrate at the
outlet of the flash separator, it was tested at a 145 bpd flowrate at the outlet of feed bottom
heat exchanger before LCV-9305 as the FIT was placed here. Composition analysis during
performance testing was not carried out at the inlet and outlet of the units. However, RVP
at the inlet of the flash separator and the outlet of the rundown cooler was measured at the
plant and is reported in Table 3.

Therefore, the steady-state HYSYS simulation model was again prepared for 9.5 psia
RVP at the inlet of the flash separator instead of 54.4 psia (39.7 psig), by assuming the
composition shown in Table A3 to match the RVP values at the actual inlet temperature
and the pressure of 103 ◦F and 140 psig.

The same 119 ◦F at the outlet of the feed bottom heat exchanger value was considered
as the actual value received from the site; 55.3 psig top and 55.5 psig bottom stage pressure
of the flash column was considered in the simulation as per actual plant data received. The
heat duty in the reboiler was calculated to consider the same 5.6 psia RVP at the outlet of
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the stabilizer reboiler or rundown cooler instead of 7 psia RVP designed condition. The
condensate temperature at the inlet of the stabilizer reboiler showed a 0.24% error, which is
the highest error among other flash columns and stabilizer reboiler temperatures.

Table 3. Validation of performance test data.

Validation of Performance Test Data

Conditions Units

Steady
State

Simulation
Values

Actual
Plant
Data

Difference in Percentage
of Steady-State

Simulation Values from
Actual Plant Data

Flash Separator

RVP of condensate at inlet of separator psia 9.5 9.5 0.00

Pressure of separator psig 140 140 0.00

Feed Bottom Heat Exchanger

Condensate temperature at inlet of feed Bottom heat exchanger ◦F 103 103 0.00

Condensate temperature at outlet of feed Bottom heat exchanger
towards column before LCV

◦F 119 119 0.00

Condensate temperature at inlet of heat exchanger from column ◦F 269 269 0.00

Flash Column

Flash column top stage pressure psig 55.3 55.3 0.00

Flash column bottom stage pressure psig 55.5 55.5 0.00

Stabilizer Reboiler

Condensate temperature at inlet of stabilizer reboiler ◦F 250.4 251 0.24

Gas temperature at outlet of stabilizer reboiler towards column ◦F 268.9 269 0.04

Hot oil temperature at inlet of stabilizer reboiler ◦F 305 305 0.00

Hot oil temperature at outlet of stabilizer reboiler ◦F 296 296 0.00

Hot oil pressure at inlet of stabilizer reboiler psig 77 77 0.00

Rundown Cooler

Condensate flowrate from feed bottom heat exchanger to
rundown cooler bpd 145 145 0.00

Condensate temperature at outlet of rundown cooler ◦F 91 91 0.00

RVP at outlet of rundown cooler psia 5.6 5.6 0.00

5. Conclusions

Condensate stabilizer plants require continuous upgradation depending upon the
feed conditions to increase production without compromising quality. In the present
study, different schemes based on the fractionation method were applied to select the best
technique to achieve stabilization with CO2 removal using Aspen Hysys simulation. The
following has been concluded from the results:

(1) CO2 in condensate at the rundown cooler outlet was decreased in descending or-
der from the scenario straight-through flow (160 ppmv), different column pressure
(126 ppmv), 100% split ratio (19 ppmv), and nitrogen stripping method (7 ppmv) at
400 scfh. Therefore, the nitrogen stripping method is the best method to select as the
technique to reduce CO2 in the condensate.

(2) The total heat duty keeping the optimum CO2 specification in the condensate at
the rundown cooler outlet was decreased in descending order from different col-
umn pressure (4.65 MMBtu/h), 100% split ratio (3.638 MMBtu/h), straight-through
(2.9 MMBtu/h), and nitrogen stripping (2.69 MMBtu/h). Therefore, the best method
for less total heat duty requirement is the nitrogen stripping method.
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(3) The stabilized condensate flowrate recovered at the outlet of the rundown cooler is
observed in a decreasing trend from 100% split ratio (1436 bpd), different column
pressure (1427 bpd), straight-through flow (1418 bpd), and nitrogen stripping method
(1407 bpd). Therefore, a maximum 29 bpd flowrate recovery variation was observed.

(4) Since a close resemblance between the steady state and dynamics simulation results
has been found, dynamic simulation shall be used to analyze plant conditions for
specific conditions before implementation in operation.

(5) For result validation, a 0.24% discrepancy between the Aspen Hysys data and actual
plant data was calculated, which shows the validity of the simulated values.

Hence, keeping in view the recovery of the stabilized condensate flowrate at the
rundown cooler outlet among CO2, heat duties, and unit operability for same RVP value,
the best method selected is the nitrogen stripping method.
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Appendix A

Table A1. Dynamic and Steady State Simulation Comparison.

Dynamic and Steady State Simulation Comparison

Conditions Units

Steady State
Simulation
Case with
Different
Column
Pressure
Drop to

Dynamic
Simulation

Case

Dynamic
Simulation

Case

Difference in
Percentage of

Dynamic
Simulation

Reading
from Steady

State
Simulation

Reading

Steady State
Simulation
Case with

Same
Column
Pressure
Drop to

Dynamic
Simulation

Case

Difference in
Percentage of

Dynamic
Simulation

Reading from
Steady State
Simulation

Reading
Column

Pressure Drop

Flash Separator

Inlet two phase stream
condensate flowrate to Separator bpd 1822 1821 0.054 1822 0.05

Condensate outlet flowrate
from Separator bpd 1500 1500 0 1500 0.00

Water outlet flowrate
from Separator bpd 0 0 - 0 0.00

Gas outlet flowrate
from Separator scfh 35,900 35,830 0.195 35,900 0.19

Temperature of Separator ◦F 69.14 68.55 0.853 69.14 0.85

Pressure of Separator psig 140 140.5 −0.357 140 −0.36

Water mole fraction of
condensate at inlet of Separator

mol
fraction 0.0009 0.0009 0 0.0009 0.00

CO2 mole fraction of condensate
at inlet of Separator

mol
fraction 0.1672 0.1672 0 0.1672 0.00
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Table A1. Cont.

Dynamic and Steady State Simulation Comparison

Conditions Units

Steady State
Simulation
Case with
Different
Column
Pressure
Drop to

Dynamic
Simulation

Case

Dynamic
Simulation

Case

Difference in
Percentage of

Dynamic
Simulation

Reading
from Steady

State
Simulation

Reading

Steady State
Simulation
Case with

Same
Column
Pressure
Drop to

Dynamic
Simulation

Case

Difference in
Percentage of

Dynamic
Simulation

Reading from
Steady State
Simulation

Reading
Column

Pressure Drop

Water mole fraction of gas at
outlet of Separator

mol
fraction 0.0018 0.0018 0 0.0018 0.00

CO2 mole fraction of gas at
outlet of Separator

mol
fraction 0.3354 0.3354 0 0.3354 0.00

Feed Bottom Heat Exchanger

Condensate inlet temperature to
Heat Exchanger from Separator

◦F 69.14 68.51 0.91 69.14 0.91

Condensate outlet temperature
from Heat Exchanger towards
Column before LCV

◦F 160 159.8 0.125 160 0.12

Condensate inlet temperature to
Heat Exchanger from Column

◦F 304.9 299.9 1.64 299.8 −0.03

Condensate outlet temperature
from Heat Exchanger towards
Cooler before LCV

◦F 220.5 214.6 2.68 214.9 0.14

Condensate inlet pressure from
Separator to Heat Exchanger psig 140 141.2 −0.86 140 −0.86

Condensate outlet pressure from
Heat Exchanger towards
Column Before LCV

psig 130 132.3 −1.77 130 −1.77

Condensate inlet pressure from
Column to Heat Exchanger psig 58 55.61 4.12 55.05 −1.02

Condensate outlet pressure from
Heat Exchanger towards Cooler
Before LCV

psig 53 51.72 2.42 50.05 −3.34

Heat Exchanger Duty MMBtu/hr. 0.7897 0.7925 −0.35 0.7897 −0.35

Flash Column

Inlet condensate flowrate
to Column bpd 1451 1443 0.551 1451 0.55

Inlet gas flowrate to Column scfh 5171 5889 −13.89 5171 −13.89

Condensate outlet flowrate from
Reboiler towards Feed Bottom
Heat Exchanger

bpd 1418 1416 0.14 1418 0.14

Gas flowrate outlet
from Column scfh 8219 8282 −0.76 8220 −0.75

Condensate temperature after
LCV at inlet of Column

◦F 156.8 155.4 0.89 156.8 0.89

Gas temperature at outlet
of Column

◦F 156.2 156 0.13 156.3 0.19

Condensate temperature at
outlet of Column

◦F 304.9 299.9 1.64 299.8 −0.03
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Table A1. Cont.

Dynamic and Steady State Simulation Comparison

Conditions Units

Steady State
Simulation
Case with
Different
Column
Pressure
Drop to

Dynamic
Simulation

Case

Dynamic
Simulation

Case

Difference in
Percentage of

Dynamic
Simulation

Reading
from Steady

State
Simulation

Reading

Steady State
Simulation
Case with

Same
Column
Pressure
Drop to

Dynamic
Simulation

Case

Difference in
Percentage of

Dynamic
Simulation

Reading from
Steady State
Simulation

Reading
Column

Pressure Drop

Gas pressure at outlet of Column psig 55 55.02 −0.036 55 −0.04

Condensate pressure from
reboiler toward Feed Bottom
Heat Exchanger

psig 58 55.61 4.12 55.05 −1.02

Column top stage pressure psig 55 55 0 55 0.00

Column bottom stage pressure psig 58 55.05 5.09 55.05 0.00

Water mole fraction in gas from
Column outlet

mol
fraction 0.0019 0.0019 0 0.0019 0.00

CO2 mole fraction in gas from
Column outlet

mol
fraction 0.3364 0.3364 0.00 0.3364 0.00

Stabilizer Reboiler

Condensate inlet flowrate
towards Reboiler bpd 1694 1678 0.94 1677 −0.06

Gas outlet flowrate towards
Column from Reboiler scfh 13,830 13,130 5.06 13,080 −0.38

Condensate inlet temperature
towards Reboiler

◦F 207.7 204.3 1.64 204.3 0.00

Gas outlet temperature towards
Column from Reboiler

◦F 304.9 299.9 1.64 299.8 −0.03

Condensate inlet pressure
towards Reboiler psig 58 55.09 5.02 55.05 −0.07

Gas outlet pressure towards
Column from Reboiler psig 58 55.08 5.03 55.05 −0.05

Reboiler Duty MMBtu/hr. 1.381 1.333 3.48 1.331 −0.15

Rundown Cooler

Condensate flowrate from Feed
Bottom Heat Exchanger to
Rundown Cooler

bpd 1418 1416 0.141 1418 0.14

Condensate inlet temperature
from Feed Bottom Heat
Exchanger to LCV towards
Rundown Cooler

◦F 220.5 214.6 2.68 214.9 0.14

Condensate inlet temperature
from LCV to Rundown
Cooler inlet

◦F 220.6 214.8 2.63 215.1 0.14

Condensate outlet temperature
from Rundown Cooler

◦F 135 134.9 0.074 135 0.07

Condensate inlet pressure from
Feed Bottom Heat Exchanger
before LCV towards
Rundown Cooler

psig 53 51.72 2.42 50.05 −3.34
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Table A1. Cont.

Dynamic and Steady State Simulation Comparison

Conditions Units

Steady State
Simulation
Case with
Different
Column
Pressure
Drop to

Dynamic
Simulation

Case

Dynamic
Simulation

Case

Difference in
Percentage of

Dynamic
Simulation

Reading
from Steady

State
Simulation

Reading

Steady State
Simulation
Case with

Same
Column
Pressure
Drop to

Dynamic
Simulation

Case

Difference in
Percentage of

Dynamic
Simulation

Reading from
Steady State
Simulation

Reading
Column

Pressure Drop

Condensate inlet pressure from
LCV to Rundown Cooler inlet psig 22 22 0.00 22 0.00

Condensate outlet pressure from
Rundown Cooler psig 17 17 0 17 0.00

Rundown Cooler Duty MMBtu/hr. 0.7302 0.6783 7.11 0.6804 0.31

RVP at Rundown Cooler outlet psia 7 7 0 7 0.00

Water mole fraction in
condensate of Rundown
Cooler outlet

mol
fraction 0.00000145 0.00000145 0.00 0.00000143 −1.40

CO2 mole fraction in condensate
of Rundown Cooler outlet

mol
fraction 0.000160 0.000162 −1.25 0.000159 −1.89

Table A2. PID Parameters for Controllers.

Controllers KC Ti (min)

Flash separator water level controller 2 10

Flash separator condensate level controller 2 5

Flash separator condensate flow controller 1.5 7

Flash separator pressure controller 2 2

Condensate stabilizer column pressure controller 2 2

Stabilizer Reboiler level controller 2 1

Table A3. Composition for Actual Plant Validation.

Components Mole% Components Mole%

Nitrogen 0.1 n-C12 0.0

CO2 0.1 n-C13 0.0

H2S 0.00 n-C14 0.0

Methane 0.01 n-C15 0.0

Ethane 0.01 n-C16 0.0

Propane 0.3 n-C17 0.0

i-Butane 0.88 n-C18 0.0

n-Butane 0.9 n-C19 0.0

i-Pentane 15 n-C20 0.0

n-Pentane 9 n-C21 0.0

n-Hexane 48.03 n-C22 0.0

MCyclopentane 0.5 n-C23 0.0
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Table A3. Cont.

Components Mole% Components Mole%

Benzene 0.0 n-C24 0.0

Cyclohexane 0.1 n-C25 0.0

n-Heptane 0.0 n-C26 0.0

MCyclohexane 0.1 n-C27 0.0

Toluene 0.0 n-C28 0.0

n-Octane 25 n-C29 0.0

E-Benzene 0.0 n-C30 0.0

m-Xylene 0.0 n-DotriC32 0.0

p-Xylene 0.0 n-HexatriC30 0.0

o-xylene 0.0 H20 0.07

n-Nonane 0.0

n-Decane 0.0

n-C11 0.0
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