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Abstract: The highly selective production of light olefins from CO, was demonstrated for the first
time with a laboratory-scale process comprising consecutive reverse water gas shift (RWGS) and
Fischer-Tropsch (FT) reactors. The RWGS reaction, catalyzed by rhodium washcoated catalyst at 850 °C
yielded good quality syngas with conversion values close to the thermodynamic equilibrium and
without experiencing catalyst deactivation from carbon formation or sintering. For the FT synthesis,
a packed bed Fe-Na-S/a-Al,O3 catalyst was used. The highest light olefin selectivity observed for
the FT-synthesis was 52% at 310 °C, GHSV of 2250 h~!and H, /CO ratio of 1. However, the optimal
conditions for the light olefin production were determined to be at 340 °C, a GHSV of 3400 h~!and
a H,/CO ratio of 2, as the CO conversion was markedly higher, while the light olefin selectivity
remained at a suitably high level. In addition to the experimental results, considerations for the further
optimization and development of the system are presented. The combined RWGS-FT process seems to
work reasonably well, and initial data for basic process design and modeling were produced.
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1. Introduction

Light olefins, such as ethylene, propylene, and butylene, are important chemical build-
ing blocks for the chemical industry, as they are used in the production of many common
chemical products, such as plastics (polyethylene and polypropylene) and epoxides. Tradi-
tionally, light olefins have been produced at a large scale from fossil-based hydrocarbon
sources by steam cracking and this remains as the primary production technique at present,
despite being one of the most energy-intensive processes of the chemical industry [1,2].
The reasons for its success and continued use are the high technological maturity and avail-
ability of the low-cost raw materials. However, in recent years, research efforts towards
alternative routes of light olefin production have increased tremendously [3,4]. These
alternatives include, for example, the dehydrogenation of alkanes, oxidative coupling of
methane, Fischer-Tropsch synthesis (FTS) and methanol to olefins (MTO). The interesting
aspect of these alternatives is their lower energy intensity and their capability (excluding
the dehydrogenation of alkanes) of utilizing CO, as a feed material, thus offering the
potential of mitigating CO, emissions [5]. The key step in the utilization of CO; in these
chemical reaction pathways is often the production of syngas, a mixture of hydrogen and
carbon monoxide, which is used as the raw material to carry out these syntheses. With
a dissociation energy of 750 k] /mol, CO, is a very stable molecule, so it is often bene-
ficial to first convert it to a more reactive CO, instead of directly using it for synthesis.
Nevertheless, CO, can also be used directly as a feed material for methanol synthesis
and methanation [6-8]. One widely studied method of producing syngas from COj is the
reverse water gas shift (RWGS) reaction (Equation (1)) [9], which converts carbon dioxide
and hydrogen into carbon monoxide and water, where water is usually separated from the
product, leaving a mixture of CO, CO; and Hj. The thermodynamic equilibrium molar
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fractions of the RWGS reaction at different temperatures are presented in Figure 1. While
the RWGS reaction is equimolar in terms of CO, and Hj, excess hydrogen is often used to
boost CO, conversion. Usually, the H, /CO, ratio is between one and four [10]. Despite
being able to convert CO; with good conversion and high selectivity towards CO, the
RWGS has two main disadvantages: the use of expensive rare metal catalysts, such as
platinum, palladium or rhodium, and the use of a high temperature, often over 800 °C [11].
High temperatures are needed for the RWGS due to the endothermic nature of the reaction
(AH? = 42.1 kJ/mol), which favors high temperatures, and due to carbon formation at
lower temperatures (<600 °C). Efforts have been made to alleviate these disadvantages;
for example, copper catalysts have been widely studied as a replacement for the rare
metal catalysts [12-15]. However, these catalysts suffer from low conversions because they
cannot handle temperatures of over a few hundred degrees Celsius. Perhaps the closest
competitor to the noble metals used in RWGS catalysis in terms of performance is nickel,
which is another cheap and well-researched alternative [16-20]. Nickel catalysts yield CO,
conversions that are close to the equilibrium value and are comparable to those obtained
with noble metal catalysts at similar operating temperatures (around 800 °C). However,
they often exhibit carbon formation, especially at lower temperatures [17,20], and have a
higher CHy selectivity than the noble metals [16,18]. To carry out the RWGS reaction at
lower temperature, different methods to bypass the thermodynamic equilibrium limit have
been proposed to enhance the conversion past the otherwise low values. Such methods
include membrane reactors [21,22], zeolite sorbents [23], chemical looping [24-26] and
plasma catalysis [27-29]. However, these methods lack conversion and efficiency compared
to the conventional high-temperature reactors and, thus, are not currently suitable for
commercial applications.
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Figure 1. Thermodynamic equilibrium molar fractions of the reverse water gas shift reaction at
different temperatures. Hy/CO, ratio = 2, P = 6 bar. Calculated with Outotec HSC Chemistry
9 Equilibrium compositions calculator, using HSC DB9 database.

From syngas, light olefins can be produced through Fischer-Tropsch synthesis. The
Fischer-Tropsch synthesis yields hydrocarbons ranging from methane to compounds with
over 70 carbon atoms (heavy waxes). The FTS can be used to produce alkanes (Equation (2))
and alkenes (Equation (3)). The Fischer-Tropsch product distribution is determined by the
process conditions, specifically by the temperature, pressure, syngas composition, catalyst
and residence time [30-32]. The primary use of Fischer-Tropsch synthesis is the production
of liquid fuels from gases (Gas-to-Liquid) [33,34], coal (Coal-to-Liquid) [30,35] and biomass
(Biomass-to-Liquid) [36,37], with processes optimized to produce hydrocarbons in the
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range of C4—Cp). These processes often utilize a low-temperature Fischer-Tropsch (LTFT)
synthesis with a reaction temperature around 210-230 °C and a cobalt catalyst [38].

CO, +H, +» CO+H,0 AH’ = 42kJ/mol 1)
(2n+1) Hy +nCO — CpHanyp +nHO AH? = —152 kJ /mol )
2nH, +nCO — CoHop +nH,O AH? = —156 kJ/mol (3)

The possibility of using Fischer—Tropsch to produce light olefins has been actively
studied in the past but has also attracted some attention in recent years [32,39-49]. To
produce these lighter products, higher temperatures in the range of 300-350 °C, lower
pressures and iron catalysts are often used. These general process conditions capable of
producing lighter products (the so-called high-temperature Fischer—Tropsch, or HTFT) have
been known for a long time and not many changes have been suggested in recent decades.
Instead, catalysts have been in the focal point of Fischer—Tropsch research, especially
different promoter effects. The purpose of these studies has been to decrease the methane
selectivity and increase the light olefin selectivity of the iron FT catalyst. It was found that
the combination of sodium and sulfur can promote the catalyst’s activity towards light
olefin production and simultaneously reducing the methane selectivity [39,50]. The iron
catalysts are also useful for FTS due their water gas shift (WGS) activity, which helps to
balance the H, /CO ratio in the FT reactor [51].

The aim of this work is to study how light olefins can be produced from CO; and
hydrogen using an integrated process consisting of a RWGS and FT reactors as well as to
produce initial data for basic process design and modeling.

2. Materials and Methods
2.1. Catalyst Preparation

All the catalysts used in the experiments were prepared at VIT. The RWGS reaction
was catalyzed with Rh/ «-Al,O3, which was washcoated on the inside wall of the reactor.
An Rh catalyst was chosen as it is highly active for RWGS and less prone to coking,
compared to the Ni catalyst. The FT reaction was catalyzed using 5 wt-% Fe-Na-S/x-Al,O3
due to its low methane selectivity and high light olefin selectivity [50]. The Rh/x-Al,O3
catalyst was prepared using the incipient wetness impregnation. This catalyst powder was
mixed with alumina sol and water to prepare a slurry for the washcoating of the reactor
tube. The total weight of the washcoated Rh catalyst was 0.35 g. The iron FT catalyst
was prepared from ammonium iron (III) citrate precursor (J.T. Baker), which had trace
amounts of Na and S as impurities, similarly to Torres Galvis et al. [50]. The particle size of
the a-Al,O3 support was 0.25-0.35 mm. The iron precursor was dissolved in water and
the catalyst was prepared by the incipient wetness impregnation method. The amount of
catalyst used in the experiments was 9.4 g. Prior to starting the experiments, the FT catalyst
was activated in a carbon monoxide flow of 1 NL/min at 270 °C for approximately 20 h to
carburize the iron particles to iron carbide, the active phase of iron FT catalysts [52]. The
RWGS catalyst did not require any additional activation.

2.2. Experimental Setup

The experiments were carried out on two consecutive laboratory-scale reactors: the
RWGS reactor, which comprised a straight, 255 mm long Inconel pipe with 4 mm inside
diameter, and the FT reactor, which comprised a coiled stainless-steel pipe with 6 mm inside
diameter. The FT reactor pipe was coiled to make it more compact, making it easier to
fit a heating element around it. The length of the packed bed inside the FT reactor was
710 mm. The RWGS reactor was placed inside a furnace and operated at 850 °C in all
the experiments. The FT reactor was heated with an insulated heating element and the
temperature varied between 310 and 340 °C. In all experiments, the system was pressurized
to 6 bar. The reactant gases (H, and CO,) were fed to the RWGS reactor from gas cylinders
using Bronkhorst mass flow controllers. A small amount of O, was also fed to the RWGS
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reactor to decrease coking. After both reactors, a Peltier element was used to cool the fluid to
condensate water and other possible liquid products, which were collected in liquid traps.

ABB online gas analyzer AO2020 with Caldos 25, Magnos 206 and Uras 26 analyzer
modules were used to analyze H,, CO, CO,, CHy and O, contents in the product gas.
The gas analyzer setup was accompanied with a SCC-C sample gas cooler to separate
the condensates and a SCC-F sample gas feed unit to control the flow of samples and
condensates. The product gas was directed from the ABB online gas analyzer to the Agilent
490 Micro GC. Agilent 490 Micro GC was used to analyze the composition of gaseous
hydrocarbons, such as ethane, ethylene, propane, propylene, C4 paraffins and C4 olefins.
Cs paraffins and olefins were also detected in some cases. Agilent 490 Micro GC comprised
three columns. The first column, 10 m CP-Molsieve SA, was used to analyze Hy, Ny, Oy,
CO and CHy4 composition. The second column, 10 m PoraPlot U, was used to analyze
the CO, content and the third column, 10 m Al,O3/KCl, was used to measure the C,—Cs
hydrocarbon composition. Argon was used as a carrier gas in the first column and helium
in the second and third columns. Before the experiments, the micro-GC was calibrated
using Agilent RGA Gas Calibration Standard. A schematic of the experimental setup is
presented in Figure 2.
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Figure 2. Schematic of the experimental setup.

2.3. Experimental Work

The reverse water gas shift reactor was first tested on its own to observe its behavior
and determine the composition of the RWGS outlet gas mixture, i.e., the FT inlet gas mixture,
in different process conditions. Three different inlet flow rates of 1, 1.5 and 2 NL/min were
tested. The reactor outlet flow rates were calculated from mass balances and verified with
Kimmon SK25 gas meter. The studied H, /CO, ratios were 3:1, 2:1, 1.5:1 and 1:1.

The effect of three different parameters on the selectivity of light olefins were studied
in the experiments: the flow rate and composition (Hp /CO; ratio) of inlet gas to the RWGS
reactor and the temperature of the FT reactor. Based on the obtained RWGS results, the feed
compositions chosen for the FT experiments were an inlet H, /CO; ratio of 2, presenting
the optimal case where the FT inlet Hp /CO ratio is close to 2, and an inlet H, /CO, ratio of
1 to observe the Fe catalyst’s ability to balance the H, /CO ratio with WGS activity. The
flow rates studied were 1 and 1.5 NL/min. The flow rate of 2 NL/min was also tested, but
it was observed that the temperature difference across the FT reactor rose to over 20 °C.
This causes undesired operation conditions, as it makes it harder to determine the effect of
the reactor temperature on the system, because the temperature varies so greatly across
the reactor length. Finally, four different FT reactor temperatures of 310, 320, 330 and
340 °C were used. The dimensions and studied reaction conditions of the two reactors are
presented in Table 1. For comparison, a single step CO, to light olefins experiment was also
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carried out where CO, and H; were fed directly to the FT reactor. In this experiment, the
H,/COj ratio of the feed was 2, the inlet flow rate was 1 NL/min, the reactor temperature
was 340 °C and the pressure was 6 bar.

Table 1. Dimensions and reaction conditions of the RWGS and FT reactors.

Property RWGS Reactor FT Reactor
Reactor length (mm) 255 710
Reactor inside diameter (mm) 4 6
Temperature (°C) 850 310-340
GHSV (h™ 1) 20,000-50,000 2000-3500
Pressure/bar 6

H,/CO, and H, /CO-molar ratio 1-3

The experiments were carried out by first directing the inlet gas flow through the bypass
lines to the online gas analyzer to obtain an inlet sample. Once a stable measurement was
obtained, the gases were directed to the RWGS reactor, and the analyzer measurement was
left to stabilize again. Once the RWGS reaction had reached a steady state, the flow was
directed also through the FT reactor, after which the micro-GC measurements were also
started. Once the micro-GC measurements were stabilized, the setpoint was typically run for
approximately 1-2 h to ensure that the system reached steady state and enough data were
gathered. After this, new setpoint values were set for the process and it was left to stabilize
again. Usually, the inlet flow rate and composition were kept constant during one day of
operation and only the FT reactor temperature was changed to avoid the need for new inlet
measurements. Thus, in general, four different set points were studied in a day.

2.4. Calculation Methods

In some experiments where the carbon monoxide conversion was low, carbon dioxide
was also consumed in the FT reactor. Thus, the carbon dioxide conversion was also
considered when calculating the selectivities according to Equation (4).

Z.'T.li,out‘ (4)

Sci = — - - -
“ (11co,in — 1icoout) + (coy,in — Mcoy,out)

where Sc; is the selectivity of CO, or hydrocarbon (%); #; o, is the molar flow of component
i out of the reactor (mmol/s); 11co i, is the molar flow of carbon monoxide into the reactor
(mmol/s); n1co,out is the molar flow of carbon monoxide out of the reactor (mmol/s); 110, in
is the molar flow of carbon dioxide into the reactor (mmol/s); and ¢, ot is the molar
flow of carbon dioxide out of the reactor (mmol/s).

Volumetric flow rates were converted to gas hourly space velocities (GHSV's) for easier
comparison. This was conducted using Equation (5).

Vin

GHSV =
Veat

©)

where V,-n is the inlet volumetric flow rate (NTP); and V.4 is the volume of the catalyst.
The volumetric inlet flow rates of 1, 1.5 and 2 NL/min (60, 90 and 120 NL/h) cor-
respond to GHSVs of approximately 18,750, 28,000 and 37,500 h~1 in the RWGS reactor,
respectively, and approximately 2250, 3400 and 4550 h~! in the FT reactor, respectively.
The GHSV of the FT reactor varies slightly depending on the Hy /CO; ratio of the RWGS
inlet gas as different amounts of water are produced at different gas compositions, which
amounts to slightly different FT inlet flow rates after the removal of the RWGS product
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water. To better compare between different processing conditions, the light (C,—C4) olefin
yields were calculated, as shown in Equation (6).

nca—c4,0  Mcojin * Xco - Sca-c4,0
Meat Meat

Yeo-ca0 = (6)
where Yy 40 is the light olefin yield (mmol/h-gcat); 71c2—ca,0 is the molar flow of light
olefins out of the FT reactor (mmol/h); mc4 is the weight of the catalyst (g); 11c0,in is the
molar flow of CO in to the FT reactor; X is the CO conversion; and Scy_c4 0 is the light
olefin selectivity.

3. Results
3.1. Reverse Water Gas Shift Results

In the RWGS reaction, the CO, conversion increased with the increase in Hy /CO,
feed ratio or lowering the GHSV. At lower GHSVs, the CO, conversions were close to
equilibrium and, as the GHSV was increased, the conversions shifted further away from
the equilibrium. The CO; conversion at different GHSVs is presented in Figure 3. The
RWGS inlet compositions with the corresponding outlet compositions are presented in
Table 2. The difference between the RWGS inlet and outlet (FT inlet) flows is caused by the
removal of the RWGS water between the reactors.

80.0

70.0

60.0 —
¥ 500 H/CO; ratio 1:1
E H2/CO, ratio 1.5:1
g 40.0 == H,/CO, ratio 2:1
§ H./CO; ratio 3:1
o
o' 300 Equilibrium 1:1
o
Equilibrium 1.5:1
200 Equilibrium 2:1
Equilibrium 3:1
10.0
0.0
15,000.00 20,000.00 25,000.00 30,000.00 35,000.00 40,000.00
GHsV (h™)

Figure 3. CO, conversion in the RWGS reactor as a function of GHSV at 850 °C. Equilibrium
conversions showed as dashed lines. Equilibrium concentrations were calculated with Aspen Plus v11.
Dashed lines are only for illustrative purposes.

Table 2. RWGS inlet composition with the corresponding RWGS outlet (FT inlet) composition after
the removal of water.

RWGS Inlet RWGS Outlet, FT Inlet

Volumetric Flow Volumetric Flow

Rate (NL/min) HZ/COZ Ratio Rate (NL/min) HZ/CO Ratio

1 2.0 0.7 2.0
1 1.5 0.8 1.5
1 1.0 1 1.1
1.5 2.0 1.1 22
1.5 1.5 1.3 1.7
1.5 1.0 14 1.2
2 2.0 1.5 24
2 1.5 1.7 1.9

2 1.0 1.9 1.4
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The RWGS outlet gas composition was mostly dependent on the feed gas H, /CO,
ratio. This dependency is presented in Figure 4. The GHSV also has a minor effect on the
outlet gas composition as it affects the CO, conversion. Thus, with higher GHSVs, the
RWGS outlet gas contains slightly more H, and CO, and less CO and water. With lower
GHSVs, the opposite is true.

60
50

. 40

g
5 —e—CO,
830 \ co
LI ~, Ha
20 \ \ CH.
20
—e=H,0

10

1.0 1.2 14 1.6 1.8 2.0 2.2 2.4 2.6 2.8 3.0
H,/CO, ratio

Figure 4. RWGS outlet gas composition as a function of the Hp /CO, ratio after the removal of water.
GHSV: 35,800 h—1; pressure: 6 bar; temperature: 850 °C.

Some methane was always produced in the RWGS reactor as well. This is most likely
caused by methanation, which is favored in the lower temperature regions inside the reactor,
namely the top of the reactor, where the gas enters the reactor at a cooler temperature and
the furnace heating is not as powerful. The lower temperature causes the methanation
reaction to become more favorable, lowering the selectivity towards CO. The amount of
methane produced in the RWGS reactor is dependent on the feed gas composition, GHSV,
temperature and the catalyst used, with the feed gas composition being the most important
factor. The methane selectivities of the RWGS reaction with the studied experimental
setup are presented in Figure 5. The methane selectivity rises linearly in proportion to the
H,/CO, ratio as the methanation reaction uses the excess hydrogen available.

12.0

10.0

g
=}

6.0

Methane selectivity (%)

4.0
2.0

0.0
0.0 0.5 1.0 15 2.0 2.5 3.0 35

H,/CO, ratio

Figure 5. RWGS methane selectivity as a function of the inlet H, /CO, ratio. GHSV: 35,800 h1;
pressure: 6 bar; temperature: 850 °C.
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3.2. Fischer—Tropsch Results

The effect of GHSV and H, /CO; ratio on CO conversion, methane selectivity, light
paraffin selectivity and light olefin selectivity is shown in Table 3. Here, the H,/CO,
ratio refers to the composition of RWGS inlet gas, highlighting the integration of the two
reactors. The exact gas composition and the H, /CO ratio of the RWGS product gas can
be seen in Figure 4 and Table 2. With a higher H, /CO, ratio, the CO conversion is higher,
and it increases more rapidly as a function of GHSV. With a lower H, /CO; ratio, the CO
conversion is lower and remains mostly unaffected by the GHSV. A similar trend can be
observed for the methane selectivity. The light paraffin and olefin selectivities showed
close to identical behavior in relation to the studied parameters. Both selectivities remained
quite stable at low GHSV, regardless of the Hy /CO, ratio. At higher GHSYV, the selectivities
of paraffins and olefins increased when a lower H, /CO; ratio was used, and light olefin
selectivity increased more rapidly as a function of the H, /CO, ratio. The higher GHSV
causes a higher light olefin selectivity at low H, /CO, ratio because the methane selectivity
is unaffected by the GHSV and the light olefin secondary reactions are suppressed when the
residence time is lower. The H, /CO; ratio, increasing the GHSV, decreases the olefin and
paraffin selectivities because, with a higher conversion, the methane selectivity is higher.

Table 3. Effect of GHSV and H,/CO; ratio on CO conversion and product selectivities.

GHSV (h—1) 2250 2250 3400 3400
H;/CO; molar ratio 1 2 1 2
CO conversion (%) 2.1 35 1.7 5.9
CHy selectivity (%) 224 29.1 213 329
Light olefin selectivity (%) 39.9 39.8 46.5 27.8
Light paraffin selectivity (%) 28.0 25.7 30.9 18.4

The effect of temperature and Hy /CO, ratio on the hydrocarbon and CO; selectivities
as well as CO conversion are presented in Figure 6 (GHSV 2250 h~!) and Figure 7 (GHSV
3400 h~1).

100 7
o LR BT -I
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85 6

80

75 O

70 5

65 _
- 60 ® M CO; selectivity
= 4 c
= 55 ‘g} B Cs, selectivity
% 50 g Cz — C4 olefin selectivity
% - 3 8 B C, — C4 paraffin selectivity
v 40 8 o

35 B CH, selectivity

30 2 ® CO conversion
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20
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Figure 6. CO conversion and selectivities as a function of temperature and H,/CO, ratio.
GHSV: 2250 h—1.
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Figure 7. CO conversion and selectivities as a function of temperature and H,/CO, ratio.
GHSV: 3400 h~ 1.

General trends observed from the above figures show that the CO conversion and
methane selectivity increase as a function of temperature. The light hydrocarbon selectivi-
ties decrease as a function of temperature at a lower space velocity and remain quite stable,
regardless of temperature changes, at a higher space velocity.

The selectivity to the Cs. products was low in all experiments. This is a desired result
as the aim was to attain a high selectivity to light hydrocarbons. In the case where Cs, was
practically zero, a large amount of CO was converted to CO; and H; by the WGS reaction
suppressing the chain growth. At hydrogen poor conditions and at a suitable temperature,
WGS competes with FTO on the iron catalysts.

To compare the total production of light olefins between experiments and different
process conditions, the light olefin yields were calculated. These are presented in Figure 8.
The highest yield was at the process conditions where the light olefin selectivity was the
lowest and the lowest yield was at conditions where the light olefin selectivity was the
highest. This is because the overall conversion is much higher at H, /CO, ratio of 2 and,
with a higher space velocity, the overall throughput is so much higher that the lower light
olefin selectivity is compensated.

08
0.7
0.6

o5 | e ® GHSV 2250 and H/CO; ratio 2

04 » ® GHSV 3400 and H,/CO, ratio 2

............. & GHSV 2250 and H,/CO, ratio 1
03 et

ST PPPRPRPRPPPO TS L At s GHSV 3400 and H,/CO; ratio 1

0.2 A

Light olefin yield (mmol/gcat h)

0.1

0.0
305 310 315 320 325 330 335 340 345
Temperature (°C)

Figure 8. Light olefin yield at different process conditions.
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For comparison, an experiment with a one-step conversion of CO, to light olefins
was also carried out. The light olefin yield of the one-step conversion was much lower
compared to that obtained with the two-step process. This was because the water gas shift
activity of the iron catalyst converted the CO, mainly to CO and the light olefin selectivity
was only 2.2%. As a result, the light olefin yield was over four times lower than that in the
two-step process. In the one0 step experiment, the CO, conversion was 14%, CO selectivity
74.4%, CHy selectivity 21.7% and the light paraffin selectivity 1.7%.

4. Discussion

The RWGS reaction yielded important results in terms of conversion, selectivity and
carbon formation in relation to the reaction equilibrium that are comparable to results
obtained at similar conditions in the literature [11,16,17,53]. At 850 °C, with a space veloc-
ity under 25,000 h™!, the conversion is very close to the reaction equilibrium, 65% with
H,/CO, ratio of 2. Similar findings were made, for example, by Benzinger et al. [16]
and Wolf et al. [17] in their studies of Ni-catalyzed RWGS at high temperatures, and
Kim et al. [54] with platinum catalysts at similar conditions. The CHy selectivities ob-
served in the present study were slightly higher compared to the catalysts used in the
above-mentioned studies. However, rhodium catalysts generally have slightly higher CHy
selectivities and the ones observed in this study are comparable to those listed, for example,
in the review of Su et al. [11].

In all of the experiments, the RWGS reaction did not exhibit catalyst deactivation due
to carbon formation or sintering and no carbon residues were observed in the reactor when
the reactor was inspected after the experiments. This is consistent with earlier work at
VTT, which led to a filed IPR on the applicability of the Rh catalyst in this process [54].
The carbon formation was suppressed by operating at a high temperature, using high
space velocities and continuously co-feeding a small amount (2 vol-%) of O, to the reactor.
Some carbon deposition was observed, however, at the RWGS reactor outlet during the
equipment maintenance. It is probable that the whole RWGS reactor was not isothermal at
850 °C and some parts remained at a lower temperature, allowing suitable conditions for
carbon formation. This would also explain the formation of methane in the RWGS reactor.

The FT product selectivities obtained in this study are close to those seen in the
literature [39,44,50,55,56]. For example, Torres Galvis et al. [50] studied different iron
catalysts, either unpromoted or promoted with sodium and sulfur, for FT olefin production.
The results are also similar to those of Han et al. [44], who studied different rare-earth metal-
promoted Fe catalysts. Their reaction conditions were similar to those used in this study
and the light olefin selectivities observed were in the range of 23-66% for Torres Galvis et al.
and 22-36% for Han et al. The selectivity ranges of both studies were similar to those
observed in the present study. In addition, the combined olefin and paraffin selectivities
of the present study were close to those obtained by Han et al. and Botes et al. [39], who
used Fe catalysts promoted with Na and S and observed combined C,—Cy selectivities
(olefins+paraffins) between 20 and 80%. In our study, the combined C,—Cy selectivities
were between 50 and 80%. The most considerable difference between our research and that
found in the most comparable Fischer-Tropsch literature is that, in our system, the FT CO
conversion was significantly lower compared to those reported by the groups cited above.
We observed CO conversions of 2-7% in our study, compared to the 10-75% conversions
reported in the literature, despite using similar catalyst and operation conditions. This is,
at least to some degree, explained by the higher pressure used in the cited studies. Torres
Galvis et al. and Botes et al. used a pressure of 20 bar and Han et al. used a pressure of
10 bar, which are all higher than the pressure used in our experiments (6 bar). A higher
pressure has been shown to increase the CO conversion but also decrease the light olefin
selectivity [57]. We chose to study only one pressure setting in this study to keep the
research matrix relatively simple. The 6-bar pressure was chosen mainly to study the
production of light olefins at a lower pressure but also due to some constraints in the
available laboratory equipment.
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Another reason for the lower conversion is the mass transfer limitations of the FT
catalyst bed, which are caused by design challenges of the two-reactor system. In the
comparable studies, only one-reactor systems were used to study the FT reaction, whereas
in our study, with the two-reactor setup, the complexity of reactor and experimental design
increased significantly. In the RWGS-FT system, the effect is amplified as the two reactions
have strikingly different optimal conditions. For example, the optimal GHSVs of the two
reactions were approximately 25,000-40,000 h—! and 2000-5000 h~! for RWGS and FT,
respectively. This limits the available configurations in small-scale laboratory systems,
causing unavoidable trade-offs in the design of the system. In our experimental setup, we
chose to use optimal conditions for the RWGS reactors to produce high-quality syngas and
avoid carbon formation to make sure that the system could be operated continuously for
several hours. This caused a trade-off where the dimensions of the FT reactor would be
suboptimal. The requirement to have a low space velocity in the FT reactor implied using a
long reactor with larger cross-sectional diameter. Furthermore, the use of long packed bed
sets constraints the particle size of the catalyst in the bed. To avoid an excessive pressure
drop in the packed bed, large catalyst particles had to be used. In this study, a catalyst
with a particle diameter of 0.25-0.35 mm was used and the pressure drop remained low, at
0.1-0.2 bar, over the length of the FT reactor, depending on the flow rate. Smaller particles
of around 0.1-0.15 mm were also tested, but they clogged the reactor completely and could
not be used. The use of larger particles probably caused higher mass transfer limitations in
the interface between reactant gases and catalyst particles, reducing the reaction activity.
One indication that the reaction is mass-transfer-limited is the increase in CO conversion
in the FT reactor as a function of GHSV (Table 3). Typically, conversion decreases as a
function of GHSV as the residence time is shorter, but here, we observed the opposite effect,
where a higher GHSV caused a higher gas velocity, which decreased the mass-transfer
limitations and increased conversion. The increase in conversion also explains the increase
in methane selectivity as a function of GHSV. Fischer-Tropsch to olefin (FTO) catalysts
have been widely studied and reviewed, for example, by Yahyazadeh et al. [58], in which
highly active and olefin-selective FT catalysts do exist. However, in many cases, there is a
trade-off between high activity and high light olefin selectivity, meaning that the perfect
FTO catalyst has not been discovered yet, but many promising alternatives are available.
Thus, one can be reasonably optimistic that it would be possible to design and construct
a larger scale RWGS-FT system for highly optimized light olefin production, where the
shortcomings of the smaller scale system can be improved with a better reactor design.
Nevertheless, it is important to test these concepts first in a smaller scale to observe how
the integrated systems work and to gain a deeper insight for scale up.

In this research, the two main objectives were to demonstrate that an integrated two-
reactor system can be operated in series to yield a product mixture with high selectivity
towards light olefins and to study the interactions between the RWGS reaction conditions
and the FT product distribution. Considering the RWGS reactor, the most important pa-
rameters for the light olefin production are the CO, conversion and outlet gas composition.
A high CO; conversion is essential to produce enough syngas for the FT reactor to obtain
a reasonable light olefin yield. However, while it is possible to increase the RWGS CO,
conversion by increasing the amount of Hj in the feed, this quickly results in a suboptimal
FT inlet composition as the higher Hy, /CO, and H; /CO ratios cause harm to both reactors.
In the RWGS reactor, the higher amount of Hj increases methane selectivity, which is an
undesired side product as it acts as an inert in the FT reactor. In the FT reactor, on the
other hand, the higher H,/CO ratio reduces the selectivity towards light olefins as the
higher amount of hydrogen in the inlet gas increases the formation of methane and light
paraffins. Therefore, it is better to use an RWGS inlet H, /CO, ratio of 2, or slightly below.
At this level, the conversion of both RWGS and FT, as well as the light olefin selectivity,
are still reasonably high. The lower conversion can be also alleviated to some extent by
recycling the unreacted product gases back to the RWGS reactor to increase the overall CO,
conversion. As shown by Equation (1), the RWGS reaction is highly endothermic. This heat
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can be generated by recycling part of the effluent of the FT step to the RWGS reactor, where
it will be partially oxidized to synthesize gas, eventually increasing the yield of the desired
olefins. Although recycling may significantly improve the process economics, there are also
open questions. For instance, the inclusion of hydrocarbons to the feed of the RWGS will
increase the coking of the catalyst, although it is not known exactly how severe this is or
how it depends on the composition of the feed. However, it can be anticipated that coking
is more severe when then recycling stream contains olefins. It would also be beneficial
if the FT effluent could be fractionated cost-efficiently so that especially more of the less
desired products, such as methane, are recycled.

The other parameter affecting the whole integrated reactor setup is the RWGS inlet
flow rate, as it determines the residence times of both reactors. While the RWGS reaction
benefits from shorter residence time and longer residence time promotes carbon forma-
tion, the FT reaction, forming long carbon chains, requires considerably longer residence.
However, having a slightly higher space velocity in the FT reactor increases the light olefin
selectivity as the product mixture exits the reactor before secondary olefin reactions occur.
It was observed that a GHSV of around 3400 h~! is optimal for the FT reactor for light
olefin production, but with a better reactor design, even higher space velocities could be
potentially used and a higher light olefin yield could be obtained. In our system, this space
velocity for the FT means that the RWGS space velocity would be approximately 28,000 h—!.
This is near the optimal space velocity for the RWGS as, at this point, the conversion is close
to the thermodynamic equilibrium, whereas with higher space velocities, the conversion
starts to decrease.

Based on the results of this research, it is evident that considerable attention must
be paid to the dimensions of the reactors in an integrated two-reactor system. While the
pressure of the process and the temperatures of the two reactors are easier to adjust to the
optimal values, parameters such as space velocity are much harder to optimize in a two-
reactor system. In addition, to fully optimize this integrated two-reactor system for scale up,
kinetic models for the two reactions and a detailed model of the whole process are needed.
These models are needed to better optimize the reactors, i.e., their dimensions, length of
the catalyst bed and catalyst properties, such as particle and pore size. A kinetic model for
FTO process with iron catalyst has been proposed by Turan et al. [59], but a kinetic model
for Rh-catalyzed RWGS is not currently available. Similarly, process models for RWGS+FT
Power-to-Liquid processes are available, for example, as described by Marchese et al. [60],
but a model for CO; to light olefins process does not exist.

5. Conclusions

The aim of this work was to study CO, conversion with a dual reactor unit consisting
of integrated RWGS and FT reactors. It can be stated that the combination seemed to work
reasonably well and initial data for basic process design and modeling were produced.

To optimize the light olefin yield of the Fischer-Tropsch synthesis, a trade-off must
be made between the light olefin selectivity and the conversion. As noted in this study,
the highest light olefin selectivity was obtained with H, /CO ratio of 1, where the methane
formation and secondary reactions are suppressed. Yet, the CO conversion with this
ratio is too low for competitive olefin production, so the optimal H; /CO ratio is higher,
between 1.5 and 2. Similarly, the space velocity needs to be optimized in such a way
that the throughput of the reactor is as high as possible, while maintaining sufficient CO
conversion and light olefin selectivity. In our system, the optimal conditions for light olefin
production were a GHSV of 3400 h~!, H, /CO ratio of 2 and temperature of 340 °C. Further
optimization could be achieved with the help of a kinetic model.

Given that the experiments in this study were performed in a suboptimal packed bed
FT reactor, the improvements needed for a higher conversion are relatively easy to achieve.
For example, the reactor used here lacked a proper heat-transfer system to cool the FT
reactor, which caused temperature gradients across the reactor that lead to unfavorable
reaction conditions. In addition, a multichannel FT reactor could be used for the easier
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optimization of the space velocity in the FT reactor. Furthermore, the CO; conversion of the
overall process as well as the FT product yield can be improved by recycling the unreacted
product gases back to the start of the process. Thus, a lower once-through conversion can
be efficiently compensated. However, this increases the design complexity significantly, as
it alters the RWGS inlet gas composition and flow rate, both of which are parameters that
greatly affect both reactions. Thus, to further optimize this two-step process, kinetic and
process models of the system will be constructed and studied rigorously.
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