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Abstract: This study analyses the concept of a novel multi-crystallization system to achieve zero
liquid discharge (ZLD) for desalination plants using an innovative heat recovery system consisting of
a heat transfer fluid and a compressor to reduce energy consumption. The main focus is to recover
water and separately extract salts from seawater brines with high purity, including calcite, anhydrite,
sodium chloride, and epsomite, which can be sold to the cement industry. The system is compared
with a conventional brine treatment system. The energy demand and economic feasibility of both
systems are assessed to evaluate profitability at a scale of 1000 kg/h. The results estimate that the
utilization of a heat recovery fluid reduces energy consumption from 690 kWhth/ton of feed brine to
125.90 kWhth/ton equaling a total electric consumption of 60.72 kWhe/ton. The system can recover
99.2% of water and reduce brine discharge mass by 98.9%. The system can recover 53.8% of calcite at
near 100% purity, 96.4% of anhydrite at 97.7% purity, 91.6% of NaCl at near 100% purity, and 71.1%
of epsomite at 40.7% purity. Resource recovery accounts for additional revenues, with halite and
water accounting respectively for 69.85% and 29.52% of the income. The contribution of calcite and
anhydrite to revenue is very low due to their low production. The levelized cost of water (LCOW) of
the multi-crystallization system is 13.79 USD/m3 as opposed to 7.85 USD/m3 for the conventional
ZLD system. The economic analyses estimate that the conventional ZLD system can achieve payback
after 7.69 years. The high electricity cost, which accounts for 68.7% of the annual expenses, can be
produced from renewable sources.

Keywords: zero liquid discharge; crystallization; separation; simulation; energy recovery

1. Introduction
1.1. Problem Statement

The management of brines is a major issue in desalination plants as traditional prac-
tices include brine discharge back into the sea, which causes major environmental impacts
on aquatic ecosystems. By 2019, there were 15,906 desalination plants in operation in the
world, among which 48% were located in the Middle East and North Africa regions [1]. The
global production from desalination plants is about 95 million m3/day of fresh water and
142 million m3/day of brines [1]. This project is part of the DESOLINATION project with a
local reverse osmosis (RO) plant in Oman. This RO plant is a cogeneration plant that oper-
ates 24 h/day using its own 678 MW natural gas power plant to produce 120,000 m3/day
of freshwater using a feed seawater flow rate of 360,000 m3/day which accounts for a water
recovery ratio of 33% meaning the plant generates 10,000 m3/h of brines which must be
treated to recover valuable resources. More information about the plant is available in the
previous report [2].

1.2. Background

Different brine crystallization systems have been tested in the past to achieve ZLD and
salt recovery. The crystallization process is based on reaching supersaturation of a solute

Separations 2022, 9, 295. https://doi.org/10.3390/separations9100295 https://www.mdpi.com/journal/separations

https://doi.org/10.3390/separations9100295
https://doi.org/10.3390/separations9100295
https://creativecommons.org/
https://creativecommons.org/licenses/by/4.0/
https://creativecommons.org/licenses/by/4.0/
https://www.mdpi.com/journal/separations
https://www.mdpi.com
https://orcid.org/0000-0003-1518-7835
https://orcid.org/0000-0002-2691-6653
https://orcid.org/0000-0001-6350-284X
https://doi.org/10.3390/separations9100295
https://www.mdpi.com/journal/separations
https://www.mdpi.com/article/10.3390/separations9100295?type=check_update&version=2


Separations 2022, 9, 295 2 of 24

which leads to precipitation and extraction of the crystals from the solution. This means
the solubility of the solute must be monitored, which is a function of the temperature,
and water removal depends on the potential chemical interactions of the solute with other
ions. The different crystallization techniques include evaporative crystallization, cooling
crystallization, reaction crystallization, and drowning-out crystallization. There are two
forms of crystallization: homogeneous and heterogeneous. Homogeneous crystallization
defines crystals that form in the solution directly without contact with other surfaces, while
heterogeneous crystallization defines crystals that form onto surfaces (membranes, heat
exchangers, evaporator walls). There are two mechanisms for crystallization: primary
and secondary crystallization. Primary crystallization is the formation of the first nuclei,
while secondary crystallization is the formation of nuclei from already existing crystals.
Depending on the solute, increasing the temperature may either increase, reduce or not
affect the solubility [3]. Table 1 lists several examples of solutes with different temperature–
solubility (T–S) behaviors.

Table 1. Examples of solutes with different T–S behaviors [3,4].

T–S Behavior

Positive Negative Neutral

MgSO4·7H2O
KCl

Na2SO4·10H2O
MgCl2

Carnallite
NaNO3

CaCO3
CaCl2 CaSO4

Na2SO4 NaCl
Pb(NO3)2 Ca(OH)2 CaSO4·2H2O

Kainite
KNO3 NH3

K2Cr2O7
KClO3

As a result, controlling the temperature allows for controlling the solubility of solutes.
For solutes with positive T–S behavior, decreasing the temperature allows to reduce solu-
bility to reach supersaturation and crystallization, and, therefore, cooling crystallization is
appropriate. However, for solutes with negative T–S behavior, the temperature must be
increased to reach supersaturation and crystallization, and, therefore, evaporative crystal-
lization is appropriate as it both increases temperature and removes the solvent, which
increases concentration. For solutes with neutral T–S behavior, evaporative crystallization
or reaction crystallization, or drowning-out crystallization can be used. Drowning-out
crystallization consists of adding an anti-solvent (solvent in which the solute is insoluble) to
reach supersaturation. When adding the anti-solvent, also called the drowning-out agent,
a new solubility curve appears below that of the original solvent, which allows reaching
supersaturation at the same solute concentration. The anti-solvent can be solid, liquid or
gas and must be soluble or miscible in water. Reaction crystallization consists of adding
chemicals that react either directly or indirectly with the solute to induce precipitation.
This method is used to recover minerals and heavy metals; for example, heavy metals can
precipitate into hydroxides, sulfides, or carbonates by adding alkaline chemicals such as
sodium hydroxide (NaOH), potassium hydroxide (KOH) or calcium hydroxide (Ca(OH)2).
Hydroxide precipitation is commonly used because of its low cost and availability, but
it has low precipitation rates. Sulfide precipitation with Na2S, NaHS, FeS, H2S, or CaS
can be used to extract heavy metals such as Sr4+, Ni2+, Ag+, Mn2+, Zn2+, Cu2+, Pb2+,
and Hg2+. Additionally, NH4

+ and PO4
3+ can be extracted with struvite precipitation

(NH4MgPO4) [3].
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Solubility differences between solutes can be used to separately extract the different
ions. For example, a solution containing Na+, K+, and Cl− can be treated via first evap-
orative crystallization to precipitate NaCl and then to decrease the temperature (cooling
crystallization) to precipitate KCl. The crystallization is governed by the solubility constant
Ksp and the ionic product (IP) of the solute according to [3]:

• If IP > Ksp, no supersaturation and no crystallization;
• If IP = Ksp, the solution is merely saturated, but crystallization does not happen;
• If IP < Ksp, the solution is supersaturated, and crystallization happens.

Crystallization begins with nucleation, where small nuclei form, and then begins the
crystal growth phase, where several atoms attach to the nuclei to form a crystal. No crystal
growth nor nucleation happens in the stable zone. In the metastable zone, only crystal
growth is possible (if a crystal is already present in the solution), but saturation is not
enough to allow nucleation. Nucleation happens on the metastable limit curve and in the
unstable zone when the solution is supersaturated [3,5].

Crystal growth will define the size, quality, and structure of the crystals, and it is
sometimes difficult to control as it happens in the metastable zone. Seeding crystallization
is another method that consists of adding a crystal seed in the solution to agglomerate the
growing crystals onto the seed to control crystal growth while remaining in the metastable
zone. It initiates crystal growth and reduces crystallization time. The challenges faced by
crystallization processes are [3]:

• Heterogeneous quality and size of the crystals caused by difficult monitoring of the
supersaturation level and varying agitation;

• Crystallization reduces the supersaturation level of the solution, and continuing
operation requires further treatment;

• High energy consumption of evaporative crystallization.

Most recent studies have looked at membrane distillation crystallization (MDC). The
authors of [3] made a critical review of the state of the art of MDC for brine mining and
ZLD. MDC can be used to treat brines and produce water from desalination or oil and gas
industries and can recover salts, metals, and high purity water because the hydrophobic
membrane acts like a filter for vapor and its high salinity limit allows treatment of highly
saline solutions. Crystallization processes are the most effective for extracting and purifying
crystals from concentrated solutions by controlling the saturation point by operating at
low temperatures to vaporize water. This concept is widely used in different chemical and
pharmaceutical industries. However, the challenges of crystallization techniques include
the formation of heterogeneous crystals and difficult control of the supersaturation point.
However, MDC can solve those limitations because the separation of vapor through the
membrane simultaneously creates a supersaturated solution from high salinity solutions.
The advantages of MDC over other ZLD technologies include low operating temperature
and the ability to recover both high-quality water and dissolved ions. MDC can be used
to reach high water recovery > 90% for ZLD and crystal recovery, which can offset the
operational costs. However, the challenges of MDC include membrane scaling and wetting,
high energy consumption, and high costs. Moreover, most lab-scale MDC systems have
been tested so far, and industrial-scale pilots need to be tested, and this requires further
modeling and practical analyses to evaluate the potential to scale up [3].

An MDC system consisting of an MD module and a crystallizer can function in a
closed loop system where feed water becomes gradually more and more concentrated after
each passage through the membrane until it reaches supersaturation to recover salts. The
saline feed becomes concentrated in the MD module and then enters a crystallizer to reach
supersaturation to recover water and salts, and the remaining liquid is reheated and goes
back into the MD module. It is also possible to submerge the MD module directly into the
crystallizer to reduce heat losses caused by the circulation inside the piping. Crystallization
occurs because the solvent is gradually removed from the feed side by evaporation through
the membrane, which leads to supersaturation. Cooling crystallization also occurs because
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the permeate side cools down the feed side. The formed nuclei are transferred into the
crystallizer carried by the flow of the solution and will gradually grow. The continuous
flow allows for reducing concentration polarization as the nuclei are continuously being
removed. The MDC system uses a combination of alternating heating of feed entering
the MD module and cooling of the feed entering the crystallizer, which consumes a lot
of energy and leads to significant waste heat, which increases operating costs. Thus,
cooling crystallization is not suitable for MD. Alternatives include reaction crystallization
or drowning-out crystallization [3].

Other study [4] tested an MDC system with a six-tray cascading crystallizer integrated
with meshed surfaces that act as nucleation and crystal growth sites. The system was
tested on three artificial feed solutions containing NaCl, KCl, and NaNO3, respectively,
which the system was able to recover. A DCMD module with polytetrafluoroethylene
membranes was used to operate at 50 ◦C. The system works as an MDC loop using an
ultrasonic bath which dissolves any crystals that may have formed in the feed to avoid
scaling in the MD module. Half of the crystallizer trays are fitted with cooling water to
induce cooling crystallization for KCl and NaNO3, which have positive T–S behavior. The
average salt productions were 0.437, 0.931, and 1.141 kg/m2/h for KCl, NaCl, and NaNO3,
respectively, per unit area of the membrane. NaNO3 had the highest production because
of its strong positive T–S behavior. The authors of [6] designed a ceramic membrane-
promoted crystallization (MPC) system capable of forming needle-like NaCl crystals on the
membrane surface for harvesting. The system is based on the salt excretion mechanisms of
mangrove leaves using capillary action using hydrophilic mesoporous silica membranes.
Capillary action through the pores creates a suction of the brine from the inner membrane
surface to the outer membrane surface and water evaporation which leads to heterogeneous
crystallization on the outer membrane surface. The salt is then manually harvested with
a brush. The system operating at 50 ◦C was tested on 200,000 ppm NaCl brines and was
able to recover 194.6 g/m2 of NaCl per unit area of the membrane as well as recover
790.3 g/m2 of water. The authors of [7] tested a similar MPC system to recover KCl
salts from brines. The system can generate needle-shaped KCl crystals. The system
operated at 60 ◦C and was tested on 150,000 ppm KCl brines and was able to recover 134.3
g/m2 of KCl and 738.7 g/m2 of water. This technology can operate stably after several
cycles and is thought to be more economical than other KCl crystallization techniques.
The authors of [8] modeled an innovative crystallizer with ion exchange membranes to
recover magnesium from brines using Ca(OH)2 as a cheap alkaline reactant. The system
consists of an anion exchange membrane that separates the saline feed from the alkaline
solution. The membrane exchanges Cl− ions from the brine with OH− ions from the
alkaline solution. Hydroxide ions react with Mg2+ ions to produce magnesium hydroxide
Mg(OH)2, which quickly reaches supersaturation due to its low solubility. The authors of [9]
studied the application of MDC for NaCl recovery using flat–sheet polyvinylidene fluoride
membranes modified with lithium chloride or acetone to improve water and salt recovery.
The system was tested at 60–70 ◦C and was able to produce the maximum recovery at
70 ◦C. The water and NaCl recovery ranged from 1–1.8 kg/m2/h and 0.5–0.7 kg/m2/h
depending on the temperature and membrane modification. The acetone modification
yielded the maximum recovery, followed by the LiCl modification and the membrane
without modification. The authors of [10] studied the application of vacuum-assisted
membrane distillation crystallization (VMDC) to recover CaSO4 and NaCl from sub-soil
brines using a poly(vinylidene fluoride-hexafluoropropylene) (PVDF-HFP) membrane.
The system was able to crystallize all the CaSO4 and NaCl crystals onto the membrane
surface with a maximum vapor flux of 14.40 kg/m2/h. The authors of [11] studied the
application of F-SMDC to recover sodium sulfate (Na2SO4) from SWRO brines. The system
was tested on artificial SWRO brines at 73,050 ppm and first resulted in membrane scaling
from CaSO4 deposition, which prevented Na2SO4 supersaturation. However, the removal
of calcium ions and addition of (NH4)2SO4 into the crystallizer allowed creating a sulfate-
rich environment allowing fast Na2SO4 crystallization at the bottom of the crystallizer,
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recovering 223.73 g of Na2SO4 and 72% of water. The presence of NaCl negatively impacted
crystallization due to its low T–S sensitivity. The authors also suggested a novel ZLD
approach to recover NH3, Na2SO4, Mg2+, K+, and sodium hypochlorite (NaOCl) from
SWRO brines using submerged VMD (S-VMD). The authors of [12] studied the extraction
of lithium from salt lake brines at 255,300 ppm containing 2.5 g/L of Li+ with a high
Mg/Li ratio > 20 using a novel crystallization-precipitation method. The removal of Mg
is achieved in two stages: first, solvent evaporation at 40 ◦C combined with KCl addition
precipitates 53.1% of Mg into carnallite (KMgCl3·6(H2O)), which is extracted by filtration
and floatation along with KCl. Then the remaining Mg is precipitated into MgHPO4 by
adding Na2HPO4 and then vacuum filtered to produce a solution with an Mg/Li ratio of
0.16, which can be further treated in industries to produce lithium carbonate by reaction
with sodium carbonate. The filter cake goes through a melamine complex process to
recycle Na2HPO4. This method was able to remove 99.6% of Mg and recover 93.2% of
lithium and can recycle reactants which reduces operating costs. The authors of [13]
studied the application of graphene oxide composite pervaporation membrane distillation
crystallization (GOCP-MDC) on the recovery of lithium from salt lake brines. The system
is powered by a solar collector combined with TES. A layer of graphene oxide is added
onto the hydrophobic polypropylene hollow fibre membrane to prevent membrane wetting
and scaling. The system was tested on salt lake brines at 200,000 ppm with 300 ppm of
Li+ at a feed temperature of 70 ◦C. This set-up can produce a water flux of 11 L/m2/h and
increase Li+ concentration to 1270 ppm. The crystallizer is used to precipitate LiOH and
other salts. An economic analysis was conducted and compared with using a traditional
solar evaporation pond. The selling price of lithium is taken at 20 USD/kg and that
of water between 0.015–0.05 USD/L. To treat 10 m3/day of brines, results indicate a
levelized cost of water (LCOW) and levelized cost of lithium (LCOL) of 36.6 USD/m3

and 36.6 USD/kg LiOH respectively as opposed to 9.5 USD/kg LiOH for a traditional
evaporation pond. The payback period is estimated at 3.6–27 years for the GOCP-MDC
system and 4.5 years for the evaporation pond. However, the GOPC-MDC can recover
water and only requires a footprint area of 1010 m2 as opposed to the evaporation pond
which requires about 10,000 m2. The authors of [14] designed a pilot plant to selectively
recover Mg(OH)2 and Ca(OH)2 from brines using crystallization. The system is used to
treat brines from ion-exchange processes which contain high levels of Na, Cl, Mg, and
Ca. Brines are first treated with NF to produce a retentate rich in bivalent ions (Mg2+ and
Ca2+) on one side and a permeate rich in monovalent ions (Na+ and Cl−) on the other side.
Then the retentate is fed into the selective crystallization process. Sodium hydroxide is
used to precipitate (reaction crystallization) Mg and Ca at increasing specific pH. Vacuum
drum filters are used to separate the crystals from the remaining brine (still containing
Na+ and Cl−), which is then mixed with the NF permeate and post-treated in a MED
unit for further water recovery. Mg(OH)2 precipitates first at pH between 9.8–10.4, and
then Ca(OH)2 precipitates at pH between 11.75–12.4. This system is able to recover 100%
of magnesium and 97% of calcium with 90% and 96% purity, respectively. The authors
of [15] studied the application of vacuum MDC to recover salts from tannery wastewater at
18,436 ppm utilizing a modified PVDF-HFP nanocomposite flat sheet membrane coated
with TiO2, which improves hydrophobicity, porosity, salt rejection, and water flux and
decreases scaling risks. Crystallization of NaCl and Na2SO4 is achieved by evaporation
of the solvent in the VMD module at 60◦C and cooling crystallization in the crystallizer.
The system was able to achieve a water flux of 5.9 kg/m2/h, salt rejection of 99.97%, and
crystallization of NaCl and Na2SO4. The authors of [16] studied the application of MDC
to recover crystals from shale-gas-produced water containing 30,000 ppm at 60 ◦C. The
system uses a hydrophobic hollow-fiber polypropylene DCMD module. The system was
able to recover 84% of NaCl and CaCO3 salts at a rate of 2.72 kg/m2/h with specific energy
consumption (SEC) of 28.2 kWh/m3, but membrane scaling by NaCl and CaCO3 could
significantly damage the membrane module. Scaling can be avoided with temperature
control or by transferring the crystals to the crystallizer by filtration. The authors of [17]
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studied the application of a MED and crystallizer system to treat desalination brines at
70,000 ppm to achieve ZLD and recover NaCl and water. Forward-feed configuration was
chosen to have the highest brine concentration in the last effect, which is at the lowest
temperature, to reduce scaling risks. The brine coming out of the last evaporator is heated
and fed to the crystallizer operating under vacuum pressure to allow flashing to achieve
supersaturation. The formed crystals are separated from the slurry. Depending on the
number of effects, the SEC varies between 166–306 kWhth/m3. The LCOW of the system
was estimated at 4.17 USD/m3. Cost reduction is possible by scaling up, increasing the
number of effects, and using waste heat. The advantage of MED over MD is improved
stability, higher energy efficiency, and lower scaling risks (no membrane scaling). The
authors of [18] studied the application of a custom-made crystallizer consisting of several
internal chambers acting as MSF stages to recover Na2SO4·10H2O crystals from SWRO
brines at 282,600 ppm TDS. A MD pre-treatment of the brine is used to concentrate the
feed brine to 282,600 ppm before entering the crystallizer. With 40 MSF stages, the system
can achieve a GOR of four and recover 89% of water and 25.05 kg/h of Na2SO4·10H2O
which can be sold at 90 USD/kg. In the optimal case, selling those crystals reduces the
brine treatment cost per cubic meter of treated feed from 1.17 USD/m3 to 0.35 USD/m3

which is highly competitive with other brine management methods. Selling salts accounts
for 26% of the income meaning salt recovery is profitable and can offset treatment costs.
The authors of [19] tested the application of a MED system to recover NaCl and Na2SO4
crystals from brines at 306,000 ppm NaCl. A pre-treatment was used to remove 97.88%
of Ca2+ and 94.1% of Mg2+ by precipitation with NaOH and Na2CO3 to avoid scaling.
The first five effects of the MED system specifically recover NaCl, while the last three
effects specifically recover Na2SO4 crystals. The temperature from the first to the fifth
effects decreases gradually from 130–15 ◦C, and that from the parallel three other effects
decreases from 50–30 ◦C. This allows the separation of both crystals by acting on the
difference in T–S behavior as Na2SO4 has a positive T–S behavior, and NaCl has a neutral
T–S behavior. The authors of [20] studied the separated precipitation of Mg(OH)2 and
gypsum from waste streams using a two-step precipitation process. MgO or Mg(OH)2 is
first injected into the first crystallizer to create a MgSO4-rich solution while simultaneously
precipitating heavy metal hydroxides. Lime is then added in the second crystallizer to
induce the reaction: MgSO4 + Ca(OH)2 + 2H2O↔ Mg(OH)2 + CaSO4·2H2O. Magnesia
precipitates first after a few minutes and is quickly vacuum-filtered and extracted while
gypsum starts to precipitate after about 2 h after which it is vacuum-filtered and extracted
at a relatively pure state.

Very few studies have looked at multi-crystallization applied to recovering all salts
from desalination brines. The authors of [21] simulated a multi-crystallization system on
Aspen Plus to recover successfully Mg(OH)2, CaSO4, NaCl, KCl, and CaCl2 from desali-
nation brines. The system was optimized based on the gradual optimization integration
strategy with a temperature–enthalpy diagram. The feed brine is first partially evaporated
inside a brine concentrator before entering the first crystallizer. The precipitated crystals
are harvested through filters while the remaining liquor is fed to the next crystallizer. In
this system, Mg(OH)2 is made to precipitate first by the chemical reaction of Mg2+ with
lime (Ca(OH)2) in the first crystallizer under ambient conditions. The other salts each
crystallize in their specific crystallizer. CaCl2 is made to crystallize last to obtain high purity
by removing as many of the other ions as possible. Each crystallizer was simulated with
different temperatures and pressures through try-and-error to find the optimum conditions
for maximum yield and purity. Considering a feed flow rate of 1000 kg/h at 25 ◦C and one
atom. Table 2 shows the different crystallization conditions for each salt and the simulation
results. However, this process requires successive heating and cooling, which increases
heat losses and reduces efficiency leading to the high energy consumption of 710.5 kW. The
system was optimized by considering preheating the feed with the vapor coming out of the
crystallizer either directly or with an intermediate compressor. Results suggest that direct and
compressor preheating reduces energy consumption to 94.8 kW and 90.1 kW, respectively.



Separations 2022, 9, 295 7 of 24

Table 2. Crystallization conditions and simulations results for the multi-crystallization system for
desalination brines [21].

Crystallizer 1 2 3 4 5

Salts Mg(OH)2 CaSO4 NaCl KCl CaCl2

Crystallization temperature (◦C) 25 118 60 70 139

Crystallization pressure (bar) 1.01 1.37 0.12 0.1 1.01

Crystal production (kg/h) 5.76 6.78 45.94 2.98 12.30

Purity (%) 100 100 99.9 98.2 98.2

Recovery (%) 99.6 99.1 96.1 100 100

Total energy consumption
without energy recovery (kW) 710.5

Total energy consumption
with direct preheating (kW) 94.8

Total energy consumption
with compressor preheating (kW) 90.1

1.3. Aim of This Work

The objective of this study is to propose a novel solution for the brine treatment, i.e., to
achieve zero liquid discharge (ZLD) and to extract the salts individually at desalination
plants. Therefore, a multi-crystallization system (including heat recovery) is to be analyzed
and to be compared with a conventional brine treatment. Commercial software, e.g., Aspen
Plus, is used to model and simulate the whole process, while OLI studio Stream Analyzer
software is used to predict the crystallization process parameters.

1.4. Novelty of the Research

To our knowledge, no study has analyzed the techno-economic feasibility of a multi-
crystallization system for the separate recovery of salts from desalination brines, which is,
therefore, the aim of this study. This work also analyses an innovative heat recovery system
between the different streams to reduce energy consumption. Moreover, no other study
has looked at modeling the solubility of the different salts in seawater and the interactions
between the different ions, which play an important role in the purity of crystals. In the
literature, solubility data are usually only available for solutes in pure water. However,
considering the solubility of solutes in water can vary significantly depending on many
different factors, including temperature, composition, presence of other ions, and pH, the
solubility data of typical desalination brines have been calculated using the OLI Studio
Stream Analyzer software to predict accurate crystallization conditions.

2. Materials and Methods
2.1. Composition of the Desalination Brine

Table 3 provides the detailed compositions of brines from three different desalination
plants in UAE [22] These data were averaged to create the brine feed solution for this study.
The considered brine has a concentration of 56,974 ppm TDS which is the average of most
desalination plants due to the risk of calcite scaling when exceeding 60,000 ppm.



Separations 2022, 9, 295 8 of 24

Table 3. Composition of the brine used in this study along with the composition of seawater and
brines from three different desalination plants in UAE.

This Study (Average) Qidfa I Qidfa II Jabal Al−Dhana

Parameters Seawater Brine Seawater Brine Seawater Brine Seawater Brine

Ca2+ (mg/L) 544.33 702.33 464 617 533 730 636 760
Mg2+ (mg/L) 1800 2350 1640 2150 1620 2240 2140 2660
Na+ (mg/L) 12,766.67 16 200 11,900 15,100 12,200 15,800 14,200 17,700
K+ (mg/L) 605.33 840.67 574 767 581 805 661 950

Sr2+ (mg/L) 7.28 9.70 4.56 7.19 7.29 11.50 10.00 10.40
SiO2 (mg/L) 5.73 7.36 1.07 1.07 15.04 19.94 1.07 1.07
Si4+ (mg/L) 2.68 3.44 0.50 0.50 7.03 9.32 0.50 0.50

Cations Total (me/L) 746.12 954.63 690.44 884.18 705.47 928.65 842.45 1051.07
pH 7.59 6.70 7.87 6.76 7.06 6.97 7.83 6.38

HCO3
− (mg/L) 124.67 119.67 136 117 100 125 138 117

Cl− (mg/L) 24 577 32,461 23,149 30,540 23,484 32,004 27,098 34,839
SO4

2− (mg/L) 3029.67 4344.33 2787 3931 3181 4500 3121 4602
N (mg/L) 0.53 0.73 0.50 0.70 0.50 0.70 0.60 0.80

NO3
− (mg/L) 2.67 3.17 2.20 3.00 3.30 3.10 2.50 3.40

F− (mg/L) 1.30 1.77 1.50 2.10 0.60 0.90 1.80 2.30
Anions Total (me/L) 758.55 1008.29 713.40 945.46 730.43 998.67 831.81 1080.73

E.C. (mS/cm) 59,243 77,466 55,700 73,300 56,130 78,000 65,900 81,100
Ion balance −0.91 −2.79 −1.64 −3.35 −1.74 −3.63 0.64 −1.39
SAR (me/L) 59.39 65.94 58.22 64.45 59.35 65.42 60.59 67.95
SER (me/L) 74.51 73.85 74.97 74.29 75.23 74.01 73.32 73.25

Langelier index (me/L) 0.82 0.01 1.10 0.01 0.15 0.30 1.20 −0.28
Ryzner index (me/L) 5.95 6.68 5.67 6.73 6.76 6.37 5.43 6.93

TDS (mg/L) 43,398 56,974 40,592 53,177 41,661 56,158 47,941 61,587
Ions Total (mg/L) 43,459 57,033 40,658 53,235 41,710 56,220 48,009 61,645

Alkalinity total (mg/L) 102 98 111 96 82 102 113 96
Total hardness (mg/L) 8785 11,449 7922 10,409 8015 11,067 10,418 12,871

Fe (mg/L) 0.24 0.35 0.22 0.33 0.22 0.35 0.27 0.37
Mn (mg/L) 0.05 0.07 0.05 0.06 0.06 0.07 0.05 0.07
Cu (mg/L) 0.20 0.20 0.50 0.50 0.05 0.05 0.05 0.05
Zn (mg/L) 0.20 0.20 0.50 0.50 0.05 0.05 0.05 0.05
Cr (mg/L) 0.35 0.20 0.50 0.50 0.50 0.05 0.05 0.05

2.2. Precipitating Salts and Solubility Data

According to [23], during evaporation of seawater, calcium carbonate CaCO3 (cal-
cite) is the first salt to precipitate due to its low solubility followed by calcium sulphate
dihydrate CaSO4·2H2O (gypsum) and calcium sulphate anhydrite CaSO4 (anhydrite).
Then sodium chloride NaCl (halite) starts to crystallize. Then the brines turn into bit-
terns which are defined as concentrated brines containing in majority Mg2+, K+, SO4

2−

and Cl−. Upon evaporation, salts such as MgSO4·7H2O (epsomite), KCl (sylvite) and
MgCl2 start to precipitate. The last salts that can crystallize include K2SO4 (arcanite),
Na2SO4 and Na2SO4·10H2O (mirabilite), SrSO4 (celestite), KMgClSO4·3H2O (kainite) and
KMgCl3·6H2O (carnallite), borates and SrSO4 (celestite) [23,24]. Additionally, magnesium
hydroxide Mg(OH)2 (brucite) can also be the first crystal to precipitate depending on the
alkalinity of the solution. However, it was not considered in this study because the pH of
the considered brine is 6.7, which accounts for a concentration in hydroxide ions between
0.0017–0.00017 ppm which is negligeable. The usual order of crystallization of salts from
the evaporation of seawater is as follows [23,24]:

1. CaCO3;
2. CaSO4·2H2O and CaSO4;
3. NaCl;
4. K2SO4;
5. MgSO4·7H2O;
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6. KCl;
7. MgCl2, Na2SO4 and Na2SO4·10H2O, SrSO4, KMgClSO4·3H2O and KMgCl3·6H2O.

As stated previously, the presence of different ions can affect the solubility and the
growth rate of certain salts, such as epsomite which is given as an example here. According
to [25], the solubility of epsomite decreases when the concentration of NaCl increases.
Moreover, the presence of other impurities in solution tends to affect solubility and growth
rate, as summarized in Table 4. The solubility of epsomite also increases in alkaline solution
but decreases in acidic solution.

Table 4. Influence of other compounds on the solubility of epsomite, adapted from [25].

Salt Effect on Solubility Effect on Growth Rate

NaCl − +
KCl = −

MgCl2 − =
K2SO4 + −
NaOH + −
H2SO4 − −

+ increase, − decrease, = no effect.

As a result, it is difficult to accurately predict the production of crystals from a contin-
uous feed, especially from desalination brines, which can have fluctuating compositions
throughout the year. This also means that each system would require different operating
conditions depending on the location and brine composition. However, it is possible to
calculate the solubility of the different salts in the presence of other ions with the help of
the OLI Studio Stream Analyzer software, which was used in this study to calculate and
predict the solubility of salts within the considered brine at different temperatures.

3. Results
3.1. Crytallization
3.1.1. Calcite Crystallization

The temperature of the incoming brine is assumed at 45 ◦C based on the data given by
a local RO plant. Equation (1) gives the considered reaction for the precipitation of calcite.
Calcite has a negative T–S behavior, meaning that increasing the operating temperature
of the crystallizer at a given vapor fraction allows increasing recovery. The initial brine
contains 702.33 mg/L of Ca2+ and 117.70 mg/L of CO3

2−, meaning CO3
2− is the limiting

reactant. However, at 45 ◦C, the solubility of calcite is already exceeded, which corresponds
to a concentration of 65.17 mg/L of Ca2+ and 97.56 mg/L of CO3

2− which are already
below the concentration of the brine. This means that there is already high risk of calcite
precipitation. Thus, in order to recover calcite, a crystallizer is used directly as the first
block. However, in order to recover high-purity calcite, the first crystallizer must avoid the
co-precipitation of gypsum or anhydrite. This depends on the solubility of gypsum and
anhydrite and the temperature and vapor fraction of the crystallizer.

Ca2+
(aq) + CO3

2−
(aq) ↔ CaCO3(s) (1)

3.1.2. Gypsum and Anhydrite Crystallization

The crystallization of gypsum and anhydrite occurs following reactions (2) and (3),
respectively. The initial brine has a concentration of SO4

2− of 4344.33 mg/L, assuming that
all the CO3

2− is precipitated in the first crystallizer, which leaves 623.71 mg/L of Ca2+ left
in the solution assuming no water volume removal. Thus, here Ca2+ is the limiting reactant.

Ca2+
(aq) + SO4

2−
(aq) + 2H2O(l) ↔ CaSO4·2H2O(s) (2)

Ca2+
(aq) + SO4

2−
(aq) ↔ CaSO4(s) (3)
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Gypsum is the more stable form below 35 ◦C, while anhydrite seems to be the more
stable form above 35 ◦C. In order to increase quality and crystal purity, it is desirable to
induce the crystallization of either gypsum or anhydrite. Both forms can be used for cement
manufacturing. However, it is better to recover the easiest form. Gypsum has a neutral
T–S behavior, while anhydrite has a positive T–S behavior. This means that operating
at high temperatures would favor the production of anhydrite over gypsum. Because
gypsum is the most stable form at low temperature and has its solubility at a maximum of
35 ◦C, operating the first crystallizer at this temperature allows maximizing the solubility
of gypsum to prevent its precipitation while allowing to increase vapor flow rate from the
first crystallizer which increases calcite recovery.

3.1.3. Halite Crystallization

Figure 1 indicates the solubility of halite at different temperatures. As can be seen,
the solubility stays relatively constant but slightly increases with temperature. Although
halite has a high solubility, the high concentration of Na+ and Cl− ions in the solution
will lead to crystallization after concentration. Because halite has a neutral T–S behavior,
the crystallization temperature must prevent the crystallization of other possible salts that
would alter the purity of the crystals recovered.
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Figure 1. Influence of temperature on the solubility of NaCl [26].

3.1.4. Epsomite Crystallization

The solubility of epsomite increases with temperature and suddenly increases drasti-
cally above 55 ◦C, which makes it very soluble at high temperatures. This can be used to
precipitate halite separately from epsomite.

3.2. Multi-Crystallization System
3.2.1. Crystallization Conditions

Figure 2 shows a schematic of the multi-crystallization system. The system consists
of four crystallizers, each designed to specifically extract a pure crystal. The system was
simulated on Aspen Plus to estimate the crystal production and purity. The chosen inputs
for each crystallizer are its temperature and its vapor flow rate. For the first crystallizer,
calcite precipitates at 35 ◦C, and the vapor flow rate is 450 kg/h to evaporate 47.6% of
the water from the original brine because this concentrates the brine enough to achieve
crystallization of calcite while maintaining the concentration of the remaining Ca2+ ions
below the supersaturation limit of gypsum and anhydrite which is 1306 mg/L of Ca2+

ions. This allows for reaching high purity. The second crystallizer operates at 125 ◦C with
a vapor flow rate of 402 kg/h to evaporate 42.5% of the water from the original brine to
recover anhydrite. This high temperature is chosen because of the negative T–S behavior
of anhydrite. This temperature also specifically favors the precipitation of anhydrite
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over gypsum and also allows an increase in vapor flow rate because the solubility of
halite increases slightly with temperature. However, the precipitation of calcite from the
remaining CO3

2− is inevitable, which reduces purity. The third crystallizer is designed to
recover high-purity halite. At this point, several different salts can precipitate, including
K2SO4 and epsomite. Figure 3 reveals the evolution of halite recovery and purity from the
third crystallizer at a vapor flow rate of 85 kg/h (8.99% water evaporated from the original
brine) as a function of temperature. When increasing vapor removal, brine concentration
increases which in turn increases halite recovery, but it also induces precipitation of other
salts, especially K2SO4 above 55 ◦C and epsomite below 55 ◦C. Reducing the temperature
slightly increases halite recovery but also reduces purity due to K2SO4 and epsomite
precipitation. Epsomite starts to precipitate at 55 ◦C as expected due to its lower solubility.
This means that in order to keep the same purity at a lower temperature, the vapor removal
must be lowered as well to reduce the precipitation of other salts. However, because halite
has a neutral T–S behavior, the recovery of halite is mostly dictated by vapor removal.
As a result, lowering the temperature and vapor flow rate leads to lower recovery. The
maximum purity and recovery are achieved at 80 ◦C and 85 kg/h vapor flow rate. Finally,
the last crystallizer is designed to recover epsomite. Because epsomite has a positive T–S
behavior, lowering the temperature allows for increased recovery. Figure 4 shows the
evolution of the recovery of epsomite at 25 ◦C and 29 ◦C as a function of vapor flow rate.
Reducing the temperature of the crystallizer increases recovery because of the positive
T–S behavior of epsomite. Additionally, increasing vapor removal also increases recovery
because it increases brine concentration. The maximum recovery at 25 ◦C and 29 ◦C are
respectively 72.2% at 0.6 kg/h vapor flow rate and 71.1% at 0.7 kg/h vapor flow rate.
This means crystallizer four evaporates a very small portion of water, equivalent to 0.07%
of the water from the original brine. In both conditions, the purity is 40.7% because
of the co-precipitation of MgCl2, K2SO4 and carnallite. Other simulations performed at
different vapor pressures and temperatures did not converge. However, it is expected
that increasing the temperature will reduce recovery due to the positive T–S behavior of
epsomite. However, considering the incoming brine from the third crystallizer is at 80 ◦C,
choosing a higher temperature allows for reducing energy consumption from the cooling
system. For this study, 29 ◦C is selected as the optimum temperature because operating at
25 ◦C does not increase recovery significantly enough. The separation of epsomite, MgCl2,
K2SO4 and carnallite is difficult because they all have positive T–S behaviors and are all in
supersaturated conditions. In total, this system evaporates 99.2% of the original brine.
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3.2.2. Energy Supply

The energy consumption of the system can be reduced by recycling the heat between
the different streams. Figure 5 demonstrates the schematic of the multi-crystallization
system with the heat transfer fluid (HTF). Indeed, crystallizer four operates at 29 ◦C while
the incoming feed from crystallizer three is at 80 ◦C. This means the system requires cooling.
This can be performed by passing a cold HTF into the heat exchanger of crystallizer four.
This HTF heats up slightly and then passes through a heat exchanger to pre-cool the initial
brine entering the first crystallizer to 35 ◦C. The HTF heats up again and then passes
through the heat exchanger of crystallizer three to cool down the incoming brine from
crystallizer two from 125 ◦C to 80 ◦C. It heats up again, and it is then passed through the
last heat exchanger to preheat the brine coming from crystallizer one to reduce the heating
of crystallizer two. The HTF then cools down slightly and finally enters a cooling system
which brings its temperature back to its original one of 20 ◦C. The heating of crystallizer
two to 125 ◦C is performed by using a compressor which increases the temperature and the
pressure of the vapor from crystallizer one mixed with that of crystallizer two to reach a
flow rate and a temperature high enough to heat up the brine to 125 ◦C. This reduces energy
consumption because once compressed to 2.7 bar, the vapor enters the heat exchanger and
condenses at 130 ◦C and 2.7 bar, which releases latent heat of condensation coupled with
sensible heat to the brine. In the simulation, 56% of the vapor has condensed in this heat
exchanger (HX 5). Then this stream mixes with the vapor from the other crystallizers and
is fed to the heat exchanger of crystallizer one to supply 301 kW of energy needed for
evaporation. At this point, the final total distillate condenses completely and cools down
to 107.2 ◦C. Reusing the vapor and its latent heat of condensation greatly reduces energy
consumption.
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Several temperatures and flow rates of the HTF were tested to maximize heat recovery,
but the most feasible is a temperature of 20 ◦C and a flow rate of 418 kg/h. Increasing the
temperature reduces pre-cooling of the initial brine while reducing temperature increases
the energy consumption from the HTF cooling system and reduces preheating of the brine
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entering crystallizer two. Increasing the flow rate reduces preheating of the brine entering
crystallizer two while reducing the flow rate reduces the pre-cooling of crystallizer one.

In addition to the HTF cooling system, the Aspen Plus simulation also predicts that
crystallizers 2–4 also require additional cooling to extract the crystals. Indeed, crystallizers
two, three, and four require, respectively, −13.5 kW, −84.1 kW, and −19 kW.

3.3. Conventional Concentrator–Crystallizer ZLD System

The considered conventional ZLD system is designed to recover mostly halite as
per [27]. However, three different salts can precipitate before NaCl, including calcite
(CaCO3), gypsum (CaSO4·2H2O) and anhydrite (CaSO4) due to their lower solubility.
Because the aim is to recover mostly NaCl from the brine, a brine concentrator is used to
evaporate a significant amount of water from the system to concentrate the solution to
reach the supersaturation of NaCl. The precipitation of calcite inside the concentrator is not
considered an issue because concentrators are coated with a layer preventing calcite scaling
and also because the quantity of precipitating calcite is low. However, the precipitation
of gypsum or anhydrite inside the concentrator can lead to important scaling that could
damage or reduce the efficiency of the evaporator. For that reason, the concentrator is
made to evaporate as much water as possible before exceeding the supersaturation limit
for gypsum and anhydrite.

The optimal temperature of the crystallizer will decide the temperature of the con-
centrator because choosing a similar operating temperature allows to reduce heating
requirements and thus lowers energy consumption. Similarly to the multi-crystallization
system, the crystallizer is made to operate at 80 ◦C to reach high purity. Moreover, to
minimize heating demand, the concentrator must also operate at 80 ◦C. At 80 ◦C, anhydrite
is more stable than gypsum, so it will precipitate after concentration. The solubility of
anhydrite at 80 ◦C corresponds to a concentration in Ca2+ of 870.5 mg/L and in SO4

2− of
2086.5 mg/L. Here calcium is the limiting reactant, so the brine in the concentrator must
not exceed 870.5 mg/L of Ca2+. Considering the composition of the brine, this means the
concentrator can remove 18.4% of the water from the brine before inducing anhydrite
precipitation. Then the remaining brine is sent to the crystallizer, where 80.7% of the
water from the original brine is removed. Figure 6 shows the flowsheet of the simulation
of the system on Aspen Plus with the results from the different streams on the basis of
1000 kg/h of feed brine. Note that there are three crystallizers here, but they are simply
here to calculate how much impurities would precipitate along with NaCl considering
the software cannot handle several crystals to precipitate from one crystallizer. As can be
seen, the concentrator should operate at 0.456 bar while the crystallizer should operate at
0.245 bar meaning vacuum pumps are required. The power required by the concentrator
to evaporate 18.4% of water is 112 kWth, while the power required to evaporate 80.7% of
the original water from the crystallizer is 352 kWth. However, this power can be supplied
by recycling the heat from the vapor produced by the concentrator and the crystallizer
through two compressors.

Indeed, if we use compressors, we increase the pressure and temperature of the vapor.
When the vapor passes through the evaporator and the crystallizer again (in the shell side),
it will condense because the temperature will decrease until it reaches the corresponding
temperature of condensation at the chosen compression pressure, and so this means there
will be latent heat transfer which increases thermal power delivered. The vapor from
the concentrator passes through a 0.74 kW compressor which raises its temperature and
pressure to 92 ◦C and 0.5 bar before it is sent through the shell side of the concentrator to
supply 112 kWth, where it will partially condense (99.6% liquid fraction) and provide latent
and sensible heat to evaporate water in the concentrator. On the crystallizer side, the vapor
passes through a 35 kW compressor to increase its temperature and pressure to 167 ◦C and
0.48 bar so it can supply 352 kWth inside the heat exchanger of the crystallizer to evaporate
the water as the vapor partially condenses (65% liquid) at 80.3 ◦C and gives off latent and
sensible heat. So recovering latent heat reduces energy consumption. Indeed, with the
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compressors, the total energy consumption is 37.1 kWhe/m3, while without compressors,
the energy needed is 463.7 kWhth/m3. Therefore, compressors reduce energy consumption.
This is also a fact that has been proven in many different studies: [28–36], and it is also a
concept conventionally used by Suez [37]. The condensates then mix and pass inside a heat
exchanger to preheat the initial brine from 45 ◦C to 80 ◦C. The water coming out of the
pre-heater condenses partially (77.5% liquid fraction) and comes at 81.3 ◦C and 0.5 bar.

Separations 2022, 9, 295 16 of 26 
 

 

original water from the crystallizer is 352 kWth. However, this power can be supplied by 

recycling the heat from the vapor produced by the concentrator and the crystallizer 

through two compressors. 

Indeed, if we use compressors, we increase the pressure and temperature of the va-

por. When the vapor passes through the evaporator and the crystallizer again (in the shell 

side), it will condense because the temperature will decrease until it reaches the corre-

sponding temperature of condensation at the chosen compression pressure, and so this 

means there will be latent heat transfer which increases thermal power delivered. The 

vapor from the concentrator passes through a 0.74 kW compressor which raises its tem-

perature and pressure to 92 °C and 0.5 bar before it is sent through the shell side of the 

concentrator to supply 112 kWth, where it will partially condense (99.6% liquid fraction) 

and provide latent and sensible heat to evaporate water in the concentrator. On the crys-

tallizer side, the vapor passes through a 35 kW compressor to increase its temperature and 

pressure to 167 °C and 0.48 bar so it can supply 352 kWth inside the heat exchanger of the 

crystallizer to evaporate the water as the vapor partially condenses (65% liquid) at 80.3 °C 

and gives off latent and sensible heat. So recovering latent heat reduces energy consump-

tion. Indeed, with the compressors, the total energy consumption is 37.1 kWhe/m3, while 

without compressors, the energy needed is 463.7 kWhth/m3. Therefore, compressors re-

duce energy consumption. This is also a fact that has been proven in many different stud-

ies: [28–36], and it is also a concept conventionally used by Suez [37]. The condensates 

then mix and pass inside a heat exchanger to preheat the initial brine from 45 °C to 80 °C. 

The water coming out of the pre-heater condenses partially (77.5% liquid fraction) and 

comes at 81.3 °C and 0.5 bar. 

 

Figure 6. Flowsheet of simulation of the concentrator–crystallizer system on Aspen Plus for a scale 

of 1000 kg/h of feed brine. 

3.4. Economic Analysis 

Table 5 lists the different equations used to calculate the costs of the different com-

ponents with 𝐵 the feed brine flow rate entering the blocks. Centrifuge and vacuum fil-

ters are commonly used to extract salts and other solids from various streams. An indus-

trial vacuum drum filter applicable to separate waste gypsum from industrial wastewater 

costs between 8000–10,000 USD/unit [38]. The capacity of such a filter is not given, so the 

cost of the filters in this study is assumed at 1000 USD/(kg/h) of produced salts (𝑆) in 

Equation (6). The cost of the heat exchangers is taken at 13.3 USD/kW [39]. The cost of the 

compressor is taken at 1000 USD/kW [40]. The cost of the HTF cooling system is assumed 

Figure 6. Flowsheet of simulation of the concentrator–crystallizer system on Aspen Plus for a scale of
1000 kg/h of feed brine.

3.4. Economic Analysis

Table 5 lists the different equations used to calculate the costs of the different compo-
nents with B the feed brine flow rate entering the blocks. Centrifuge and vacuum filters
are commonly used to extract salts and other solids from various streams. An industrial
vacuum drum filter applicable to separate waste gypsum from industrial wastewater costs
between 8000–10,000 USD/unit [38]. The capacity of such a filter is not given, so the
cost of the filters in this study is assumed at 1000 USD/(kg/h) of produced salts (S) in
Equation (6). The cost of the heat exchangers is taken at 13.3 USD/kW [39]. The cost
of the compressor is taken at 1000 USD/kW [40]. The cost of the HTF cooling system is
assumed at 1500 USD/kW [41]. The coefficient of performance (COP) of the cooling system
is assumed at three [41], meaning that for each 3 kW of thermal energy delivered, the
cooling system consumes 1 kW of electricity. The cost of a pump is given in Equation (10)
with Ppump the electrical power of the pump in kW. The standard electricity price in Oman
in December 2021 was 0.148 USD/kWhe for businesses, and this value is assumed for this
study in Equation (18) [42]. Equation (23) defines the levelized cost of salt (LCOS) for each
of the different salts. The average price of water in Oman in 2022 is 1.100 OMR/m3 or
2.85 USD/m3 [43]. The electrical power required by the brine pump, freshwater pump,
HTF pump and vacuum pumps are assumed at 0.5 kW/(kg/s). For this study, the prices of
the different salts are taken as their average market price for simplicity: 0.2315 USD/kg
for calcite, 0.016 USD/kg for anhydrite, 0.17 USD/kg for halite and 0.1805 USD/kg for
epsomite [44]. A degradation rate of 0.2% per year is considered. Table 6 lists the economic
assumptions. Table 7 summarizes the industrial uses of the different salts and their cur-
rent average market price taken from [44]. The prices of salts depend on various factors
including the grade quality and the quantity.
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Table 5. Economic analysis equations.

Component Equation Equation Number Reference

Brine concentrator cost (USD) Cconc = 3100× B
(

m3

day

)
(4) [45]

Single crystallizer cost (USD) Ccryst = 4000× B
(

m3

day

)
(5) [45]

Single filter cost (USD/unit) C f ilter = 1000× S
(

kg
h

)
(6) [38]

Heat exchanger cost (USD) CHX = 13.3×Q(kW) (7) [39]
Compressor cost (USD) Ccomp = 1000×W(kW) (8)

Cooling system cost (USD) Ccool = 1500×Q(kW) (9)
Pump cost (USD) Cpump = 12, 434

(
Ppump × 1.34

)0.5 (10) [46]
Direct capital cost (USD) CDC = Σ Ci (11)

Indirect capital cost (USD) CIC = 0.10× CDC (12) [17]
Total CAPEX CAPEX = CDC + CIC (13)

Amortization factor a =
i × (i + 1)t

(i + 1)t − 1
(14)

Amortized CAPEX (USD/year) CAPEXamortized = a×CAPEX (15)
Electrical power of cooling system Pcooling,electric =

Qcooling,thermal

3
(16)

Total electrical power (kW) Ptot = Ppumps + Pcomp + Pcooler (17)
Electricity cost (USD/year) O&Melec = 0.148× Ptot × hoursyear (18)

Labour cost (USD/year) O&Mlabour = 0.03 USD/m3 × B
(

m3

year

)
(19) [17]

Maintenance and replacement cost
(USD/year) O&Mreplace = 0.02 USD/

m3

day
× B

(
m3

day

)
(20) [17]

OPEX (USD/year) OPEX = O&Melec + O&Mlabour + O&Mreplace (21)

LCOW (USD/m3) LCOW =
CAPEXamortized + OPEX

Prodannual, water
(22)

LCOS (USD/ton) LCOS =
CAPEXamortized + OPEX

Prodannual, salt i
(23)

Revenue (USD/year)

Revenue = 2.85
(

USD
m3

)
×Water Prodannual

(
m3

year

)
+ ΣPricesalt i

(USD
ton

)
× Prodannual,salt i

(
ton
year

) (24)

Annual cash flow (USD/year) Cash flow(year0) = −CAPEXCash flow(yeari)
= Revenue−OPEX (25)

Payback period (years) Payback =
CAPEX

Annual cash f lows
(26)

Thermal SEC per m3 of feed brine
(kWhth/ton) SECth =

Total thermal power (kW)

B(ton/h)
(27)

Electrical SEC per m3 of feed brine
(kWhe/ton) SECe=

Totalelectricpower (kW)

B(ton/h)
(28)

Table 6. Economic assumptions.

Parameter Value Unit

Interest rate 0.05
Lifespan 25 years

Hours of operation per year 8760 h/year
Water price 2.85 USD/m3

Calcite price 0.2315 USD/kg
Anhydrite price 0.016 USD/kg

Halite price 0.17 USD/kg
Epsomite price 0.1805 USD/kg

Degradation rate annual 0.998
COP of HTF cooling system 3
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Table 7. Industrial applications of the different recoverable salts from brines.

Name Formula Applications Market Price (USD/kg)

Calcite CaCO3

Cement and concrete industry, iron purification, oil drilling,
sugar refining, chalk, paint, ceramic glaze, medicine,

agriculture, flue gas desulfurization.
0.023–0.44

Gypsum CaSO4·2H2O Cement and concrete industry, construction industry, chalk,
fertilizer, agricultural soil conditioning, food industry. 0.016

Halite NaCl

Food industry, agriculture, chemical industries, fire extinguishers,
cleansers, ion-exchange resins, road de-icing, oil and gas well

drilling, textile industry, pulp and paper industry, rubber
manufacturing, soil foundation, gas welding.

0.16–0.18 [47]

Sylvite KCl
Fertilizers, medicine, table salt, food industry, soaps,

oil and gas well completion, water softener,
glass industry, gas welding of metals.

Epsomite MgSO4·7H2O Cement preparation by reaction with MgO,
medicine, agriculture, food industry. 0.081–0.28

Brucite Mg(OH)2
Cement and concrete industry, medicine,

food industry, wastewater treatment.

Magnesium chloride MgCl2
Dust and erosion control, catalysts,

road de-icing, food industry, horticulture.

Mirabilite Na2SO4·10H2O Detergents, glass industry, textile industry,
pulp and paper industry. 90

Arcanite K2SO4 Fertilizer, glass manufacturing, pyrotechnics. 0.32–1.26

3.5. Simulation Results
3.5.1. Multi-Crystallization System Results

Table 8 shows the production results of the simulation of the multi-crystallization
system at a scale of 1000 kg/h of feed brine. Without energy recovery, the system would
require thermal energy consumption of 678 kWth, which is close to the value of 710 kWth
found by [21], which reinforces the results. Additionally, the operating temperatures of the
crystallizers in this study are close to those in [21]. Table 9 shows the composition of the
salts recovered from crystallizer four. As can be seen, the purity of epsomite is very low
at 40.7% because other salts co-precipitate, including MgCl2, NaCl, K2SO4 and carnallite.
The separation of those salts is difficult because they all have positive T–S behavior and
are all in a supersaturation state. For that reason, the selling price of epsomite is taken as 0
because of its very low purity. Table 10 shows the energy consumption results. Table 11
shows the economic results. The system can generate USD79,313/year in revenue, with
water accounting for 29.52% of the income, calcite 0.25%, anhydrite 0.38%, and halite
69.85%. The results estimate that the system has high electricity cost which accounts for
68.7% of the annual expenses. The levelized costs are high with 13.79 USD/m3 for water,
131.40 USD/kg for calcite, 6.04 USD/kg for anhydrite, 0.35 for halite and 2.79 for epsomite.

Table 8. Production results for the multi-crystallization system for 1,000 kg/h of feed brine.

Crystallizer 1 2 3 4

Salt CaCO3 CaSO4 NaCl MgSO4 7H2O

Crystallization temperature (◦C) 35 125 80 29

Crystallization pressure (bar) 0.053 1.749 0.254 0.018

Crystal production (kg/h) 0.098 2.14 37.20 4.63

Purity (%) 100 97.7 100 40.7

Impurities - CaCO3 - K2SO4 NaCl Carnallite MgCl2

Recovery (%) 53.8 96.4 91.60 71.1

Thermal energy needed
without energy recovery (kWth) 362.86 206.53 −88.91 −19.69

Thermal energy needed
with energy recovery (kWth) 301 −13.53 −84.10 −19.03
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Table 8. Cont.

Crystallizer 1 2 3 4

Total thermal energy consumption
without energy recovery

(kWhth/ton of feed brine)
690

Total thermal energy consumption
with energy recovery

(kWhth/ton of feed brine)
125.90

Total equivalent electric energy
consumption with energy recovery

(kWhe/ton of feed brine)
60.72

Water production (kg/h) 937.74

Water recovery (%) 99.2

Mass brine reduction (%) 98.9

Table 9. Composition of the salts recovered from crystallizer 4.

Salt Composition Recovery

Epsomite 40.7% 71.1%
K2SO4 4.7% 15%
NaCl 12.0% 40%
KCl 0.0% 0%

Carnallite 1.9% -
MgCl2 40.7% -

Na2SO4 10H2O 0.0% 0%

Table 10. Energy consumption results for the multi-crystallization system for 1000 kg/h of feed brine.

Parameter Value Unit

HTF cooling system thermal power 7.81 kW
Crystallizer 2 cooling system thermal power 13.53 kW
Crystallizer 3 cooling system thermal power 84.10 kW
Crystallizer 4 cooling system thermal power 19.03 kW

Compressor electric power 18.08 kW
HTF cooling system electric power 2.60 kW

Brine pump electrical power 0.139 kW
Freshwater pump electrical power 0.130 kW

HTF pump electric power 0.058 kW
Vacuum pump 1 power 0.0625 kW
Vacuum pump 2 power 0.0558 kW
Vacuum pump 3 power 0.0118 kW
Vacuum pump 4 power 0.00010 kW
Total electrical power 60.03 kW
Total thermal power 124.47 kW

Thermal SEC per ton of feed brine 125.90 kWh/ton
Electrical SEC per ton of feed brine 60.72 kWh/ton

Table 11. Economic results for the multi-crystallization system for 1000 kg/h of feed brine.

Parameter Value Unit

Cost crystallizer 1 96,000 USD
Cost crystallizer 2 52,790 USD
Cost crystallizer 3 13,984 USD
Cost crystallizer 4 2253 USD
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Table 11. Cont.

Parameter Value Unit

Cost Filter 1 98 USD
Cost Filter 2 2139 USD
Cost Filter 3 37,202 USD
Cost Filter 4 4630 USD
Cost HX-1 146 USD
Cost HX-2 7 USD
Cost HX-3 65 USD
Cost HX-4 113 USD
Cost HX-5 3844 USD

Cost Compressor 18,083 USD
Cost HTF cooling system 11,722 USD

Cost cooling system crystallizer 2 20,289 USD
Cost cooling system crystallizer 3 126,156 USD
Cost cooling system crystallizer 4 28,540 USD

Cost Condenser 4003 USD
Cost vacuum pump 1 3600 USD
Cost vacuum pump 2 3402 USD
Cost vacuum pump 3 1565 USD
Cost vacuum pump 4 142 USD

Cost brine pump 5366 USD
Cost freshwater pump 5196 USD

Cost HTF pump 3469 USD
Direct CAPEX 444,806 USD

indirect CAPEX 44,481 USD
Total CAPEX 489,287 USD

Amortization factor 0.07095
Amortized CAPEX 34,716 USD/year

Electricity cost per year 77,829 USD/year
Labour cost per year 263 USD/year

Maintenance and replacement 480 USD/year
OPEX 78,572 USD/year

Water Production annual 8215 m3/year
LCOW 13.79 USD/m3

Calcite production annual 862 kg/year
LCO calcite 131.40 USD/kg

Anhydrite production 18,741 kg/year
LCO anhydrite 6.04 USD/kg

Halite production annual 325,894 kg/year
LCO halite 0.35 USD/kg

Epsomite production annual 40,559 kg/year
LCO epsomite 2.79 USD/kg

Revenue annual 79,313 USD/year
Payback period N/A years

3.5.2. Conventional ZLD System Results

Table 12 indicates the production results of the simulation of the conventional ZLD
system at a scale of 1000 kg/h of feed brine, and Table 13 shows the composition of
the recovered salts. Table 14 shows the energy consumption results. Table 15 shows
the economic results. The selling price of halite is assumed proportional to its purity.
Considering the average price of 99.9% pure halite is 0.17 USD/kg, then the price of
94.3%-pure halite is 0.16 USD/kg. The economic results show that the conventional system
is profitable after 7.69 years and can generate USD78,821 in revenue, with salts and water
accounting, respectively, for 70.1% and 29.9% of the income. The LCOW is 7.85 USD/m3,
and the LCO halite is 0.20 USD/m3, which is lower than the multi-crystallization system.
The system also has a lower energy consumption of 37.09 kWhe/ton of feed brine.



Separations 2022, 9, 295 20 of 24

Table 12. Production results for the conventional ZLD system for 1000 kg/h of feed brine.

Parameter Value Unit

Calcite production 0.18 kg/h
Anhydrite production 2.08 kg/h

Halite production 37.18 kg/h
Water production 936.99 kg/h

Water recovery 99.1%
Mass brine reduction 97.6%

CaCO3 recovery 99.4%
CaSO4 recovery 98.7%
NaCl recovery 91.6%

Table 13. Composition of the salts recovered from the conventional ZLD system for 1000 kg/h of
feed brine.

Salt Composition

NaCl 94.3%
CaCO3 0.5%
CaSO4 5.3%

Table 14. Energy consumption results from the conventional ZLD system for 1,000 kg/h of feed brine.

Parameter Value Unit

Compressor 1 electric power 0.74 kW
Compressor 2 electric power 35.08 kW
Brine pump electrical power 0.139 kW

Freshwater pump electrical power 0.130 kW
Vacuum pump 1 power 0.024 kW
Vacuum pump 2 power 0.106 kW
Total electrical power 36.22 kW
Total thermal power 463.69 kW

Thermal SEC per ton of feed brine 474.88 kWh/ton
Total equivalent electrical SEC per ton of feed brine 37.09 kWh/ton

Table 15. Economic results for the conventional ZLD system for 1000 kg/h of feed brine.

Parameter Value Unit

Cost concentrator 74,400 USD
Cost 1st crystallizer 42,432 USD

Cost Filter 37,183 USD
Cost HX-1 511 USD

Cost HX-CONC 1487 USD
Cost HX-CR 4682 USD

Cost Compressor 737 USD
Cost Compressor 2 35,079 USD

Cost vacuum pump 1 2238 USD
Cost vacuum pump 2 4688 USD

Cost Brine pump 5366 USD
Cost Freshwater pump 5194 USD

Direct CAPEX 213,996 USD
indirect CAPEX 21,400 USD

Total CAPEX 235,396 USD
Amortization factor 0.07095
Amortized CAPEX 16,702 USD/year

Electricity cost per year 46,953 USD/year
Labour cost per year 263 USD/year
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Table 15. Cont.

Parameter Value Unit

Maintenance and replacement 480 USD/year
OPEX 47,696 USD/year

Water Production annual 8208 m3/year
LCOW 7.85 USD/m3

Calcite production annual 1593 kg/year
LCO calcite 40.43 USD/kg

Anhydrite production 18,212 kg/year
LCO anhydrite 3.54 USD/kg

Halite production annual 325,722 kg/year
LCO halite 0.20 USD/kg

Revenue annual 78,821 USD/year
Payback period 7.69 years

4. Discussion

The production of calcite from the multi-crystallization system is minimal compared
to that of other salts, but its extraction allows the production of high-purity anhydrite and
halite. The purity of epsomite is very low due to the co-precipitation of other salts, which
have positive T–S behavior. This low purity prevents the crystals from crystallizer four from
being directly sold. Instead, they would need to be post-processed to separate the different
salts, which could then be sold to different industries, including cement manufacturing. Re-
dissolution and re-precipitation could be a solution to extract each crystal separately. The
integration of a compressor and an HTF allows reducing energy consumption by 81.88%.
Future research should look at the application of solar cooling systems and the production
of electricity by renewable sources to suggest a sustainable and auto-sufficient process that
could lower electricity costs and allow profitability. The produced distillate from this system
is still hot at 107.2 ◦C, which could be used to supply energy to a thermal desalination
system such as a multi-effect distillation (MED) process using the hot distillate as the HTF
for the first effect. This combined system would operate as a potential cycle. This multi-
crystallization system is not competitive with the conventional ZLD system because of the
high electricity cost leading to high LCOW and LCOSs. However, integrating renewable
energy technology such as photovoltaic (PV) or solar thermal to produce electricity could
lower the cost of electricity and allow profitability. Moreover, scale-up of the system to
a large industrial scale would reduce the levelized costs and could reach profitability.
Additionally, the COP of the cooling system in this study was assumed at three, but cooling
systems with better efficiency exist and could be used here to reduce energy consumption
further. Nevertheless, the proposed system can reach ZLD with high water recovery and
brine reduction, which, when applied to desalination plants, would significantly reduce
environmental damage. The HTF system was designed to reduce energy consumption and
reach the desired operating temperatures for each crystallizer. However, future research
should look at the efficiency of the system through a bench analysis.

5. Conclusions

The proposed multi-crystallization system can recover calcite, anhydrite, halite, ep-
somite, and other salts and can be used for desalination plants to achieve ZLD and resource
recovery. The recovered salts could be easily used in the cement industry as a sustain-
able source of material, especially if the process utilizes renewable energies. The system
achieves low energy consumption of 60.72 kWhe/ton of feed brine thanks to the integration
of a novel HTF and compressor heat recovery system and requires mostly cooling. It can
achieve high water recovery of 99.2% and high brine mass reduction of 98.9%. The recovery
of liquid water and salts accounts for additional revenues, with halite and water accounting,
respectively, for 69.85% and 29.52% of the income. Calcite and anhydrite production is very
low and leads to a low contribution to revenue. The LCOW is 13.79 USD/m3 as opposed
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to 7.85 USD/m3 for the conventional ZLD system. However, the multi-crystallization
system could reach profitability if the system can lower its annual electricity cost, notably
by using renewable energies. The conventional ZLD system is still more profitable, but
the multi-crystallization system offers higher purity crystals and the possibility to supply
valuable salts to industries, possibly cutting the need for traditional mineral extraction
from mines which is responsible for significant pollution.
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