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Abstract

Fatty alcohols and aliphatic hydrocarbons occur abundantly in nature and serve as critical
feedstocks for the surfactant and fuel industries, respectively. However, their industrial-
scale separation and purification are significantly hampered by high boiling points and
the formation of complex azeotropes. To address these challenges, this study explores a
five-column high-vacuum pressure-swing distillation (HVPSD-5C) strategy. Vapor–liquid
equilibrium (VLE) analysis of the key components (n-hexanol, n-octanol, n-dodecane, and
n-tridecane) validated the thermodynamic viability of the process and established optimal
operating conditions. To further enhance efficiency, a heat-pump-integrated configuration
(HPI-HVPSD-5C) featuring vapor recompression and heat integration was designed, op-
timized, and evaluated. Comparison with the baseline HVPSD-5C process demonstrates
that the HPI-HVPSD-5C configuration significantly improves sustainability and economics,
reducing the total annual cost (TAC) by 17.48%, CO2 emissions by 16.09%, and energy
consumption cost by 12.79%. These findings provide a robust framework for the efficient
separation of fatty alcohols from aliphatic hydrocarbons, offering a valuable reference for
the purification of other pressure-sensitive azeotropic mixtures.

Keywords: fatty alcohols; vapor–liquid equilibrium; pressure-swing distillation; heat
integration; separation and purification

1. Introduction
Fatty alcohols are obtained from natural oils and fats via high-pressure hydrogena-

tion [1], yielding valuable components including n-hexanol, n-octanol, n-dodecane, and
n-tridecane, which are widely used in solvents, food, fuels, and other fields [2–7]. However,
due to the high boiling points of n-octanol and n-dodecane and their tendency to form
azeotropes, conventional distillation is ineffective for their separation. Therefore, achieving
efficient separation is of great significance.

The separation task arises from an industrial fatty alcohol process based on high-
pressure hydrogenation of natural oils. The feed, supplied by an enterprise, consists of
8.0 wt% n-hexanol, 82.0 wt% n-octanol, 8.0 wt% n-dodecane, and 2.0 wt% n-tridecane. The
goal is to recover n-octanol at ≥99.5 wt% purity and to achieve > 99.0 wt% purity for each
of the other three components, enabling their reuse or further treatment.
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Advanced distillation methodologies—including azeotropic [8], extractive [9], reac-
tive [10], and pressure-swing distillation [11] (PSD)—have been developed for bypassing
azeotropic constraints. Among these, pressure-swing distillation is particularly advanta-
geous, as it circumvents the need for external entrainers or solvents, thereby eliminating the
risks of product contamination and the additional costs associated with solvent recovery.
Given that the n-octanol/n-dodecane azeotropic composition is highly sensitive to pressure
changes, PSD emerges as the most suitable candidate for this system. Consequently, this
study focuses on the exploration of high-vacuum pressure-swing distillation (HVPSD),
which not only enables effective separation but also operates at lower temperatures to
prevent thermal degradation of these high-boiling-point components. In Hanbin Wu
et al.’s [12] study, the ternary azeotrope (1,4-dioxane/water/ethyl acetate) was success-
fully separated by combining azeotropic distillation with self-heat-recovery technology.
Experimental results show high product purity and a 64.28% reduction in total energy
consumption. Baoming Shan et al. [13] successfully separated a toluene–methanol–water
ternary azeotrope using extractive distillation with glycerol, an efficient and environmen-
tally friendly solvent. Currently, researchers [14] are utilizing supercritical fluids (such as
CO2) as solvents to separate alcohols and alkanes (C8-C20) based on differences in solubil-
ity under supercritical conditions [15]. Other researchers [16] have employed extractive
distillation to separate mixtures of undecane, dodecane, and 1-decanol, using ionic liquids
as an extracting agent. However, the rigorous design and optimization of such processes
are often hindered by the lack of reliable thermodynamic data. High-quality experimental
vapor–liquid equilibrium (VLE) data under high-vacuum conditions are notably scarce
in the open literature. Precise VLE data and accurately regressed binary interaction pa-
rameters are essential precursors for constructing a dependable simulation model and
determining the optimal pressure-swing range. To further enhance the thermodynamic
efficiency of the process, process intensification through heat integration—specifically
vapor recompression and heat-pump-assisted distillation—has emerged as a powerful
strategy [17]. By upgrading low-grade heat from the condenser for reuse in the reboiler,
these technologies can significantly reduce the external utility requirements and the overall
carbon footprint of the distillation sequence.

This study aims to develop and intensify an energy-efficient high-vacuum pressure-
swing distillation (HVPSD) process for separating a complex quaternary system of fatty
alcohols and alkanes. After validating the thermodynamic framework via experimental
VLE measurements and molecular interaction analysis, a baseline HVPSD sequence was
optimized to minimize Total Annual Cost (TAC). Process intensification was then achieved
through heat-pump integration and vapor recompression, significantly reducing energy
intensity. The resulting configurations were comprehensively evaluated, demonstrating
substantial improvements in economic viability and CO2 emission reduction compared to
the conventional process.

2. Experimental and Methods
2.1. Experimental Chemicals

n-hexanol (≥99.0 wt%) and n-octanol (≥99.0 wt%) were purchased from China Shang-
hai Macklin Biochemical Technology Co., Ltd. (Shanghai, China); n-dodecane (≥99.0 wt%)
and n-tridecane (≥99.0 wt%) were purchased from China Shanghai Dibai Chemical Co.,
Ltd. (Shanghai, China).

2.1.1. VLE Experimental Apparatus and Procedure

The experiment was conducted using a modified Othmer still [18] with validated
reliability (Figure 1). The apparatus is equipped with vapor and liquid sampling ports, a
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heating rod, a vacuum pump, a pressure gauge, heating tape, and a condenser. Pressure
was measured by a vacuum gauge with an accuracy of 0.0001 bar, and the equilibrium tem-
perature was measured by a mercury thermometer with an accuracy of 0.01 ◦C. Both phases
were continuously circulated until stable temperature and pressure indicated equilibrium.
Samples were then withdrawn using a micro-syringe for analysis.

Figure 1. Vapor–liquid phase equilibrium device. 1. Heating chamber; 2. liquid-phase sampling port;
3. vacuum insulation sleeve; 4. temperature-measurement tube; 5. condenser tube; 6. high-vacuum
gauge; 7. gas-phase sampling port; 8. absorption buffer tank; and 9. high-vacuum pump.

Vapor–liquid equilibrium (VLE) data (Tables A1–A6) were measured at 1.0 kPa for
the binary systems: n-hexanol/n-octanol, n-hexanol/n-dodecane, n-hexanol/n-tridecane,
n-octanol/n-dodecane, n-octanol/n-tridecane, and n-dodecane/n-tridecane. Data for
n-octanol/n-dodecane, n-octanol/n-tridecane, and n-dodecane/n-tridecane were addi-
tionally obtained at 50.0 kPa [19–22]. Samples were withdrawn using a micro-syringe
for analysis.

2.1.2. Analytical Methods

Vapor and liquid compositions were analyzed by gas chromatography (GC) with
0.4 µL samples. The analytical method is detailed in Table A7.

2.2. Molecular Simulation

Intermolecular interactions were calculated using density functional theory (DFT) in
Gaussian 16 [23]. Calculations were performed at the B3LYP-D3BJ/TZVP level to optimize
molecular structures and complexes, with local energy minima confirmed by positive
vibrational frequencies. The interaction energy (Einter) was derived from Equation (1) [24],
as the difference between the energy of the complex and the sum of the monomer energies:

Einter = EAB − EA − EB (1)

In Equation (1), EAB corresponds to the total energy of the complex between compo-
nents A and B, whereas EA and EB refer to the energies of the isolated monomers. The
mixing energy change was then computed with Equation (2) [24].

∆E = 2EAB − EAA − EBB (2)

If the calculated value of ∆E (the intermolecular interaction energy) is zero, the system
is considered to exhibit ideal mixing behavior. Conversely, a significant deviation of ∆E
from zero indicates a substantial departure from ideal behavior [25].
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2.3. Process Optimization Method Process Design and Optimization

All simulations and optimizations were performed using Aspen Plus V11. The feed to
the quaternary mixture of n-hexanol, n-octanol, n-dodecane, and n-tridecane was set to
1000.0 kg/h, with individual mass flow rates of 80.0, 820.0, 80.0, and 20.0 kg/h, respectively,
reflecting the composition of an industrial fatty alcohol stream. The feed was introduced at
25.0 ◦C and atmospheric pressure, and the target purity for each product was ≥99.5 wt%.

Processes were optimized with the objective of minimizing the TAC using a sequential
optimization method (Figure 2) [26,27]. Distillation columns were modeled with the
RADFRAC module, and both the distillate flow rate and reflux ratio of each column
were adjusted to meet the specified targets. The optimization variables are five operating
pressures (P1–P5), five total theoretical stages (NS1–NS5), and five feed stage locations
(Nf1–Nf5).

Figure 2. Five-column high-vacuum pressure-swing distillation (HVPSD-5C) process sequence
iterative optimization flowchart.

2.4. Process Evaluation
2.4.1. Economic Analysis

All process parameters were selected based on economic feasibility. Following the
method of Douglas [28], the process simulation was optimized with the goal of minimizing
TAC, which is calculated as follows:

TAC = OC +
FCI

P
(3)

Operating costs (OC) include cooling utilities and steam expenses. Fixed Capital
Investment (FCI) covers the costs of the distillation column shell, column internals (sieve
trays), and heat exchangers (condenser and reboiler) [17]. Auxiliary components such
as pumps, valves, and piping are omitted due to their relatively low impact on overall
costs [29]. Thus, FCI consists of four major components: the column vessel, internals sieve
trays, condenser, and reboiler.

A payback period of 5 years is assumed, with an annual operating time of 8000 h.
Equipment costs are estimated using the 2018 Marshall & Swift (M&S) index of 1638.2 [30].
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The vacuum system cost is calculated following the method of Seider et al. [31], with pump
power determined from an isentropic compressor model assuming an isentropic efficiency
of 0.4 and a mechanical efficiency of 0.92. The corresponding equations are provided in
Table A8.

2.4.2. Energy Assessments

Key factors influencing total energy consumption (Qtotal, kW) are primarily the re-
boiler heat duty (QW, kW) and electricity consumption by vacuum pumps. Owing to
considerations of thermoelectric conversion efficiency, thermal energy is valued at three
times the equivalent amount of electrical energy [32]. The computation of the total energy
consumption utilized the following Equation (4):

Qtotal = QW + 3P (4)

2.4.3. CO2 Emission Assessment

CO2 emissions are primarily attributed to the steam utility consumed in reboilers,
representing a critical environmental impact factor [33]. Since steam is generated via
combustion in boilers, the associated CO2 emissions are calculated according to [34] using
the methodology specified in Equation (5):

[CO2]Emission = QFuel × FuelFact (5)

As expressed in Equation (5), CO2 emissions are governed by fuel combustion quantity
(QFuel) and the fuel-specific emission factor (FuelFact):

QFuel =
QProc
λProc

(hProc − hWater,373.15K)
TFBI − T0

TFBI − TStack
(6)

In Equation (6), λProc (kJ/kg) and hProc (kJ/kg) represent the latent heat and enthalpy
of utility-grade process steam, respectively. TFBI denotes the theoretical adiabatic flame
temperature of 2073.15 K required for the process heat load. In the simulation, the boiler
feedwater temperature was assigned a value of 373.15 K, and its corresponding enthalpy
was defined as 419 kJ/kg.

FuelFact =
( α

NHV

)(C%
100

)
(7)

A molar mass ratio α of 3.67 was adopted for CO2 to carbon. The simulation utilized
heavy fuel oil, which is characterized by a net heating value (NHV) of 39,770 kJ/kg and a
carbon content of 86.5 wt%. The NHV represents the carbon energy content of the fuel.

Based on the literature [35], electricity results in CO2 emissions of 51.1 kg CO2/GJ.
Employing Aspen Plus V11 enthalpy data, the calculated CO2 emissions were 98.44 kg
CO2/GJ for LP steam and 135.75 kg CO2/GJ for HP steam, based on Equations (4)–(7).

3. Results and Discussion
3.1. VLE and Binding Energy Results

VLE data for the nine binary systems are provided in Tables A1–A6. The thermo-
dynamic consistency test was conducted using the Herington [36] area method to verify
reliability (the relevant calculation formulas are shown in Table A9), and the results are
shown in Figure 3 and Table 1. γi represents the activity coefficient of component i, with
the expression of the activity coefficient shown in Equation (8). Pi

s is the actual operating
pressure (atmospheric pressure) and Pi

s is the saturated vapor pressure, as calculated
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using the extended Antoine equation, as shown in Equation (9), with parameters shown in
Table A10.

yi =
ps

i · γi

p
· xi (8)

ln P = C1 +
C2

T + C3
+ C4 × T + C5 × ln T + C6 × TC7 f orC8 ≤ T ≤ C9 (9)
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Figure 3. Herrington area method: curve of x1 versus ln(γ1/γ2). (a) n-hexanol and n-octanol; (b) n-
hexanol and n-dodecane; (c) n-hexanol and n-triacontane; (d) n-octanol and n-dodecane; (e) n-octanol
and n-tridecane; (f) n-dodecane and n-tridecane.

Table 1. Thermodynamic consistency test results.

System P/kPa Tmax/K Tmin/K D J |D−|

n-hexanol/n-octanol 1.0 356.15 328.35 22.2998 12.6999 9.599
n-hexanol/n-dodecane 1.0 351.15 330.25 1.416 9.493 8.077
n-hexanol-n-tridecane 1.0 361.3 329.95 15.939 14.252 0.687
n-octanol/n-dodecane 1.0 356.85 350.05 11.9318 2.9139 9.017
n-octanol/n-dodecane 50.0 460.75 434.45 18.8697 9.0804 9.789
n-octanol/n-tridecane 1.0 369.95 355.15 15.9407 6.2509 9.689
n-octanol/n-tridecane 50.0 475.00 444.40 13.3607 10.3285 3.032

n-dodecane/n-tridecane 1. 0 373.15 359.35 1.2753 5.7604 4.485
n-dodecane/n-tridecane 50.0 479.85 461.85 0.6183 5.8083 5.190

The |D−J| values for all systems are below 10 (Table 1), confirming that the experimen-
tal binary data satisfy the thermodynamic consistency test.

The regression of binary parameters was performed using the NRTL [37–39], UNI-
QUAC [40], and Wilson [41] activity coefficient models due to their distinct theoretical
foundations and complementary strengths. The fitting results are presented in Figure 4.
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Figure 4. Experimental and predicted T-x1-y1 diagram at 1.0 kPa and 50.0 kPa. x1: Mole fraction of
the light component in the liquid phase; y1: Mole fraction of the light component in the vapor phase.
n-hexanol/n-octanol: (a) p = 1.0 kPa; n-hexanol/n-dodecane: (b) p = 1.0 kPa; n-hexanol/n-tridecane:
(c) p = 1.0 kPa; n-octanol/n-dodecane: (d) p = 1.0 kPa; (e) p = 50.0 kPa; n-octanol/n-tridecane:
(f) p = 1.0 kPa; (g) p = 50.0 kPa; n-dodecane/n-tridecane: (h) p = 1.0 kPa; (i) p = 50.0 kPa.

As shown in Figure 4a–c, the relative volatility of n-hexanol is high under low-pressure
conditions, enabling its preferential separation as the light component. Figure 3d,e show
that the azeotropic composition of the n-octanol/n-dodecane binary system varies signifi-
cantly with pressure: 0.51/0.48 at 1.0 kPa and 0.795/0.205 at 50.0 kPa, providing a basis for
breaking the azeotrope via pressure-swing distillation. Additionally, Figure 4f–i reveal that
the relative volatility at 1.0 kPa is markedly higher than at 50.0 kPa, favoring separation of
the quaternary system. Thus, high-vacuum pressure-swing distillation offers a significant
thermodynamic advantage for this system.

The NRTL, UNIQUAC, and Wilson equations are all semi-empirical models widely
recognized for their high accuracy in predicting VLE behavior. Through the regression of
binary interaction parameters, their errors can be confined within an acceptable range for
engineering applications, with the average absolute deviation (AAD) typically being less
than 1%. The correlation was validated using root mean square deviation (RMSD) and
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the average absolute deviation (AAD), as provided in Table A11, with the corresponding
calculation equations shown in Table A12.

Analysis of Table A11 and Figure 4 indicates that the NRTL model achieved higher
accuracy in representing the binary systems studied. The binary interaction parameters for
the NRTL model are listed in Table 2.

Table 2. Binary Interaction Parameters for NRTL.

System P/kPa aij aji bij bji cij

n-hexanol/n-octanol 1.0 28.065 −27.485 −10,000.0 10,000.0 0.3
n-hexanol/n-dodecane 1.0 −10.904 13.546 3812.08 −4074.34 0.3
n-hexanol/n-tridecane 1.0 −4.562 −2.424 1874.11 494.872 0.3

n-octanol/n-dodecane
1.0 −1.645 −11.5093 786.759 4328.32 0.3

50.0 −1.3427 −11.5093 1084.46 5017.75 0.3

n-octanol/n-tridecane
1.0 0.4868 −25.7474 −218.547 10,000.0 0.3

50.0 −2.2389 −1.2059 1110.25 796.989 0.3

n-dodecane/n-tridecane
1.0 −3.8720 −6.02471 1019.58 2826.14 0.3

50.0 −10.531 −2.5857 5472.98 822.391 0.3

3.2. Molecular Interaction Simulation Results

Molecular interactions of n-octanol, n-dodecane, and n-tridecane were simulated, as
shown in Figure 5. The interaction energies are −32.314 kJ/mol for n-octanol/n-dodecane,
−32.629 kJ/mol for n-octanol/n-tridecane, and −25.593 kJ/mol for n-dodecane/n-
tridecane. The energy difference (∆E) is 5.314 kJ/mol for the n-octanol/n-dodecane sys-
tem, indicating a positive deviation, consistent with the VLE data (maximum activity
coefficient ≈ 3.015, Table A4. For n-octanol/n-tridecane, ∆E = 6.231 kJ/mol, also showing a
positive deviation, supported by VLE data (maximum activity coefficient ≈ 3.366, Table A5).
In contrast, the n-dodecane/n-tridecane system exhibits a small ∆E of 1.091 kJ/mol, sug-
gesting only a slight positive deviation, in agreement with the maximum activity coefficient
of approximately 1.018 (Table A6) from VLE measurements.

Figure 5. Molecular interaction simulation results for individual components and binary systems.
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4. Process Design and Optimization
4.1. HVPSD-5C Process

Based on the analysis of the relative volatility and boiling-point distribution
(Tables A1–A6 and A13), a High-Vacuum Pressure-Swing Distillation with Five Columns
(HVPSD-5C) Process was designed (Figure 6) with the NRTL thermodynamic model in-
tegrated. The base cases were derived from DSTWU shortcut calculations, converged in
RADFRAC under mass-balance constraints, and are detailed in Table A14. Sensitivity
analyses were performed by varying one parameter at a time from these base case values.

 

Figure 6. Schematic diagram of the HVPSD-5C process.

In column T1, pure n-tridecane is withdrawn from the bottom, and the overhead
distillate is sent to column T2. In column T2, pure n-hexanol is obtained as the distillate,
and the bottom mixture of n-octanol and n-dodecane is fed to column T3. The n-octanol/n-
dodecane azeotrope distilled from the top of column T3 is mixed with the overhead
distillate from column T5, and then fed to the low-pressure column T4. In column T4, pure
n-octanol is withdrawn from the bottom, and the overhead azeotrope is sent to the high-
pressure column T5. In column T5, pure n-dodecane is withdrawn from the bottom, and
the overhead distillate is depressurized and recycled back to column T4. Thus, complete
separation of the quaternary mixture is achieved.

To minimize the TAC, the number of theoretical stages, the feed stage location, and
the operating pressure of column T1 were optimized. As shown in Figure 7, increasing
the operating pressure reduces the column diameter and lowers the costs associated with
the vacuum system, but also increases the reboiler duty and corresponding expenses.
Increasing the number of theoretical stages significantly raises the capital cost; therefore,
reducing the number of stages while still meeting the separation requirements is more
economical. Column T1 achieves the minimum TAC at an operating pressure of 6.0 kPa
with 29 theoretical stages and a feed stage located at the 18th stage, while satisfying the
separation requirements.
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Figure 7. Effects of key parameters on economic indicators. (a) The impact of P1 on energy costs
(ENE), capital costs (CAP), and TAC. (b) The impact of NS1 on energy costs (ENE), capital costs
(CAP), and TAC. (c) The impact of Nf1 on energy costs (ENE), capital costs (CAP), and TAC.

The same method was also used to optimize columns T2–T5, and the operating
conditions that minimize the total annual cost for each column are shown in Figure 8. For
column T2, an operating pressure of 10.0 kPa, a number of theoretical stages of 33, and
a feed-stage location of the 11th stage; for column T3, an operating pressure of 1.9 kPa,
27 theoretical stages, and a feed stage at the 7th stage; for column T4, an operating pressure
of 1.14 kPa, 35 theoretical stages, and a feed stage at the 18th stage; and for column T5, an
operating pressure of 50.0 kPa, 40 theoretical stages, and a feed stage at the 22nd stage. The
optimized process has a TAC of 6.18 × 105 $/year and a CO2 emission rate of 262.032 kg/h.

4.2. HPI-HVPSD-5C Process

To maximize thermodynamic efficiency, the HPI-HVPSD-5C process incorporates
advanced heat-pump distillation (HPD) and cross-column heat integration (HI) strategies
(Figure 9). In the heat-pump design, the β parameter defined by Modk and Lang [42]
is adopted, and β is fixed at 1, corresponding to the conventional vapor-recompression
heat-pump configuration, wherein the working fluid of the compressor originates entirely
from the overhead vapor. The feasibility of these configurations was determined by the
temperature gradients (∆t) across the columns, which were calculated as T1 (30.59 ◦C),
T2 (34.00 ◦C), T3 (3.60 ◦C), T4 (4.40 ◦C), and T5 (19.07 ◦C). The process employs three
heat integration technologies: the T1–T2 inter-column heat pump utilizes a temperature
difference of 16.00 ◦C, compressing the overhead vapor of T1 to 16.44 kPa to supply
103.09 kW of heat to the bottom of T2; the T3 internal heat pump utilizes a small temperature
difference, compressing the overhead vapor to 3.8 kPa to supply 132.34 kW of heat to its
own bottom; the T4–T5 heat integration utilizes the pressure difference, providing 44.39 kW
of heat from the overhead of T5 to the bottom of T4 via E6, which, although requiring
additional heat input, achieves partial heat recovery. In the current process, no superheater
is installed before the compressor. Since the inlet steam temperature is already 14 ◦C and
6.5 ◦C higher than the dew point, it is sufficient to prevent condensation and no additional
superheater is required.
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Figure 8. Effects of key parameters on economic indicators (a) P2 on TAC, ENE, and CAP; (b) NS2 on
TAC, ENE, and CAP; (c) Nf2 on TAC, ENE, and CAP; (d) P3 on TAC, ENE, and CAP; (e) NS3 on TAC,
ENE, and CAP; (f) Nf3 on TAC, ENE, and CAP; (g) P4 on TAC, ENE, and CAP; (h) NS4 on TAC, ENE,
and CAP; (i) Nf4 on TAC, ENE, and CAP; (j) P5 on TAC, ENE, and CAP; (k) NS5 on TAC, ENE, and
CAP; (l) Nf5 on TAC, ENE, and CAP.
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Figure 9. Schematic diagram of the HPI-HVPSD-5C process.

In the HPI-HVPSD-5C process, the performance of the heat-pump system is primarily
governed by the compressor’s compression ratio. Through sensitivity analysis, using the
net benefit between heat-transfer capacity and compressor-power consumption as the
evaluation metric, the relationships among compressor exit temperature, heat-transfer
rate, and compression ratio are elucidated (Figure 10). By comprehensively balancing
the increase in heat-transfer rate against the rise in energy consumption, the optimal
compression ratio is determined to be 2.74, at which the system achieves the best trade-off
between heat-transfer demand and energy consumption. The optimal compression ratio
for the other compressor is 2.00 (Figure A1).
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Figure 10. Sensitivity analysis of compressor 1. (a) Compression ratio versus compressor exit
temperature. (b) Compression ratio versus heat-exchange capacity. (c) Compressor exit temperature
versus heat-exchange capacity. (d) Compression ratio versus compressor energy consumption.
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Figure 11 displays the Temperature–Enthalpy (T–H) diagram obtained from pinch
analysis. This diagram illustrates the heat-integration potential of the overall process. The
Hot Composite Curve (HCC) and Cold Composite Curve (CCC) represent the process
hot-utility (heat sink) requirements and cold-utility (heat source) requirements, respectively.
The shaded area between the curves indicates the net recoverable heat exchange potential.
Ultimately, the TAC for the HPI-HVPSD-5C process is 5.10 × 105 $/year, and the CO2

emissions are 219.868 kg/h.

0 100 200 300 400 500 600 700 800
0

20
40
60
80

100
120
140
160
180
200

Te
m

pe
ra

tu
re

/℃

Enthalpy/kW

HCC

CCC

Heat recovery zone

136.27

Qcw QH

300.04 346.8

 

Figure 11. Temperature–Enthalpy diagram.

5. Process Comparison Process Evaluation
5.1. Economic Assessment

The HPI-HVPSD-5C process yields a 17.48% reduction in TAC compared to the con-
ventional HVPSD-5C (Figure 12), decreasing from 6.18 × 105 $/year to 5.10 × 105 $/year.
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172.8 150.7
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Figure 12. TAC comparison: HVPSD-5C versus HPI-HVPSD-5C.

5.2. Environmental Assessment

As shown in Figure 13, compared with the HVPSC-5C process, the HPI-HVPSD-5C
process achieves CO2 emissions of 219.868 kg/h and energy consumption of 346.80 kW,
representing reductions of 16.09% and 46.39%, respectively. This improvement is mainly
attributed to the recovery and utilization of waste heat, thereby reducing the demand for
steam and cooling water.
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Figure 13. CO2 emissions and energy consumption: HVPSD-5C versus HPI-HVPSD-5C.

6. Conclusions
This study investigates the separation of alcohol/alkane azeotropic mixtures from

fatty alcohol production via high-pressure oil hydrogenation. VLE data for n-hexanol,
n-octanol, n-dodecane, and n-tridecane were experimentally established, regressed using
NRTL, UNIQUAC, and Wilson, and validated using molecular binding energy calculations.
Pressure’s impact on separation was studied, enabling the design and optimization of
HVPSD-5C and HPI-HVPSD-5C processes. A rigorous sequential iterative optimization
approach was applied to tune the operating parameters of each column, aiming to minimize
the TAC. Compared to HVPSD-5C, the integrated HPI-HVPSD-5C process, which incorpo-
rates heat pump and heat integration, demonstrated significant improvements in overall
performance, achieving a 17.48% reduction in TAC, a 16.09% decrease in CO2 emissions,
and a 12.79% reduction in energy consumption cost. This study proposes a novel, efficient,
and low-carbon separation process for alcohol/alkane azeotropes and provides theoretical
and practical guidance for pressure-sensitive azeotropic systems.
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Appendix A

Table A1. VLE experimental data for n-hexanol/n-octanol binary system at 1.0 kPa (equilibrium
temperature—T; liquid-phase molar fraction—xi; gas-phase molar fraction—yi; activity coefficient—
γi; and relative volatility—α12).

T/K x1 x2 y1 y2 γ1 γ2 α12

1.0 kPa 360.2 0.0000 1.0000 0.0000 1.0000
356.15 0.0277 0.9583 0.2113 0.8017 1.5316 0.8464 9.1114
352.55 0.0555 0.9305 0.3269 0.6861 1.4367 0.9314 7.9876
347.95 0.1613 0.8247 0.5382 0.4748 1.0515 0.9747 5.7960
346.05 0.2060 0.7800 0.6298 0.3832 1.0741 0.9415 6.2251
343.45 0.2867 0.6993 0.7147 0.2983 1.0186 0.9718 5.8449
342.15 0.3507 0.6353 0.7678 0.2452 0.9659 0.9599 5.6728
339.85 0.4262 0.5598 0.8124 0.2006 0.9650 1.0433 5.3185
338.45 0.4947 0.4913 0.8452 0.1678 0.9417 1.0961 5.0004
337.65 0.5410 0.4450 0.8851 0.1279 0.9472 0.9755 5.6909
336.05 0.6056 0.3804 0.8973 0.1157 0.9472 1.1558 4.8715
334.65 0.6527 0.3333 0.9175 0.0955 0.9810 1.2041 4.9038
334.05 0.6994 0.2866 0.9377 0.0753 0.9718 1.1523 5.1036
333.55 0.7361 0.2499 0.9503 0.0627 0.9660 1.1412 5.1454
332.25 0.7793 0.2067 0.9627 0.0503 1.0045 1.2159 5.0816
331.55 0.8199 0.1661 0.9743 0.0387 1.0108 1.2262 5.1030
331.45 0.8608 0.1252 0.9832 0.0298 0.9779 1.2604 4.8074
330.35 0.9021 0.0839 0.9912 0.0218 1.0104 1.4940 4.2331
328.35 0.9390 0.0470 0.9989 0.0141 1.1159 2.0085 3.5430
328.1 1.0000 0.0000 1.0000 0.0000

Standard uncertainties u of T, p, x and y are u (T) = 1 K, u (p) = 1.0 kPa, u (x) = 0.005, and u (y) = 0.005.

Table A2. VLE experimental data for n-hexanol/n-dodecane binary system at 1.0 kPa (equilibrium
temperature—T; liquid-phase molar fraction—xi; gas-phase molar fraction—yi; activity coefficient γi;
and relative volatility—α12).

T/K x1 x2 y1 y2 γ1 γ2 α12

1.0 kPa 361.15 0.0000 1.0000 0.0000 1.0000
351.15 0.0158 0.9842 0.3572 0.6428 5.9536 0.9899 34.5972
340.15 0.0682 0.9318 0.6458 0.3542 4.7111 1.0849 24.9265
336.65 0.1326 0.8674 0.7319 0.2681 3.3987 1.0910 17.8545
334.75 0.2226 0.7774 0.7974 0.2026 2.4838 1.0351 13.7391
333.75 0.3115 0.6885 0.8215 0.1785 1.9486 1.0961 10.1730
333.25 0.3729 0.6271 0.8269 0.1731 1.6914 1.2043 8.0338
332.95 0.4325 0.5675 0.8284 0.1716 1.4889 1.3445 6.3339
332.75 0.4611 0.5389 0.8290 0.1710 1.4156 1.4292 5.6642
332.25 0.5163 0.4837 0.8383 0.1617 1.3201 1.5541 4.8561
331.95 0.5506 0.4494 0.8463 0.1537 1.2742 1.6200 4.4954
331.75 0.6070 0.3930 0.8585 0.1415 1.1875 1.7281 3.9270
331.65 0.6726 0.3274 0.8711 0.1289 1.0945 1.9021 3.2881
331.25 0.7160 0.2840 0.8799 0.1201 1.0658 2.0957 2.9052
331.15 0.7483 0.2517 0.8903 0.1097 1.0386 2.1731 2.7302
331.05 0.8054 0.1946 0.9069 0.0931 0.9893 2.4017 2.3529
330.75 0.8405 0.1595 0.9164 0.0836 0.9768 2.6826 2.0795
330.65 0.8993 0.1007 0.9330 0.0670 0.9355 3.4288 1.5580
330.45 0.9379 0.0621 0.9535 0.0465 0.9288 3.9083 1.3568
330.25 0.9942 0.0058 0.9943 0.0057 0.9256 5.2450 1.0075
330.20 1.0000 0.0000 1.0000 0.0000

Standard uncertainties u of T, p, x and y are u (T) = 1 K, u (p) = 1.0 kPa, u (x) = 0.005, and u (y) = 0.005.
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Table A3. VLE experimental data for n-hexanol/n-tridecane binary system at 1.0 kPa (equilibrium
temperature—T; liquid-phase molar fraction—xi; gas-phase molar fraction—yi; activity coefficient—
γi; and relative volatility—α12).

T/K x1 x2 y1 y2 γ1 γ2 α12

1.0 kPa 374.3 0.0000 1.0000 0.0000 1.0000
361.3 0.1013 0.8987 0.6020 0.3980 0.9127 0.8863 13.4121

357.75 0.1939 0.8061 0.7657 0.2343 0.7291 0.7074 13.5854
353.05 0.2789 0.7211 0.8428 0.1572 0.7173 0.6963 13.8638
349.35 0.3571 0.6429 0.8866 0.1134 0.7231 0.7028 14.0736
346.4 0.4292 0.5708 0.9146 0.0854 0.7335 0.7137 14.2448

343.85 0.4961 0.5039 0.9339 0.0661 0.7514 0.7331 14.3648
341.7 0.5582 0.4418 0.9481 0.0519 0.7695 0.7530 14.4600

339.85 0.6160 0.3840 0.9578 0.0422 0.7871 0.7941 14.1389
338.15 0.6700 0.3300 0.9668 0.0332 0.8102 0.8109 14.3586
336.65 0.7205 0.2795 0.9731 0.0269 0.8318 0.8571 14.0389
335.3 0.7680 0.2320 0.9794 0.0206 0.8544 0.8661 14.3551

334.05 0.8125 0.1875 0.9841 0.0159 0.8780 0.9013 14.2535
332.9 0.8544 0.1456 0.9881 0.0119 0.9020 0.9382 14.1384

331.85 0.8939 0.1061 0.9918 0.0082 0.9257 0.9520 14.3659
330.8 0.9312 0.0688 0.9948 0.0052 0.9540 0.9973 14.1971

329.95 0.9665 0.0335 0.9976 0.0024 0.9742 1.0267 14.1360
329.05 1.0000 0.0000 1.0000 0.0000

Standard uncertainties u of T, p, x and y are u (T) = 1 K, u (p) = 1.0 kPa, u (x) = 0.005, and u (y) = 0.005.

Table A4. VLE experimental data for n-octanol/n-dodecane binary system at 1.0 and 50.0 kPa
(equilibrium temperature—T; liquid-phase molar fraction—xi; gas-phase molar fraction—yi; activity
coefficient—γi; and relative volatility—α12).

T/K x1 x2 y1 y2 γ1 γ2 α12

1.0 kPa 358.62 1.0000 0.0000 1.0000 0.0000
356.85 0.8741 0.1259 0.7472 0.2528 0.9516 1.9463 0.4259
355.65 0.8462 0.1538 0.6853 0.3147 0.9609 2.1346 0.3957
354.25 0.8129 0.1871 0.6519 0.3481 1.0261 2.1141 0.4312
353.65 0.8074 0.1953 0.6409 0.3591 1.0525 2.1694 0.4330
352.15 0.7189 0.2811 0.5764 0.4236 1.1501 1.9516 0.5321
351.25 0.6500 0.3500 0.5694 0.4306 1.3203 1.6864 0.7121
350.05 0.5749 0.4251 0.5535 0.4465 1.5509 1.5537 0.9165
351.05 0.4902 0.5098 0.5064 0.4936 1.5743 1.3441 1.0670
351.55 0.4329 0.5671 0.4868 0.5132 1.6670 1.2172 1.2425
351.65 0.4269 0.5731 0.4821 0.5179 1.6652 1.2077 1.2500
351.65 0.3990 0.6010 0.4781 0.5219 1.7664 1.1608 1.3796
352.05 0.3659 0.6341 0.4715 0.5285 1.8583 1.0864 1.5459
352.05 0.2926 0.7074 0.4241 0.5759 2.0909 1.0610 1.7810
352.55 0.2404 0.7596 0.3702 0.6298 2.1606 1.0474 1.8569
352.65 0.2269 0.7731 0.3560 0.6440 2.1897 1.0457 1.8835
352.75 0.1940 0.8060 0.3252 0.6748 2.3269 1.0444 2.0024
353.55 0.1660 0.8340 0.2849 0.7151 2.2803 1.0177 2.0013
354.65 0.0709 0.9291 0.1523 0.8477 2.6885 1.0117 2.3534
354.75 0.0610 0.9390 0.1351 0.8649 2.7603 1.0151 2.4065
355.45 0.0454 0.9546 0.1041 0.8959 2.7530 0.9908 2.6771
355.65 0.0320 0.9680 0.0814 0.9186 3.0148 0.9898 2.6771
355.85 0.0000 1.0000 0.0000 1.0000

50.0 kPa 467.85 1.0000 0.0000 1.0000 0.0000
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Table A4. Cont.

T/K x1 x2 y1 y2 γ1 γ2 α12

460.75 0.8814 0.1286 0.7703 0.2197 0.9015 1.0096 4.0163
453.25 0.8272 0.1828 0.6616 0.3284 1.0193 1.3274 3.2321
451.15 0.7915 0.2185 0.5958 0.3942 1.0196 1.3274 3.2321
448.95 0.7331 0.2769 0.5139 0.4761 1.0127 1.4508 2.1364
447.35 0.6811 0.3289 0.4627 0.5273 1.0290 1.4228 1.8331
445.95 0.5824 0.4276 0.3943 0.5957 1.0693 1.2926 1.4690
445.35 0.5479 0.4621 0.3758 0.6142 1.1030 1.2572 1.4038
445.05 0.5220 0.4880 0.3580 0.6547 1.1129 1.2368 1.3422
444.65 0.4748 0.5352 0.3353 0.6547 1.1600 1.1834 1.2766
444.25 0.4084 0.6016 0.3032 0.6868 1.2340 1.1189 1.2092
444.15 0.3786 0.6314 0.2879 0.7021 1.2679 1.0933 1.1839
443.85 0.3362 0.6738 0.2672 0.7228 1.3373 1.0650 1.1709
443.75 0.3065 0.7035 0.2515 0.7385 1.3850 1.0456 1.1616
443.65 0.2893 0.7207 0.2389 0.7511 1.3981 1.0414 1.1450
443.45 0.2424 0.7676 0.2119 0.7781 1.4891 1.0195 1.1455
442.45 0.2029 0.8071 0.1845 0.8055 2.0518 1.3572 1.5325
442.45 0.1631 0.8469 0.1542 0.8358 1.6604 1.0255 1.1601
443.45 0.1358 0.8742 0.1291 0.8609 1.6200 0.9904 1.0941
443.55 0.1110 0.8990 0.1091 0.8809 1.6681 0.9824 1.0954
443.75 0.0657 0.9393 0.0763 0.9237 1.9602 0.9795 1.2315
443.85 0.0487 0.9563 0.0573 0.9427 1.9784 0.9787 1.2206
444.05 0.0277 0.9743 0.0334 0.9666 2.0164 0.9786 1.2206
444.65 0.0000 1.0000 0.0000 1.0000

Standard uncertainties u of T, p, x and y are u (T) = 1 K, u (p) = 1.0 kPa, u (x) = 0.005, and u (y) = 0.005.

Table A5. LE experimental data for n-octanol/n-tridecane binary system at 1.0 and 50.0 kPa (equi-
librium temperature—T; liquid-phase molar fraction—xi; gas-phase molar fraction—yi; activity
coefficient—γi; and relative volatility—α12).

T/K x1 x2 y1 y2 γ1 γ2 α12

1.0 kPa 373.75 0.0000 1.0000 0.0000 1.0000
369.95 0.0475 0.9465 0.2917 0.7143 2.8013 0.9479 8.1387
363.65 0.0825 0.9115 0.4275 0.5785 3.3662 1.1158 8.1686
360.65 0.1422 0.8518 0.5333 0.4727 2.8980 1.1515 6.7546
359.05 0.2488 0.7452 0.6174 0.3886 2.1090 1.1833 4.7602
357.95 0.3289 0.6651 0.6594 0.3466 1.8193 1.2588 3.8469
357.65 0.4199 0.5741 0.6841 0.3219 1.5053 1.3776 2.9055
357.55 0.4739 0.5201 0.6925 0.3135 1.3582 1.4894 2.4243
356.95 0.5322 0.4618 0.7120 0.2940 1.2893 1.6279 2.1015
356.75 0.5722 0.4218 0.7218 0.2842 1.2304 1.7432 1.8715
356.65 0.6358 0.3582 0.7454 0.2606 1.1505 1.8928 1.6112
356.25 0.7081 0.2859 0.7800 0.2260 1.1076 2.1042 1.3935
355.85 0.7434 0.2506 0.8002 0.2058 1.1090 2.2373 1.3105
355.15 0.8077 0.1863 0.8263 0.1797 1.1001 2.7361 1.0605
356.45 0.8494 0.1446 0.8543 0.1517 0.9992 2.7600 0.9589
356.55 0.8862 0.1078 0.8854 0.1206 0.9866 2.9254 0.8936
356.85 0.9238 0.0702 0.9140 0.0920 0.9593 3.3703 0.7550
356.85 0.9873 0.0067 0.9912 0.0148 0.9735 5.6506 0.4570
357.65 1.0000 0.0000 1.0000 0.0000

50.0 kPa 481.15 0.0000 1.0000 0.0000 1.0000
474.95 0.0536 0.9464 0.1851 0.9464 1.3767 0.9921 4.0116
466.85 0.1077 0.8923 0.3490 0.8923 1.6106 1.0561 4.4439
461.85 0.1684 0.8316 0.4735 0.8316 1.6097 1.0605 4.4411
451.95 0.4069 0.5931 0.7009 0.5931 1.3241 1.1416 3.4156

https://doi.org/10.3390/separations13050152

https://doi.org/10.3390/separations13050152


Separations 2026, 13, 152 18 of 24

Table A5. Cont.

T/K x1 x2 y1 y2 γ1 γ2 α12

458.15 0.2375 0.7625 0.5654 0.7625 1.5186 1.0663 4.1781
454.15 0.3745 0.6255 0.6817 0.6255 1.3086 1.0757 3.5783
450.15 0.5061 0.4939 0.7498 0.4939 1.2041 1.2137 2.9244
449.15 0.5620 0.4380 0.7701 0.4380 1.1491 1.2977 2.6113
448.45 0.5850 0.4150 0.7800 0.4150 1.1429 1.3402 2.5157
447.65 0.6378 0.3622 0.7998 0.3622 1.1023 1.4338 2.2688
447.15 0.7222 0.2778 0.8515 0.2778 1.0530 1.4086 2.2066
446.75 0.7601 0.2399 0.8721 0.2399 1.0378 1.4232 2.1528
446.35 0.7948 0.2052 0.8869 0.2052 1.0222 1.4905 2.0251
445.95 0.8284 0.1716 0.8992 0.1716 1.0072 1.6093 1.8482
445.45 0.8817 0.1183 0.9252 0.1183 0.9894 1.7601 1.6603
444.85 0.9272 0.0728 0.9530 0.0728 0.9879 1.8343 1.5911
444.35 0.9834 0.0166 0.9886 0.0166 0.9820 1.9770 1.4677
444.05 1.0000 0.0000 1.0000 0.0000

Standard uncertainties u of T, p, x and y are u (T) = 1 K, u (p) = 1.0 kPa, u (x) = 0.005, and u (y) = 0.005.

Table A6. VLE experimental data of n-dodecane/n-tridecane binary system at 1.0 and 50.0 kPa
(equilibrium temperature—T; liquid-phase molar fraction—xi; gas-phase molar fraction—yi; activity
coefficient—γi; and relative volatility—α12).

T/K x1 x2 y1 y2 γ1 γ2 α12

1.0 kPa 374.25 0.0000 1.0000 0.0000 1.0000
373.15 0.0419 0.9581 0.0772 0.9228 0.0016 0.9412 1.9135
371.15 0.1026 0.8974 0.1929 0.8071 0.0104 0.8242 2.0896
370.85 0.1732 0.8268 0.3020 0.6980 0.0287 0.6916 2.0656
369.55 0.2328 0.7672 0.3858 0.6142 0.0525 0.6044 2.0700
368.65 0.2941 0.7059 0.4681 0.5319 0.0841 0.5049 2.1125
368.15 0.3589 0.6411 0.5455 0.4545 0.1225 0.4023 2.1442
366.45 0.4232 0.5768 0.6035 0.3965 0.1738 0.3457 2.0749
365.55 0.4939 0.5061 0.6792 0.3208 0.2387 0.2575 2.1688
364.75 0.5459 0.4541 0.7249 0.2751 0.2931 0.2069 2.1925
363.25 0.6179 0.3821 0.7788 0.2212 0.3845 0.1519 2.1770
363.15 0.6875 0.3125 0.8198 0.1802 0.4526 0.1018 2.0668
361.95 0.7563 0.2437 0.8662 0.1338 0.5591 0.0630 2.0855
361.45 0.8026 0.1974 0.8936 0.1064 0.6280 0.0417 2.0668
361.15 0.8556 0.1444 0.9289 0.0711 0.7068 0.0207 2.2048
359.65 0.9266 0.0734 0.9644 0.0356 0.8587 0.0057 2.1481
359.35 0.9735 0.0265 0.9878 0.0122 0.9387 0.0007 2.2076
359.15 1.0000 0.0000 1.0000 0.0000

50.0 kPa 480.75 0.0000 1.0000 0.0000 1.0000
479.85 0.0615 0.9435 0.0852 0.9435 0.8645 0.9724 1.4352
478.65 0.1218 0.8832 0.1750 0.8832 0.9247 0.9670 1.5474
477.35 0.1899 0.8151 0.2686 0.8151 0.9408 0.9615 1.5873
476.35 0.2527 0.7523 0.3539 0.7523 0.9554 0.9448 1.6434
475.15 0.3126 0.6924 0.4250 0.6924 0.9564 0.9432 1.6518
473.45 0.3920 0.6130 0.5404 0.6130 1.0130 0.8908 1.8588
470.25 0.4602 0.5448 0.5938 0.5448 1.0306 0.9674 1.7525
469.05 0.5307 0.4743 0.6488 0.4743 1.0077 0.9922 1.6747
467.95 0.5983 0.4067 0.7061 0.4067 1.0017 0.9963 1.6616
467.05 0.6438 0.3612 0.7433 0.3612 1.0036 1.0031 1.6566
466.35 0.6991 0.3059 0.7866 0.3059 0.9965 1.0006 1.6514
465.35 0.7512 0.2538 0.8241 0.2538 0.9982 1.0179 1.6294
464.35 0.8083 0.1967 0.8690 0.1967 1.0049 0.9973 1.6778
463.15 0.8838 0.1212 0.9194 0.1212 1.0046 1.0059 1.6672
461.85 0.9648 0.0402 0.9704 0.0402 1.0065 1.0257 1.6426
461.65 1.0000 0.0000 1.0000 0.0000

Standard uncertainties u of T, p, x and y are u (T) = 1 K, u (p) = 1.0 kPa, u (x) = 0.005, and u (y) = 0.005.
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Table A7. Analytical conditions used in GC.

Items Description

Detector Hydrogen flame detector (FID)
Column Inert Cap FFAP (0.25 µm × 0.25 mm × 30 m)

Carrier gas and flow rate H2, 20 mL/min
Vaporizer temperature 513.15 K
Detector temperature 523.15 K

Temperature program The program temperature was set to 453.15 K,
and the sample analysis time was 4 min.

Table A8. Economic basis.

Category Formula Unit

Columns
Diameter (D) Aspen tray sizing m

Length (L) 1.2 × 0.6096 × (Nt − 2)
0.6096 refers to the tray spacing m

Column shell cost (ShellC) M&S/280 × 937.636 × D1.066 × L0.802 × (2.18 + Fc) $
Correction factors Fc = Fp·Fm = 1 × 3.67 = 3.67

Plate capital cost (PlateC) M&S/280 × 97.243 × D1.55 × L × Fc $
Correction factors Fc = Fs + Ft + Fm = 1 + 0 + 1.7 = 2.7

Compressor M&S/280 × 517.5 × (bhp)0.82 × (2.11 + Fc) $
Correction factors Fc = Fd = 1

Installation cost (InstC) (Cshell + Ctrays) × (M&S/1440) × 3.05 $
Reboiler exchanger area (AR) 0.568 kW/K·m2

Condensers exchanger area (AC) 0.852 kW/K·m2

Heat exchanger area (AH)

AH = QH/(UH × ∆TIn)
Heat exchanger coefficient (UH):

Liquid–liquid: 0.57
Liquid–vapor: 0.20

Vapor–vaporizing liquid: 0.28
Vapor–vapor: 0.17

Condensing vapor–vaporizing liquid: 1.2

kW/K·m2

Heat exchanger cost (HEC) HEC = 9445.2 × (AR
0.65 + AC

0.65 + AH
0.65) $

Compressor cost (CompC) M&S/280 × 517.5 × (bhp)0.82 × (2.11 + Fc) $
Correction factors Fc = Fd = 1
Capital investment FCI = ShellC + PlateC + HEC + CompC + InstC $

Energy cost (EC)

EC = (SC × QR + 0.28 × QC) × 8000
Where one year is assumed as 8000 working hour, unit of QR and QC:

GJ/h
SC represents the cost of LP, HP steam

cooling water = 0.354 $/GJ
LP steam (433 K,0.5 MPa) = 7.78 $/GJ
HP steam (527 K,1.5 MPa) = 9.88 $/GJ

$/year

Vacuum system

Flow rate of air leakage
5 + [0.0298 + 0.03088(lnP)-0.0005733(lnP)2]V0.66

Where P is the absolute operating pressure in torr;
V is the vessel volume in ft3.

lb/h

(1) Steam-jet elector
Size factor (S) Flow rate (lb/hr)/suction pressure (torr)

Range of S 0.1–100
Cost multiplying factor (CM) One-stage: 1.0, two-stages: 1.8, three-stages: 2.1

Capital cost 1690(CM)S0.41 $

Operating cost (Steam consumption) × (LP steam cost), the estimated steam
consumption is 10 times of the flow rate. $

(2) Liquid-ring pump
Size factor (S) Flow at suction, ft3/min

Range of S 50–350
Capital cost 6500 × 1690/1330 × S0.35 $

Operating cost Electricity cost $
Electricity cost (ElectricityC) ElectricityC = 0.5 × QP × 8000/7 $/year

Operating cost (OC) OC = EC + ElectricityC $/year
TAC TAC = FCI/payback + OC $/year

Payback 5-year
Marshall & Swift index M&S = 1638.2 (in 2018)
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Table A9. Parameters of the Antoine equation.

Component C1i C2i C3i C4i C5i C6i C7i Tmin/K Tmax/K

n-hexanol 128.512 −12,288 0 0 −15.732 1.2701 × 10−17 6 228.55 611.3
n-octanol 137.202 −13,667 0 0 −16.826 9.3666 × 10−18 6 257.65 652.3

n-dodecane 130.562 −11,976 0 0 −16.698 8.0906 × 10−6 2 263.57 658.0
n-tridecane 130.542 −12,549 0 0 −16.543 7.1275 × 10−6 2 267.76 675.0

Table A10. Thermodynamic conformance testing using the Herington area method.

I ∫ x1=1
x1=0 ln

(
γ1
γ2

)
dx1

Σ ∫ x1=1
x1=0 |ln

(
γ1
γ2

)
|dx1

D 100|I|
Σ

J 150(Tmax−Tmin)
Tmin

Table A11. RMSD and AAD values of the quaternary mixture.

System P/kPa Model RMSD (T1/K) RMSD (y1) AAD (T1/K) AAD (y1)

n-hexanol/n-octanol 1.0

NRTL 1.0564 0.0094 0.0119 0.0081

UNIQUAC 1.2752 0.0095 0.0165 0.0112

Wilson 1.4889 0.0442 0.0158 0.0115

n-hexanol/n-dodecane 1.0

NRTL 0.8390 0.0049 0.0133 0.0053

UNIQUAC 0.8402 0.0060 0.0135 0.0073

Wilson 0.8422 0.0062 0.0130 0.0057

n-hexanol/n-tridecane 1.0

NRTL 2.3476 0.0379 0.0303 0.0097

UNIQUAC 2.3432 0.0385 0.0301 0.0106

Wilson 2.3574 0.0381 0.0303 0.0102

n-octanol/n-dodecane 1.0

NRTL 0.7890 0.0247 0.0065 0.0047

UNIQUAC 0.7186 0.0227 0.0048 0.0057

Wilson 0.7057 0.0249 0.0057 0.0085

n-octanol/n-dodecane 50.0

NRTL 1.7290 0.0087 0.0061 0.0094

UNIQUAC 1.7350 0.0085 0.0063 0.0116

Wilson 1.7180 0.0104 0.0062 0.0138

n-octanol/n-tridecane 1.0

NRTL 0.5764 0.0106 0.0075 0.0087

UNIQUAC 0.5844 0.0146 0.0054 0.0114

Wilson 0.7347 0.0098 0.0074 0.0107

n-octanol/n-tridecane 50.0

NRTL 0.6621 0.0091 0.0032 0.0063

UNIQUAC 0.6791 0.0084 0.0031 0.0145

Wilson 1.7533 0.2162 0.0862 0.3897

n-dodecane/n-tridecane 1.0

NRTL 0.3345 0.0040 0.0030 0.0079

UNIQUAC 0.3363 0.0040 0.0030 0.0081

Wilson 0.3433 0.0040 0.0030 0.0081

n-dodecane/n-tridecane 50.0

NRTL 0.3714 0.0108 0.0017 0.0056

UNIQUAC 0.3896 0.0108 0.0018 0.0066

Wilson 0.3775 0.0114 0.0017 0.0057
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Table A12. Calculation formulas for RMSD and AAD values.

RMSD (Ti)
(∑N

i=1

(
Ti

EXP − Ti
CAL

)2

N
)1/2

RMSD (yi)
(∑N

i=1

(
Yi

EXP − Yi
CAL

)2

N
)1/2

AAD (Ti)
N
∑

i=1

∣∣∣Ti
EXP − Ti

CAL
∣∣∣/N

AAD (yi)
N
∑

i=1

∣∣∣Yi
EXP − Yi

CAL
∣∣∣/N

Table A13. The boiling points of the components at pressures of 1.0 kPa and 50.0 kPa.

System P/kPa Boiling Point/K

n-hexanol 1.0 328.15

n-octanol
1.0 356.05

50.0 442.60

n-dodecane
1.0 358.90

50.0 461.85

n-tridecane
1.0 373.35

50.0 479.90

n-octanol/n-dodecane (Azeotropic Point)
1.0 351.05

50.0 443.45

Table A14. Estimation parameters of the distillation columns.

Operation Parameter T1 T2 T3 T4 T5

Operating pressure/kPa 1.0 1.0 1.0 1.0 50.0
Number of theoretical plates 35 40 35 40 45

Feed entrance point 15 18 15 18 20
Distillate flow rate/kg/h 980.0 80.0 197.0 297.086 217.086
Reboiler heat duty/kW 309.73 108.95 137.59 63.78 64.59

Total heat duty/kW 684.64
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Figure A1. Sensitivity analysis of compressor 2. (a) Compression ratio versus compressor exit
temperature.; (b) Compression ratio versus heat- exchange capacity.; (c) Compressor exit temperature
versus heat- exchange capacity.; (d) Compression ratio versus compressor energy consumption.
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