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Abstract

:

This work presents an advanced reactor selection strategy that combines elements of a knowledge-based expert system to reduce the number of feasible reactor configurations with elaborated and automatised process simulations to identify reactor performance parameters. Special focus was given to identify optimal catalyst loadings and favourable conditions for each configuration to enable a fair comparison. The workflow was exemplarily illustrated for the Ru/C-catalysed hydrogenation of arabinose and galactose to the corresponding sugar alcohols. The simulations were performed by using pseudo-2D reactor models implemented in Aspen Custom Modeler® and automatised by using the MS-Excel interface and VBA. The minichannel packings, namely wall-coated minichannel reactor (MCWR), minichannel reactor packed with catalytic particles (MCPR), and minichannel reactor packed with a catalytic open-celled foam (MCFR), outperform the conventional and miniaturised trickle-bed reactors (TBR and MTBR) in terms of space-time yield and catalyst use. However, longer reactor lengths are required to achieve 99% conversion of the sugars in MCWR and MCPR. Considering further technical challenges such as liquid distribution, packing the reactor, as well as the robustness and manufacture of catalysts in a biorefinery environment, miniaturised trickle beds are the most favourable design for a production scenario of   5000   t / a   galactitol. However, the minichannel configurations will be more advantageous for reaction systems involving consecutive and parallel reactions and highly exothermic systems.
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1. Introduction


In industrial applications, almost every kind of holding or contacting equipment has been used as chemical reactors, e.g., mixing nozzles, centrifugal pumps, or the most elaborate tower or tube assemblies [1] (p. 549 ff). The systems may be classified by the mode of operation, which is either batch, continuous, or in selected cases also semi-batch. Continuous processing with short downtimes dominates in the production of commodity/bulk chemicals, whereas batch processing typically encounters in the production of fine chemicals, specialties, and pharmaceuticals [2], but also in the latter sectors, continuously operated and miniaturised reactors have emerged more frequently in the last decade often advertised as flow chemistry. These mini- and microreactors offer increased yields and selectivities as well as require less space due to intensified heat and mass transfer and enable an operation within explosive regimes. Furthermore, their use may simplify the process flow scheme making their operation safer [3,4,5,6,7,8,9,10].



The process of reactor selection aims at the identification of the best reactor type for a chemical process. Important criteria for the decision cover achievable yields for the desired components, costs, by-product formation, environmental impact, design complexity, among many others. The screening for the best available reactor technology is rather complicated because there are usually many feasible reactor concepts that may be operated in different flow regimes [11,12]. Each of the possible configurations performs best at different conditions and involves several benefits and drawbacks that affect the up- and downstream process units. Besides the purely technical aspects, industrial experience in the scale-up and operation has to be considered to reduce the risk of failure and to develop the process economically [13]. The sketched intricacy hinders the formulation of a general optimisation function needed for a straightforward analysis of the competing reactor concepts. To tackle the problem, experts stepwise reject configurations that do not satisfy the musts and wants of the process. This approach was also mimicked by knowledge-based expert systems [14].



This article presents an advanced approach for reactor selection that combines elements of a knowledge-based expert system with extensive mathematical modelling to find the best available reactor technology. The feasibility of the methodology will be examined in a case scenario that considers a multiphase hydrogenation step occurring in biorefineries. The evaluation is based on (a) quantitative criteria such as employed catalyst mass, space-time yield, productivity, and required reactor length, as well as (b) qualitative criteria such as catalyst preparation and replacement, difficulty of scaling-up, and experience in operation, among others.



Process of Reactor Selection


Within the process of reactor selection, Krishna and Sie [12] suggested defining key criteria discriminated into “process musts” and “process wants”. Then, the optimal reactor fulfils all “process musts” and as much as possible “process wants”. “Process musts” are (a) ranges of operation in terms of pressures and temperatures, (b) the chance of safe and stable operation without runaways, (c) environmental acceptability, and (d) feasibility of scale-up. “Process wants” cover (a) maximum conversion and selectivity, (b) simple operation, and (c) low capital and operating costs.



It is clear that the fulfilment of these criteria as well as the reactor selection for a specific chemical synthesis is far from being simple and requires a collaborative team of chemists and engineers because several parameters, such as:




	
Reaction parameters (stoichiometry of the reaction network, heats of reaction, equilibrium data,…);



	
Physical properties (densities, viscosities, solubilities, heat capacities,…);



	
Catalyst parameters (reaction rates, selectivity, deactivation characteristics, chemical, mechanical and thermal stability, costs…);



	
Reactor parameters (mass and heat transfer coefficients, thermal conductivities, pressure drop, catalyst replacement, design difficulties, simplicity of scale-up, …); and



	
Safety parameters (stability and controllability, amount of hazardous inventory,…).








have to be considered [10,13,15,16]. Krishna and Sie [12] structured the challenge of reactor selection by creating three strategy levels:




	
Particle/interface;



	
Reactant injection/removal, mixing as well as contacting; and



	
Flow regime.








at which decisions according to the wish list are made. By doing so, the list of feasible reactor configurations stepwise reduces until the optimal reactor design is found.



In strategy level 1, the ideal size and shape of the catalyst, including its porous structure and distribution of active compounds, are specified. These parameters affect the chemical reaction and the diffusive transport of reactants and products. Therefore, the interplay between both processes has to be optimised in finding a suitable catalyst. In heterogeneously catalysed processes, it is well known that significant diffusion limitations occur in catalyst pellets exceeding a few millimetres in size. However, the use of smaller particles is often restricted by the maximal pressure drop across the column. In systems with multiphase reactions at solid surfaces, the situation is more complex due to several interacting mass transfer steps. By further developing Krishna and Sie’s approach, two slightly modified parameters    β  G L   =  ε L  /    (   δ L  a  )    G L     and    β  L S   =  ε L  /    (   δ L  a  )    L S     may be introduced. They relate the overall liquid volume to the volumes in the diffusion layers either between gas and liquid or between liquid and solid phases. For fast reactions, which are usually limited by the gaseous compound, small values of    β  G L     are recommended to maximise the transport of gas molecules into the liquid phase. Additionally, small values of    β  L S     indicate thin liquid layers, which enhance the gas-liquid-solid and liquid-solid mass transfer. In systems that are limited by the liquid compound, usually, only the latter term should be considered. It must be emphasised that minimal values of    β  G L / L S     ensure large mass transfer rates, but this does not mean that the reactor volume is used effectively because of the low liquid content. Therefore, a reasonable compromise has to be found in practice. For example, Khadilkar et al. [17] suggested employing reactors with liquid films only if the gaseous compound limits the reaction. In all other cases, upflow configurations with large  β  values should be used in order to ensure full wetting of the catalyst. Moreover, large values of    β  G L / L S     may be desired to create a high liquid holdup in the system to ensure a sufficient heat transfer to the reactor wall in non-adiabatic systems. It should be mentioned that one reactor packing may provide broad ranges of    β  G L / L S    . For example, small values of  β  are obtained if a packed-bed is operated in the downward trickle- or spray regime, whereas high values occur if the same bed is operated in upflow mode as a packed bubble column.



Strategy level 2 aims at the reactant and phase dispersion scheme. Each reactant may be injected (a) by one shot as in a batch system, (b) in the form of a continuous feed, (c) in the form of a periodic feed, or (d) at several injection stages according to reaction time or reactor volume. Continuous processes are generally operated at a steady state, i.e., with a continuous feed of reactants. Nevertheless, a feed modulation in terms of the flow rate or concentration has been proposed because it might enhance the reactor performance, as proven, for example, in lab-scale trickle-bed reactors [18,19]. The reactant injection at different axial positions of the reactor is used to suppress undesired side reactions or subsequent reactions of the product. Membrane reactors represent an extreme case of this concept because reactants are added, or products are removed the whole way along the reactor. To provide an example in multiphase reaction engineering, such a concept was used to maximise the intermediate product hydrogen peroxide in the synthesis from hydrogen and oxygen [20,21,22].



Strategy level 3 aims at the hydrodynamic flow regime. Focusing on the solid phase, it can be either fixed inside the reactor as in packed bed or falling-film reactors or be kept in motion as in bubble columns or stirred-tank reactors. It is obvious that systems with suspended catalysts are used if the catalyst rapidly deactivates or in fine chemical applications, whereas fixed-bed reactors are preferred if the catalyst runtime between the regenerations exceeds several months. With respect to the gas and liquid phase, the choice of the flow regime mainly depends on the phase holdup, the favourable degree of backmixing, and the mass transfer characteristics. An appropriate choice of the phase holdup was already discussed for strategy level 1 by using the parameter  β . Large liquid holdups are obtained in bubble column reactors and stirred-tank reactors (>60%), whereas they are comparably small in trickle-bed reactors (20–40%) and falling-film reactors (1–15%) [2,23].



Turbulent regimes provoke better plug flow characteristics than laminar flows [24]. Furthermore, the liquid backmixing in a packed bed is usually intense if the bed is completely flooded as in packed bubble columns, or it is comparatively small if the bed is operated in the trickle flow regime. Plug flow alike regimes should be used in reaction systems with high reaction orders, whereas a high degree of backmixing is preferable for systems showing low reaction orders or autocatalytic kinetics [25]. Mass transfer processes are typically accelerated by an operation at higher flow velocities, i.e., higher energy dissipation inside the system [2,26,27]. In packed beds, higher mass transfer rates may be obtained, for example, by switching from trickle to pulse flows [28].



By combing the decisions made at the three strategy levels, suitable reactor configurations can be identified. For an illustrative example of using this strategy, the interested reader is referred to the article of Krishna and Sie [12]. Deeper explanations were also given by Dudukovic [11], who sketched the process of choosing the best reactor configuration from 200 potential ones.



For completion, other attempts to guide the reactor selection should also be mentioned here. Bulsari et al. [29] developed an expert system suggesting either stirred-tank or tubular reactor systems based on the reaction enthalpy and the viscosity of the mixture. Doan et al. [10] proposed a method to identify the best available technology for reactors in the pharmaceutical industry. The authors suggest plotting spider diagrams using important decision criteria such as the thermicity, the reaction rate, the catalyst deactivation, the solubility and viscosity of the liquid phase, and the desired conversion and selectivity. The graphical depiction helps to choose the best concept from discontinuously or continuously operated stirred-tank, fixed-bed, or falling-film reactors.





2. Methods


2.1. Definition of the Case Scenario


A biorefinery producing fuels or chemicals from biomass was set as a frame for this work. The main routes of biomass processing can be split into (a) gasification or pyrolysis at high temperatures and (b) hydrolysis at low temperatures. By acid or enzyme hydrolysis, the polysaccharides of cellulose and hemicellulose can be broken down into monosaccharides, which may be further hydrogenated to sugar alcohols. These sugar alcohols can be used directly as food or pharmaceutical ingredients, or this converted biomass may be further processed into hydrogen by aqueous phase reforming, into lubricants by esterification, or into chemicals by performing isomerisations as a first step. [30,31]



As for non-food feedstock, lignocellulosic biomass from wood is the object of intense research. It contains 40–50% cellulose, 25–35% hemicellulose, 23–33% lignin, and minor amounts of extractives (<5%) and mineral matter [32,33,34]. A forest-based biorefinery may be used to produce mainly pulp and paper, whereas hemicellulose-rich sidestreams may be used to create value-added products [35].



2.1.1. Hydrogenation Process


The sidestreams of a papermill using larch wood are considered in the case study of this work. Prior to pulping, the hemicellulose arabinogalactan can be extracted in a significant amount, which is about 15–20% of the dry wood mass [36]. By hydrolysis, the monomers galactose and arabinose, as well as gluconic acid, are obtained in a mass ratio of 5:1:0.08.



By hydrogenation, the mixture containing galactose and arabinose may be converted into galactitol (GalOH) and arabitol (AraOH), which represent valuable sugar alcohols, as discussed above and shown in Figure 1.




2.1.2. Process Parameters and Constraints


In the considered process, it was defined that the sugar molecules in the aqueous mixture of arabinose and galactose are converted by 99%. The inlet concentrations were chosen in such a way that all reactants and products are completely soluble in the mixture. These specifications are listed in the initialisation column of Figure 2.



Hydrogenation of sugars is usually performed in batch reactors using Raney nickel catalysts. This metal is chosen because of its low price, although there is a significant catalyst leaching [37,38]. In the last decade, ruthenium catalysts were intensively studied because they provide excellent selectivity exhibiting a higher activity than nickel catalysts [39,40,41,42,43,44,45,46,47]. Sifontes Herrera et al. [43] suggested that ruthenium will replace nickel because of its low toxicity and poor stability. This opens the window for continuous processing of sugars, as exemplarily demonstrated for glucose [32,39,45,48]. In the case scenario, a fixed-bed catalyst is preferred because it can handle large product streams and allows a high degree of automation. This leads to a small required workforce, which is especially beneficial in processing sidestreams. As a consequence, a Ru/C catalyst was chosen in this work.



Typical hydrogenation pressures vary between   30   and   180    bar  ,   whereas temperature is kept between   80   and   150   ° C   [45,49]. For the case study, a pressure of   60    bar    and a maximal reaction temperature of   120   ° C   was selected because insignificant amounts of byproducts are formed at these conditions [50]. Taking the thermicity of the reaction and the desired conversion, this is equivalent to an inlet temperature of   115   ° C   in an adiabatic mode of operation. Physical properties at these conditions were obtained from state-of-the-art correlations by Hackl [51], Le Bas [52], Matubasi and Nishiyama [53], Origlia et al. [54], Partington [55], Poling et al. [56], Sifontes Herrera [50], as well as Wilke and Chang [57].



After defining main wishes and constraints, suitable reactor technologies may be identified according to the scheme of Krishna and Sie [12] presented before.



At strategy level 1, the size and form of the catalyst have to be specified. It is well known that diffusion limitations have to be respected in sugar hydrogenations because of the large size of the sugar molecules and the comparably low solubility of hydrogen [58,59]. Therefore, an egg-shell configuration of the catalyst was selected to provide short diffusion distances. The option to vary the outer catalyst dimension independently from the thickness of the active layer introduces an additional degree of freedom to reduce the pressure drop. Besides the catalyst design, small values of  β , which characterise the ratio between overall liquid volume and the volume in the boundary layers, are desired to ensure intense mass transfer between the phases. To provide large transfer rates, Krishna and Sie [12] suggest forming liquid films inside the reactor as present in trickle-bed reactors. However, small values of  β  can also be generated by using miniaturised reactor systems. By decreasing the characteristic dimension, naturally, a larger amount of the liquid phase is present in the boundary layer, which enhances mass transfer [60].



Strategy level 2 considers the kind of feeding of the reactants. As discussed above, negligible side reactions occur in the hydrogenation of arabinose and galactose if ruthenium catalysts are used and the temperature is below   120   ° C  . As a result, no staged injection of reactants is required. Thinking about the flow orientation of the reactants, co-flowing is preferred in trickle beds to push the liquid phase through the reactor and create thin films. Focusing on minichannel reactors, the counter flow of the fluids is only possible in the film flow mode, which has gained little attention so far. The main reason is that ca. 100-times larger gas than liquid flow rates are needed to establish this flow regime [61,62]. Considering the case of this work, the liquid flow rate has to be about 7-times larger than the gas flow rate to achieve a stoichiometric mixture. In consequence, the gas excess factor would take a value of about 700 if a minichannel film flow reactor is applied. This would cause large recycle loops and was therefore discarded. As a result, gas and liquid should flow co-currently inside the reactor. A periodic operation is not considered here because the regime of Taylor flow appearing in minichannels already offers a periodicity, and little information on mass transfer in transient-operated trickle-bed reactors is available so far.



Considering the selected fixed-bed reactor concepts, the choice at strategy level 3 shrinks to the selection of the two-phase flow regime. In miniaturised structures, only the Taylor flow and similar regimes are considered because they are most favourable in terms of efficient mass transfer and low backmixing [26,63,64]. The trickle-bed reactors are assumed to be operated in trickle flow. It should be mentioned that pulse flow is also possible [65,66] but was not considered here because the focus was laid on small reactor dimensions.



As a result of the reactor selection process, five potential reactor configurations were selected. They cover tubular reactors with (a) a conventional trickle-bed (TBR), (b) a miniaturised trickle-bed (MTBR), (c) a wall-coated minichannel also known as monolith or honeycomb (MCWR), (d) a minichannel packed with pellets (MCPR), and (e) a minichannel packed with an open-celled foam (MCFR). A detailed description of the configurations is given in Section 3.





2.2. Reactor Modelling and Simulation


When creating the reactor model, reaction kinetics, as well as mass and heat balances, have to be considered, which are explained in this section.



2.2.1. Reaction Kinetics


Sifontes Herrera [50] presented separate reaction kinetics for the hydrogenation of arabinose, galactose, and their mixtures. The experimental data were obtained in a batch stirred-tank reactor operating at pressures between   60   and   90    bar    and temperatures between   90   and   120   ° C   by using a commercial Ru/C catalyst. It should be mentioned that the corresponding rate laws were formulated by using weight fractions and not molar concentrations.



Therefore, reactor modelling was conducted in order to derive a suitable rate law based on concentrations by using the software Modest 6.0. To identify significant kinetic parameters, they were analysed and evaluated firstly for single sugar hydrogenation. As a result of these pre-studies, the following rate laws for hydrogenation of arabinose    r A    and galactose    r G    in aqueous solutions were defined:


   r A  =    k A   c A   c  H 2        (  1 +  K A   c A   )   2       



(1)






   r G  =  k G   c G   c  H 2    



(2)







These simplified models describe very precisely the experimental data of single sugar hydrogenations    (   R 2  > 95 %  )    while enabling a suitable parameter estimation with relative errors smaller than 6%. Based on these results, the following universal rate laws for the hydrogenation of arabinose and galactose and their mixtures were developed:


   r  A / G   =    k  A / G      c  A / G      c  H 2        (  1 +  K A   c A   )   2       



(3)







This expression is identical to Equation (1) for the hydrogenation of pure arabinose. Considering hydrogenation of pure galactose, the concentration of arabinose equals zero, and the denominator disappears, which results in Equation (2). However, this is not the case for the hydrogenation of sugar mixtures. Table 1 lists the estimated model parameters by using the experimental data of Sifontes Herrera et al. [43], 11 arabinose and 12 galactose hydrogenation experiments, and Sifontes Herrera et al. [67], 18 hydrogenation experiments using different arabinose/galactose mixtures. An excellent agreement between experimental and modelled data was found (   R 2  = 0.989  ).



It is shown that both reactions have similar activation energies but different pre-exponential factors. At identical sugar concentrations, the hydrogenation rate of galactose is about 2.5-times higher than the rate for arabinose. The faster conversion of galactose is favourable because the initial reaction mixture contains about four times more galactose than arabinose.



In order to analyse the sensitivity of the regression, the values of the objective function are plotted in 2D plots versus 2 different parameters in Figure 3. The sharp valleys in the depicted 2D plots indicate that all parameters are well defined.




2.2.2. Reactor Model


To model and simulate the reactors in a reasonable time, pseudo-two-dimensional reactor models were formulated, which consider the conservation laws of mass and energy at the reactor scale and at the catalyst scale. At the reactor scale, mainly effects of convection and internal mixing within the fluid phases in the axial direction are considered. For the catalyst scale, contributions of diffusion and reaction appear in the balances. In the model, empirical or semi-empirical correlations describe reaction kinetics and hydrodynamics, e.g., phase holdup, dispersion, mass transfer, and catalyst wetting [68]. The submodels on both scales are coupled via boundary conditions at the catalyst surface.



Mass Balances


Mass balances were composed at the reactor scale in such a way that they also consider changing hydrodynamics over reactor length. This is expressed by axial derivates of phase holdup    ε  G / L     and the superficial phase velocity    u  G / L , s   .   The following mass balances for component  i  in the liquid and in the gas phase at the reactor scale were formulated:


    ∂  (   ε L   c  L , i    )    ∂ t   = −   ∂  (   u  L , s    c  L , i    )    ∂ z   +  D  a x , L      ∂ 2   (   ε L   c  L , i    )    ∂  z 2    +  k  G L , i    a  G L    (   c  L , i  ∗  −  c  L , i    )  −  k  L S , i    a  L S    (   c  L , i   −      c  S , i    |    i n t e r f a c e    )   



(4)






    ∂  (   ε G   c  G , i    )    ∂ t   = −   ∂  (   u  G , s    c  G , i    )    ∂ z   +  D  a x , G      ∂ 2   (   ε G   c  G , i    )    ∂  z 2    −  k  G L , i    a  G L    (   c  L , i  ∗  −  c  L , i    )  −  k  G S , i    a  G S    (   c  L , i  ∗  −      c  S , i    |    i n t e r f a c e    )   



(5)







The system was assumed to operate in a steady state. It has to be mentioned that (a) the axial dispersion coefficients    D  a x , L    , (b) the mass transfer coefficients    k  G L , i    ,    k  G S , i    , and    k  L S , i    , and (c) the saturation concentration of the gas in the liquid phase    c  L , i  ∗    are functions of the system pressure and temperature and vary depending on the temperature and pressure gradients inside the reactor. Furthermore, the phase velocities and interfacial areas may also vary, especially for the minichannel configurations with segmented flow regimes [69].



When creating the mass balances at the catalyst scale, the shape of the catalyst has to be respected. Three basic geometries are distinguished: (a) spherical, (b) cylindrical, and (c) slab. The mass balance of the component  i  at the catalyst scale, i.e., within the solid phase or more precisely within the washcoat (  W C  ) is as following:



Spherical catalyst with a radial coordinate    r S   


   ε  W C     ∂  c  S , i     ∂ t   =  D  e f f , i    (     ∂ 2   c  S , i     ∂  r S 2    +  2   r S      ∂  c  S , i      ∂  r S     )  +  ϱ  M e     ∑  j   υ  i , j    r  j , m    



(6)







Cylindrical catalyst with a radial coordinate    r C   


   ε  W C     ∂  c  S , i     ∂ t   =  D  e f f , i    (     ∂ 2   c  S , i     ∂  r C 2    +  1   r C      ∂  c  S , i      ∂  r C     )  +  ϱ  M e     ∑  j   υ  i , j    r  j , m    



(7)







Slab catalyst with an axial coordinate    y S   


   ε  W C     ∂  c  S , i     ∂ t   =  D  e f f , i      ∂ 2   c  S , i     ∂  y S 2    +  ϱ  M e     ∑  j   υ  i , j    r  j , m    



(8)







Equations (6)–(8) relate the temporal change in concentration within the catalyst pores    c  S , i     to diffusion within the pores and reaction at the active sites, usually a catalytically active metal compound (  M e  ).



Several boundary conditions had to be defined to solve the mathematical problem. The submodels at the reactor and the catalyst scale were coupled via the boundary conditions at the catalyst surface. These conditions state that the flux of transported component  i  to or from the solid catalyst via the gas-solid or liquid-solid interface is equal to the amount that is consumed or produced per time by the chemical reaction. The catalyst surface is specified by the outer diameter of the spherical particle    R S    or cylinder    R C    as well as the end of the washcoat layer in a slab geometry    t  W C    . Further employed boundary conditions are:


        c  G / L , i    |    z = 0   =  c  i , G / L   i n       and         ∂  c  G / L , i     ∂ z    |    z =  L R    = 0 .   



(9)




The boundary conditions for the solid phase are as follows:


        c  S , i    |    z = 0   =  c  S , i   i n   ,         ∂  c  S , i     ∂ z    |    z =  L R    = 0     and         ∂  c  S , i     ∂  r S     |     r S  = 0   = 0     or         ∂  c  S , i     ∂  r C     |     r C  = 0   = 0     or         ∂  c  S , i     ∂  y S     |     y S  = 0   = 0 .   



(10)







By doing so, the conditions at the particle centre must be related to the end of the washcoat section instead of the geometric particle centre if washcoated catalysts are used. For very thin washcoat layers on spheres or cylinders, the models using the slab geometry may also be used to keep the description simple without creating significant errors.




Heat Balances


Due to the low heat capacity and thermal conductivity of the gas, the impact of the gas phase was neglected without creating significant errors. As a result, the gas has the same temperature as the liquid (   T G  =  T L  =  T R   ). Levenspiel [25] (p. 379) pointed out that only a small temperature rise will occur inside the solid catalysts of gas-liquid-solid reactors. Therefore, the reaction and heat production rates do not have to be resolved within the solid layer, and the global reactor heat balance is simplified for adiabatically operated reactors:


    ∂  (   ε L   T R   )    ∂ t   = −   ∂  (   u  L , s    T R   )    ∂ z   +  D  a x , L      ∂ 2  (  ε L   T R  )   ∂  z 2    +      λ  a x , L      ρ L   c  p , L        ∂ 2   T R    ∂  z 2    +  ε S   ϱ  M e     ∑   j    r  j , m      (  − Δ  H  r , j    )  .  



(11)







This simplified heat balance declares that the heat accumulation within the bulk fluids is equal to the sum of transferred heat by convection, dispersion, or conduction plus the heat of the reaction. The boundary conditions are:


       T R   |    z = 0   =  T R  i n     and         ∂  T R    ∂ z    |    z =  L R    = 0 .  



(12)









2.2.3. Model Specifications


In order to create fast-running reactor models, the fluid dynamics in the fixed-bed reactors are expressed through semi-empirical correlations to compute geometric properties as well as hydrodynamic parameters. It is obvious that these equations were developed for specific fixed-bed reactor designs. Therefore, special attention was given to avoid extrapolation to other geometries than in the original research work. The following section lists references to the employed correlations for the different reactor configurations.



Conventional and Miniaturised Trickle-Bed Reactor (TBR and MTBR)


Liquid saturation was computed by the correlation of Larachi et al. [70] for   R  e L   ε L  ≥ 1.5 ,   whereas the equation of Lange et al. [71] was used for smaller values. To compute the wetting efficiency, a new correlation was developed:


   w  e f f   = 1 − e x p  (  − 2.64   R  e L ∗     0.56   G  a G ∗     − 0.31   − 0.32  )   



(13)




which is based on the predictions of Lappalainen et al. [72]. The modification was required to avoid values bigger than unity. Simulations show that the terms   E ö   and    (  1 + F  r G   )    can be neglected for    u  G , s   < 0.3    m  / s ,   which are considered within this work. Axial dispersion was considered by the Peclet number. For liquid Reynolds numbers below 4, the Peclet number was computed according to Fu and Tan [73]. For larger Reynolds numbers, the equation of Hochmann and Effron [74] was used. For the studied liquid superficial velocities, the Peclet number was typically between 0.2 and 1.0, and larger values were observed at higher liquid throughputs. The impact of the Peclet number on the achieved conversion was in the range of a few percent at conditions providing maximal space-time yields. Mass transfer coefficients between gas-solid, gas-liquid, and liquid-solid phases were calculated according to the correlations of Dwivedi and Upadhyay [75], Wild et al. [76], and Burghardt et al. [77]. The pressure drop for the bed of spherical particles corresponds to the predictions of Larachi et al. [70].




Wall-Coated Minichannel Reactor (MCWR)


Phase holdups were calculated by using gas bubbles and liquid slug lengths taken from Haase [78]. The mass transfer coefficients were computed by using the same source. The required film thickness was correlated according to Kreutzer et al. [63]. Axial mixing was neglected because only segmented Taylor flow was considered. The pressure drop was estimated by the method of Fries et al. [79] involving the frictional pressure drop of Kreutzer et al. [80]. A slab geometry was used to describe the active layer on the channel wall.





Minichannel Reactor Packed with Pellets (MCPR)


Phase holdups, mass transfer coefficients as well as the pressure drop in the minichannel packing with dumped spherical particles were predicted by using the equations of Haase et al. [26]. Due to the nature of the occurring segmented flow regimes, axial mixing was neglected [81,82].



Minichannel Reactor Packed with an Open-Celled Foam (MCFR)


The geometric surface area, liquid saturation, and holdup, mass transfer coefficients as well as pressure drop were predicted by using the correlations of Tourvieille et al. [27]. The same authors also observed negligible axial mixing, which was therefore also not considered in the reactor model. The struts of the foams were assumed to be of a cylindrical shape.






2.3. Evaluation Method


Different reactor concepts were evaluated (a) by their performance in terms of space-time yields for the production of arabitol (AraOH) and galactitol (GalOH) with respect to either the reactor volume   S T  Y  A r a O H ,   v     and   S T  Y  G a l O H ,   v     or the mass of the active metal   S T  Y  A r a O H , m     and   S T  Y  G a l O H , m    , (b) by the required reactor length    L R   , and (c) by the energy consumption per amount of the generated product   P / n p  . These performance parameters were predicted by conducting extensive process simulations using the reactor models that were presented before.



The evaluation of the reactor concepts is rather complex because the outcome for each reactor strongly depends on the operating conditions as well as on the catalyst loading if operated in or close to the intrinsic regime. Therefore, favourable operating conditions for each system have to be identified before making a fair comparison. Due to the fact that pressure, temperature, washcoat thickness, and the flow regime are fixed, the list of variables cover (a) the fed flow rates of gas and liquid expressed by their superficial velocities    u  G , s   =   V ˙  G  /  A q    and    u  L , s   =   V ˙  L  /  A q    as well as (b) the ruthenium loading in the washcoat of the catalyst    x  R u   =  m  R u   /  V  W C    .



The range of feasible superficial velocities is restricted by the flow regime transitions. For trickle-bed reactors and miniaturised packed-bed reactors, the boundaries of the trickle-regime were predicted by using the simulator of Larachi and Grandjean [83]. For the wall-coated minichannel and the minichannel packed with pellets, the Taylor flow areas were predicted after Haase [84]. For foam-packed minichannels, the flow velocities were adjusted according to the studies of Tourvieille et al. [27,85].



For a reliable comparison, the ruthenium loading in each reactor should be adjusted according to its mass transfer capacity. If the loading is too low, the reactor operates in the intrinsic regime, and the mass transfer potential is not fully used. If the ruthenium loading is too high, not all ruthenium is effective in the chemical transformation. In order to find a suitable loading, the reactor was virtually packed with a catalyst containing the highest ruthenium loading of   36      kg    Ru   /  m  WC  3   . Afterwards, the reactor length was adjusted in such a way that 99% conversion of both reactants (Ara…Arabinose and Gal…Galactose) was achieved. By using this length, the metal loading is stepwise (  0.5      kg    Ru   /  m  WC  3   ) reduced until the change in conversion exceeds a value of 1%. This procedure was performed twice: first by using the lowest flow velocities and second for the highest flow velocities to imply all possible conditions, which may affect the most intense mass transfer. Figure 4 illustrates this procedure.





3. Results


This section first reviews general aspects of the tubular reactor packed with different catalyst packings before the main performance parameters are discussed in more detail. For each packing, the impact of adjustable process variables is investigated, and the rate-limiting steps are elucidated. Furthermore, favourable operating conditions are determined that generate the highest use of space and catalyst mass, require the shortest reactor, or affect the lowest energy consumption. A detailed definition of the evaluation criteria is given within the discussions of the minichannel wall reactor.



3.1. Minichannel Wall Reactor (MCWR)


In minichannel wall reactors, the catalyst packing contains a variety of parallel flow channels with diameters less than a few millimetres. The active metal is integrated into the channel walls. Such catalyst packings have been used in exhaust gas treatment since the 1970s and are also known as monoliths or honeycombs [86]. They are made of ceramics (mainly cordierite) or metals (stainless steel, metal alloys, etc.) [87]. Ceramic structures typically contain up to 1200 cells per square inch (  cpsi  ), i.e., hydraulic diameters down to   0.7    mm    [88], whereas cell densities in metal structures may reach   1600    cpsi   , i.e., channel diameters down to   0.6    mm    [89].



This work investigates the performance of a reactor containing square minichannels with a hydraulic channel diameter of   1.0   mm  . This specific size was chosen because it is a very typical technical dimension at present, for example, in monolithic structures with a cell density of   400   cpsi  . Furthermore, hydrodynamics and mass transfer were extensively studied in this specific configuration [63,78,84,90,91].



Figure 5a exemplarily shows a concentration profile within the minichannel wall reactor. As expected, both liquid reactant concentrations asymptotically decline with enlarging reactor length, i.e., residence time in the apparatus, whereas the product concentrations oppositely increase. Interestingly, the hydrogen concentration within the liquid phase reaches the saturation concentration within the first   0.5   m   of the reactor (please inspect the solid and dashed red line). This indicates that the transport of hydrogen molecules into the liquid slug is much more intense than that from the liquid slug to the solid catalyst. In consequence, the reactor should perform better at conditions that provide the large liquid-solid mass transfer as expected for flows streaming with a high velocity and a comparatively large liquid holdup.



Figure 5b depicts the achieved conversion of arabinose (Ara) and galactose (Gal) at reduced catalyst loadings. As a reference, the reactor configuration with a maximal ruthenium loading of   36     kg   Ru   /  m  WC  3   , which is equivalent to a ruthenium loading of about 5 wt.%, was chosen. As supposed, conversion at the reactor outlet is smaller for the lower amounts of ruthenium placed inside the washcoat. By reducing the ruthenium loading, the reactants have to diffuse into deeper washcoat layers until they are completely transformed into the desired products. These additional diffusion resistances lower the achieved conversion. Simultaneously, the catalyst is used more effectively because the reaction also occurs in layers beneath the outer surface. To provide an example, catalyst use in galactose hydrogenation is increased from 80% to 99% by reducing the metal loading from 36 to   1     kg   Ru   /  m  WC  3   .



In order to determine a feasible loading, the loading is stepwise reduced from   36     kg   Ru   /  m  WC  3    until the drop in conversion exceeds 1%, as explained before. By using this procedure, the ruthenium loading was fixed to   23     kg   Ru   /  m  WC  3   , which provides a catalyst use of about 85% in both reactions. It should be noted that all presented data refer to a catalyst activity of 50% in comparison to the initial state to consider a possible catalyst deactivation [50].



By using the fixed loading, extensive simulations were performed using superficial gas and liquid velocities between 0.005–0.31 m/s and 0.02–0.07 m/s, respectively. Within the selected conditions, stable Taylor flows should be generated within the channels [84]. By elevating the flow velocity, longer channels are needed to achieve the desired conversion.



In order to make the performance comparable, the volumetric space-time yields   S T  Y  A r a O H , v     and   S T  Y  G a l O H , v     were defined by:


  S T  Y  A r a O H , v   =     n ˙   A r a O H      V R    =    d  h , c h  2     u  L , s      c  A r a , i n      X  A r a        (   d  h , c h   + 2    t  W C    )   2     L R     



(14)






  S T  Y  v , G a l O H , v   =     n ˙   G a l O H      V R    =    d  h , c h  2     u  L , s      c  G a l , i n      X  G a l        (   d  h , c h   + 2    t  W C    )   2     L R     



(15)




which relate the molar flow rates of the products     n ˙   A r a O H     and     n ˙   G a l O H     to the reactor volume    V R   . These parameters can be easily calculated by using the hydraulic channel diameter    d  h , c h    , the liquid superficial velocity    u  L , s    , the reactant inlet concentrations,    c  A r a , i n     and    c  G a l , i n    , as well as their conversions at the reactor outlet    X  A r a     and    X  G a l    , the washcoat thickness    t  W C    , and the reactor length    L R   . It should be mentioned that the wall thickness of the channel was not considered here because it can differ significantly. For example, Corning Inc. provides structures with walls of  3 ,  4 , and   6.5   mil   in thickness (  1   mil = 1 / 1000   inch = 25.4   µ m )   [92]. Taking these values, the space-time yields for the whole reactor would shrink by 13%, 17%, and 25% in comparison to the given ones. The space-time yields referring to arabitol are not presented in the following to avoid repetitions because identical trends were observed for arabitol and galactitol.



Figure 6 illustrates that the obtained space-time yield varies between   0.2 … 20.5   mol /  (     s   m   R 3   )    depending on the chosen gas and liquid superficial velocities inside the reactor. By pumping more liquid into the reactor, space-time yields are increased, whereas the opposite response follows from feeding more gas. The effect of the gas throughput, in terms of the affected gradient, is about 50% more pronounced than that of the liquid, considering only their absolute values.



Such behaviour further supports the already discussed hypothesis that the reactor performance is mainly limited by the intensity of the liquid-solid mass transfer. By feeding more liquid into the reactor, the two-phase velocity enlarges, which results in higher volumetric mass transfer rates. Simultaneously, the specific liquid-solid interfacial area is elevated due to the enlarged liquid holdup. Both effects contribute to a more intense mass transfer and a better reactor performance. In contrast, higher gas throughputs also provoke larger transfer coefficients but reduce the interfacial areas between the liquid and the solid due to the lower liquid holdup. The second phenomenon seems to dominate because the reactor performs worse by increasing the throughput of the gas phase.



By using the mass of ruthenium instead of the reactor volume as a reference, the mass-specific space-time yield for galactitol can be calculated as following:


  S T  Y  G a l O H , m   =     n ˙   G a l O H      m  R u     =     n ˙   G a l O H      V  W C    x  R u     =    d  h , c h  2     u  L , s      c  G a l , i n      X  G a l      [     (   d  h , c h   + 2  t  W C    )   2  −  d  h , c h  2   ]     L R   x  R u        



(16)







The ruthenium mass inside the reactor    m  R u     can be computed from the washcoat volume    V  W C     and its metal loading    x  R u    . As expected, the observed trends are identical to that of the volumetric space-time yield. This is not surprising because both space-time yields are connected only by a Factor    F  m v     given by:


   F  m v   =   S T  Y  G a l O H , v     S T  Y  G a l O H , m     =    m  R u      V R    =    [     (   d  h , c h   + 2    t  W C    )   2  −  d  h , c h  2   ]   x  R u        (   d  h , c h   + 2  t  W C    )   2     
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This ratio takes a value of about   2.0     kg   Ru   /  m R 3    for the studied minichannel configuration. Figure 7 illustrates the necessary reactor length to achieve a sugar conversion of   99 %  . In agreement with the theoretical expectations, longer reactors are required if the flow streams faster, e.g., by elevating the gas or liquid throughput. To give a rough number, the reactor length is increased by 50% for a velocity increase of 0.  1   m / s   with respect to the gas phase. Similar gradients are obtained for the liquid phase if its velocity exceeds   0.2   m / s  . For lower velocities, even higher factors were calculated.



Figure 7 also shows that immensely larger reactors are needed if they operate at very large gas velocities (compare the green, orange and red areas within the figure). This is caused by the extremely long gas bubbles inside the reactor, which reduce the interfacial area for the liquid-solid mass transfer and, consequently, affect low mass transfer rates. As already discussed, this is the core step in designing efficient reactors.



In order to evaluate the energy consumption of the reactor, the energy spent to pump the liquid to the reactor inlet as well as to push the liquid through the reactor is considered. The static head    P  s t a t     is dominated by the liquid feed, which gives the following expression [93]:


   P  s t a t   = Δ  p  L , f e e d     V ˙  L  =  (   ϱ L  g  L R   )   (   A q   u  L , s    )   



(18)




with    ϱ L    as the liquid density,  g  as the gravitational constant,    L R    as the reactor length, and the volumetric liquid flowrate as the product of the channel’s cross-section    A q    and the superficial velocity    u  L , s    . It has to be mentioned that the feeding tube is expected to be large enough to neglect frictional pressure losses in the piping.



The energy dissipation    P  d y n     which is required to force the gas and the liquid through the packing can be written as:


   P  d y n   = Δ  p  d y n , R    (    V ˙  L  +   V ˙  G   )   



(19)




in which     V ˙  G    and     V ˙  L    represent the volumetric gas and liquid flowrates and   Δ  p  d y n , R     is the dynamic pressure loss in the column. Several empirical equations are available to compute this term [79,80,94,95,96,97,98]. Within this work, the attempt of Kreutzer [80] was used.



These two contributions were related to the produced amount of galactitol to make a fair comparison. The final equation to evaluate the energy consumption refers to:


   P    n ˙   G a l O H , o u t     =    P  s t a t   +  P  d y n      d  h , c h  2   u  L , s    c  G a l , i n    X  G a l     .  



(20)







Figure 8 presents the corresponding map of energy consumption.



Generally, the energy spent to produce   1   mol   galactitol in minichannel wall reactors is very small. Considering superficial liquid velocities above   0.04   m / s  , energy of less than   1   kJ   is needed. It should be noted that the figure also indicates larger consumptions at very high gas velocities, but these are caused by the transformation of discrete data to a surface plot. By reducing the liquid velocity below   0.04   m / s  , the specific energy consumption enumerates due to the low productivity of the reactor.




3.2. Minichannel Reactor Packed with Catalytic Particles (MCPR)


Particle-packed minichannel reactors are discussed as an alternative to minichannel wall reactors because they provide high catalyst loadings, and the catalyst integration is quite simple [99]. In this reactor configuration, the inert walls of the channels only guide the flow, whereas dumped particles inside the channels contain the catalytically active surface.



As potential particle geometries, rods [100], spheres, or cylinders [101] have been proposed, among others. Commercial catalysts are already available, which shortens implementation time besides reduced efforts and costs for catalyst development. In the literature, particle-packed minichannel reactors are also referred to as composite minichannel reactors, structured trickle-bed reactors, or pellet-string reactors. In the 1960s, such a string of particles was proposed by Temkin and Kul’kova for catalyst screening in gas phase reactions [102]. For reactions with gas and liquid phase, they were successfully applied to mimic mass transfer processes in industrial or pilot-scale reactors [82,103,104,105] or were discussed as an alternative reactor design for the fine chemical industry [106,107,108].



This work analyses a reactor containing square minichannels with a hydraulic channel diameter of   1.0   mm   that are packed with spherical particles of   0.8   mm   in diameter. The channel diameter was chosen identical to that of the minichannel wall reactor to have a fair comparison. The particle size was set according to a configuration that has been extensively investigated in terms of hydrodynamics and mass transfer [26,109].



Figure 9a displays a typical concentration profile within particle-packed minichannel reactors. The hydrogen concentration in the gas-free reaction mixture rapidly increases but does not reach the saturation concentration depicted by the red dashed line. This proves that gas-liquid and liquid-solid transfer coefficients are of the same order of magnitude. In this case, the hydrogen concentration takes such values that identical amounts of hydrogen are transported into or out of the liquid slug. A strong decline in the saturation concentration further indicates a strong pressure drop across the reactor packing. These pressure losses cause a reduced hydrogen concentration within the gas and, consequently, also at the liquid interface, which lowers the overall mass transfer rate.



Figure 9b illustrates the change in arabinose and galactose conversion affected by a lower metal content inside the washcoat. As expected, the largest drop occurs for the fastest reaction (galactose hydrogenation) at the highest flow velocities. Based on the graphs, the ruthenium loading was set to   26     kg   Ru   /  m  WC  3   .



The achieved volumetric space-time yield of galactitol depending on the adjusted superficial gas and liquid velocities is shown in Figure 10. As a brief reminder, the same trends are observed for the space-time yield of arabitol, and the mass-specific space-time yield can be easily computed from the volumetric one by using a factor characterising the ruthenium content inside the reactor. For the studied reactor configuration, this takes a value of about   2.5     kg   Ru   /  m R 3   .



The graph shows that space-time yields between   1.4   and   29   mol /  (     s   m   R 3   )    can be realised in particle-packed minichannel reactors. The space-time yield is generally enlarged by feeding more liquid into the column, whereas higher gas throughputs have only a minor impact. A slight optimum was found at a liquid superficial velocity of about   1.0   m / s  . This seems puzzling at first sight because mass transfer intensity and, therefore, reactor productivity should increase by elevating the liquid throughput. However, a higher throughput creates a larger pressure drop across the bed that suppresses the transfer of hydrogen due to the lower saturation concentration at the gas-liquid interface. As a consequence, the volumetric reactor productivity decreases. It should be mentioned that the range of investigated fluid velocities was limited to conditions that provide Taylor-similar flow regimes [109]. The corresponding reactor lengths to achieve a sugar conversion of 99% are depicted in Figure 11.



Figure 11 clearly shows that longer reactors are needed for elevated liquid throughputs, whereas the impact of the gas throughput is the opposite. In order to obtain a deeper understanding of the underlying phenomena, let us consider a reactor operating at    u  G , s   = 0.17   m / s   and    u  L , s   = 0.50   m / s  . By elevating the gas velocity by 50%, the volumetric transfer coefficients in the inlet region remain almost constant at the gas-liquid and liquid-solid interface but are enhanced by about 50% at the gas-solid interface, whereas the educt conversion is more or less identical. This means that the expected decrease in conversion due to the reduced residence time is compensated by a faster supply of hydrogen via the gas-solid route, and reactors with a similar length exhibit the same conversion.



By elevating the liquid velocity by 50%, the transfer coefficients between gas-liquid and gas-solid are quite the same but increase by 50% at the liquid-solid interface. However, the conversion drops down. Subsequently, a longer reactor is needed to achieve the desired conversion. As a result, the gas-solid mass transfer seems to be the most effective route to supply the catalyst surface with hydrogen.



Figure 12 illustrates the specific energy consumption of the reactor. The values range from about   0.3   kJ / mol   at    u  L , s   = 0.05   m / s   to about   25   kJ / mol   at    u  L , s   = 1.4   m / s  . This large impact of the liquid velocity is directly connected with the required reactor length, as discussed above. By elevating the gas velocity, similar reactor lengths may be used to process the same amount of the liquid feed. Therefore, the specific energy consumption changes only marginally.




3.3. Minichannel Reactor with Foam Packing


Foam minichannel reactors are a quite novel minichannel reactor configuration in which inert minichannels are packed with an open-celled foam structure instead of particles, as shown in the last subsection. This reactor concept was firstly presented by the group of Bellefon (Université de Lyon) in 2015. Several publications investigate hydrodynamics such as flow regime, liquid saturation, and residence time [85,110,111] or external mass transfer and pressure drop [27,112,113] in such structures.



Open-cell foams are excellent catalyst supports because of the high porosity (from   0.60   to   0.97  ) and large geometric surface area (up to   10  ,  000      m 2  /  m 3   ) [114,115]. However, this structure suffers substantially from liquid maldistribution and flow channelling if applied in downflow reactors with diameters of several cm [116,117,118]. This maldistribution may be effectively diminished by integrating the open-celled foams into minichannel structures, which provide segmented flow regimes and ensure full catalyst wetting [110].



This work analyses the performance of a square minichannel with a side length of   2.0   mm ,   which is packed with an open-celled foam. The channel size was set according to the available publications [27,85,110]. These publications provide data for foams with pore densities of   35  ,   45  , and   55   ppi  . Coating foam structures with high pore densities is rather crucial because of cell blocking. Lali et al. proposed a method to create carbon-coated foams of   30    ppi    [119]. In order to study a practical feasible configuration, the foam density was set to   35   ppi  .



Figure 13a shows the axial concentration profiles in a foam-packed reactor. The simulations indicate that extremely short reactors with lengths of only a few centimetres are needed to fully convert the sugars into sugar alcohols. Within such short lengths, the liquid phase does not even saturate. This mainly results from the very intense mass transfer already at very low liquid throughputs. The enormous mass transfer ensures a suitable use of the comparable high catalyst loading (  7.6     kg   Ru   /  m R 3   ), which is at least 3-times larger than that of the other minichannel configurations. The corresponding washcoat loading is   30.5     kg   Ru   /  m  WC  3    as illustrated in Figure 13b.



The space-time yields with respect to galactitol are depicted for different gas and liquid superficial velocities in Figure 14. The figure clearly shows that the volumetric space-time yields between   25   and   50   mol /  (     s   m   R 3   )    are obtained, and higher values are generated by feeding more gas or liquid through the packing. The gradients describing the impact of the liquid velocity in terms of    [  mol /  (     s   m   R 3   )   ]  /  [  m / s  ]    are about 3-times as big as these for the gas velocity. This is not expected from a first inspection of the figure but is a result of a very small velocity range for the liquid phase. Contrary to other minichannel reactors, the surface of the foam is expected to be completely wetted, and the molecules are transported only via the gas-liquid or the liquid-solid interface [27]. As a result, both transfer steps are intensified by forcing more gas or liquid through the column. This is not the case in the other minichannel reactor types in which a higher liquid throughput affects a larger liquid holdup that slows down the gas-solid mass transfer.



Figure 15 illustrates the required reactor lengths to achieve almost full sugar conversion. Generally, the reactor length rises by feeding more liquid and shortens by feeding more gas through the column. On the one hand, a higher gas or liquid throughput provokes a more intense mass transfer. On the other hand, an elevated liquid throughput affects larger molar streams of the sugars that have to be converted. The presented data clearly prove that the latter effect dominates, and longer reactors are needed if more liquid is pumped into the reactor.



The situation is different considering the gas flow. Higher flow rates improve mass transfer processes but are not connected with a higher amount of fed sugars that have to be processed. As a result, the reactor length is less sensitive to the gas velocity.



Figure 16 illustrates that only a few Joule are spent in foam-packed minichannel reactors to produce   1   mol   of galactitol. This small energy consumption results from the low-pressure drop due to comparatively low liquid flow rates and very short reactor lengths. Considering one specific gas velocity, the surface plot indicates a minimum in energy consumption with respect to the liquid velocity. By elevating the liquid throughput, the pressure drop and, therefore, the energy consumption, as well as the mass transfer capacity and, consequently, the reactor productivity, is elevated. These counteracting phenomena form a minimum in energy consumption. However, this will not be of high practical interest since the energy consumption is extremely low at all operating conditions.




3.4. Mini Trickle-Bed Reactor


In the last decade, miniaturised trickle-bed reactors have emerged, which can be considered as the scaled-down version of industrial packed beds and represent a compromise between packed beds and microreactors [120]. Such reactors contain particles in the submillimetre range and are, therefore, often called micro-trickle or micro packed-bed reactors. Fundamentals and applications were addressed in several books [121,122,123] and reviews [3,6,120,124,125,126,127].



Micro packed-bed reactors with particles of a few micrometres provide very fast mass transfer and nearly plug flow behaviour that make them an excellent tool to access intrinsic kinetic data [120,128,129,130,131,132,133], although radial mass transfer may negatively affect the obtained data as has been recently discussed by Moulijn et al. [134]. For the near future, Ranade et al. [122] as well as Hommes et al. [135] attested micro packed bed reactors also several application areas, especially in the production of specialties and pharmaceuticals due to the above-discussed features, which excellently meet the needs of hydrogenations, oxidations, or fluorinations.



However, flow paths inside packed beds with particles of a few micrometres are tiny and twisted, affecting extremely large pressure drops, e.g., Losey et al. [128] reported values of   85    bar  / m  . Additionally, it is highly expected that feeding such reactors with non-ultra-pore liquids, such as the mixtures created by processing biomass, which are the subject of this work, will rapidly cause a complete blockage because of solid scrubs, impurities, or unconverted large molecules flowing within the inlet stream. In order to study a practical, feasible concept, a micro packed bed with comparatively large particle diameter,    d P  = 0.8    mm   , was chosen. In such dimensions, the hydrogenation of pure sugar mixtures was already successfully realized [68,136,137]. In order to avoid confusion with the other concepts, the term mini trickle-bed reactor will be used for this reactor configuration in the following.



Typical axial concentration profiles in the studied mini trickle-bed reactor are shown in Figure 17a. Concentrating on the gaseous reactant, it is obvious that the hydrogen concentration in the first   0.18   m   of the reactor only marginally increases with a maximum of about 40% of the saturation concentration. In the lower part of the reactor, the hydrogen concentration rises faster and reaches a final value of about 80% of the saturation concentration. This trend was typical for all operating conditions. It can be explained by the slower transfer into the liquid film than from the film to the solid catalyst, cf.   k  a  G L , H 2   ≈   0.8 1/s and   k  a  L S , H 2   ≈   5.0 1/s. Having this in mind, the rapid hydrogen consumption due to the fast chemical reaction hinders establishing higher hydrogen concentrations in the liquid phase in the first part of the reactor. As soon as the reaction rate slows down to a critical value (visible by the point of inflection in liquid phase concentrations at a reactor length of about   0.18    m   ), the hydrogen concentration increases with larger gradients. Figure 17b illustrates the procedure to choose the metal loading of   27.5      kg    Ru   /  m R 3   .



Figure 18 displays the obtained volumetric space-time yields in mini trickle-bed reactors. They can be transformed into the mass-specific yields by using the ruthenium loading inside the reactor, which is   5.6     kg   Ru   /  m R 3   . By increasing the flow velocity, typical gradients are   200   and   30    [  mol /  (     s   m   R 3   )   ]  /  [  m / s  ]    for the gas and liquid phase, respectively. As a consequence, the fed gas stream is a vital tool to tune the reactor productivity, whereas the liquid stream has a much lower impact. It should be mentioned that the catalyst is completely wetted at all flow conditions due to the high liquid holdup, which is in agreement with observations of other researchers [138].



The corresponding reactor lengths take values between   0.36   and   1.2    m  ,   as depicted in Figure 19. The generated trends agree well with the expectations, i.e., the reactor length is shortened by elevating the gas velocity because of the higher space-time yields, as discussed before. Likewise, the liquid throughput marginally affects the necessary reactor lengths.



The specific energy consumption to generate a galactitol molar stream of   1    mol  / s   is shown in Figure 20. Generally, more energy is needed if the column is operating at higher gas throughputs. This is surprising because shorter reactors are needed in this case. Subsequently, larger pressure drop caused by faster streaming fluids is overcompensated by the effect of a shorter reactor.



At first glance, the liquid throughput seems to have only a negligible impact on energy consumption. Taking a closer look and considering a low range of flow rates, energy consumption increases by 80% for a liquid velocity increase of just   0.01    m  / s  . This is ca. the four-fold of the changes obtained for the gas velocity.




3.5. Trickle-Bed Reactor


The performance of a conventional trickle-bed reactor was also studied in addition to the miniaturised reactor designs. Depending on the application, spherical particles, trilobes, full and hollow cylinders, or wagon wheels are placed into the reactor to form the catalytic bed. The characteristic sizes are usually several millimetres.



Details on the general construction, hydrodynamics, and mass transfer for various operation modes, as well as approaches to simulate relevant processes, have been described in numerous original papers, reviews, and books. For general information, the interested reader may be referred to Al-Dahhan et al. [65], Dudukovic et al. [139], Iliuta et al. [140], Ranade et al. [122], whereas the forced cyclic operation was intensively discussed by Atta et al. [141], Lange et al. [142,143] and Schubert [144]. In the last few years, research on offshore installations [145,146,147] and rotating beds [148,149,150] has also appeared.



This work investigates the performance of a column containing spherical catalyst particles with a diameter of   3.0    mm    because this represents a very common size in industrial installations. The range of feasible gas and liquid superficial velocities to achieve trickle flow was predicted by the trickle-bed simulator developed at Laval University [83].



Figure 21 shows a typical axial concentration profile within the conventional trickle-bed reactor. The general trends are very similar to those obtained in the miniaturised version. However, the reactor performance is worse due to the reduced mass transfer capacity, which can be deducted from the lower hydrogen concentration in the liquid phase (reaches only about 50% of the saturation concentration) and the smaller amount of used catalyst (loading of   21.5      kg    Ru   /  m  WC  3   ). At the highest studied flow velocities in the conventional trickle-bed, the volumetric mass transfer coefficients were only between one-fifth and one-sixth of those obtained in the miniaturised bed.



The volumetric space-time yield of the conventional trickle-bed reactor versus the superficial gas and liquid velocities is depicted in Figure 22. The general behaviour agrees with that of the miniaturised trickle-bed reactor, although the order of magnitude is about five times smaller. However, this is not the case for the mass-specific space-time yield because of the comparable low catalyst loading inside the reactor. It is only about   1.3     kg   Ru   /  m R 3    due to the large particle size    d P  = 3.0   mm   and the thin washcoat thickness    t  W C   = 50   µ m  . This means that only the outer 10% of the particle volume is catalytically active. The corresponding surface plots of the required reactor lengths and specific energy consumption are shown in Figure 23 and Figure 24, respectively.



Identical trends are observed in the conventional and miniaturised trickle-bed reactors. The underlying reasons are the same and will, therefore, not be discussed again. What must be mentioned is the order of magnitude. In comparison to the miniaturised bed, about three times longer reactors are needed to achieve the desired sugar conversion. However, the required energy consumption is about 20-times lower.





4. Selection of a Proper Reactor Configuration


The last subsection analyses fluid dynamics and transport processes in each studied reactor configuration and presents feasible performance parameters. This forms the basis for finding the optimal reactor configuration from the set of different fixed-bed reactors.



From an industrial point of view, an objective function may be defined as the profit in a specific time frame, which depends on the investment costs of the equipment, the variable costs of raw materials, consumed utilities, required workforce, and spent energy, as well as the income due to the sale of the product. However, major contributions such as the costs of the catalyst cannot be specified for the innovative catalyst structures appearing in some reactor configurations of this work because they were developed and used only in lab-scale applications and not at the industrial scale. Therefore, the different reactor configurations are evaluated by (a) quantitative criteria covering the obtained yields, consumed energy, and the required reactor length, as well as by (b) qualitative criteria addressing handling, operability, and scale-up.



4.1. Quantitative Parameters


From the extensive process simulations, a database was created that contains (a) the space-time yield with respect to the reactor volume or to the ruthenium mass, (b) the required reactor length, and (c) the specific energy consumption created by pressure drops at about 300 different flow conditions for each reactor configuration. As already mentioned, the reactor length was chosen long enough to achieve at least 99% conversion of arabinose and galactose at each condition. Table 2 lists important minima and maxima for each configuration.



Table 2 clearly demonstrates that the performance parameters vary quite much for all reactors depending on the flow conditions. Considering only the presented data, the obtained space-time yields differ by a factor between  2  and  3  for minichannel wall, foam-packed minichannel, and trickle-bed reactors. This factor is even higher for particle-packed minichannel reactors (value:   21  ) or mini trickle-bed reactors (value:   43  ). This behaviour underlines the importance of determining optimal conditions for each configuration to make a fair comparison.



Maximal space-time yields in minichannel reactors will be generally created if they operate at maximal gas flow rate and a medium liquid flow rate. High gas velocities contribute to intense mass transfer. Considering flows at higher liquid superficial velocities, the counteracting between the mass transfer coefficient (elevates with flow rates) and the mass transfer area (elevates for liquid-solid and declines for gas-solid transfer) explains a maximum at medium flow rates. In trickle-bed reactors, the largest space-time yield is observed at maximal possible gas and liquid flow rates because the liquid flow rate does not affect the liquid holdup to such a large extent as in minichannel reactors.



Reactor lengths reach a minimum if the minichannel configurations are fed by minimal liquid and maximal gas flow rates. Such behaviour is expected because these conditions provide intense mass transfer and the lowest possible liquid throughput. The situation is somewhat different in the trickle-bed reactors, in which the liquid flow rate must be higher to ensure sufficient mass transfer rates. In consequence, the minimal lengths are obtained at medium liquid velocities in the packed beds.



The energy consumption is in most cases minimal if the lowest feasible gas and liquid flow rates are fed into the reactor because such conditions create the lowest pressure drop. The trickle-bed reactor is the only exception in which such conditions lead to very low mass transfer rates, and longer reactors are needed to reach the desired sugar conversion. In this case, conditions allowing a compromise between the mass transfer intensity and the reactor length result in the lowest pressure drop.



The results of Table 2 are also depicted in the form of radar diagrams to provide a more illustrative comparison (Figure 25). Several aspects have to be considered in finding the best reactor configuration. On the one hand, the optimal reactor configuration should inhibit the highest values of both space-time yields to use the reactor space and the mass of ruthenium most effectively. On the other hand, the optimal reactor should be very short for practical implementation. This is especially important for decentralised production units in which the reactors must fit, for example, in an overseas container. In this case, reactor lengths exceeding the height of the container can only be realised in minichannel reactor configurations, which may also operate with horizontally oriented flows.



It is clear that the energy consumption should be minimal. However, it must be noted that heating up of the aqueous sugar solutions to the reaction temperature of   115   ° C   requires about   2000    kJ  / mol ,   whereas the maximal energy consumption to pump the liquid through the column is about   12    kJ  / mol  . Therefore, appropriate heat management is seen as more important to design an efficient process. Furthermore, the absolute values of the specific energy consumption have to be considered. The highest obtained value of   12    kJ  / mol   is related to   3.3    Wh  / mol  . Taking even an end-consumer price of   0.28    Euro  / kWh  , this is equivalent to about   0.1    cent  / mol  , which is about 40000-times less than the actual price of galactitol being ca.   82    Euro  / mol   (purity: 99%) [151]. Within this view, the simultaneous production of arabitol is not even considered. In consequence, the mechanical energy consumption is seen as less important to identify the most suitable reactor configuration.



The results of Figure 25 clearly demonstrate that minichannel packings, namely minichannel wall, particle-packed, and foam-packed minichannel reactors outperform the traditional and miniaturised trickle-bed reactors in terms of space-time yields. Considering conditions for maximum productivity, replacement of a conventional trickle-bed by a minichannel reactor configuration will create about 5- to 10-times larger STYs. This means that the reactor volume shrinks to about one-fifth or one-tenth at the same productivity. Additionally, ruthenium is used at least twice as efficiently in these reactors than in the trickle-bed reactor configurations. However, for minichannel wall reactors and particle-packed minichannel reactors, lengths of about   6    m    are needed instead of less than   1.4    m    for the packed beds because of the comparatively high flow velocities.



Extremely short reactor lengths of less than   3    cm    are predicted for the foam-packed minichannel reactor. This mainly results from the low liquid flow velocities of less than   1.7    cm  / s   and the superior mass transfer rates. The latter is the result of the extremely high solid surface area of about   6000      m   2  /  m 3    and the large mass transfer coefficients. For example, simulations predict volumetric mass transfer coefficients of   6.0      s    − 1     and   360      s    − 1     for the hydrogen transfer between gas-liquid and liquid-solid phases. At the latter, transfer coefficients reach values of about   150.0      s    − 1     for the liquid compounds. This seems to be somewhat too optimistic. Larger overestimations are expected by using the correlation of Tourvieille et al. [27] because the equation was developed from the experimental data for overall hydrogen transfer rates, i.e., a combination of gas-liquid and liquid-solid transfer. Therefore, the obtained results have to be interpreted with care. Nevertheless, the impact of the very high liquid-solid transfer coefficients is radically suppressed by the lower hydrogen transfer from the gas into the liquid phase, as also experimentally observed by Sang et al. [113].



Miniaturised trickle beds use the reactor volume about two-fold more effectively than the conventional ones but provide similar mass-specific space-time yields. To further improve the performance of the pellets, an integration into the minichannel structures, which results in a particle-packed structure, seems to be a reasonable approach at the expense of a larger pressure drop. Considering conditions providing the shortest reactor length, i.e., flows with low flow velocities, the benefits of the minichannel reactor configurations mostly disappear because of the drastically slower mass transfer. The only exception is the foam minichannel reactor, which still shows an extraordinary performance.




4.2. Qualitative Parameters


Besides the discussed quantitative performance parameters, technical aspects of implementation have to be considered. This may be mainly related to hurdles of catalyst preparation and use, ease of operation, and reliability of the process scale-up. These issues are addressed in a qualitative fashion, as summarised in Table 3.



Concentrating on the catalyst, it is important how much effort is needed to produce the catalyst. For commercial catalysts such as particles and pellets, no additional work in research and development is needed to manufacture the catalysts. Such catalysts can be used in particle-packed minichannel or trickle-bed reactors. Larger efforts are needed if novel catalyst structures such as coated minichannel walls or foams are employed. In this case, procedures to uniformly coat the structures have to be investigated, which are mainly available only at the lab scale [119,152,153,154]. Besides the procurement, catalyst replacement has to be considered because coking and deactivation will cause activity losses in sugar hydrogenation processes, which may limit the catalyst lifetime [155]. However, it should be mentioned that deactivation may also be less significant after an initial period [39].



In the trickle-bed reactors, the catalyst particles can be easily unloaded by opening the bottom of the reactor. Afterwards, the fresh catalyst is introduced from the top of the reactor, making the catalyst replacement quite simple. A slightly larger effort is needed in the case of particle-packed minichannel reactors because the particles may become wedged, which makes unloading more elaborate. Furthermore, the particles have to be dumped into small channels and not into a large reactor tube, which complicates the catalyst loading. During loading, special attention is needed to ensure the same pressure drop in all channels to create a homogeneous flow distribution. Nevertheless, loading and unloading were successfully realised in the lab of the authors. In minichannel wall reactors, the active compound is a part of the channel wall. Therefore, the whole minichannel packing has to be replaced if the catalyst activity drops below a specific limit. This process is expected to be quite fast because the segments can be loaded like cartridges. However, special care is needed in the alignment of these segments.



Since no commercial data are available, the costs of minichannel and particle catalysts are rather speculative and will not be compared here. In foam-packed minichannel reactors, it is rather unclear if the foams can be replaced without removing the minichannel structure from the reactor or if the complete composite structure has to be replaced. It is expected that the first method will also be feasible only if very short reactor lengths are needed.



Focusing on the process, the risk of blocking, simplicity of scale-up, as well as experience in operation have to be respected. The robustness against blocking is of specific importance because biomass-based reactants are processed, which may contain solid scrubs, impurities, or unconverted large molecules from the upstream steps. Bed structures with straight and comparable large flow paths, such as present in minichannel reactors with active channels or integrated foam structures, will not obstruct the flow, which suppresses channel blockage. Similar behaviour is expected in conventional trickle beds due to the large interstitial void volumes. The situations will be different in mini trickle beds, which exhibit much smaller flow diameters in combination with a high number of flow reversals. This effect may be compensated by flow pulsations and higher flow velocities as present in particle-packed minichannel reactors.



The scale-up of multiphase reactors is always a crucial step, as discussed recently by Dudukovic and Mills [13] and Stitt et al. [156]. Hence, a fundamental understanding of fluid dynamics and transport processes is important to accomplish large scale-up factors [66]. The scale-up of packed beds is not straightforward because mass velocities dictate the hydrodynamics, and thus, mass transfer and space velocities that dictate residence time do not scale linearly [157]. As a result, incomplete wetting, flow channelling, etc., may occur in larger-sized packed-bed reactors. However, these effects will be less pronounced in miniaturised systems, which provide a higher liquid holdup and catalyst wetting [68]. In contrast, the scale-up in minichannel structures is rather an increase in the number of channels instead of the channel dimensions, which is generally expressed by scale-up by numbering-up or scale-up by parallelisation. Therefore, the process development is expected to be fast and straightforward. However, this approach requires a proper design of the gas-liquid-distributor [158]. Several feasible designs have been presented in the literature [159,160,161,162,163,164,165], but functionality has not been proven at the industrial scale.



The huge amount of trickle-bed reactor installations provides advantages of the knowledge and experience of running such reactors resulting in a high level of confidence in such a configuration. However, the minichannel configurations have practically not reached industrial applications, which involves a high risk of failure [166]. However, successful examples in gas-liquid processes and catalyst screening pave the way for the implementation of such reactor designs [60,157].




4.3. Case Study—Production Scenario


In order to evaluate the reactor configurations from a practical view, this subsection investigates an exemplary galactitol production scenario for a plant with an annual capacity of   5000    tonnes   . This is roughly equivalent to a waste stream of a typical paper production plant and also represents a typical amount produced in fine chemical synthesis [2,167]. Considering an annual operation time of   8000    h   , a molar galactitol stream of about   0.95    mol  / s   has to flow out of the reactor. It should be mentioned that also arabitol is produced if the starting feedstock is a mixture of galactose and arabinose obtained by hydrolysis of arabinogalactan. The formation of arabitol is not considered below, as the example is selected for the illustration purpose of the reactor comparison.



Table 4 lists the characteristic dimensions and parameters of the different reactor configurations. It should be mentioned that each reactor operates at flow conditions that provide maximal space-time yields (cf. Table 2).



As expected, particle- and foam-packed minichannel reactors are the smallest ones because of their high volumetric productivity. While the particle design requires a length of about   6.0    m    to fully reach the desired conversion, the foam design necessitates a cross-sectional area of about   9000      cm   2    to handle the given product stream. This means that about 188,000 parallel channels have to be fed homogeneously with gas and liquid. A homogeneous distribution to so many channels seems to be very doubtful, especially because the pressure drop is very low favouring maldistribution. In this context, it must be emphasised that the simulated flow velocities were related to the available experimental studies. It is rather expected that the foam-packed reactors may also be operated at higher flow velocities, which will drastically reduce the cross-sectional area and the numbers of flow channels. A homogeneous feeding in 5000 to 8000 channels seems at least to be feasible [159]. However, inserting and perfectly aligning about 12 minichannel segments, which all have a length of   500    mm  ,   are far away from the state-of-the-art. Taking into account the sketched technical challenges, simple trickle-bed reactor designs can be recommended for the case production scenario.



However, it should be noted that an unselective and not very exothermic hydrogenation process was studied in this work. The results are expected to differ significantly for consecutive reactions as they are usually very sensitive to variations in the residence time. For example, in oxidations, larger amounts of byproducts will be formed in trickle beds due to liquid backmixing, which is generally suppressed in the miniaturised reactor configurations. Additionally, highly exothermal reactions may cause larger radial and axial gradients in trickle beds of large diameters, which may cause hot-spot formation and runaways. Therefore, multitubular reactor configurations may be chosen to enhance the heat removal of packed beds.





5. Summary and Conclusions


This work presents an advanced reactor selection methodology that combines (a) elements of a knowledge-based expert system to reduce the number of feasible reactor designs to a reasonable number with (b) elaborated and automatised process simulations using pseudo-2D reactor models to identify reactor performance parameters at optimal operating conditions. This enables a fair comparison of the different reactor concepts. The workflow was exemplarily illustrated for a case scenario considering a multiphase hydrogenation step in a potential biorefinery, the Ru/C-catalysed hydrogenation of sugars to the corresponding sugar alcohols. For the case study of this work, the knowledge-based screening identified five potential fixed-bed reactor configurations, namely (a) conventional trickle-bed reactor (TBR), (b) miniaturised trickle-bed reactor (MTBR), (c) wall-coated minichannel reactor (MCWR), (d) minichannel reactor packed with catalytic particles (MCPR), and (e) minichannel reactor packed with a catalytic open-celled foam (MCFR).



In the process-simulation phase, a reasonable ruthenium loading for each of the pre-selected configurations was first identified, which ensures a high catalyst effectiveness factor. The computed loadings were in the range of   23 – 31      kg    Ru   /  m  WC  3   . Afterwards, process simulations predicted performance parameters such as the space-time yield with respect to the reactor volume or the catalyst mass, specific energy consumption as well as the required reactor length to achieve 99% conversion of the sugars. It should be mentioned that the complete range of flow conditions within the typically employed flow regime was covered in the simulations. Especially for the miniaturised reactor concepts, different feasible flow velocities within one regime provided a very large variation in the performance parameters, i.e., factors up to 43 for the space-time yield, above 400 for the energy consumption, and up to 10 for the required reactor length were obtained. This underlines that a fair comparison of different reactors necessitates the prior identification of favourable operating conditions.



Considering the case study, the results clearly demonstrate that minichannel packings, either with the deposited catalyst at the channel wall or with catalytic internals, outperform the traditional and miniaturised packed beds. Considering flow conditions for maximum productivity, the replacement of a conventional trickle-bed by a wall-coated foam-packed minichannel reactor will provoke an about 5- to 10-times larger space-time yield, although the energy spent per converted molecule is similar. Additionally, the efficiency of ruthenium use inside the reactor is at least two-fold compared to a conventional trickle-bed reactor. However, longer reactor lengths are required in the case of minichannel designs in comparison to random packed beds because higher flow velocities are needed to achieve stable Taylor flows. Miniaturised packed beds use the reactor volume more efficiently than the conventional ones but suffer from a large pressure drop. Particle-packed minichannel reactors also provide small reactor volumes and need small ruthenium loadings but inherently consume more energy for pushing the fluids through a comparatively long bed. However, such reactors can be quickly implemented because robust catalysts are commercially available, whereas more efforts are needed to provide catalytically active wall-coated or foam-packed beds.



The presented strategy represents a further step for simulation-assisted reactor selection. The main intention behind the simulation is the identification of the optimal operating conditions, which are not known a priori for emerging reactor concepts. A simulation platform was established that links process musts/wishes and feasible operational parameters with a library of reactor models that are implemented in Aspen Custom Modeler®. By further implementing general reaction schemes, other reaction processes can be analysed with a very small effort only via the MS-Excel interface. Especially, investigation of consecutive or parallel reactions would be very interesting because they involve selectivity issues which are affected additionally by the degree of backmixing inside the apparatus. It should be mentioned that further process constraints, such as the maximal temperature rise in non-adiabatic systems, may be additionally implemented into the process models, or a prior optimisation of the reactor geometry may be performed.



In evaluating the results, it must be emphasised that the prediction accuracy of the models depends on the quality of the mainly empiric correlations to describe hydrodynamic effects such as the flow regime, the phase holdup, backmixing, mass and heat transfer as well as the pressure drop. Because the correlations are usually obtained for specific geometries, and fluid pairs, extrapolation to other dimensions or use for other fluid pairs is always crucial and should be considered with care.



Taking up the idea of designing flow reactors, detailed studies with a manageable amount of standard reactors are suggested. Naturally, these standard reactors are not the optimal configuration for all processes. However, performance simulations for such reactors should be comparably precise because an adequate understanding of the occurring phenomena can be developed with a reasonable effort. By using such reaction modules, future production plants may be quickly and reliably planned and constructed by using solely tested and validated apparatuses. The sketched path towards modular plants is seen as a key driver to shorten process development time. This feature is especially important to realise multi-purpose plants allowing to produce highly individualised products.
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Nomenclature


Latin letters



	 A 
	   [   m 2   ]   
	Area



	 c 
	   [     mol   m    − 3    ]   
	Concentration



	   c P   
	   [     J   kg    − 1        K    − 1    ]   
	Isobaric heat capacity



	  d ,   D  
	   [ m ]   
	Diameter



	   D  a x    
	   [   m 2       s    − 1    ]   
	Axial dispersion coefficient



	   D i   
	   [   m 2       s    − 1    ]   
	Diffusion coefficient of component i



	   E A   
	   [     J   mol    − 1    ]   
	Activation energy



	 F 
	   [ − ]   
	Factor



	 g 
	   [     m   s    − 2    ]   
	Gravitational constant (9.81)



	 k 
	   [     m   s    − 1    ]   
	Mass transfer coefficient



	 K 
	   [   m 3       mol    − 1    ]   
	Adsorption and desorption quasi-equilibria



	   k j   
	   [     (     mol   m    − 3    )    1 − n    s  − 1    ]   
	Rate constant for reaction j with reaction order n



	   k ∞   
	   [     (     mol   m    − 3    )    1 − n    s  − 1    ]   
	Pre-exponential factor for reaction with reaction order n



	 L 
	   [ m ]   
	Length



	 m 
	   [  kg  ]   
	Mass



	 n 
	   [  mol  ]   
	Amount of substance



	 n 
	   [ − ]   
	Order of reaction



	   n ˙  , n p  
	   [     mol   s    − 1    ]   
	Molar flow rate



	 p 
	   [  Pa  ]   
	Pressure



	 P 
	   [ W ]   
	Power



	 r , R
	   [ m ]   
	Radial coordinate, radius



	 r 
	   [     mol   m    − 3        s    − 1    ]    or

   [     mol   kg    − 1        s    − 1    ]   
	Reaction rate per reaction volume or

per mass of catalyst/active compound



	 R 
	   [     J   mol    − 1        K    − 1    ]   
	Ideal gas constant (8.3145)



	  S T Y  
	   [     mol   m    − 3        s    − 1    ]   
	Space-time yield



	 t 
	   [ s ]   
	Time



	 t 
	   [ m ]   
	Thickness



	 T 
	   [ K ]   
	Temperature



	 u 
	   [     m   s    − 1    ]   
	Velocity



	 V 
	   [   m 3   ]   
	Volume



	   V ˙  ,   V P  
	   [   m 3       s    − 1    ]   
	Volumetric flow rate



	   X j   
	   [ − ]   
	Conversion of educt j (  =  (   c  j , i n   −  c  j , o u t    )   c  j , i n   − 1    )



	   x  R u    
	   [    kg   Ru        m   R  − 3    ]   
	Ruthenium loading per reactor volume



	 z 
	   [ m ]   
	Axial coordinate of reactor








Greek symbols



	 β 
	   [ − ]   
	Volume inside reactor over volume in boundary layer



	  Δ  H R   
	   [     J   mol    − 1    ]   
	Reaction heat



	  Δ p  
	   [  Pa  ]   
	Pressure drop



	 ε 
	   [ − ]   
	Void fraction/phase holdup



	 η 
	   [ − ]   
	Catalyst effectiveness factor



	 λ 
	   [     W   m    − 1        K    − 1    ]   
	Thermal conductivity



	 π 
	   [ − ]   
	Mathematical constant (3.14159…)



	 ρ 
	     kg   m    − 3    
	Density, loading



	 υ 
	   [ − ]   
	Stoichiometric coefficient








Subscripts and superscripts



	  A , A r a  
	Arabinose



	  a c t  
	Refers to catalyst activity



	  A O H , A r a O H  
	Arabitol



	  a x  
	Axial



	 C 
	Cylinder



	  C h  
	Channel



	 D 
	Distance



	  d y n  
	Dynamic



	  e f f  
	Effective



	  e q  
	Equivalent



	  e r r  
	Error



	 G 
	Gas or in the gas phase



	  G , G a l  
	Galactose



	  G L  
	Gas-liquid



	  G O H , G a l O H  
	Galactitol



	  G S  
	Gas-solid



	 h 
	Hydraulic



	 i 
	Index of reaction



	  i n  
	At the reactor inlet



	 j 
	Component j



	 L 
	Liquid or in the liquid phase



	  L S  
	Liquid-solid



	 m 
	Related to mass of catalyst



	  m a x , M a x  
	Maximal



	  M e  
	Metal (referring to active metal species)



	  o u t  
	At the reactor outlet



	 P 
	Spherical particle



	 q 
	Cross-sectional



	 R 
	Reaction or reactor



	 s 
	Superficial



	 S 
	Solid or in the solid phase



	 S 
	Slab



	  s t a t  
	Static



	  S t S t  
	Steady state



	  t o t  
	Total



	 v 
	Related to volume



	  W C  
	Washcoat



	 ∗ 
	Referring to saturation
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Figure 1. Reaction scheme of arabinose and galactose hydrogenation. 
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Figure 2. Overview of parameters and constraints in the case scenario. 
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Figure 3. Value of the objective function versus (a) activation energy and pre-exponential factor of galactose hydrogenation, (b) activation energy and the pre-exponential factor of arabinose hydrogenation, (c) arabinose adsorption equilibrium constant and the pre-exponential factor of arabinose hydrogenation, and (d) both activation energies. Please note that the depicted pre-exponential factors refer to a reference temperature and, therefore, have different values. 
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Figure 4. Principles of optimisation studies for each reactor type. 
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Figure 5. (a) Axial concentration profiles of all components in the liquid phase within the minichannel wall reactor at    u  L , s   = 0.68    m  / s  ,    u  G , s   = 0.23    m  / s  ,    x  R u   = 23.0     kg   Ru   /  m  WC  3    and (b) the effect of reduced ruthenium content on the conversion of both reactants for high throughput   (  u  G / L   ↑  :    u  L , s   = 0.68    m  / s  ,    u  G , s   = 0.32    m  / s  ,    L R  = 5.93    m   ) and low throughput   (  u  G / L   ↓  :    u  L , s   = 0.02    m  / s  ,    u  G , s   = 0.005    m  / s  ,    L R  = 0.62    m   ). 
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Figure 6. Volumetric space-time yield referring to galactitol in minichannel wall reactors operating in the Taylor flow mode of different gas and liquid superficial velocities. 
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Figure 7. Required reactor length of minichannel wall reactors operating in the Taylor flow mode of different gas and liquid superficial velocities to achieve 99% conversion of the sugars. 
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Figure 8. Specific energy consumption of minichannel wall reactors operating in the Taylor flow mode of different gas and liquid superficial velocities. 
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Figure 9. (a) Axial concentration profiles of all components in the liquid phase within the particle-packed minichannel reactor at    u  L , s   = 1.46    m  / s  ,    u  G , s   = 0.22    m  / s  ,    x  R u   = 26.0      kg    Ru   /  m  WC  3    and (b) effect of reduced ruthenium content on the conversion of both reactants for high throughput   (  u  G / L   ↑  :    u  L , s   = 1.46    m  / s  ,    u  G , s   = 0.22    m  / s  ,    L R  = 11.6    m   ) and low throughput   (  u  G / L   ↓  :    u  L , s   = 0.002    m  / s  ,    u  G , s   = 0.004    m  / s  ,    L R  = 2.49    m   ). 
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Figure 10. Volumetric space-time yield referring to galactitol in particle-packed minichannel reactors operating at different gas and liquid superficial velocities. 
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Figure 11. Required reactor length of particle-packed minichannel reactors operating at different gas and liquid superficial velocities. 
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Figure 12. Specific energy consumption of particle-packed minichannel reactors operating at different gas and liquid superficial velocities. 
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Figure 13. (a) Axial concentration profiles of all components in the liquid phase within the foam-packed minichannel reactor at    u  L , s   = 0.017   m / s  ,    u  G , s   = 0.17   m / s  ,    x  R u   = 30.5      kg    Ru   /  m  WC  3    and (b) effect of reduced ruthenium content on the conversion of both reactants for high throughput   (  u  G / L   ↑  :    u  L , s   = 0.017   m / s  ,    u  G , s   = 0.17   m / s  ,    L R  = 0.063   m  ) and low throughput   (  u  G / L   ↓  :    u  L , s   = 0.001   m / s  ,    u  G , s   = 0.008   m / s  ,    L R  = 0.008   m  ). 






Figure 13. (a) Axial concentration profiles of all components in the liquid phase within the foam-packed minichannel reactor at    u  L , s   = 0.017   m / s  ,    u  G , s   = 0.17   m / s  ,    x  R u   = 30.5      kg    Ru   /  m  WC  3    and (b) effect of reduced ruthenium content on the conversion of both reactants for high throughput   (  u  G / L   ↑  :    u  L , s   = 0.017   m / s  ,    u  G , s   = 0.17   m / s  ,    L R  = 0.063   m  ) and low throughput   (  u  G / L   ↓  :    u  L , s   = 0.001   m / s  ,    u  G , s   = 0.008   m / s  ,    L R  = 0.008   m  ).



[image: Processes 09 01558 g013]







[image: Processes 09 01558 g014 550] 





Figure 14. Volumetric space-time yield referring to galactitol in foam-packed minichannel reactors operating at different gas and liquid superficial velocities. 
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Figure 15. Required reactor length of foam-packed minichannel reactors operating at different gas and liquid superficial velocities. 
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Figure 16. Specific energy consumption of foam-packed minichannel reactors operating at different gas and liquid superficial velocities. 
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Figure 17. (a) Axial concentration profiles of all components in the liquid phase within the mini trickle-bed reactor at    u  L , s   = 0.03    m  / s  ,    u  G , s   = 0.30    m  / s  ,    x  R u   = 27.5      kg    Ru   /  m  WC  3    and (b) effect of reduced ruthenium content on the conversion of both reactants for high throughput   (  u  G / L   ↑  :    u  L , s   = 0.03    m  / s  ,    u  G , s   = 0.30    m  / s  ,    L R  = 0.34    m   ) and low throughput   (  u  G / L   ↓  :    u  L , s   = 0.001    m  / s  ,    u  G , s   = 0.01    m  / s  ,    L R  = 0.53    m   ). 
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Figure 18. Volumetric space-time yield referring to galactitol in mini trickle-bed reactors operating at different gas and liquid superficial velocities. 
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Figure 19. Required reactor length of mini trickle-bed reactors operating at different gas and liquid superficial velocities. 
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Figure 20. Specific energy consumption of mini trickle-bed reactors operating at different gas and liquid superficial velocities. 
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Figure 21. (a) Axial concentration profiles of all components in the liquid phase within the trickle-bed reactor at    u  L , s   = 0.03   m / s  ,    u  G , s   = 0.125   m / s  ,    x  R u   = 21.5     kg   Ru   /  m  WC  3    and (b) effect of reduced ruthenium content on the conversion of both reactants for high throughput   (  u  G / L   ↑  :    u  L , s   = 0.03   m / s  ,    u  G , s   = 0.125   m / s  ,    L R  = 1.29   m  ) and low throughput   (  u  G / L   ↓  :    u  L , s   = 0.001   m / s  ,    u  G , s   = 0.01   m / s  ,    L R  = 1.74   m  ). 
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Figure 22. Volumetric space-time yield referring to galactitol in trickle-bed reactors operating at different gas and liquid superficial velocities. 
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Figure 23. Required reactor length of trickle-bed reactors operating at different gas and liquid superficial velocities. 
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Figure 24. Specific energy consumption of trickle-bed reactors operating at different gas and liquid superficial velocities. 
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Figure 25. Performance parameters of the studied minichannel reactors:  [image: Processes 09 01558 i001] minichannel wall reactor,  [image: Processes 09 01558 i002] minichannel reactor packed with particles,  [image: Processes 09 01558 i003] minichannel reactor with foam packing, and trickle-bed reactors:  [image: Processes 09 01558 i004] conventional and  [image: Processes 09 01558 i005] miniaturised at flow conditions creating (a) maximal space-time yields, (b) minimal reactor lengths, and (c) minimal specific energy consumptions in the adiabatic hydrogenation of arabinose/galactose mixtures (pin = 6 MPa, Tin = 115 °C). 
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Table 1. Kinetic parameters of the rate expressions to describe the 41 experimental concentration-time plots for single sugar hydrogenation [43] as well as sugar mixture hydrogenation [67].
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	Parameter
	Value
	Relative Error (%)





	    k  ∞ , A     
	   5.72      m   6  /  (     s   mol   g    Ru    )    
	   1.8   



	    E  A , A     
	   48.3   kJ /  (   mol   K   )    
	   1.5   



	    k  ∞ , G     
	   13.9      m   6  /  (     s   mol   g    Ru    )    
	   3.0   



	    E  A , G     
	   53.2    kJ  /  (   mol   K   )    
	   3.5   



	    K A    
	   1.64 ×   10   − 3        m   3  / mol   
	   3.0   







With    k i  =  k  i , ∞   exp  (  −    E  A , i     R T    )   .
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Table 2. Comparison of the 5 investigated reactor configurations based on quantitative criteria derived from the process simulations.
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	Reactor 1
	Flow Condition

for
	    S T  Y  G a l O H , v      

     (   m o l  /  (   s      m   R  3   )   )     
	    S T  Y  G a l O H , m      

     (   m o l  /  (   s     k    g    R u     )   )     
	     L R     

     (  m  )     
	    P /   n ˙   G a l O H      

     (   k J  /  m o l   )       





	MCWR
	Max.   S T Y  
	   20.5   
	   10.5   
	   5.79   
	0.54



	
	Min.    L R   
	   5.39   
	   2.78   
	   0.65   
	   2.4 ×   10   − 3     



	
	Min.  P 
	   7.08   
	   3.65   
	   0.98   
	   1.2 ×   10   − 3     



	
	Overall Min./Max.
	   20.5   
	   10.5   
	   0.65   
	   1.2 ×   10   − 3     



	MCPR
	Max.   S T Y  
	   29.2   
	   11.5   
	   5.98   
	   11.7   



	
	Min.    L R   
	   1.65   
	   0.65   
	   2.11   
	   0.44   



	
	Min.  P 
	   1.39   
	   0.55   
	   2.52   
	   0.12   



	
	Overall Min./Max.
	   29.2   
	   11.5   
	   2.52   
	   0.12   



	MCFR
	Max.   S T Y  
	52.9
	6.96
	   2.4 ×   10   − 2     
	   3.3 ×   10   − 3     



	
	Min.    L R   
	38.9
	5.11
	   5.4 ×   10   − 3     
	   3.1 ×   10   − 4     



	
	Min.  P 
	25.1
	3.29
	   8.4 ×   10   − 3     
	   1.6 ×   10   − 5     



	
	Overall Min./Max.
	52.9
	6.96
	   5.4 ×   10   − 3     
	   1.6 ×   10   − 5     



	MTBR
	Max.   S T Y  
	17.3
	3.11
	0.37
	3.68



	
	Min.    L R   
	7.73
	1.38
	0.33
	2.35



	
	Min.  P 
	0.40
	0.07
	0.53
	0.28



	
	Overall Min./Max.
	17.3
	3.11
	0.33
	0.28



	TBR
	Max.   S T Y  
	4.65
	3.64
	1.37
	0.15



	
	Min.    L R   
	2.58
	2.02
	0.98
	0.15



	
	Min.  P 
	1.63
	1.28
	1.30
	0.14



	
	Overall Min./Max.
	4.65
	3.64
	0.98
	0.14







1 MCWR—minichannel wall reactor, MCPR—minichannel reactor with particles, MCFR—minichannel reactor with foam packing, MTBR—mini trickle-bed reactor, TBR—trickle-bed reactor.
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Table 3. Comparison of the 5 investigated reactor configurations based on qualitative criteria.
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Criteria

	
Parameter

	
MCWR

	
MCPR

	
MCFR

	
TBR

	
MTBR






	
Catalyst 1

	
Preparation

	
Lab-scale

	
Industrial

	
Lab-scale

	
Industrial

	
Industrial




	
Replacement

	
Moderate (exchange packing)

	
Moderate (exchange particles)

	
Moderate (exchange packing)

	
Simple

	
Simple




	
Process 2

	
Blocking risk

	
Small

	
Medium

	
Small

	
Small

	
High




	
Experience

	
Lab-scale

	
Lab-scale

	
Lab-scale

	
Industrial

	
Industrial








MCWR—minichannel wall reactor, MCPR—minichannel reactor packed with particles, MCFR—minichannel reactor with foam packing, MTBR—mini trickle-bed reactor, TBR—trickle-bed reactor; 1 preparation of Ru/C catalysts, 2 general evaluations not specific for sugar hydrogenation.
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Table 4. Characteristic parameters of the different reactor configurations for the case production scenario of 5000 tonnes/year galactitol (reactors operate at maximal space-time yield).
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	Reactor
	    S T  Y  G , v      

    (  m o l  /  (   s      m   R  3   )  )    
	     V R     

    (  L  )    
	     L R     

     (  m  )     
	     D R     

    (  c m  )    
	    N o .   o f   C h a n n e l s    

    ( − )    
	   P   

    (  M W h  /  a  )    





	MCWR
	20.5
	47
	5.8
	12.9
	8050
	4.1



	MCPR
	29.2
	33
	6
	10.6
	5460
	89.3



	MCFR
	52.9
	18
	0.02
	108
	188,000
	0.03



	MTBR
	17.3
	55
	0.37
	44
	-
	28.1



	   TBR   
	4.65
	205
	1.37
	44
	-
	1.1







MCWR—Minichannel wall reactor, MCPR—Minichannel reactor with particles, MCFR—Minichannel reactor with foam packing, MTBR—Mini Trickle-bed reactor, TBR—Trickle-bed reactor.
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