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Abstract: Biogas is a significant by-product produced in algae processing and may be used for many 

different applications, not only as a renewable energy carrier but also as a chemical intermediate in 

integrated algae-based biorefineries. In this work, the reforming of biogas to H2/CO2 mixtures (re-

ferred to as SynFeed) as feed for the direct hydrogenation of CO2 to methanol is investigated. Two 

conventional processes, namely steam methane and autothermal reforming, with upstream CO2 

separation from raw biogas are compared to novel concepts of direct biogas bi- and tri-reforming. 

In addition, downstream CO2 separation from SynFeed using the commercial Selexol process to 

produce pure H2 and CO2 is considered. The results show that upstream CO2 separation with sub-

sequent steam methane reforming is the most economic process, costing 142.48 €/tSynFeed, and taking 

into consideration the revenue from excess hydrogen. Bi-reforming is the most expensive process, 

with a cost of 413.44 €/tSynFeed, due to the high demand of raw biogas input. Overall, SynFeed from 

biogas is more economical than SynFeed from CO2 capture and water electrolysis (464 €/tSynFeed), but 

is slightly more expensive than using natural gas as an input (107 €/SynFeed). Carbon capture using 

Selexol comes with costs of 22.58–27.19 €/tCO2, where approximately 50% of the costs are derived 

from the final CO2 compression. 
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1. Introduction 

With climate change considered to be one of the biggest challenges of the current 

time, the relevance of sustainable fuels and chemicals is ever-growing. Renewable hydro-

gen (H2) and methanol are considered to be next generation energy carriers–up to the so-

called hydrogen- and methanol-economies [1]. While H2 is a carbon-free high-caloric gas, 

methanol is a versatile and easy to handle liquid hydrocarbon. Both chemicals can be uti-

lized for various applications. These include the production of power, heat or synthetic 

drop-in fuels (e.g., kerosene (HEFA), diesel (FAME) or gasoline) [1,2]. Another applica-

tion is the production of short chain olefins or aromatic compounds, which are building 

block chemicals in plastics and solvents production. While H2 and methanol are currently 

produced mainly on the basis of fossil feedstocks, such as natural gas or coal, an alterna-

tive raw material could be biogas [3]. Biogas, a mixture of CH4 and CO2, can be obtained 

by anaerobic digestion of energy crops or municipal waste, as well as from algae residue. 

Algae represent an advanced biomass source, with lower land usage and higher 

productivity as compared with other types of biomass, while not competing with food 

production [4,5]. It can be utilized for a plethora of products. Algae refineries (see Figure 

1) cultivate algae in water using nutrients and carbon dioxide. The produced algae are 
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harvested and dewatered. The biomass consists of a considerable amount of bio-oil, which 

is separated using solvent extraction (e.g., hexane). These algal oils can be converted to 

fatty acids methyl esters (FAME), also called biodiesel and glycerol or hydroprocessed 

esters and fatty acids (HEFA), which are usable as biokerosene. The algae residue, on the 

other hand, is composed of carbohydrates and proteins and can be used as a feedstock for 

bioethanol or biogas production [2,4,5]. Biogas has many applications, including electric-

ity and steam generation through combustion and the use of gas and steam turbines. 

However, biogas can also be employed for the production of pure H2 or a mixture of H2 

and carbon dioxide (CO2) (here referred to as SynFeed) or carbon monoxide (CO) (synthe-

sis gas). Synthesis gas or SynFeed, in turn, can be used for methanol production based on 

conventional or direct CO2 hydrogenation [1]. 

Methanol in conjunction with H2 and CO2 are particularly interesting byproducts in 

an integrated algae-based biorefinery for the production of FAME or HEFA. FAME is pro-

duced by transesterification of bio-oils with methanol and is used mainly as a biodiesel 

blend [4,5]. HEFA, on the other hand, is manufactured by the hydrogenation of bio-oils 

using H2, and provides a major ASTM certificated way to produce sustainable aviation 

fuel (SAF) [6–8]. While methanol synthesis can be operated using SynFeed with H2/CO2 

ratio of 3 as feedstock, pure H2 for HEFA production has to be separated from the CO2 

first. However, the remaining CO2 should not be considered as waste but can be used as 

a raw material for algae cultivation. Therefore, the biogas produced from algae residue 

can be recycled as a raw material for the further upgrading of algal oils to fuels. Figure 1 

depicts the concept of such an integrated algae refinery. To estimate costs and efficiencies 

of such integrated FAME or HEFA concepts, first the biogas upgrading processes have to 

be fully understood. The conversion of biogas to SynFeed can be designed with different 

concepts, using steam or autothermal as well as bi- or tri-reforming processes combined 

with CO2 and H2 capture. The economics of these processes are highly dependent on pro-

cess performance indicators, such as yield, utility demand, efficiency or the production of 

byproducts. 

Various researchers have produced significant work on the topic of biogas reforming. 

Zhao et al. 2020, as well as Minh et al. 2018, give a comprehensive overview on methane 

(CH4) and biogas reforming processes in their review papers [9,10]. Important techno-

economic investigations were performed by Di Marcoberardino et al., Chein and Hsu, De 

Rose et al., Mentenegro Camacho et al. and Madeira et al. [11–15]. 

Di Marcoberardino et al. investigated green H2 production from raw biogas using 

conventional reforming technologies in combination with pressure swing adsorption 

(PSA) for H2 purification. The focus of their work is on the detailed modeling of pressure 

swing adsorption modes, leading to H2 costs of 4.00 to 6.50 €/kg H2 compressed to 20 bar 

[11]. Chein and Hsu produced research about the production of synthesis gas by tri-re-

forming of biogas using air as oxygen-donor. Their work does not include an economic 

analysis, however they investigate the influence of different operating conditions, such as 

pressure, temperature and reactant composition [15]. De Rose et al. performed a multi-

criteria and thermodynamic analysis on biogas reforming to synthesis gas in order to de-

tect optimal operational conditions [12]. Mentenegro Camacho et al. investigated the 

BioRobur reactor concept for the production of H2 by biogas autothermal reforming. Their 

work concluded that H2 costs of 2.70–5.30 €/kg can be expected at an amortization time of 

4 years [13]. Madeira et al. analyzed biogas-based H2 production from cassava waste water 

plants and identified H2 costs of 0.13 US$/kWh, including capital, fuel and maintenance 

costs at a payback period of 7 years [14]. 

Integrated algae-based biorefineries, on the other hand, have been investigated by 

Gong and You, Gebreslassi and Galanopoulos et al. [16–20]. Gong and You investigated 

the production of biodiesel (FAME) from bio-oil and methanol, the implementing of bio-

gas production from algae residue, CO2 separation from biogas as well as subsequent 

steam reforming, the mixing of synthesis gas with CO2 and methanol synthesis [17]. Ge-

breslassie et al. studied biogas production from algae residue, in combination with biogas 
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upgrading and combustion to produce electricity [20]. Galanopoulos et al. optimized an 

algae refinery integrated with a wheat straw refinery, implementing an additional con-

version step of algae residue to bioethanol and levulinic acid [19]. While Gong and You, 

as well as Gebreslassie, showed that biogas would be utilized to produce required heat 

and electricity, Galanopoulos showed that integration which results in value-added prod-

ucts can outperform pure energy production [19]. 

What is missing in these studies to date is a detailed investigation of biogas reforming 

using different concepts with the goal of SynFeed production, which can be utilized either 

as a methanol synthesis feedstock or a pure H2 and CO2 feed as would be required in 

algae-based biorefineries producing either FAME or HEFA. This investigation includes 

different reforming technologies using either purified CH4 or direct biogas, as well as up-

grading technologies like CO2 capture or H2 separation. This work could subsequently be 

used for further investigations, such as research about integrated algae-based biorefiner-

ies. To close this research gap and provide the required data, such as economy-of-scale 

capital costs, utility demands, operating pressures and temperatures, the work at hand 

presents a simulation study of different biogas reforming systems for the production of 

either SynFeed or pure H2 and CO2. The determined process performance indicators are 

used afterwards for a techno-economic analysis and a comparison of the net production 

costs of SynFeed in the context of the German energy system. 

 

Figure 1. Concept of an integrated algae biorefinery. 

2. Methodology 

During residue treatment in an algae refinery, biomass can be converted into biogas 

by anaerobic digestion. This biogas is comprised of roughly 65 vol. -% CH4 and 35 vol. -% 

of CO2. A subsequent biogas reforming process can be designed in a variety of ways, with 

each design including upstream dehydration as well as the removal of trace components. 

After pre-treatment, the conventional design incorporates a pre-capture of CO2, leading to 

pure CH4, which is then converted to H2 and CO2 by either steam methane or autothermal 

reforming. Pre-removal of CO2 can be performed using various processes, however pres-

sure swing adsorption is the most widely used process and thus is considered in the cur-

rent study. A novel concept includes direct biogas reforming as steam- or autothermal 

biogas reforming, also called bi-and tri-reforming. Here, pre-capture of CO2 is omitted. 
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To account for novel and renewable concepts, direct CO2 hydrogenation to methanol 

is considered to be a downstream conversion technology. Such a conversion technology 

would also allow for the integration of CO2 capture units from various flue gases, as well 

as H2 production from water electrolysis using renewable electricity (ref. Figure 1). The 

methanol production step is not simulated or integrated in the techno-economic analysis, 

however it defines the specifications of the final SynFeed product. In order to meet the 

specification of direct CO2 hydrogenation, raw synthesis gas from biogas/methane reform-

ing has to be further converted to CO2 and H2 by the water gas shift reaction. An additional 

benefit of this process is that it results in maximizing the H2 share in the raw SynFeed, 

which allows for a flexible operation as either a SynFeed production unit or pure H2 and 

CO2 production units. Utilizing these concepts, a total of four different biogas conversion 

technologies are considered, as well as CO2 capture from SynFeed mixtures for H2 pro-

duction (ref. Figure 2). The selected technology for CO2 capture from raw SynFeed in this 

study is physical absorption using Selexol. This technology is highly developed, is oper-

ated at an industrial scale and favors high CO2 contents as well as operating pressures. As 

such, it is an optimal choice for CO2 capture from biogas/methane reformers. In the Chap-

ters 2.1 to 2.5, the different process concepts are presented. The simulation models are 

then described in Chapter 3 and the process performance indicators, as well as economic 

key figures, are presented in Chapter 4. 

 

Figure 2. Biogas upgrading pathways for application in integrated biorefineries and power-to-x concepts. 

2.1. Steam Methane Reforming (SMR) 

Steam reforming of methane is a prominent way to produce synthesis gas or H2; the 

former being feed for methanol or Fischer-Tropsch-Synthesis, and the latter being a major 

input for oil refineries or ammonia production [3]. Industrial steam reformers are de-

signed for small- to large-scale H2 output of 1000–200,000 Nm3/h, with 50,000 Nm3/h being 

a typical capacity [10]. In steam methane reforming (SMR), CH4 reacts with steam over a 

nickel-based catalyst via the endothermic reaction Equation (1) to form CO and H2 [3]. 

Due to its endothermic nature and a surplus of substance on the product site, the equilib-

rium of this reaction is shifted to the product site by high temperatures and low pressures. 

Based on Equation (1), an equilibrium steam to carbon ratio (S/C) for SMR is reached at 1. 

The process is often operated at high temperatures of 700–900 °C and elevated pressures 

of 20–40 bar [3,21]. Higher temperatures can lead to coke formation, while lower temper-

atures can reduce CH4 conversion [10]. The effect of the pressure on CH4 conversion is 

rather small compared to that of the temperature, while lower pressures account for 

higher conversion. Pressures of 20–40 bar are chosen anyway, due to reduced equipment 
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size and lower capital expenditures, as well as down-stream processing at high pressures 

[22]. The decreased CH4 conversion due to high pressures is offset, to some extent, by an 

elevated S/C of 3–5. 

Besides the steam reforming reaction, nickel-based catalysts also promote the water-

gas-shift (WGS) reaction (Equation (2)). This reaction is slightly exothermic and is respon-

sible for CO2 formation from CO. Due to its exothermic nature, the WGS reaction is fa-

vored at low temperatures. 

CH� + H�O ⇌  3 H� + CO,  

ΔH� = 206 kJ/mol 
(1)

CO + H�O ⇌   H� + CO�,  

ΔH� = −41 kJ/mol 
(2)

If H2, rather than synthesis gas, is the target product of the reforming process, CO is 

not desired in the product stream. In addition, a maximum conversion of CH4 and a max-

imum yield of H2 is desired. If lower pressures are not practicable, higher S/C ratios are 

appropriate in order to maximize CH4 conversion. Additionally, WGS reaction is en-

hanced by one or two additional WGS reactors. Often, these are designed as one high 

temperature water-gas-shift (HT-WGS) reactor and one low temperature water-gas-shift 

(LT-WGS) reactor. HT-WGS reactors operate at temperatures of 300–500 °C using Fe/Cr 

or Co/Mo catalysts, while LT-WGS operate at 190–280 °C using CuO/ZnO catalysts [3,21]. 

The dual reactor design is used to take advantage of the higher reaction rates at elevated 

temperatures and higher conversion at lower temperatures, thus minimizing capital costs 

while maximizing H2 yield. 

2.2. Autothermal Methane Reforming (ATR) 

Another prominent way to produce synthesis gas or H2 is by autothermal reforming 

(ATR). This process combines the partial oxidation of CH4 (Equation (3)) with steam re-

forming (Equation (1)). 

CH� + 1
2�  O�  ⇌  CO + 2 H�,  

ΔH� = −36 kJ/mol 
(3)

ATR can also be used to produce synthesis gas from longer hydrocarbons, such as 

gasoline or naphtha [3]. The combination of endothermic steam reforming and exothermic 

partial oxidation ensures a high H2 yield, while transforming the process into an autother-

mal process where the partial oxidation supplies the heat needed for the reforming pro-

cess [3]. Industrial reactors are designed as one unit-operation which utilizes two reaction 

zones. At the top, fuel as well as oxygen (or air) and steam are fed into the reactor and fuel 

and oxygen (O2) are then partially oxidized, supplying heat. The reacted gas mixture then 

enters a tubular reaction zone filled with nickel catalysts in order to perform the reforming 

reactions. Operating temperatures of 850–1100 °C are slightly higher than in conventional 

steam reformers, while pressure is in the same range with 20–70 bar [3,23,24]. Due to 

higher operating temperatures, as well additional partial oxidation reforming of CH4 and 

O2, CH4, conversion is generally higher when using ATR compared to SMR, while H2/CO2 

ratio is generally lower. Another advantage of using ATR is that the H2/CO ratio can be 

adjusted by tuning the S/C and O2/C ratio. 

2.3. Biogas Steam Reforming/Bi-Reforming (BIR) 

Direct steam reforming of biogas is also called steam biogas reforming (BGR) or bi-

reforming (BIR). In bi-reforming, steam reforming reaction (Equation (1)) is accompanied 

by the dry reforming of CH4 and CO2 according to Equation (4), due to the presence of 

CO2 in the feed. 

CH� + CO�  ⇌  2CO + 2 H�,  (4)
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ΔH� = 247 kJ/mol 

The reaction is endothermic and favors high temperatures and low pressures. Often, 

the CH4/CO2 ratio in bi-reforming systems is considered to be an important design param-

eter. However, in this work this parameter was fixed due to the given composition of the 

biogas. Other process variables are the reforming temperature (500–1000 °C), as well as 

the pressure (1–40 bar) and S/C ratio (3–5, similar to SMR) [9]. In the literature, bi-reform-

ing processes are often described as being designed at a lower pressure (6–16 bar) and 

slightly lower temperatures of 800–850 °C, yielding higher CH4 and CO2 conversion [9,11]. 

2.4. Biogas Autothermal Reforming/Tri-Reforming (TRIR) 

Biogas autothermal reforming, better known as tri-reforming (TRIR), combines bi-

reforming with partial oxidation. Accordingly, Equations (1)–(4) take place in TRIR. O2 for 

partial oxidation is supplied as air or pure O2. Pure O2 leads to higher purities in the prod-

uct stream but is costly to produce. Studies investigating the thermodynamic behavior of 

TRIR indicate similar pressures as the other processes with 1–20 bar and high tempera-

tures of 800 °C–1000 °C. Often, low pressures at around 1 bar with temperatures at the 

low end of 800 °C are investigated [9,11,15]. 

2.5. CO2 Capture by Selexol Process 

The presented reforming technologies produce H2/CO2 gas mixtures of different ra-

tios. For some of the processes, a partial CO2 capture has to be incorporated in order to 

meet the H2/CO2 ratio specification required for direct CO2 hydrogenation methanol syn-

thesis. Another approach is to produce pure CO2 and H2 as stand-alone products from the 

SynFeed. In both cases, CO2 capture is an integral part of the process design. 

The most commonly used technologies for CO2 capture are chemical absorption 

(MEA and MDEA), physical absorption (Selexol, Rectisol) or pressure swing adsorption 

[25]. While chemical absorption relies on low pressure steam for solvent regeneration, 

physical absorption and pressure swing adsorption rely on pressure relief in combination 

with cooling. 

Carbon capture using physical absorption is especially interesting for streams with a 

high CO2 content and partial pressure. The Selexol process is one of the most advanced 

physical absorption processes and utilizes a mixture of polyethylene glycols as the sol-

vent. Due to its high affinity to H2S, this process can be designed for dual-extraction, cap-

turing H2S and CO2 separately or together [25]. This feature makes it interesting for a sul-

fur-rich gasification feed such as coal. However, in methane reforming systems, catalysts 

are sensitive to sulfur. Therefore, it is expected that sulfur components will be removed 

prior to the biogas reforming. Thus, the Selexol process can be designed as a single-stage 

extraction which reduces capital and operating costs. 

3. Process Simulation 

Process models for SMR, ATR, BIR, TRIR and Selexol carbon capture were devel-

oped. The models are implemented in Aspen Plus V10. 

As in other literature-based studies, the Peng-Robinson equation of state is utilized 

in the process models for reforming technologies [11,12]. CO2 capture by Selexol requires 

more complex solvent–gas interaction and is therefore modeled using PC-SAFT [26,27]. 

All the reforming processes are designed for a base capacity of 1000 kmol/h gas input, 

where SMR and ATR use pure CH4 (16 t/h), BIR and TRIR use raw biogas with a CH4/CO2 

ratio of 0.65/0.35 (25.8 t/h). This amount of biogas roughly corresponds to an algae refinery 

producing about 61 million liters (46 kt) of jet fuel per year via hydro-processing of algae 

oil [28]. The base feed load for the Selexol units is the SynFeed output of the respective 

reforming technology. 
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3.1. Process Design and Modeling of SMR Process 

As described above, the SMR process is designed for high CH4 conversion as well as 

high H2 yield and low CO content in order to be utilized as either feed in direct hydro-

genation of CO2 to methanol or as H2 feed in HEFA production using algal oil. 

The process flow diagram is presented in Figure 3. It is assumed that CO2 is separated 

from the biogas beforehand, leading to a pure CH4 input. First, this pure CH4 is com-

pressed in a two-stage compression with intercooling to 40 °C. Afterwards the gas feed is 

pre-heated to 500 °C and mixed with steam at 500 °C to the desired S/C ratio. Here, two 

different approaches are taken and investigated independently from each other. 

The first approach is a medium S/C = 3.5, which is a common value for SMR. In this 

layout, the CH4 conversion is <90%, which is not critical in common applications. Unre-

acted off-gas is simply used as fuel for the heat integration of the conversion reactor. How-

ever, in this study the target process is the direct hydrogenation methanol synthesis using 

the complete product gas from the reforming process. Impurities, such as remaining CH4, 

lead to higher volume flows which would require larger equipment, thus they should be 

minimized. The other concepts that are investigated (ATR, BIR, TRIR) also yield higher 

conversion rates and, thus, lower impurities. To counter this effect and ensure a fair com-

parison of technologies, a second S/C ratio of 5 is investigated. Here, a conversion of at 

least 95% is achieved, leading to low CH4 impurities of maximum 1 mol.-% in the product 

stream. The mixture of steam and CH4 is fed into an adiabatic pre-reformer. Such reform-

ers are normally used to break down longer hydrocarbons of fossil feedstock. Here it is 

used to guarantee that only short-chain hydrocarbons enter the main reformer. The pre-

reformer is modeled as a Gibbs reactor. After pre-reforming, the gas mixture is pre-heated 

to 600 °C using the hot outlet from the main reformer. In industry, the main reformer is 

designed as a tubular reactor with external burners. Here it is modeled as two Gibbs re-

actors. The first one is the reformer itself, which operates at 890 °C and performs the en-

dothermic steam reforming and slightly exothermic WGS reaction. This reactor represents 

the tubular catalytic reformer part. The second reactor represents the external burners. 

Here, additional CH4 fuel is mixed with air at 15% O2 excess. The fuel–air mixture is re-

acted to provide the required heat for the reforming reaction. The flue gas temperature is 

set at 1010 °C, while the fuel input is designed for full heat supply of the main reformer. 

The hot flue gas is used to generate superheated steam at 74 bar and 600 °C. This 

steam is depressurized in the first steam turbine to 26 bar in order to generate electricity. 

The hot reformer outlet is cooled in several steps. At first, it is used to pre-heat the pre-

reformer outlet. Following this, it is utilized to superheat the steam/methane feed to the 

pre-reformer to 500 °C. Finally, the remaining heat is used to evaporate and superheat 

water at 26 bar. After this series of heat exchanges, the reformer outlet enters the HT-WGS 

at 350 °C. The HT-WGS is modeled as an equilibrium reactor that performs the WGS-

reaction at adiabatic conditions. The hot WGS outlet is then cooled down to 210 °C, gen-

erating steam at 26 bar. Part of the medium pressure steam is used as the feed for the 

reformer. This share depends on the S/C configuration. The rest of the medium pressure 

steam mixture is depressurized in a MP-steam turbine to 3 bar, in order to generate elec-

tricity. The cold WGS outlet enters the LT-WGS reactor, which is also modeled as an adi-

abatic equilibrium reactor, performing the reaction at 210 °C. Some of the heat of the LT-

WGS outlet is recovered in order to produce 3 bar LP-steam, which is mixed with the MP-

turbine outlet and depressurized to 0.25 bar in a LP-steam turbine. The LP-turbine outlet 

is afterwards condensed at about 36 °C and pumped to working pressures by several feed 

pumps. The cooled WGS-outlet is further cooled to 40 °C, utilizing cooling water. After-

wards it is injected into a flash drum, separating water and product gases. While the water 

is recycled and used as an input for the feed pumps, the gases, containing mainly H2 and 

CO2, are compressed to 70 bar for methanol synthesis using a product compressor. 
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Figure 3. Process flow diagram of the SMR process (Stream details for flows 1–12 in Appendix E). 

In this study, the final product compressor is taken as a decisive unit-operation for 

the reforming operation pressure. The inlet temperature, as well as outlet pressure, are 

fixed at 40 °C and 70 bar. A single-stage compression should be applied, and the outlet 

temperature of the compressor should not exceed 180 °C. By further defining pressure 

drops in the unit-operations, the feed pressure is determined. Pressure drops for reactors, 

heat exchanger and heat recovery units are taken from the literature, while pressure stages 

for the different turbines are designed based on experience. 

To properly size and cost heat exchangers, the thermal transmittance U for each ex-

changer is calculated based on the VDI-Wärmeatlas using Equations (5)–(7) [29]. Here U-

values for the Gas–Gas as well as the Liquid–Liquid heat exchanger are assumed to be 

linear depending on pressure, while waste heat recovery has a fixed value. Where heat 

exchangers have multiple roles in one (e.g., economizing (liq.-liq.), evaporation (HRSG) 

and super heating (gas-gas)), a mean value based on the amount of heat exchanged for 

the different types of heat exchange is calculated. Table 1 shows the calculated U-values 

for the described model. 

���� =  1.533 ∙ � + 18.467  (5)

���� =  1.294 ∙ � + 41.206  (6)

����� =  32.5  (7)

Table 1. Calculated U-Values for different heat exchanger in SMR X95 case. 
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(MW) 

PMEAN 

(bar) 

Gas-Gas 

% 
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% 

Gas-

Liq.% 

U-Value 

(W/m2K) 

LP-HRSG 3.67 13.05 3.40 78.90 17.90 39.43 

MP-HRSG 1 23.48 25.25 21.60 52.40 26.00 48.15 

MP-HRSG 2 14.88 24.90 10.60 59.90 29.50 46.53 

HP-HRSG  70.56 37.80 21.50 42.35 36.15 45.67 

Pre-Heater 12.48 24.95 100.00 0 0 56.71 

Gas-Heater 4.89 25.20 100.00 0 0 56.95 

Super-heater  2.35 25.20 100.00 0 0 57.09 
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Modeling the reactors as Gibbs or equilibrium reactors simplifies the simulation 

tremendously, however it is not completely accurate. While the reforming and WGS 

reaction are fast at the assumed temperatures, the real equilibrium is not reached in 

industrial reactors. Gibbs and equilibrium reactors assume an infinite reaction time. 

However, real reforming processes operate at small residence times of about 1 s [22]. To 

balance this offset, the temperature approach method suggested by Hamelinck et al., as 

well as Katofsky, is used [22,24]. It allows for a definition of a temperature offset at which 

the equilibrium composition is calculated, while the energy balances are performed at the 

real reactor temperatures. This leads to a slightly reduced conversion and therefore to a 

more realistic representation. Table 2 shows all the important key parameters for the SMR 

process design. 

Table 2. Key modeling parameters for SMR Process. 

Parameter Value Note Ref. 

Feed pressure/Reformer 26 bar/25.1 bar 

Based on outlet temperature 

of 180 °C max and pressure 

drops. 

 

Pre-Reformer 

Temperature/Approach 

500 °C 

Delta T = −10 °C 
 [22,30] 

Pre-Reformer pressure drop −0.5 bar  [22,24] 

Reformer 

Temperature/Approach 

890 °C 

Delta t = −10 °C 
 [22,30] 

Reformer pressure drop −0.5 bar  [24] 

Heat exchange pressure drop −0.2 bar  [22] 

HRSG pressure drop 
−0.5 bar liquid site 

−0.2 bar gas site 
 [22] 

HT-WGS pressure drop −0.5 bar  [22,24] 

HT-WGS 

Temperature/Approach 

350 °C 

DeltaT = 10 °C 
 [21,22,24] 

LT-WGS pressure drop −0.5 bar   [22,24] 

LT-WGS 

Temperature/Approach  

210 °C 

Delta T = 20 °C 

Temperature approach higher 

due to lower reaction rate at 

lower temperatures 

[21,22] 

HP-TUR Inlet/Outlet pressure 74/26 
Outlet pressure chosen based 

on required feed pressure 
Experience  

MP-TUR Inlet/Outlet pressure 26/3 bar  Experience 

LP-TUR Inlet/Outlet pressure 3 bar/0.25 

Based on 0.05 bar outlet at 

condenser with 0.2 pressure 

drop 

- 

Efficiency Pumps/Compressors 
80% isentropic 

100% mechanical 
 Experience 

Efficiency Turbine 
89% isentropic 

99% mechanical 
 [24] 

U-Values for HE 

Calculated based 

on linearized 

values 

 [29] 

Steam to Carbon ratio 3.5 and 5 
Based on literature and 95% 

CH4 Conversion 
[24] 

3.2. Process Design and Modeling of ATR Process 

The general concept of autothermal reforming is similar to steam reforming and is 

depicted in Figure 4. Steam and CH4 are pressurized to operating pressure and, 

afterwards, are heated to 500 °C for adiabatic pre-reforming. After pre-reforming the 

mixture is fed to the autothermal reactor. Additionally, pure O2 is fed to the reactor. In 

general, the ATR can be operated using air or O2. However, air leads to diluted streams 
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with a high content of nitrogen, requiring the complex separation of H2 and CO2. In 

addition, the process idea originates from integrated renewable processes, so it stands to 

reason that O2 is available as a byproduct of water electrolysis. The pre- and main-

reformer are designed as adiabatic Gibbs reactors. The hot outlet is used for heat 

integration and then fed to the dual-stage WGS at 350 °C and 210 °C. The WGS outlet is 

also used in the heat integration, and then cooled to 40 °C and flashed. The gaseous 

product is compressed to 70 bar. 

The autothermal process concept has various design variables. These include the S/C 

ratio, which can be lower or equal to the SMR process (0.5–3.5); the reformer pressure, 

which is between 20–70 bar; and the O2/C ratio, which is often around the partial oxidation 

stoichiometric value or higher [3,23,24]. Directly connected to the S/C and O2/C ratio is the 

reformer temperature, which is in the range of 850–1100 °C [3,23,24]. 

In order to constrain the design of the ATR to some extent, the following design 

principles are considered: 

1. The CO-content in the compressed product is limited to 1 mol. -%, since it serves as 

feed for direct hydrogenation methanol synthesis; 

2. the required heat is provided by heat integration of the partially oxidized feed, so 

that the ATR process is fully autothermal; 

3. the amount of O2 supplied is minimized, due to its energy-, emission- and cost-

intensive provision. 

To meet the CO-design criterion, the S/C ratio is set to 2.2/1. If the ratio is further 

increased, the CO content is further reduced, but more energy is required for steam 

generation, which leads to either external heat demand or the need for a higher O2 supply. 

To meet autothermal design (design principle 2) at an S/C ratio of 2.2, the reformer outlet 

temperature has to be at least 999 °C. To achieve this temperature, a superstoichiometric 

O2 supply is necessary. While it is possible to further increase the reformer temperature 

and thus generate excess energy that could be transformed into steam or electricity, this 

would contradict design principle 3 due to increased O2 demand. Therefore, the O2/C ratio 

is set at 0.574 in order to reach exactly 999 °C. As with the SMR process, U-values for heat 

exchangers are calculated using Equations (5)–(7). The resulting values are depicted in 

Table 3. The key parameters as well as literature references for the ATR design are 

provided in Table 4. 

 

Figure 4. Process flow diagram of the ATR process. 
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Table 3. Calculated U-Values for ATR Process heat exchanger. 

HE 
Total Amount of Heat 

(MW) 

PMEAN 

bar 

Gas-Gas 

% 

Evap. 

% 

Gas-

Liq.% 

U-Value 

(W/m2 K) 

ECO 4.43 24.65 0 0 100 7.10 

EVAP 1 11.71 - 0 100 0 32.50 

EVAP 2 15.33 - 0 100 0 32.50 

Super heater 6.62 25.20 100 0 0 57.10 

Gas-Heater 4.89 25.10 100 0 0 57.00 

Table 4. Key modeling parameters for ATR Process. 

Parameter Value Note Ref. 

Feed pressure (Reformer) 25.1 bar 

Based on similar design to 

SMR/Outlet temperature 

and pressure drops 

 

Pre-Reformer 

Temperature/Approach 

500 °C 

Delta T = -10 °C 
 [22,30] 

Pre-Reformer pressure drop −0.5 bar  [22,24] 

Reformer 

Temperature/Approach 

999 °C 

Delta t = −10 °C 
Based on design principles  

Reformer pressure drop -0.5 bar  [24] 

Heat exchange pressure drop -0.2 bar  [22] 

HRSG pressure drop 
−0.5 bar liquid site 

−0.2 bar gas site 
 [22] 

HT-WGS pressure drop −0.5 bar  [22,24] 

HT-WGS 

Temperature/Approach 

350 °C 

DeltaT = 10 °C 
 [21,22,24] 

LT-WGS pressure drop −0.5 bar   [22,24] 

LT-WGS 

Temperature/Approach  

210 °C 

Delta T = 20 °C 

Temperature approach 

higher due to lower 

reaction rate at lower 

temperatures 

[21,22] 

Efficiency 

Pumps/Compressors 

80% isentropic 

100% mechanical 
 Experience 

U-Values for HE 

Calculated based 

on linearized 

values 

 [29] 

Steam to Carbon ratio 2.2:1  Based on design principles  

Oxygen to Carbon ratio 0.574:1 Bases on design principles  

3.3. Process Design and Modeling of BIR 

The design of the bi-reforming process is based on the SMR process. In the literature, 

standard temperatures and pressures of 800–860 °C and 6–16 bars are presented [9,11,15]. 

However, pressures of 16 bar are too low to achieve the targeted design with a single-

stage product compression. Therefore, the reforming pressure is adjusted to 25.1 bar, 

which is equal to SMR and ATR pressure. As a result of the elevated pressure, the 

temperature as well as the S/C ratio must be increased in order to guarantee a minimum 

CH4 conversion of 95%. The maximum temperature values described in the literature 

correspond to 1000 °C, although a more conservative approach is taken here with T = 890 

°C (SMR Basis). The ratio of steam and CH4 is set to 5, based on the SMR process. Together 

with the CO2 from the biogas, the S/C is 3.25. U-values are calculated using the same 
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approach as in the SMR process, while all the remaining parameters are taken from the 

SMR case. Figure 5 shows the process flow diagram of the bi-reforming process. 

 

Figure 5. Process flow diagram of the bi-reforming process design. 

3.4. Process Design and Modeling of TRIR 

The TRIR process is modeled based on the autothermal reformer system. The design 

is also constrained by the three design principles defined for the ATR mentioned in 

Chapter 3.2. The S/C and O2/C ratios are designed in order to achieve high CH4 

conversion, while supplying all the required heat internally. The operating pressure of the 

reformer is once again limited by the product compressor outlet temperature. The final 

design specifies a reformer outlet temperature of 962 °C and CH4/H2O/O2 ratio of 

0.65/1.63/0.39. Due to a similar heat exchanger network design, U-values are identical to 

the ATR case, as are the remaining parameters. The process flow diagram is shown in 

Figure 6. 

 

Figure 6. Process flow diagram of the tri-reforming process (Stream details for flows 1–9 in Appendix E). 
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°C and feed pressure of 22.2 bar. The absorber tower is operating at 22.2 bar. While the 

gas stream enters the tower at the bottom, a lean Selexol/H2O mixture at −1 °C enters the 

tower at the top. The liquid and the gas pass the column in a countercurrent flow. During 

this process, the CO2 and some amount of H2 are dissolved into the solvent while releasing 

heat. After the capture process, the rich solvent is depressurized in a hydro-turbine to 10.5 

bar and then flashed adiabatically. The resulting gaseous stream is recompressed to 22.2 

bar, cooled down to 40 °C and consequently recycled back to the absorption column 

bottom. This is done in order to recycle most of the captured H2. The goal is to produce a 

high concentration of CO2 and H2, hence capturing H2 along with CO2 is undesirable. 

After H2 recycling, the remaining rich solvent is depressurized in two steps to 2.15 

bar and 0.3 bar. The first step is performed by a turbine; the second step by a valve and 

vacuum pumps. The cleaned solvent is mixed with make-up water and Selexol to account 

for losses in degassing. Afterwards, it is pumped to feed pressure and cooled to feed 

temperature by a chilling unit. The degassed CO2 flows are compressed and mixed 

consecutively. The resulting raw CO2 stream is available at 1.95 bar and 40 °C. These 

settings are tailored for use in algae cultivation or, rather, algae-based biorefineries. To 

provide additional information and to be able to compare CO2 capture costs with other 

process concepts investigated in the literature, a subsequent compression to 150 bar was 

implemented (e.g., for transportation or storage). This compression is achieved using a 

multistage compressor with three compression units, intermediate cooling to 40 °C and 

subsequent condensate separation. 

 

Figure 7. Process flow diagram of Selexol CO2-capture unit (Stream details for flows 1–7 in Appendix E). 

The carbon capture process is designed individually for all four types of biogas 

reformers. Due to the different H2/CO2 ratios, the amount of solvent required per ton of 

input gas, as well as the make-up Selexol and water requirements, vary. Common to all 
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Table 5. Key parameters of the Selexol process [27,31,32]). 

Equilibrium 

Stages 

Pressure Drops in 

HE 

Intercooling 

Temperature 

Isentropic Efficiency of 

Compressor, Pump and 

Turbine 

12 0.2 bar 40 °C 80% 

4. Results 

In the following, the results of the simulations are presented. First, the process 

performance indicators for all processes, namely the SMR, ATR, BIR, TRIR and Selexol 

processes, are shown. These indicators include purchase equipment costs, utility and raw 

material demand, as well as inlet and outlet flow rates and compositions. Provision of 

these data enables other scientist to reproduce and investigate biogas reforming processes 

customized to their own set of background data (e.g., utility costs, operating hours etc.). 

After the presentation of process performance indicators, a techno-economic assessment 

is performed to present the net production costs of the SynFeed, as well as the carbon 

capture costs of CO2. The reforming systems are customized to the German energy system. 

Finally, a sensitivity analysis is presented, and the results are discussed in terms of an 

integrated biorefinery concept. 

4.1. Process Performance Indicators of Biogas Reforming 

4.1.1. Stream Characteristics 

The product compositions of the different reforming technologies are presented in 

Table 6. The mass flows of all the concepts are in the scale of 47–50 t/h. The H2 output 

ranges from 3.5 t/h (TRIR) to 7.6 t/h (SMR), which corresponds to 40,000 to 80,000 Nm3/h 

and depicts conventional reforming capacities. A detailed stream table can be found in 

Appendix E. 

Steam reforming processes achieve superstoichiometric H2/CO2 ratios of around 4, 

while the ATR process reaches slightly under the stoichiometric ration of 2.8. Biogas 

reforming systems show the lowest ratios of 2.5 and 1.8 for BIR and TRIR, respectively. 

These results show that SMR would need additional CO2 (or H2 separation) for utilization 

in methanol synthesis, while all the other processes would require additional H2 (or CO2 

separation). While H2 concentration varies from 63.6 mol.-% (TRIR) to 78.8 mol.-% (SMR5), 

CO2 content varies from 19 mol.-% (SMR3.5) to 35 mol.-% (TRIR). This variation also 

indicates different behavior during the process of possible CO2 capture using Selexol. 

The rate of conversion of CH4 is lowest for the SMR3.5, at 89%. SMR5 and BIR result in 

a higher rate of conversion at around 95%, while autothermal reforming processes (ATR 

and TRIR) show nearly complete CH4 conversion at 99%. Resulting CH4 impurities in the 

product gas are measured at 2 mol.-% for SMR3.5, while other designs are at mol-1% or 

lower. CO impurities are measured at below 1 mol.-% for all processes, with the steam 

reforming processes having the lowest levels. 

Table 6. Outlet flow compositions. 

 SMR (S/C = 3.5) SMR (S/C = 5) BIR TRIR ATR 

H2O (mole. −%)  00.31 0.31 0.33 0.33 0.31 

CO2 (mole. −%) 19.09 19.53 27.51 35.01 25.35 

CO (mole. −%) 0.48 0.24 0.38 0.80 0.73 

H2 (mole. −%) 77.80 78.88 70.88 63.62 73.35 

CH4 (mole. −%) 2.32 1.04 0.91 0.24 0.26 

Process concepts based on steam reforming require external burners for their heat 

supply. The hot flue gas is used for heat recovery and electricity generation. In the end, 

the flue gas is vented at around 80 °C into the environment. A detailed stream table for 
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the flue gases which were produced is shown in Appendix E. Conventional SMR 

processes produce slightly more flue gas than biogas reforming systems due to the 

different S/C ratio. Because the BIR process uses biogas, and therefore less CH4 in the feed, 

the amount of steam required is also diminished, resulting in less demand for heat and 

combustion energy. The CO2 concentrations of the flue gases are around 13 to 19 mass. -

%. If the potential of carbon recycling is considered, CO2 could be captured by well-known 

processes such as chemical absorption using MEA. 

4.1.2. Purchase Equipment Costs 

Table 7 lists the calculated purchase equipment costs of the different process designs. 

Since the product gas compressor to 70 bar is only required if the raw SynFeed is directly 

fed to the methanol synthesis, the corresponding costs are represented separately. The 

reformer, as well as the dual water-gas-shift reactor, are calculated using values drawn 

from the literature and given in Table 8. Base flow rates (FBase), costs (CBase) and sizing 

exponents (fs) for reference plants are given. The approach is based on economies of scale, 

as shown in Equation (9) with year-dependent chemical engineering plant indices CECPI 

[33,34]. The compressor and balance of plant (BOP), including heat exchangers, pumps, 

turbines and flash evaporators, are derived from the Aspen Economic Analyzer tool. 

Equipment for steam reforming technologies (SMR/BIR) are more expensive than that of 

autothermal systems (ATR/TRIR) because they incorporate a more complex heat recovery 

system. 

���[M€] =    ����� [M€] ∙ �
�� 

�����
� �

�
∙

������

���������
  (8)

Table 7. Purchase equipment costs of different reforming systems. 

 SMR (S/C = 

3.5) 

SMR (S/C = 

5) 
BIR TRIR ATR 

EC BOP (€2018) 30,541,322.00 
39,727,869.5

0 

31,985,502.

50 

10,256,641.7

5 

12,251,979.0

0 

EC Product compressor 

(€2018) 
2,169,700.25 2,169,700.25 

1,920,610.2

5 
1,765,921.75 1,990,915.00

EC Reformer system 

(€2018) 
6,445,000.00 6,585,800.00 

5,264,800.0

0 
1,876,400.00 2,429,900.00

EC Dual WGS Reformer 

(€2018) 
5,780,000.00 6,085,900.00 

4,254,400.0

0 
3,204,100.00 4,711,200.00

Table 8. Literature values for base costs for reforming equipment. 

Unit-

Operation 

Base Costs 

(CBase) 
Base Flow (FBase) 

Sizing 

Exponent (fs) 

Fixed Capital 

Investment 

Factor (��
� ) 

Referenc

e 

Reformer 9.40 M$2001 
1390.00 kmol/h input 

CH4 
0.60 2.30 [24] 

WGS 

36.90 

M$2001 

installed  

15.60 Mmol/h CO + 

H2 input 
0.85 1.00 [24] 

ATR 4.70 M$2001 
1390.00 kmol/h input 

CH4  
0.60 2.30 [24] 

4.1.3. Utility and Raw Material Demands 

Table 9 lists the major utility and raw material demands. The electricity demand is 

highly dependent on the process concept. Steam reforming concepts (SMR/BIR) are 
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electricity producers, whereas autothermal concepts (ATR/TRIR) are designed for solely 

self-support and therefore do not produce electricity. The electric load of the product 

compressor is highest for SMR, followed by ATR and BIR. The lowest electric load is 

required by the TRIR process. This is explained by the H2/CO2 ratio in the product gas. 

With an increasing ratio, the electric load increases due to a higher effort being required 

for H2 compression compared to CO2 compression. ATR and TRIR are autothermal units 

and therefore no heat supply is calculated. SMR and BIR use additional fuel to supply 74 

and 51 MW of heat respectively. 

Table 9. Calculated utility and materials demand. 

 SMR (S/C = 

3.5) 

SMR (S/C = 

5) 
BIR TRIR ATR 

Electricity BOP 

(MW) 
−10.14 −6.97 −7.37 4.75 5.40 

Electricity Product 

compressor (MW) 
5.62 5.91 4.23 3.35 4.64 

Cooling (MW) 56.46 67.02 54.25 21.24 25.98 

Gas input (t/h) 25.68 26.62 45.41 25.83 16.04 

Share fuel  0.38 0.40 0.43 0.00 0.00 

Share reformer  0.62 0.60 0.57 1.00 1.00 

Water demand (t/h) 63.05 90.08 58.55 29.28 39.72 

Water recycle (t/h) −30.99 −55.79 −36.32 −20.52 −25.03 

Air/O2 demand (t/h) 190.04 208.57 155.82 12.59 18.38 

4.1.4. Economy of Scale for Reforming Technologies 

While the operating costs (e.g., electricity, water and reformer feed) are linear and 

dependent on the size of the plant, this is not the case for the capital costs. To gain a deeper 

understanding on how economies of scale affect the conversion process, two additional 

cases are simulated. Flow rates are modified as follows, while the remaining parameter 

set is kept constant: 

 A small-scale case with reformer input of 10 kmol/hCH4, which is equivalent to 345 

Nm3/h biogas as reformer feed and about 600 Nm3/h biogas as total feed for steam 

reforming. This corresponds to a 2.5 MWel biogas plant; 

 a medium-scale case of halved capacity of 500 kmol/hCH4 reformer inlet. 

Figures 8 and 9 show the dependency of purchase equipment costs on the inlet flow 

rate of the different plant layouts, as well as the subsequent product compressor 

providing compression from 22.2 bar to 70 bar. Often, equipment costs are described by 

power laws for small capacity changes. However, due to the large capacity range in this 

context, the equipment costs are instead represented by a linear expression. Even though 

linear capital cost functions are less detailed then power laws, they are of interest for the 

purpose of simple costing over large capacity ranges. As can be observed in Figure 8, the 

equipment costs of the allothermal steam reforming systems are higher and also have a 

steeper rise of cost escalation. This effect is due to the requirement for turbines and large 

waste heat recovery units. For very small capacities of around 10 kmol/h gas input, this 

effect is preserved, however the costs are nearly equal, indicating a trade-off point at small 

production capacities. 
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Figure 8. Economies of scale for total purchase equipment costs of SMR5, ATR, BIR and TRIR. 

The costs functions for the product compressor show, more or less, the same slope 

for all process designs. The reason for this is that there are similar flow rates and pressure 

changes in every design. However, it can be seen that the costs increase, depending on the 

H2 share in the product gas. This is due to the greater effort required to compress small 

molecules like H2 compared to larger molecules like CO2. 

 

Figure 9. Economies of scale for product compressor from 22.2 bar to 70 bar. 

4.2. Process Performance Indicators of Selexol Process 

4.2.1. Flow Characteristics 

CO2 capture using Selexol absorption is simulated for all the process concepts with a 

CO2 recovery factor of 90%. Depending on the process (cf. Table 10), the cleaned product 

gas is mostly composed of H2 with molar shares of 93 to 96%. In industry, H2 is often 

provided at ultra-high purities of 99.999%. Therefore, the product gas has to be purified 
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further using a pressure swing adsorption to generate ultra-pure H2at 99.999% and an 

offgas containing the impurities, which can then be combusted for energy production. 

The raw CO2 outlet flow from the Selexol process is provided at 1.95 bar and purities 

of 98 to 99 mass. −% (cf. Table 11). It can be directly utilized, for example, in algae 

cultivation, or it can be further compressed and dehydrated to 150 bar for transport or 

storage. If compression is chosen, the purity is enhanced to 99.5 mass. −% or higher due 

to dehydration. 

Table 10. Clean gas output of Selexol process. 

 ATR SMR (S/C = 3.5) TRIR 
SMR (S/C = 

5) 
BIR 

CO (mole. −%) 0.94 0.58 1.17 0.29 0.51 

CO2 (mole. −%) 03.14 2.21 4.88 2.22 3.47 

H2 (mole. −%) 95.53 94.44 93.54 96.20 94.78 

H2O (mole. −%) 0.07 0.07 0.07 0.07 0.07 

CH4 (mole. −%) 0.32 2.70 0.34 1.22 1.17 

Table 11. Raw CO2 out of Selexol process (p = 1.95bar). 

 ATR SMR (S/C = 3.5) TRIR 
SMR (S/C = 

5) 
BIR 

CO (mass. −%) 0.03 0.03 0.02 0.01 0.01 

CO2 (mass. −%) 98.84 98.41 99.05 98.58 98.88 

H2 (mass. −%) 0.06 0.09 0.03 0.09 0.05 

H2O (mass. −%) 1.05 1.24 0.89 1.22 1.00 

CH4 (mass. −%) 0.02 0.23 0.01 0.10 0.06 

4.2.2. Equipment Costs and Economies of Scale 

As with the reforming processes, two additional sizes are simulated for this process. 

Just as for the reformer, the capacity is once halved and once reduced by the order of one 

hundred. Table 12 depicts the detailed purchase equipment costs of the Selexol process, 

as well as the potential CO2 compression for the input of 1000 kmol/h in the reformer gas 

feed. Figure 10 presents economy of scale graphs and functions for the different process 

inputs. The product gas from the SMR feed has the lowest CO2 concentration, while 

product gas from the TRIR process has the highest concentration. This directly affects the 

equipment costs, which increase with decreasing CO2 concentration. 

Table 12. Equipment costs of Selexol process and CO2 compressor to 150 bar. 

Feed Process 

ATR 

SMR (S/C = 

3.5) TRIR 

SMR (S/C = 

5) BIR 

Equipment costs €2018 5,181,794.00   5,316,356.75   3,811,979.50   5,370.326.25   3,998,436.00   

Equipment costs of 

compression €2018 

3,091,062.50 

 

2,796,847.50 

 

3,091,062.50 

 

2,816,792.75 

 

2,816,792.75 
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Figure 10. Economies of scale for Selexol process with different feed processes. 

4.2.3. Utility and Raw Material Demands 

The Selexol process requires different utilities, such as electricity, cooling water, 

refrigeration to −1 °C, make-up process water and fresh Selexol. The demand for the CO2 

capture process (large capacity) is presented in Table 13. The correlation between CO2 

concentration, utility and raw materials demand is similar to the correlation between CO2 

concentration and equipment costs. A lower CO2 content leads to a higher demand of 

Selexol pump-around, which increases the demand of pumps, compressors, coolers and 

chillers. Table 14 presents the demand for the optional final CO2 compression. Here, waste 

water and flue gas are generated due to dehydration and the pressure release of waste 

streams. Waste water is nearly completely (99.9%) composed of water, while flue gas is 

made up to 96% of CO2. 

Table 13. Utilities and raw materials demand for Selexol process with different feed processes. 

 ATR SMR (S/C = 3.5) TRIR 
SMR (S/C = 

5) 
BIR 

Electricity 

(MW) 
1.11 1.27 0.87 1.35 1.03 

Cooling 

water (MW) 
0.43 0.56 0.28 0.58 0.39 

Refrigeration 

(MW) 
1.64 1.70 0.96 1.78 1.24 

Make-up 

water (t/h) 
0.23 0.23 0.21 0.24 0.22 

Make-up 

Selexol (t/h) 
0.000009 0.000009 0.000008 0.00001 0.000008 
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Table 14. Utilities and waste streams for CO2 compression from 1.95 to 150 bar. 

 ATR SMR (S/C = 3.5) TRIR 
SMR (S/C = 

5) 
BIR 

Electricity 

(MW) 
3.50 3.23 3.50 3.47 3.47 

Cooling 

water (MW) 
6.21 5.66 6.24 6.09 6.16 

Waste water 

(t/h) 
0.37 0.40 0.30 0.42 0.34 

Flue gas (t/h) 0.0040 0.0041 0.0036 0.0043 0.0039 

4.3. Techno-Economic Analysis 

For the techno-economic analysis, the net production costs of the produced SynFeed 

(H2/CO2 -rich mixture) as well as the carbon capture costs per ton of product CO2 are 

calculated using the following approach. 

First, the purchase equipment costs ECu of the major equipment u are obtained, based 

on the derived process performance indicators. Based on those raw costs, the fixed capital 

investment costs (FCIu) are calculated by multiplication with a cost factor, which includes 

direct costs like installation, electrics, buildings, service facilities or yard improvements, 

as well as indirect costs, such as engineering, contractor’s fees and contingencies (ref. 

Equation (9)). In this work, the approach by Peters et al. [34] is followed, which yields cost 

accuracy of ± 30%. The fixed capital investment is afterwards converted into annualized 

capital costs (ACC) by considering the capital recovery factor (CRF) based on the unit-

operation lifetime (LT) and interest rate (IR) (ref. Equations (10) and (11)). 

����[M€] = ���[M€] ∙ ��
� [−], � ∈ �� ∈ �,  

� ∈ � 
(9)

��� ��€
�� � =   ∑ ���� [�€]� ∈ � ∙  ��� �1

�� �,   

� ∈ � 
(10)

��� �1
�� � =  

�� ∙ (1 + ��)��

(1 + ��)�� − 1
 (11)

Operational costs include costs for utilities (CUT), such as electricity, cooling water or 

chilling energy, as well as raw materials (CRM), such as biogas feed or process water, and 

operating and maintenance costs (ref. Equation (15)). Utility ut and raw material i costs 

are derived by calculating their hourly demand multiplied by operating hours per year 

(H), as well as the specific costs per ton (of raw material) or MWh (of utility) as depicted 

in Equation (12), (13). Operating and maintenance costs (CO&M) are derived by a factor of 

4% of fixed capital investment, as shown in Equation (14). 

����€
�� � =  ∑ ���[��] ∙ � �ℎ

�� � ∙ ����� ∈ �� �€
��ℎ� �  (12)

����€
�� � =  ∑ �� �

�
ℎ� � ∙  �� �

€
�� �� ∈�  ∙ � �ℎ

�� �  (13)

��&���€
�� � =  ��&��1

�� � ∙ ��� [�€]  (14)

Annualized operating costs (AOC) and annualized capital costs form the total 

annualized costs (TAC), which are divided by the produced product (total SynFeed or 

captured CO2) to calculate the net production costs (NPC) (ref. Equations (15)–(17)). 

��� ��€
�� � =  (��� + ���)  ∙ 10� +  ��&�  (15)

��� ��€
�� � = ��� + ���  (16)
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��� �€
�� � =

��� ��€
�� �

����� ���
�� �

�   (17)

4.3.1. Economic Assumptions 

General assumptions regarding the economic data are presented in Table 15. These 

include plant lifetime and interest rate, as well as specific utility and raw material costs. 

Table 15. Key parameters for techno-economic analysis [17,30,33–36]. 

Parameter Value Parameter Value 

Lifetime LT 25 y Costs for oxygen 26.3 €/t 

Interest rate IR 5% Maintenance cost factor �� 0.04  

Costs for electricity 87 €/MWh Costs for fresh Selexol 6500 €/t 

Costs for cooling water 
0.22 

€/MWh 
Costs for process water  0.075 €/t 

Costs for steam 
48.6 

€/MWh 
Costs for refrigerant energy 25.56 €/MWh 

Fixed capital investment 

cost factor ��
�  

5.04 Operating hours H  8260 h/y 

Waste water 2 €/t Additional CO2 50 €/t 

Costs for biogas 350 €/t Additional H2 3500 €/t 

Costs of biogas purification 

(ref. Appendix B) 
24.2 €/tCH4 

Costs of H2 separation 

(including PSA + Compression 

from ambient to 22.2 bar) ref. 

Appendix C 

715 €/tH2 

Costs for upgraded SynFeed 

compression 
11.36 €/t  

4.3.2. Costs of Raw SynFeed 

Table 16 shows the calculated annualized operating and capital costs, total 

annualized costs, yearly output flow of raw SynFeed, H2/CO2 ratio and the net production 

costs per ton of raw SynFeed. A first look suggests that autothermal reforming is the most 

cost-efficient process and bi-reforming of raw biogas is the most expensive one. However, 

considering the varying H2/CO2 ratios, it is apparent that the quality of the raw SynFeed 

is different. None of the produced stream shows a molar ration 3. SMR has excess H2, 

while the other process types produce SynFeed with excess CO2. In order to improve the 

SynFeed in terms of methanol production and form a fair basis for comparison with 

SynFeed, upgrading is considered. This upgrading consists of either the capture excess 

CO2 (H2) or mixing additional H2 (CO2). However, in order to calculate CO2 capture for 

SynFeed upgrading, the capture costs using the Selexol process have to first be 

investigated. 

Table 16. Cost results for different reforming technologies (Case of 1000 kmol/h reformer gas input). 

 SMR (S/C = 5) BIR TRIR ATR 

ACC (€2018/y) 19,513,992 15,528,909 6,116,062 7,646,924 

AOC (€2018/y) 92,548,893  137,896,870 86,728,071 65,089,406   

TAC (€2018/y) 112,062,885  153,425,779 92,844,134 72,736,331    

Output flow (t/y) 415,678 396,976 389,716 405,694 

H2/CO2 3.99 2.54 1.78 2.81 

NPCSynFeed (€/t) 269.59    386.49 238.24 179.29    
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4.3.3. Carbon Capture Costs 

Table 17 presents the costs of CO2 capture using the simulated Selexol process. It is 

possible to utilize CO2 at low pressures in an algae refinery. Therefore, the costs for 

compression to 150 bar are displayed separately. The correlations between utility demand, 

capital expenditures and CO2 content in the feed gas of the Selexol process lead to the 

lowest carbon capture costs of 22.6 €/t for SynFeed from TRIR, if CO2 is to be compressed 

to 150 bar. The highest carbon capture costs are detected for the SMR process, with 27.2 

€/t. For all processes it is observed that the CO2 compression makes up about 50–60% of 

the total carbon capture costs. Therefore, it would be beneficial to utilize CO2 at low 

pressures on-site, reducing the carbon capture costs to 9–14 €/t. Compared to other CO2 

capture technologies, such as pressure swing adsorption or MEA capture, Selexol is 

identified as a cost competitive option for biogas reforming feed. 

Table 17. Carbon capture costs for large scale raw SynFeed. 

 SMR (S/C = 5) BIR TRIR ATR 

AOCCC (€2018) 2,433,859 1,815,080 1,604,584 2,193,631 

ACCCC (€2018) 1,920,431 1,429,842 1,363,165 1,853,012 

TACCC (€2018) 4,354,290 3,244,922 2,967,749 4,046,643 

AOCCO2-Comp. (€2018) 3,075,935 3,080,506 3,156,825 3,157,080 

ACCCO2-Comp. (€2018) 1,007,286 1,007,286 1,105,365 1,105,365 

TACCO2-Comp. (€2018) 4,083,221 4,087,793 4,262,190 4,262,445 

CO2 outlet flow 

(t/y) 
310,305 315,136 320,131 317,238 

Carbon Capture 

Costs (€/tCO2) 
14.03 10.30 9.27 12.76 

Compression costs 

(€/tCO2) 
13.16 12.97 13.31 13.44 

Total costs (€/tCO2) 27.19 23.27 22.58 26.19 

4.3.4. Cost of Adjusted SynFeed 

As already indicated, the different raw SynFeed streams are not on specification for 

methanol synthesis in regard to their H2/CO2. To provide a fair comparison, the raw 

SynFeed is conditioned to specifications by either H2 separation, CO2 addition (in the case 

of SMR), CO2 separation or H2 addition (for all other cases). Additional educts are priced 

by costs relating to CO2 from flue gas capture using MEA (50/tCO2) and H2 from water 

electrolysis (3500 €/tH2). Separation of excess CO2 is achieved through partial CO2 capture 

using the simulated Selexol process. Here, linear dependent utility and raw material 

demands as well as the presented economies of scale are used to calculate the additional 

costs of partial separation. No CO2 compression is considered in this case. In the case of 

H2 excess, H2 separation is calculated by pressure swing adsorption based on Spallina et 

al. [30]. Using PSA, pure H2 is produced at feed pressures (22.2 bar), while the remaining 

SynFeed is depressurized to vacuum pressures. The PSA-train is simulated using Aspen 

Plus. Here, the PSA itself is modeled as a black-box component separator with a H2 

recovery factor of 89% (further information can be found in Appendix C) [30]. SynFeed is 

afterwards repressurized by a vacuum pump to 22.2 bar. For all conditioned SynFeed 

streams an additional product compressor, supplying pressurization from 22.2 bar to 70 

bar, is implemented (further information can be found in Appendix A). This way, the costs 

for capital expenditures and energy for the initial product compressor are adjusted to the 

new H2/CO2 ratio. In the case of separation, the byproducts (CO2 or H2) are assumed to be 

used on-site and replace additional production by either MEA carbon capture or water 

electrolysis, leading to additional accounted revenues. 
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Table 18 shows the results of the SynFeed conditioning. If byproducts can be utilized 

on-site, SMR is the most economical process with NPC of 142.5 €/tSynFeed, followed by ATR 

with 167.7 €/tSynFeed. However, if, for example, pure H2 and CO2 are not required, and it is 

not possible to gain revenue for these products, it is beneficial to use ATR when combined 

with additional CO2 capture at NPC of 197.4 €/tSynFeed. 

If SynFeed from biogas reforming is compared to a SynFeed mixture prepared by 

CO2 capture from flue gas and water electrolysis, it shows significantly lower costs of 142-

438 €/tSynFeed compared with 464 €/tSynFeed (further information in Appendix D). If SynFeed 

from biogas is compared to SynFeed from natural gas, it shows a higher cost of 142–438 

€/tSynFeed compared with 107–177 €/tSynFeed, depending on the utilization of byproducts. 

Regardless of the case, it is always more economical to separate CO2 from the raw biogas 

before processing, due to low purification costs of 24.2 €/tCH4 based on the values described 

in the literature. 

Table 18. Mass flows and net production costs of conditioned SynFeed. 

 SMR BIR TRIR ATR 

Mixing Conditioning 

Additional CO2 

(t/y) 
118,848 0 0 0 

Additional H2 (t/y) 0 6793 19,462 2221 

NPCTot.(€/tSynFeed) 220.77 438.87 393.37 197.37 

Separation Conditioning 

Separated H2 (t/y) 15,637    

Separated CO2 (t/y)  50,320 144,106 16,452 

NPCTot.(€/tSynFeed) 142.48 413.44 330.38 165.71 

4.3.5. Sensitivity Analysis 

In all biogas upgrading concepts presented, the operational costs significantly 

outweigh the capital costs. The biggest proportion of costs is comprised of the raw 

material costs for the biogas, which represent about 75 to 95% of the operating costs. Since 

biogas costs from algae remnant treatment are rarely discussed in the literature, these 

were approximated at 5.5 to 6.5 ct/kWh from conventional biogas production in Germany 

[36]. The results reveal that SynFeed generated from such biogas is cost competitive in 

relation to SynFeed that is purely produced by water electrolysis and CO2 capture, 

however, it is not competitive with SynFeed generated from natural gas. To show the 

effect of biogas costs on the total costs of SynFeed, Figure 11 and 12 depicts the costs for 

adjusted SynFeed by either mixing or separation conditions depending on the raw biogas 

costs. First, it can be seen that direct biogas reforming systems (BIR, TRIR) show steeper 

gradients and therefore a higher dependency. While they are not competitive at present 

costs, this could change if biogas becomes cheaper in the future. Secondly, even with high 

biogas costs, SMR and ATR are still cheaper than solely producing SynFeed with 

electrolysis and CO2 capture. However, a break-even can be assumed at biogas costs 

around 1000 €/t. Lastly, Figures 11 and 12 show that, for lower biogas costs at around 

300€/t, biogas reforming is even cheaper than utilizing natural gas. 
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Figure 11. Net production costs of adjusted SynFeed for different raw biogas costs for mixing conditions. 

 

Figure 12. Net production costs of adjusted SynFeed for different raw biogas costs for separation conditions. 

4.3.6. Biogas Reforming as a Precursor for Integrated Algae Biorefineries 

This techno-economic analysis reveals that SMR and ATR processes are the most 

economic options. The considered capacity is in the order of the algae refinery described 

by Klein-Marcuschamer et al., with an output of 46 kt of jet fuel [28]. The hydro-processing 

step of this refinery requires 15 kt/y of H2. By implementing the SMR process for biogas 

upgrading, 16 kt/y of H2 and 400 kt/y of SynFeed are produced. In an integrated refinery, 

the produced H2 could satisfy the hydro-processing demand, while the SynFeed could be 

converted to 250 kt/y of methanol. The methanol, in turn, could be further processed to 50 

kt/y of jet fuel with diesel, gasoline and LPG as byproducts, using Lurgi’s MtSynfuels 

process [37,38]. This would double the capacity of the algae refinery and substitute about 

320 MW electrolyser capacity, compared to an electricity-based approach [39]. If the ATR 

case is considered, about 16 kt/y of CO2 is produced, which corresponds to 1.4% of the 

total CO2 input of the algae refinery. Additionally, about 390 kt/y of SynFeed is generated, 

which could supply about 240 kt/y of methanol. In this case, the H2 in the algae oil hydro-
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processing has to be generated by a 100 MW electrolyser, which would also generate 

about 80% of the oxygen demand of the ATR process. It is evident that steam methane or 

autothermal reforming of arising biogas in an algae refinery can be a valuable tool to 

integrate different concepts and increase product output and economic feasibility. 

5. Conclusions 

This study presents a detailed simulation and techno-economic assessment of 

different biogas reforming processes for the production of H2/CO2 (SynFeed) as a 

precursor for methanol synthesis, as well as carbon capture from the obtained product 

using the Selexol process. The results show, that biogas reforming to SynFeed can be 

economical superior to electricity-based SynFeed produced from water electrolysis and 

carbon capture units. Especially in algae-based biorefineries, where methanol as well as 

H2 and CO2 are chemical intermediates for transesterification, hydro-processing and algae 

growth, this concept shows great potential for creating a circular economy. Biogas 

reforming offers the potential to convert low value-added gas into higher value-added 

components which could, in turn, lead to a self-sufficient production of algae-based 

biodiesel or biokerosene. However, costs of biogas reforming are strongly dependent on 

variety of parameters, such as electricity costs, oxygen availability or raw biogas 

production costs. Based on the presented process performance indicators and techno-

economic key figures, a more integrated approach on algae-based biorefineries should be 

investigated. In such an integrated concept, the whole algae-processing chain should be 

implemented, and different biogas processing options compared and discussed in the 

context of an overall production of biodiesel or biokerosene. 

Author Contributions: Conceptualization, P.K and T.W..; methodology, P.K.; software, P.K.; 

validation, P.K. and T.W.; formal analysis, P.K.; investigation, P.K.; data curation, P.K. and T.W.; 

writing—original draft preparation, P.K.; writing—review and editing T.W. and E.Z.; visualization, 

P.K.; supervision, Timo Wassermann and E.Z.; project administration, T.W.; funding acquisition, 

T.W. All authors have read and agreed to the published version of the manuscript. 

Funding: Funding of this research by the German Federal Ministry of Economic Affairs and Energy 

within the KEROSyN100 project (funding code 03EIV051A) is gratefully acknowledged. 

Institutional Review Board Statement: Not applicable. 

Informed Consent Statement: Not applicable. 

Conflicts of Interest: The authors declare no conflict of interest. The funders had no role in the 

design of the study; in the collection, analyses, or interpretation of data; in the writing of the 

manuscript, or in the decision to publish the results. 

Appendix A 

For the techno-economic analysis, the normal process integrated compressor is 

neglected for the cases where partial product separation is considered. This is due to the 

fact that the elevated raw SynFeed is used in the process of CO2/H2 separation. However, 

after the capture process, all streams are again compressed to 70 bar to be on spec for 

methanol synthesis. This is done through the use of additional calculated compressors for 

upgraded SynFeed. Because all SynFeed streams have the same H2/CO2 ratio with low 

amounts of impurities, the compression can be calculated using data for only one 

compressor. Figure A1 shows the economies of scale data for this compressor. 
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Figure A1. Equipment cost function for compressor of upgraded SynFeed (H2/CO2 = 3) from 0.9 bar to 22.2 bar. 

For the H2 separation in the SMR-case, a pressure swing adsorption adopted from 

Spallina et al. is implemented [30]. While the PSA is only modelled as a black box 

component separator, the required vacuum pump is simulated in detail using Aspen Plus 

(and its economic analyzer). The whole train, consisting of the PSA, vacuum pump and 

compression to 22.2 bar (feed for the upgraded product compressor) is lumped together 

to create one unit-equipment. The capital costs and economies of scale for the PSA train 

are depicted in Figure A2. 

 

Figure A2. PSA train equipment costs (including PSA and vacuum pump + compression of upgraded SynFeed to 22.2 bar). 

Appendix B 

For pure methane reforming (SMR and ATR), CO2 has to first be separated from the 

raw biogas. Biogas is normally available at ambient pressures, which makes it generally 

unsuitable for the simulated Selexol process. In reality, upgrading biogas to biomethane 

is often achieved by CO2 capture using pressure swing adsorption. The costs for 

biomethane production are adopted from Gong et al. [17]. Here, the same approach which 
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includes a techno-economic analysis is taken. Capital costs are derived from economies of 

scale and values described in the literature. Utility costs are derived from the costs of 

electricity. Capital costs, as well as electricity costs, are dependent on capturing the mass 

flow of CO2 (CCFR). Therefore, the first 1000 kmol/h of raw biogas is converted into mass 

flows of CH4 and CO2, based on a molar ratio of 0.65/0.35 (ref. Equations (A1)–(A3)). 

Afterwards, the raw equipment costs are derived using economies of scale ((A5) + (A6)) 

and the annualized costs (ACC) are calculated by using the approach depicted in the 

techno-economic analysis (A7). Electricity costs are calculated by using the specific 

electricity demand per ton of CO2 for the vacuum pump (A8) and costs for electricity of 

87 €/MWh, while operating hours are assumed to be 8260 h/y (A9). Finally, the costs per 

ton of upgraded CH4 or captured CO2 are  derived by dividing costs by the mass flows 

((A10–(A12)). 
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€

���
= 0.73 M€   (A9)

��4�� =  10.4
�

�
 CH�  ∙ 8260 h = 85904 t/y    (A10)

������� =
(�.�����.����) �€/�

��,��� �/�
= 24.13 €/t���  (A11)

������� =
(�.�����.����) �€/�

���,��� �/�
= 16.29€/t���  (A12)

Appendix C 

The H2 separation using pressure swing adsorption is calculated based on the 

amount of raw SynFeed produced in the SMR process. Afterwards, part of the raw 

SynFeed is treated by the PSA with HRF of 89%. The upgraded SynFeed has to be 

recompressed to 22.2 bar because it is extracted from the PSA by a vacuum pump. Figure 

A3 shows the process flow diagram of this process. It was built in Aspen Plus, with the 

PSA unit modeled as component separator. Costs for equipment were taken from the 

literature and an economic analyzer. Utility costs are comprised of electricity costs for the 

vacuum pump and compressors, as well as intercooling energy. CAPEX and OPEX were 

calculated using base economic data as presented in chapter 4.3. Utility demand was 

calculated by Aspen Plus to be 1.496 MW electricity and cooling demand each. 
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Figure A3. Process flow diagram of hydrogen removal PSA train. 

Appendix D 

Pure renewable electricity-based SynFeed costs are calculated by taking a H2/CO2 

molar-ratio of 3 and CO2 costs of 50 €/tCO2 and H2 costs from water electrolysis with 3500 

€/tH2, as shown in Equations (A13) and (A14). 
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� ��� ���
→

� ∙ 
� �

���

� ∙
�� �

���

 →  
�.���� � ���
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  (A13)

7.333 ∙
50 €

����

+ 1 
3500 €

���

=
3866.65 €

8.3333 ��������

=  
464 €

��������

 (A14)

For the reference costs calculation of SynFeed from natural gas, the calculation from 

the techno-economic analysis was adopted. Only SMR and ATR concepts were 

investigated, because they depict the process concepts of natural gas reforming. Costs for 

natural gas industry prices in Germany were taken to be 2.6 ct/kWh and mean values for 

different gas types (e.g., low and high caloric gases) were considered, resulting in mean 

natural gas costs of 310 €/t. These costs were implemented in the techno-economic 

analysis. The lowest costs were achieved where H2 could be separated and used to 

substitute water electrolysis, while a more expensive approach is ATR reforming with the 

mixing of additional CO2, increasing the price span to 107–177 €/tSynFeed. 

Appendix E 

Tables A1,A8 show the mass flows for the different reforming processes, as well as 

carbon capture from these reforming processes. The associated stream numbers are in 

Figures 3,7. 

Hydrogen
939.063 kmol/h

Vacuum pump
pin = 0.8 bar

Raw SynFeed
to PSA
1337.7 kmol/h

Raw SynFeed
Bypass
3465.7 kmol/h

Upgraded SynFeed
3864.337 kmol/h
p = 22.2 bar
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Table A1. Mass/mole flows in SMR process with temperature and pressure state. 

Parameter Unit Stream Number 

  1 2 3 4 5 6 7 8 9 10 11 12 

T   °C 25 457.4096 430.1723 890 404.9852 221.921 40 40 20 25 67.54796 80.07172 

p bar 1.01325 26 25.3 24.6 23.3 22.6 22.2 22.2 1.01325 1.01325 0.25 1 

Mole Flow kmol/h 1000 5000 6190.739 7900.167 7900.167 7900.167 4803.401 3096.766 7254.5 659.5 1420 7914 

Mass Flow kg/h 16,042.76 90,076.4 106,119.2 10,6119.2 106,119.2 106,119.2 50,325.22 55,793.94 208,569.9 10,580.2 25,581.7 219,150.1 

H2O kg/h 0 90,076.4 86,654.15 64,789.12 57,560.62 56,053.17 267.8497 55,785.32 1306.918 0 25,581.7 25,069.06 

CO2  kg/h 0 0 4163.086 19,961.71 37620.31 41302.88 41,294.31 8.573509 0 0 0 29,024.45 

CO kg/h 0 0 21.70286 13907.42 2668.458 324.6558 324.6551 0.000629 0 0 0 0.011358 

H2 kg/h 0 0 767.4507 6660.113 7468.97 7637.651 7637.622 0.028881 0 0 0 0.001029 

CH4 kg/h 16042.76 0 14,512.77 800.8002 800.8002 800.8002 800.7841 0.016038 0 10,580.2 0 1.32E-27 

O2 kg/h 0 0 3.30E-26 2.57E-13 2.57E-13 2.57E-13 0 0 48,748.41 0 0 6542.009 

N2 kg/h 0 0 0 0 0 0 0 0 15,8514.6 0 0 158,514.6 
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Table A2. Mass/mole flows in ATR process with temperature and pressure state. 

Parameter Unit Stream Number 

  1 2 3 4 5 6 7 8 9 

T C 25 30 430.4176 999.0331 443.3008 243.5181 40 40 25 

p bar 1.01325 1.01325 25.3 24.6 23.3 22.6 22.2 22.2 1.01325 

Mole Flow kmol/hr 1000 2205 3313.463 5185.34 5185.34 5185.34 3796.082 1389.259 574.39 

Mass Flow kg/hr 16,042.76 39,723.69 55,766.45 74,146.24 74,146.24 74,146.24 49,115.53 25,030.72 18,379.79 

H2O kg/hr 0 39,723.69 37,780 36,075.33 28,052.83 25,240.17 214.4203 25,025.75 0 

CO2  kg/hr 0 0 2361.578 15,893.04 35,491.32 42,362.41 42,357.45 495,2583 0 

CO kg/hr 0 0 15.99494 17,619.81 5146.322 773.1602 773.1594 0.000849 0 

H2 kg/hr 0 0 436.1441 4400.375 5298.079 5612.811 5612.799 0.012082 0 

CH4 kg/hr 16042.76 0 15,172.74 157.6972 157.6972 157.6972 157.6954 0.001787 0 

O2 kg/hr 0 0 1.09E-26 1.07E-11 1.07E-11 1.07E-11 0 0 18,379.79 

N2 kg/hr 0 0 0 0 0 0 0 0 0 
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Table A3. Mass/mole flows in TRIR process with temperature and pressure state. 

Parameter Unit Stream Number 

  1 2 3 4 5 6 7 8 9 

T C 25 30 451.3292 961.6535 448.3946 245.2516 40 40 25 

p bar 1.01325 1.01325 25.3 24.6 23.3 22.6 22.2 22.2 1.01325 

Mole Flow kmol/hr 1000 1625 2685.697 3911.885 3911.885 3911.885 2773.133 1138.752 393.5504 

Mass Flow kg/hr 25,831.22 29,274.83 55,106.05 67,699.19 67,699.19 67,699.19 47,181.06 20,518.14 12,593.14 

H2O kg/hr 0 29,274.83 28,244.82 29,705.86 23,011.46 20,672.7 160.1096 20,512.59 0 

CO2  kg/hr 15,403.43 0 16,584.02 20,672.83 37,026.67 42,740.06 42,734.53 5.536185 0 

CO kg/hr 0 0 98.67892 14,669.34 4260.8 624.4631 624.4624 0.000769 0 

H2 kg/hr 0 0 237.6138 2545.975 3295.067 3556.771 3556.762 0.008646 0 

CH4 kg/hr 10,427.79 0 9940.921 105.1968 105.1968 105.1968 105.1954 0.001331 0 

O2 kg/hr 0 0 2.05E-25 3.83E-12 3.83E-12 3.83E-12 0 0 12,593.14 

N2 kg/hr 0 0 0 0 0 0 0 0 0 
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Table A4. Mass/mole flows in BIR process with temperature and pressure state. 

Parameter Unit Stream Number 

  1 2 3 4 5 6 7 8 9 10 11 12 

T C 25 455.8135 447.7253 890 420.8244 228.882 40 40 20 25 67.54796 81.84948 

p bar 1.01325 26 25.3 24.6 23.3 22.6 22.2 22.2 1.01325 1.01325 0.25 1 

Mole Flow kmol/hr 1000 3250 4350.991 5486.642 5486.642 5486.642 3470.778 2015.864 5419.7 758 1710 6177.7 

Mass Flow kg/hr 25,831.22 58,549.66 84,380.88 84,380.88 84,380.88 84,380.88 48,060.07 36,320.81 15,5818.6 19,580.07 30,806.13 17,5398.7 

H2O kg/hr 0 58,549.66 56,785 44,806.99 38,199.62 36,510.22 197.2034 36,313.01 976.3741 0 30,806.13 18,728.62 

CO2  kg/hr 15,403.43 0 17,492.04 21,763.4 37,904.65 42,031.73 42,023.96 7.772271 0 11,675.8 0 33,359.41 

CO kg/hr 0 0 85.07972 13,271.57 2998.337 371.6237 371.623 0.000648 0 0 0 0.013432 

H2 kg/hr 0 0 401.0472 4030.704 4770.058 4959.1 4959.083 0.016966 0 0 0 0.00079 

CH4 kg/hr 10,427.79 0 9617.709 508.2159 508.2159 508.2159 508.2068 0.009124 0 7904.268 0 1.55E-27 

O2 kg/hr 0 0 3.04E-25 2.33E-13 2.33E-13 2.33E-13 0 0 36,419.02 0 0 4887.415 

N2 kg/hr 0 0 0 0 0 0 0 0 118423.2 0 0 118,423.2 
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Table A5. Mass/Mole flows of Selexol process for SMR outlet gas with temperature and pressure state. 

Parameter Unit Stream Number 

  1 2 3 4 5 6 7 

T C 40 −0.99971 11.44564 1.515331 10.80434 6.483563 1.835216 

p bar 22.2 22.2 22.2 22.2 10.5 2.15 0.3 

Mole Flow kmol/h 4803.401 9999.338 10,936.05 3920.286 53.37238 442.2534 454.4533 

Mass Flow kg/h 55,474.06 163,3025 1,675,774 13,862.64 1133.493 20,493.71 21,387.74 

DEPG kg/h 0 15,30598 15,30598 0.001129 0.000122 0.002227 0.007401 

CO kg/h 357.871 0.001115 9.813414 352.4788 4.420434 5.205147 0.186717 

CO2 kg/h 45,519.18 3952.974 46,279.8 4236.384 1043.927 20,342.79 20,940.12 

H2 kg/h 8419.038 0.001757 106.9864 8380.434 68.38588 37.96712 0.631608 

H2O kg/h 295.2538 9,8474.02 98,722.63 53.08577 1.970459 68.58509 443.5024 

CH4 kg/h 882.7134 0.046338 57.28567 840.2613 14.78934 39.15877 3.291222 
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Table A6. Mass/Mole flows of Selexol process for ATR outlet gas with temperature and pressure state. 

Parameter Unit Stream Number 

  1 2 3 4 5 6 7 

T C 40 −0.99981 −0.99981 2.043752 12.64989 6.492418 1.698376 

p bar 22.2 22.2 22.2 22.2 10.5 2.15 0.3 

Mole Flow kmol/h 3796.08 8113.983 8113.983 2903.783 49.84854 527.0901 377.9916 

Mass Flow kg/h 54,140.59 13,21759 13,21759 11,651.23 1329.498 24,943.54 17,799.57 

DEPG kg/h 0 12,38407 12,38407 0.000901 0.000154 0.002657 0.006017 

CO kg/h 852.1054 0.00156 0.00156 840.8976 11.22036 10.9416 0.266693 

CO2 kg/h 46,691.25 3218.225 3218.225 4440.694 1261.543 24,819.98 17,430.37 

H2 kg/h 6187.051 0.000724 0.000724 6163.267 51.55269 23.52053 0.265748 

H2O kg/h 236.1789 80,134.28 80,134.28 39.96198 1.949985 81.90781 368.2506 

CH4 kg/h 174.0018 0.005658 0.005658 166.41 3.231662 7.181761 0.410241 



Processes 2021, 9, 1348 35 of 38 
 

 

Table A7. Mass/Mole flows of Selexol process for TRIR outlet gas with temperature and pressure state. 

Parameter Unit Stream Number 

  1 2 3 4 5 6 7 

T C 40 −0.99975 15.95864 3.017213 15.09966 6.317703 1.427384 

p bar 22.2 22.2 22.2 22.2 10.5 2.15 0.3 

Mole Flow kmol/h 2773.133 6260.326 7209.441 1881.04 56.86575 605.3016 298.4395 

Mass Flow kg/h 52,008.21 1,022,311 1,067,134 9179.803 1992.169 28,999.04 14,060.38 

DEPG kg/h 0 958,154.1 958,154.1 0.000681 0.000268 0.002981 0.004562 

CO kg/h 688.3519 0.000658 17.76797 681.4286 10.84441 6.809869 0.11304 

CO2 kg/h 47,106.75 2513.095 47,109.29 4450.059 1940.007 28,884.21 13,771.98 

H2 kg/h 3920.659 0.00022 46.73519 3910.02 36.09693 10.5568 0.081235 

H2O kg/h 176.4907 61,643.7 61,799.32 26.57529 2.389313 93.37981 288.0509 

CH4 kg/h 115.9581 0.002176 7.0713 111.7192 2.830401 4.080083 0.158639 
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Table A8. Mass/Mole flows of Selexol process for BIR outlet gas with temperature and pressure state. 

Parameter Unit Stream Number 

  1 2 3 4 5 6 7 

T C 40 −0.99973 13.93686 2.261735 13.22809 6.440842 1.634381 

p bar 22.2 22.2 22.2 22.2 10.5 2.15 0.3 

Mole Flow kmol/h 3470.778 7500.608 8435.161 2586.331 50.24119 544.7454 352.0199 

Mass Flow kg/h 52,977.16 1,224,804 1268434 10,783.58 1438.525 25,860.25 16,578.2 

DEPG kg/h 0 1,147,948 1,147,948 0.000836 0.000172 0.002732 0.005559 

CO kg/h 409.6443 0.00064 10.73663 404.5428 5.634102 4.992375 0.109517 

CO2 kg/h 46,323.48 2987.874 46,325.14 4359.737 1373.081 25,729.13 16,235.06 

H2 kg/h 5466.453 0.000536 66.27093 5446.912 46.72598 19.34764 0.196775 

H2O kg/h 217.3796 73,868.02 74,048.72 35.78228 1.996201 84.34238 341.6704 

CH4 kg/h 560.2021 0.015891 34.69611 536.6099 11.08706 22.43985 1.153309 
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