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Abstract: Propylene glycol, also known as 1,2 propanediol, is one of the most important chemicals
in the industry. It is a water-soluble liquid, considered by the U.S. Food and Drug Administration
as safe to manufacture consumer products, including foodstuffs, medicines, and cosmetics. This
chemical has essential properties, such as solvent, moisturizer, or antifreeze, in addition to a low
level of toxicity. This paper aims to present the selection, simulation, and dimensioning of a trickle
bed reactor at a laboratory scale. The sizing was validated with other authors. Two predictive models
have been considered for reactor modeling, intrinsic kinetics and coupled intrinsic kinetics, along
with mass transfer equations and the wetting of the catalyst particles. The model was implemented
using Aspen Custom Modeler® (20 Crosby Dr. Bedford, MA 01730, EE. UU.) to study the reactor
behavior in terms of conversion. The results show the profiles of different variables throughout the
reactor and present higher glycerol conversion when mass transfer is added to the model.

Keywords: glycerol; propanediol; trickle bed reactor; mass transfer coefficients

1. Introduction

Glycerol is a valuable component obtained from renewable sources. It is considered a
by-product in the production of biodiesel by transesterification of vegetable oils or animal
fats. Biodiesel industry produces 1 kg glycerol/9 kg biodiesel [1]. Biodiesel production
has been increasing for the last 20 years [2], and the supply of glycerol exceeds demand.
While there are no alternative uses for glycerol, the falling prices of glycerol will continue.
Therefore, glycerol appears as a low-cost raw material for chemical synthesis, with great
potential for different products [3].

One of the alternatives is glycerol’s chemical transformation to propanediol, whose
main products are 1,2 and 1,3 propanediol, ethylene glycol, and other subproducts, such
as lactic acid, acetol, acrolein, propanol, methanol, methane, and CO, [4]. The main
uses of propanediol are cosmetics products, antifreeze, pharmaceuticals, and others. To
laboratory-scale, the investigations about glycerol conversion to propanediol are carried
out in microreactors [4-6]. However, in those reactors, an intrinsic kinetic can only be
obtained, which is useful on a theoretical scale but cannot be used for industrial process
design due to the reactor’s complexity in terms of its hydrodynamic parameters.

Generally, the catalysts are supported on rhodium (Rh) [7], Ru [5,8], platinum (Pt) [9],
and Cu/Zn/Al [6], and depending on these catalysts, the reaction mechanism to 1,2
propanediol production from glycerol is different. In the liquid phase, the hydrogenoly-
sis is carried out at high hydrogen pressures and temperatures. However, other lateral
reactions appear in which the glycerol is transformed into other subproducts. An alterna-
tive to overcome it is a process in two steps: dehydration under vacuum conditions and
hydrogenation under a hydrogen atmosphere.
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This study aims to select an appropriate reactor to carry out the reaction on an
industrial scale. Its modeling and sizing are at laboratory scale, keeping in mind the
hydrodynamic and mass transfer limits, to obtain estimates from the process for industrial
scale up.

2. Materials and Methods

The methodology is presented in several sections: initially, the reactor’s selection is
described, then hydrodynamic parameters are presented. The sizing at a laboratory scale
of the proposed reactor is given, and finally, its simulation considering chemical kinetics
and mass transfer, as well.

2.1. Reactor Type Selecting

In accordance with the different phases of the components involved in the heteroge-
neous reaction (glycerol in liquid phase, hydrogen in gaseous phase, and the catalyst in
solid phase), selecting suitable equipment was necessary to ensure the best gas-liquid-
solid contact. Different types of reactors were considered: cavitation and catalytic trickle
bed, suspended bed, and fluidized bed. Taking the hydrodesulfurization [10-12] as an
industrial precedent that occurs at very similar conditions to the reaction of formation of
1,2 propanediol [4] (on the 300 °C and 34 bars) and that both reactions require that the
catalyst remains in contact with the liquid and the gas, it was decided to select the trickle
bed as reactor for the development of this project.

The selection of this type of reactor has important features from the point of view of its
industrial implementation and its scaling point in the laboratory. Unlike the micro-reactor
in which laboratory tests are performed for the obtention of intrinsic kinetics, in this type
of reactor, hydrodynamic effects and mass transfer limitations cannot be dismissed; this
requires much more complex models. At an industrial level, as the reactor’s size increases
considerably, the effects of mass transfer and the hydrodynamic conditions of operation are
determining factors in the success of the process. That is to say that the efficiency obtained
at the microlaboratory reactor level will be different from that which would be obtained
in the trickle bed reactor at laboratory scale and much more than what can be obtained in
optimal conditions on an industrial scale. The selection of this equipment is challenging
in the modeling and simulation of the reactor, since other variables not considered at
laboratory scale are required for industrial sizing.

Other important considerations that must be taken into account are phenomena at
macro, meso, and micro scales that control the overall efficiency of the reaction and are
associated with certain hydrodynamic features and flow regimes within the reactor [13].

2.2. Hydrodynamic Parameters

Pressure drop is one of the most important hydrodynamic parameters for both the
operation and the reactor design. The pressure drop is a function of the reaction equipment
sizing (diameter of the column, type, and size of the particles of catalyst), the parameters
of operation (flow rates of gas and liquid), and the properties of the fluids (surface tension,
viscosity, and density). The studied reaction is carried out at high temperatures and pres-
sures. The Sang et al. [14] equation can be used as a referent in high pressures operations
in trickle bed reactors.
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where d), is the hydraulic diameter, G¢ is the gas’s surface speed, Re is the Reynolds
number, We is the Weber number, and X is the modified Lockhart-Martinelli number.
This equation is valid for making predictions between 0.2 and 8.1 MPa.

Liquid holdup in trickle bed reactors is expressed in two ways: (i) total liquid holdup
(er), defined as volume of liquid per unit of bed volume, and (ii) liquid saturation (31),
defined as the volume of liquid per void unit instead of bed volume unit. The liquid holdup
can be divided in two parts: dynamic liquid holdup (e1 4) and static liquid holdup (ers).
Static liquid holdup can be defined as the volume of liquid per unit of volume of the bed
remaining in the bed after its draining. The importance of the liquid holdup in this type of
reactor is its influence on the residence time, the efficiency of the wetting, and heat and
mass transfer.

There are several correlations that can predict the liquid holdup at high pressures [15-17];
however, by its simplicity, the correlation of Larachi [14] stands out:
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where fe is the external saturation.

Wetting of the catalyst particles is one of the most important parameters in the reactor’s
operation and for its design. This phenomenon is unique in the trickle bed reactors, and its
quantification is a daunting task. Wetting can be divided into external and internal, the
first being the portion of the surface area of the catalytic particle covered by the liquid and
the second being the portion of the catalyst’s internal surface covered by the liquid. The
formation of a liquid film on the catalyst requires the gas to disseminate through the liquid,
restricting its arrival to the solid phase where it is adsorbed on the catalyst’s active sites.
Depending on what phase the limit reagent is, the effects of external wetting are different.
If the limit reagent is found in the fluid, then the reaction speed is directly proportional
to the amount of catalyst that is covered by the liquid film. The reaction speed increases
as the wetting diminishes, because the gas can be adsorbed in the catalyst’s active sites
without going through the liquid’s phase mass transfer resistance. The following equation
is valid in ranges of 0.31 to 5 MPa.

(1+ ((AP/2))/(p18))]?)
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where Ga is Galileo “s number,

2
Gay, = d3gPL (8)
ML

2.3. Mass Transfer within the Reactor

Due to gas-liquid-solid contact, it is possible to identify three types of mass transfer
phenomena, which limit the reaction’s development: the gas-liquid, liquid—solid and
gas—solid consecutive mass transfer.

2.4. Gas—Liquid Mass Transfer Coefficients

The mass transfer coefficient between gas and liquid depends on several parameters,
including the catalytic particles size, the liquid and gas flows, fluid properties, and the
reactors conditions of operation. There are plenty of correlations that allow obtaining the
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mass transfer coefficient (kg agr) [18]. Some correlations [19] consider the dynamic liquid
holdup and the pressure drop.

AP 0.35
koracr = 0.0036 [”L ()] )
8L,d z

The pressure drop is an unknown parameter in the reactor; therefore, it is necessary
to estimate or measure it experimentally. Other correlations [20] are proposed using
known parameters.
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Other authors [21] considered desirable different sizes of catalyst.
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where Sh is a Sherwood number, Re|, is a Reynolds number, and Sc is a Schmidt number.

2.5. Liquid-Solid Mass Transfer Coefficients

Liquid—-solid mass transfer coefficients are also required in the operation of a trickle
bed reactor, as well as the mass transfer coefficient between gas and solid. The first one
depends on the contact of the liquid with the solid surface; therefore, is dependent of the
wetting of the catalytic surface. Considering this fact, it is possible to find correlations that
include the wetting fraction.

nceSh = aRe?Scl/3 (15)

Table 1 shows it is possible to observe some values for a and b for Equation (15).

ShD
kspa = 2 (16)
d
P
0000711
Sh = (%) Re(65c!/3 (17)
P
Table 1. Parameters for the Equation (14) by different authors.
Author NCE a b Additional
[22] 0-1 0.72 0.54 50 <Rep, <140
8 0.5 Rey, <200
23] 1 0.53 58 Re; > 200
[24] 1 0.687 0.33

Equation (10) only applies to particles of about 5 mm.
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2.6. Gas—Solid Transfer Coefficients.

The gas—solid mass transfer coefficient is another factor that is required in the modeling
of the trickle bed reactor when particles are partially wet. In the catalyst’s dry surface, there
is a direct contact between the reagents in the gaseous phase and the outer surface of the
catalyst. The gas—solid mass transfer has been studied extensively in single phase systems.
For Re > 10, the correlation of Dwivedi et al., 1977 [25], stands out.

H
ks = 04548—AEC Re; 04053/ (18)
B

2.7. Dimensions of the Trickle Bed Reactor to Laboratory Scale and other Considerations

Listed below are some of the variables necessary for the reactor sizing. Since the
internal diameter of the laboratory reactors must not exceed 1.5 cm, it was decided to use
a diameter of 1.25 cm. The selected length was 60 cm, effective for the bed in which we
could put both catalysts as glass spheres. This bed was packed with about 30 cm of catalyst
between 1 and 2 mm of glass to increase the wetting. The reactor must withstand pressures
up to 200 bars, as the reaction occurs between 20 and 100 bars [6]. Flow regulators must be
designed to effectively control flows between 10 and 150 mL/h for the liquid. The molar
flow of hydrogen must be calculated based on the molar rate of 5:1 of hydrogen to glycerol.

The catalysts MK 121, from Haldor Topsoe and HIFUEL W220, and HIFUEL W230,
from Alfa Aesar, were selected because of their similarity to the described in [6]. However,
these catalysts come in cylinders of various sizes and must be reduced to achieve the
desired particle size between 0.22 mm and 0.8 mm. To reduce the resistance to the mass
transfer, the catalysts must be activated according to the manufacturer’s specifications.
The heating can be done with hot oil, and temperature control must be able to function
effectively between 100 °C and 300 °C, since the reaction occurs at 200 °C (100% oversizing).
Reactor and laboratory equipment must strictly fulfill all regulations to handle an explosive
gas such as hydrogen.

All electrical components must have protection against spark and be duly certified.
The continuous phase within the reactor must be gas, and the dispersed phase that flows
through the walls of the surface of the catalyst particles must be the liquid. This condition
must be ensured through diffusers and other measures as may be necessary for reactor’s
correct operation. In addition, glass spheres of 2 mm diameter must be placed before and
after the catalytic bed to facilitate the flow and heat transfer. Figure 1 and Table 2 show the
laboratory scale trickle bed reactor’s design criteria and compare it with the recommended
in [26].

Table 2. Laboratory reactor compliance criteria.

Item Criterion Standard [26]
. . . (L/dp) = 0.27/0.0008 = 337 (L/dp) > 100
Axial Dispersion (D/dp) = 0.0125/0.0008 = 187.15 (D/dp) > 10
No channels formation (D/dp) = 0.0125/0.0008 = 187.15 (D/dp) > 25
Isothermic (D/dp) = 0.0125/0.0008 = 187.15 (D/dp) > 100

2.8. Kinetic Model

The glycerol hydrogenolysis reaction in the presence of a Cu/Zn/To catalyst produces
1,2 propanediol and acetol as an intermediate product. The mechanism described by [4]
proposes the acetol as an intermediary and is valid for catalysts containing Cu (Figure 2).
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Figure 2. Mechanism of the hydrogenolysis of glycerol to 1,2 propanediol [4].

The kinetics proposed by [6] is based on the presumption of two different sites of
adsorption for hydrogen and organic molecules:

k1bcCq
= 19
" T boCo + b4Ca + bpCp (19)
ry = kabaCaby Py 20)

(14 beCg +baCa +bpCp) (14 vBLPr)’

where the subscripts A, G, H, and P indicate acetol, glycerol, hydrogen, and 1,2 propanediol,
respectively. This mechanism was obtained in a differential reactor, and it was found that
the resistances from the mass transfer were negligible at the time of the experiment (mostly
due to previous particle size adequacy to assure this condition); it can be considered as an
intrinsic kinetics.

2.9. Simulation with the Kinetic Model

Embedding this kinetic model in the mass balance of a trickle bed reactor, it is possible
to predict the behavior of the reactor at a laboratory scale for the conditions shown in
the Table 3.

Table 3. Design features of the reactor.

Characteristic Value
Reactor Cross-Sectional Area 1.2272 x 10~ m?
Bed Length 0.27 m
Liquid Flow 1x107*m3/h
Molar ratio, Hy:Glycerol 5:1
Molar fraction, liquid inlet 20% HO 80% Glycerol
Catalyst density 2000 kg/m?

Bed porosity 0.5
Hydrogen pressure 50 bars
Temperature 239 °C

The mass balance equations in the bed are

dF

d—xc = —ripc(l—ep)A (21)
dF,
T; :szc(l—eg)A (22)

2.10. Model with Mass Transfer and Key Parameters

The kinetic model neglects all mass transfer restrictions and assumes the reagents
as the only limiting factor for the reaction. However, the mass transfer limits the actual
operation of this type of reactors. Figure 3 illustrates how hydrogen concentration decreases
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drastically in the solid catalyst, where it is adsorbed, compared with its concentration in
the gas phase.

GAS LIQUID SOLID

*

CHZ

CG CG,S

Figure 3. Concentration profiles in each phase of the reactor.

Using the kinetic model as a basis, it is possible to create a model that considers both
mass transfer as well as operation parameters, such as wetting [27].

iFg
R¢ = ncepc(1 —ep)ry (24)

The first reaction occurs only in the liquid phase and is subject to the wetting, limiting
its efficiency. In the case of the second reaction, which involves two phases, the following
model is used:

AFp
Rp = [ncer2 + (1 = nce)raloc(1 — ep) (26)

Given that the liquid phase participates in this reaction, the wetting factor also limits
the reaction. However, the restrictions of mass transfer of liquid phase to hydrogen applied
only in the wet part, hence, 1, is based on the concentration of hydrogen in the solid phase
(Cr2), while r,* is a function of the concentration of hydrogen in the gas phase (Cr*).
It is possible to formulate this model in this way, because it is assumed that the streams
(also referred to as rivulets in the literature) that cover the bed are not fixed and move
throughout the bed, renewing the adsorption of the liquid substances. Thus, the reaction
also occurs in areas of the catalyst that are not covered by the liquid film but that have been
wetted randomly.

3. Results and Discussion

Using parameters shown in Table 3, along with Equations (21 and 22), and using
Aspen Custom modeler as a simulation engine, it was possible to simulate the laboratory
scale reactor’s behavior assuming negligible mass transfer. Also, using Equation (15) along
with Table 1 and parameters reported in [22], a wetting factor of 0.9 was calculated, and
the reactor, under the assumption of non-negligible mass transfer, was simulated.

Figures 4 and 5 show the result of the simulation of the kinetic model as well as the
mass transfer model proposed for the laboratory scale reactor. Figure 4 shows an unusual
behavior in the reactor: it is noticeable that the mass transfer model presents a higher
glycerol conversion than the kinetic model. It also shows that expected glycerol conversion
(Figure 4) increased while the expected 1,2 propanediol selectivity (Figure 5) decreases
due to mass transfer limitations. However, these results remained well inside the limits
reported in the literature, between 75 and 98.2% for most of the catalysts [28-30].
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Figure 5. Selectivity of 1,2 propanediol through the reactor.

0.3

Figure 6 shows acetol molar fraction along the reactor. It can be observed that the

mass transfer model presented significantly higher values than the kinetics model for acetol
molar concentration. This, in part, can explain Figure 4 results. The mass transfer model
produced higher acetol concentration due to the low solubility of hydrogen in the liquid
phase that promotes acetol accumulation, as the hydrogenation reaction (reaction 2) is mass

transfer-limited.
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Figure 6. Comparison of the flows of acetol in models with the kinetics model and the mass
transfer model.

Figure 7 shows the effect of the mass transfer limitations on 1,2 propanediol production.
Due to the mass transfer limitations of the liquid phase, the acetol conversion into 1,2
propanediol diminished due to the lack of available hydrogen in the liquid phase, reducing
the expected kinetic model catalyst selectivity of 98% toward the 1,2 propanediol to an
80% with the mass transfer model. It is important to note that, due to the lack of more
detailed kinetic models, it was not possible to calculate the expected effects or the selectivity
toward the other undesired products. The reported selectivity at laboratory scale [6] for
this reaction was 93.4% for 1,2 propanediol, 1.2% for acetol, 2.7% for ethylene glycol, and
2.7% for other compounds, like methanol, ethanol, and propanol.
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Figure 7. Comparison of 1,2 propanediol molar fraction with the kinetics model and with the mass
transfer model.
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Figures 8 and 9 show the hydrogen concentration in the liquid and solid phases. This
confirms that the mass transfer in the liquid phase does not directly affect the conversion
but affects selectivity. This phenomenon occurs, because the hydrogen concentration in the
solid phase (the catalyst) is low, and therefore, this limits the conversion of 1,2 propanediol.
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Figure 8. Hydrogen concentration in the liquid phase.
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Figure 9. Hydrogen concentration in the solid phase.
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Most of the available literature is based on experimental results [13,31,32], and the
correlations are obtained from those experiments; in some cases, the conditions are quite
different from actual industrial operations [33,34]. In this work, it was possible to select
an appropriate and comparable trickle bed reactor to other similar reactors (see Table 4),
whose selected parameters were validated with Al-Dahhan et al. [31]. This allowed us to
evaluate the three main assumptions that allow us to obtain a simpler and more coherent
model that permitted the comparison between a kinetically driven model and a mass
transfer-driven model: (i) an isothermal operation was achieved by imposing restrictions
on the diameter of the reactor (0.0125 m) and particle (0.0008 m), (ii) to exclude the axial
direction (undesirable), the criteria proposed by Mears et al. [35] (see Table 2) was used to
help simplify the mass transfer model, and (iii) the formation of small channels between
particles was achieved, fulfilling the criteria indicated in Table 2 and allowing a more
general assumption of a plug flow fixed bed reactor.

Table 4. Bench-scale trickle bed reactor standard measurements in experimental research.

Al-Dahhana et al. [34] Sie et al. [36] This work
Diameter (m) 0.02 0.3 0.0125
Lenght (m) 0.5 0.2 0.27
Liquid Velocity (m/s) 0.0003 0.0001 0.000226

4. Conclusions

The reactor behavior was studied considering two different models, a kinetically
driven reactor model and a mass transfer driven reactor model. The comparison between
both models showed the importance of interfacial and intraparticle transport phenomena
in trickle bed reactors, showing that, although the hydrogen is theoretically in excess,
the amount that reaches the catalyst through the aqueous phase is low, making the mass
transport processes the dominating phenomenon.

By selecting a trickle bed reactor as the most suitable for the catalyst and the reaction
conditions, it was possible to identify crucial design and operating parameters that guaran-
teed near-isothermal operation, low channel formation, and lower axial dispersion, desired
conditions for operation at laboratory-scale.

Due to mass transfer limitations, the expected glycerol conversion increased, while
the expected 1,2 propanediol selectivity decreased; however, these results remained within
the limits reported in the literature, between 75 and 98.2% for most of the catalysts.

Although this work is a theoretical approach to a much-studied experimental phe-
nomenon, such as 1,2 propanediol production through glycerol hydrogenation, adequate
catalysts selection is not the only critical factor for the process design.

Since such a strong influence of hydrodynamic and mass transfer parameters has been
identified in a simplified mass transfer model, such as the one used in this work, it can be
concluded that the actual design of a full-scale reactor would be much more complex and
can present lower than expected selectivity and conversions.
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Abbreviations

AP Pressure Drop

L Length

Gg Superficial mass velocity of gas

dy, Hydraulic diameter

Xg, X  Modified Lockhart-Martinelli number
Rey, Reynolds number of liquid

Wey, Weber number

dp Particle diameter

49 Liquid kinematic viscosity

(e Gas kinematic viscosity

G Gas mass velocity

Gag, Galileo number of liquid

kgt Gas-liquid mass transfer coefficient
agr Specific gas-liquid interfacial area
Dar Gas-liquid diffusivity

Scr, Schmidt number of liquid

Scg Schmidt number of gas

Sh Sherwood number

Dy, Diffusivity of hydrogen

Hy Solubility coefficient of A at equilibrium
7 First reaction rate

) Second reaction rate

kq First reaction rate constant

ko Second reaction rate constant

bg Absorption rate constant of glycerol
ba Absorption rate constant of acetol

by Absorption rate constant of hydrogen
bp Absorption rate constant of propylene glycol
Cg Molar concentration glycerol

Cyp Molar concentration acetol

Cp Molar concentration propylene glycol
Py Pressure hydrogen

Fc Molar flow rate glycerol

Fp Molar flow rate propylene glycol

0G Gas density

oL Liquid density

€ Porosity

Be External liquid saturation

1CE External contacting efficiency

UL Liquid viscosity

UG Gas viscosity

€B Bed voidage
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