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Abstract

:

This study investigated the predictability of forward osmosis (FO) performance with an unknown feed solution composition, which is important in industrial applications where process solutions are concentrated but their composition is unknown. A fit function of the unknown solution’s osmotic pressure was created, correlating it with the recovery rate, limited by solubility. The osmotic concentration was derived and used in the subsequent simulation of the permeate flux in the considered FO membrane. For comparison, magnesium chloride and magnesium sulfate solutions were used since these show a particularly strong deviation from the ideal osmotic pressure according to Van’t Hoff and are, thus, characterized by an osmotic coefficient unequal to 1. The simulation is based on the solution–diffusion model with consideration of external and internal concentration polarization phenomena. Here, a membrane module was subdivided into 25 segments of equal membrane area, and the module performance was solved by a numerical differential. Experiments in a laboratory scale for validation confirmed that the simulation gave satisfactory results. The recovery rate in the experimental run could be described for both solutions with a relative error of less than 5%, while the calculated water flux as a mathematical derivative of the recovery rate showed a bigger deviation.
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1. Introduction


Due to rising energy prices, the demand for innovative energy-saving and sustainable processes is growing [1]. One focus of research and development is set on pressure-driven concentrating processes to be used instead of energy-intensive thermal processes such as evaporation [2,3]. In addition to reverse osmosis, which is a state-of-the-art approach in applications such as seawater desalination, more and more feasibility studies are being conducted on the use of forward osmosis (FO) [4]. In this context, FO is rather a useful supplement than a substitute for reverse osmosis. FO would, for example, be utilized where the feed has a high organic content with a high fouling potential [5], or when a suitable draw solution (DS) stream is available that can be used for concentrating the feed solution (FS) [6,7,8].



In order to successfully apply FO on a larger scale, understanding the process with its influencing and disturbing factors is necessary. This allows subsequent production-scale plants to be designed from the results of smaller laboratory-scale tests. For this upscaling, simulation models are created in the engineering sciences, for the purpose of representing the real process as accurately as possible.



For the FO simulation, the thermodynamic knowledge of existing solutions and the knowledge of mass transport through the membrane of the FO are necessary. There are two types of principle models, namely, computational fluid dynamics (CFD) [9] and simplified models [10]. The authors selected the simplified model due to its ease of adaptability and extension, as well as its potential for effortless transfer to industrial applications. The basics of the simplified model are explained in detail in Section 2.



A given problem of real processes with real solutions Is that the composition of one or more of the present solutions is either partially known or not known at all; thus, no accurate thermodynamic description can be generated for the simulation model.



One approach would be to measure the concentrations of those components of the initial solutions that are expected to have the greatest effect on the thermodynamic properties. However, there is a risk that some substances remain undetected, which has a non-negligible effect on the properties of the entire solution.



Even if all constituents are known, the thermodynamical description comes with a very high effort. This is because solutions with multiple dissolved constituents are more likely to have molecular interactions that are difficult to predict, especially at high concentrations. Thus, for example, calculations of the osmotic pressure according to Van’t Hoff are inadmissible. For complex models such as those according to Bromley [11] or Pitzer [12], which take the interactions into account, empirical data must be available. Moreover, these complex models are reliable only up to a certain concentration dependent on the substance system [13].



Considering the above-argued problems, the authors chose a fully empirical approach to describe the thermodynamic properties. They used a correlation between osmotic pressure and recovery rate created for the substance system of our concern. This method offers the advantage that the required empirical data can easily be determined since only one sum parameter for different recovery rates must be measured. The recovery rate itself has the advantage of being continuously measurable during the process through flow and level measurements. In addition, the complex calculation from the individual concentrations and interaction parameters can be dispensed with.



In the remainder of the paper, the authors first briefly discuss the basics of osmotic pressure and the calculation of solute transport of the FO. Then, the empirical model’s setup and its integration into the FO solute transport calculation are described. To this end, an experiment is carried out to validate the simulation and evaluate the quality of the chosen approach.




2. Fundamentals


2.1. Osmotic Pressure and Osmotic Coefficient


In order to correctly determine mass transfer, the calculation of osmotic pressures is indispensable. Assuming ideal conditions, the osmotic pressure Π in Pa of a simple electrolyte system that consists of a single electrolyte solved and strongly diluted in water can be determined using the Van’t Hoff equation:


  Π = icRT ,  



(1)




where i indicates the Van’t Hoff factor, which considers the stoichiometric dissociation, as well as the degree of dissociation, of a single electrolyte in solution. The molar concentration of the associated electrolyte c is given in mol·m−3 and is multiplied by the ideal molar gas constant R in J·mol−1·K−1, as well as the temperature T in K.



Interactions between ions of equal and opposite charge become bigger with higher concentration, which leads to a deviation from the real behavior of the electrolyte solution. [14]. Especially for the DS, the described deviation increases very strongly depending on the electrolyte used. The relationship between real and ideal behavior is represented by the osmotic coefficient ϕ, which can be calculated according to the following equation [13]:


  ϕ =   − ln    a W        vmM  W    =    c  osm    c  ,  



(2)




where    a W    represents the activity of the solvent,    v i    is the stoichiometric coefficient of the dissociation reaction of salt i,    m i    in kg is the mass of the salt, and    M W    in kg·mol−1 is the molar mass of the water. The equation and, thus, the osmotic coefficient can be further interpreted as the ratio of the osmotically effective concentration    c  osm     in Osmol·m−3 and the actual solute concentration  c  in mol·m−3. As can be seen in Figure 1, the osmotic coefficient of sodium chloride is about ϕ = 1 over a wide range of concentrations; therefore, it is legitimate to opt for the Van’t Hoff equation for its simplicity and assess a small error of calculation. Electrolytes such as magnesium chloride and magnesium sulfate, for example, have osmotic coefficients that differ significantly from 1 (see Figure 1). In this case, the application of the Van’t Hoff equation would lead to relative errors of up to 50% for magnesium sulfate or over 100% for magnesium chloride since their osmotic coefficients are less than ϕ = 0.5 or greater than ϕ = 2, respectively.



Several models are available for calculating activity coefficients and water activity in highly concentrated electrolyte solutions, each with their own advantages and disadvantages. The Debye–Hückel model [14] is a simple model that assumes only electrostatic interactions between ions in solution, but it becomes inaccurate at higher concentrations where ion–ion interactions become important. The extended Debye–Hückel model (e.g., the Bromley equation [11]) takes into account ion–ion interactions and solvent structure effects, in addition to electrostatic interactions, making it suitable for higher electrolyte concentrations and more accurate, but also more complex. The Pitzer model [12] is an extension of the Debye–Hückel model that includes additional terms to account for ion–ion interactions and solvent structure effects, allowing it to be used for a wider range of electrolyte concentrations and more complex systems. The NRTL model [18] is a non-electrostatic model that accounts for ion–solvent interactions by considering the nonideal behavior of the solvent and can be used for electrolyte and non-electrolyte solutions. It is the most accurate but also the most complex and computationally intensive model, making it suitable for certain systems where higher accuracy is needed. Ultimately, the choice of which model to use depends on the specific system being studied and the desired level of accuracy, with the Debye–Hückel model being a good starting point for low concentrations of electrolytes, and the extended Debye–Hückel model, Pitzer model, or NRTL model being used for higher concentrations and more complex systems.



It is important to note that accurate predictions of activity coefficients in electrolyte solutions require knowledge of the concentration of each component in the solution. Without accurate knowledge of the concentrations, the calculated activity coefficients may be significantly different from the actual values, leading to large errors in any subsequent calculations or predictions. Therefore, it is important to ensure that the concentrations of all components in the electrolyte solution are known or accurately measured before using any of these models for activity coefficient calculations.




2.2. Forward Osmosis and Water Transport


Technical osmosis or forward osmosis is a process in which a solvent—usually water—diffuses from a solution with low osmotic pressure, i.e., the FS, through a semipermeable membrane into a solution with higher osmotic pressure, i.e., the DS. The membrane, consisting of a semipermeable active layer (AL) and a porous support layer (SL) [19], lets the water pass through while retaining other substances, such as salt or organic molecules. This process is self-sustaining until the chemical potentials of the two solutions are equalized. The DS with a high osmotic pressure becomes diluted with the permeate and, thus, reduces the osmotic pressure. The FS is continuously concentrated, having a higher solute concentration and, thus, higher osmotic pressure.



The membrane can be seen as a one-dimensional path within the module, where each point defines a location with different solution properties and, therefore, different material transport.



One approach to calculating the material transport for a given location is the solution diffusion model (SDM) [20]. In this simulation, the SDM is used considering the AL–FS membrane orientation, where the active layer of the membrane is in direct contact with FS [21], as shown in Figure 2. This is due to the fact that AL–FS is the most common membrane orientation for commercially available FO modules [22,23].



With the assumption of having similar hydraulic pressures, the driving potential for the material transport in FO is the difference between the osmotic pressures    Π  FS     and    Π  DS    . However, as in all membrane processes, so-called concentration polarization (CP) occurs in FO, caused by several concentrations and diluting phenomena, which lead to a loss of the driving potential [26], since molar concentration and osmotic pressure are directly linked to one another (see Section 2.1).



CP can be subdivided into external concentration polarization (ECP), where a concentration gradient occurs in the laminar boundary layer between the bulk stream and the membrane [27], and internal concentration polarization (ICP), where a concentration difference occurs within the porous support layer [13].



ECP on the feed side is caused by solutes from FS that are rejected due to the semipermeable properties of the membrane, thus accumulating immediately in the boundary layer. As a result, the concentration and, therefore, the osmotic pressure    Π  FS − AL     at the feed solution–active layer interface (FS–AL) is higher than in the feed solution itself. ECP does also appear on the DS side, where the water passes from the membrane into the bulk stream of the DS. Since the permeate has a lower concentration, there is a dilution of the DS at the interface between the DS and the support layer (DS–SL). Therefore, the concentration and osmotic pressure of the DS are reduced to    Π  DS − SL     toward the membrane.



ICP within the support layer is caused by two opposing mass transfer phenomena. On the one hand, low-concentration permeate flows from the AL through the SL toward the material flow of the DS. On the other hand, an unwanted reverse solute flux (RSF) takes place, where solutes from the DS diffuse through the permeate against the concentration gradient to the boundary layer between AL and SL (AL–SL) [28]. This results in the actual osmotic pressure of the DS, already reduced by ECP, being additionally reduced within the support layer by dilution with permeate to    Π  AL − SL    .



For asymmetric membranes, ICP can reduce the osmotic pressure difference of the bulk streams by 45% to 60%, while ECP can account for 30–40% reduction [29]. Although the extent of ICP and ECP depends on the process conditions and membrane properties, it can be concluded that ICP is the major contributor to the loss of driving force.



Since the osmotic pressure difference      Δ Π    eff     immediately at the boundary layers of the active layer are crucial for the driving force and, therefore, the water flux, the preceding explanation shows that CP is a critical factor in reducing the membrane performance and must strictly be considered in the calculation of the membrane process.





3. Materials and Methods


In this study, a simulation of the FO process is presented, where the results of the estimated water flux and the recovery rate are compared with the measured values of laboratory-scale experiments.



3.1. Simulation of a Batch Concentration Process


The simulation of the FO process is divided into four parts. First, the osmotic pressure of an unknown solution is calculated on the basis of measurements of the FS for different concentrations and compared to two known electrolyte solutions (see Section 3.1.1). This osmotic pressure is used as a function of the recovery rate to calculate the water flux and recovery rate for a specific location on the membrane path with the solution diffusion model (see Section 3.1.2). Then, the latter calculation is used to numerically estimate the water flux and recovery rate of the entire membrane module (Section 3.1.3) and to predict the change in volume and concentration over time of the batch experiment (Section 3.1.4), which is conducted to verify the simulation.



3.1.1. Osmotic Pressure


A possible solution approach for the simulation of water permeation rates in FO for FS with unknown substance composition could be a fit function of the feed’s osmotic pressure    Π    RR       versus the recovery rate   RR   (as given in Equation (3)). To do this, a concentration series would have to be prepared previously with the unknown solution using a vacuum rotary evaporator or FO on a laboratory scale. Using cryoscopy or ebullioscopy (see Section 3.2.1), the activity and, from this, the osmotic pressure can then be determined in relation to the concentration. The coefficients    x 1   . and x2 in Pa can be determined via a GRG nonlinear solver method integrated into Excel.


   Π    RR     =  Π 0  +    x 1  RR +  x 2    RR  2    1 − RR   ,  



(3)







The advantage of the equation is that the actual concentration of a solution does not have to be known during the concentration process, as it must be the case for usual calculation methods (e.g., according to Van’t Hoff) or more complex activity models (e.g., Pitzer [12] or Bromley [11]). It is sufficient to measure the osmotic pressure at the beginning, to determine the coefficients to assign an osmotic pressure to a solution at each point of the recovery, and to calculate a water flux thereupon. This allows the modeling of solutions where the composition is unknown.



The water recovery or recovery rate RR is calculated using an initial volume with index 0 and the removed volume. The recovery rate can then be related to an input volume flow    Q  FS , 0     in m3·s−1 in a membrane module where the volume    Q  FS     in m3·s−1 is the current volume flow rate for a location of a one-dimensional membrane path, as can be seen in Equation (4).


  RR =    Q  FS , 0   −  Q  FS      Q  FS , 0     .  



(4)







The recovery rate can also be determined for a tank in which the feed solution is recirculated in batch mode, i.e., the volume change is equal to the permeate flow. Here, the recovery rate can also be calculated from the initial volume    V  B , 0     in m3 and the current volume    V B    in m3, as seen in Equation (5).


  RR =    V  B , 0   −  V B     V  B , 0     .  



(5)








3.1.2. Membrane Performance for a Given Location


A common way to calculate the solvent transport of water    J W    in m3·s−1·m−2 as described by SDM is to use the permeability  A  in m3·s−1·m−2·Pa−1, hydraulic pressure difference    Δ p    in Pa, and osmotic pressure difference    Δ Π    in Pa. Solvent transport occurs between feed solution membrane interface and active layer–support layer interface which is shown in Figure 1 and described in Equation (6) [2].


   J W  = A    Δ Π  −  Δ p    = A      Π  DS , BL   −  Π  FS , BL     −    p  DS , BL   −  p  FS , BL       .  



(6)







The specific salt flow    J S    mol·s−1·m−2 is calculated in Equation (7) using the salt permeability B in m3·s−1·m−2 and the present concentration difference at the boundary layer    c  FS − AL     and    c  DS − AL     of the active layer and corresponding solutions [30].


    J S  = B ∆ c   = B    c  FS − AL   −  c  DS − AL     .   



(7)







In order to specify the concentration of the unknown FS that is derived from the previously determined fit function in Equation (3) of the osmotic pressure, Equation (8) is used.


   C  osm   =    Π    RR       RT   .  



(8)







Furthermore, this assumption limits the fitting function to concentration ranges where the constituents are completely dissolved. If any components were to precipitate, they would no longer contribute to the osmotic pressure. In the solution diffusion model, the external concentration polarization is described according to Equation (9), where the molar concentrations at the boundary between the feed solution and active layer    C  FS − AL    , as well as of the bulk stream of the FS    C  FS    , are required [31]. The transport coefficient    k  FS     in m·s−1 indicates the solute diffusion through the laminar interface.


       c  FS −  AL      +    J W     J S           c   FS      +    J W     J S        = exp      J W     k  FS       .  



(9)






       c  FS −  AL      +    J W     J S             Π  FS ,   RR       RT   +    J W     J S        = exp      J W     k  FS       .  



(10)







The molar concentration of the FS bulk stream cFS in Equation (9) can now be substituted by Equation (8) to obtain Equation (10), which describes the calculation of the external concentration polarization (ECP) on the feed side.



Equations (11) and (12) for calculating the external dilute concentration polarization (DECP) [31], as well as those for the internal concentration polarization (ICP) [32], are used without substitution since the concentration of the initial DS, which can be freely selected by the user in most cases, is known. It should be neglected here that dissolved substances can also diffuse from the feed into the DS.


       C  DS −  SL      +    J W     J S           C   DS      +    J W     J S        = exp   −    J W     k m      .  



(11)






       C  AL −  SL      +    J W     J S           C  DS −  SL      +    J W     J S        = exp   −    J W     k  DS       .  



(12)







The mass transfer coefficients    k  FS     and    k  DS     of the laminar boundary layers are calculated according to the film theory for flow processes, shown in Equation (13). For this purpose, the material-specific diffusivity    D S    in m2·s−1 is multiplied by the dimensionless Sherwood number Sh and divided by the hydraulic diameter    d h    in m, using the fiber lumen inner diameter and space between the lumen shell and module shell for FS and DS, respectively [33].


   k  FS   =  k  DS   =    D S  Sh    d h    .  



(13)







The Sherwood number (Equation (14)) is calculated using the Reynolds number   Re   and the Schmidt number S c  [34]. The coefficient  α  and the exponents  β  and  γ  differ according to flow geometry and are determined experimentally.


  Sh =    α Re   β    Sc  γ  .  



(14)







The Reynolds number Re (Equation (15)) is in turn determined with the flow velocity  u  in m·s−1 on the feed or draw side and the kinematic viscosity, which is considered constant for this simulation [34].


  Re =     ud  h   v  .  



(15)







The Schmid number Sc (Equation (16)), which is needed to calculate the Sherwood number, is in turn calculated from diffusivity and kinematic viscosity [34].


  Sc =  v   D S    .  



(16)







The mass transfer coefficient of the support layer    k M    in m·s−1 is determined from the diffusivity and the structure parameter  S  in m [33]. The latter can be calculated theoretically from the porosity, the tortuosity, and the thickness of the membrane [35]. Practically, methods to determine the tortuosity are lacking, which is why the structure parameter S is determined experimentally.


   k M  =    D S   S  .  



(17)







Lastly, the diffusivity    D s    is determined using Equation (18) [36].


   D s  =       8  e  − 7    C  NaCl  2     M  NaCl    i  NaCl       −     0.0004  C  NaCl      M  NaCl    i  NaCl       + 1.5198   ×   10   − 9   .  



(18)








3.1.3. Overall Module Performance


Equations (1)–(18) can be used to calculate volume flow rates Q in m3·s−1 and the osmotic substance flow rates N in Osmol·s−1 for a segment k in a one-dimensional membrane path. The whole membrane consists of N = 25 segments, as shown in Figure 3. In this process, a balance for the FS and DS in a co-current flow direction is created, shifting over the entire length of the membrane module with equal step sizes.



The calculation of the water balance for the FS and DS for a segment k can be seen in Equations (19) and (20), respectively. For each new segment   k + 1   with the membrane area      A m   N    in m2, a permeate flow    Q  P , k + 1     in m3·s−1 is calculated, which is subtracted from the FS and added to the DS.


   Q  FS , k + 1   =  Q  FS , k   −  Q  P , k + 1   =  Q  FS , k   −    A m   N   J  W , k + 1   .  



(19)






   Q  DS , k + 1   =  Q  DS , k   +  Q  P , k + 1   =  Q  DS , k   +    A m   N   J  S , k + 1   .  



(20)







The equations for the output flow rates (Equations (21) and (22)) can then be derived. Here, numerical integration is performed over the length of the membrane surface for all N segments present. The increase in volume of the DS or decrease in volume of the FS in relation to the complete module is, therefore, due to the observable permeate flow    Q  P , obs    .


   Q  FS , out   =  Q  FS , in   −  Q  P , obs   =  Q  FS , in   −    A m   N    ∑   k = 1  N   J  W , k   .  



(21)






   Q  DS , out   =  Q  DS , in   +  Q  P , obs   =  Q  DS , in   +    A m   N    ∑   k = 1  N   J  W , k   .  



(22)







The permeate flow characterizing the process can, therefore, be determined from the difference between the respective input and output flows using Equation (23).


   Q  P , obs   =  Q  FS , in   −  Q  FS , out   =  Q  DS , out   −  Q  DS , in   .  



(23)







The balances of the salt streams    N  FS     (Equation (24)) and    N  DS     (Equation (25)) in this simulation do not refer to the actual amount of substance present, but only to the osmotically effective amount of substance. The balances are calculated in the same way and time as the volume flows. The DS consists of an initial salt stream, which is reduced only by undesired RSF during the concentration process. The calculated osmotically effective substance flow rate for the FS, thus, consists of the fraction of salt reflux from the DS, which is added in each segment to the fraction of salt already contained due to RSF. Furthermore, the already present osmotically effective substance flow rate is recalculated for each segment by means of the volume flow rate    Q  FS     and osmolal concentration    C  FS , osm     according to the present recovery rate (Equation (8)).


   N  FS , k + 1   =  N  FS , k   +  N  P , k + 1   =      Q  FS    C  FS , osm   RR         k + 1   +    A M   N   J  S , k + 1   .  



(24)






   N  DS , k + 1   =  N  DS , k   −  N  P , k + 1   =  N  DS , k   −    A M   N   J  S , k + 1   .  



(25)







If the material flows are integrated over all segments N, the substance flows at the outputs can be represented by Equations (26) and (27).


   N  FS , out   =      Q  FS    C  FS , osm      k  +    A M   N    ∑   k = 1  N   J  S , k   .  



(26)






   N  DS , out   =  N  DS , in   −    A M   N    ∑   k = 1  N   J  S , k   .  



(27)







The salt stream flow caused by RSF, through the membrane, can be determined from the mass flow difference of the DS using Equation (28).


   N  P , obs   =  N  DS , in   −  N  DS , out   .  



(28)








3.1.4. Batch Tank Balances


For the concentration of a storage tank B in batch mode, as carried out in the experiment, balances are shown using Equation (29) as a function of time t in s. The timestep size in the simulation is selected as    Δ t  = 1    s   . Thus, the volume    V B    of the feed storage tank changes due to the previously calculated permeate flow    Q p   .


   V  B  t    =  V  B   t −  Δ t      −    Δ tQ    P   t −  Δ t      .  



(29)







The osmotic concentration in the feed tank    C  B , osm  t      is calculated, as shown in Equation (30), analogous to the material flow within the module, taking into account the correlation of the osmotic pressure as a function of the recovery rate, partly from the amount of substance that additionally enters the tank as RSF per time interval.


   C  B , osm  t    =    Π  B   RR       RT   +    N  B , RSF   t −  Δ t      +    Δ tN    P , obs   t −  Δ t         V  B  t      .  



(30)







Lastly, a specific water flux    J  W , B  t      can also be obtained using Equation (31) for the circulating FS in the storage tank by dividing the observed permeate flux per time interval    Q  P , obs  t      by the membrane area    A M    in m2.


   J  W , B  t    =    Q  P , obs  t       A M    .  



(31)







Table 1 shows a summary of the initially used parameters for the calculation. In this calculation, the water permeability, salt permeability, and Sherwood parameters from a study conducted by Munubarthi [35] for the Aquaporin hollow fiber modules HFFO2 are used.





3.2. Experimental


3.2.1. Setup


The experimental test setup (Figure 4) for the validation of the described simulation consisted of two tanks containing the FS and the DS. The solutions were transported from the tanks via a centrifugal pump (NEMP50/7) from Harton, Germany to the respective inlets of the hollow fiber FO module (HFFO2) from Aquaporin, Denmark, through which they flowed in direct current (the properties of the module can also be seen in Table 1). Here, the feed entered the lumen of the hollow fiber module, and contacted the active layer, creating the AL–FS membrane orientation. The DS flowed on the shell side of the support layer. To achieve the best possible degassing, the module was installed vertically in the test rig and flowed through in an upstream direction. The DS was stored in a separate tank, whereas the FS was fed back into the supply tank. Here, an electric table stirrer ensured optimum mixing of the FS and the FS concentrate flowing back. The mass of the feed tank was measured using a sartorius laboratory precision scale in order to determine the permeate flow via mass reduction. Control valves installed directly after the pumps enabled adjusting the flow rates manually. The flow rates could be measured using GEMÜ float flow meters for an initial estimate.



Since the change in mass in the feed tank was particularly high at the beginning, a video camera was used to read the value of the balance simultaneously with a common laboratory stopwatch.



Magnesium chloride and magnesium sulfate in technical grade from manufacturers Deusa (Bleicherode, Germany) and K+S (Kassel, Germany) were used. The Osmomat 3000 cryoscope from Gonotec (Berlin, Germany) was used to check the osmotically effective concentration. It internally converts the cryoscopic constant of the water from the measured freezing point of the sample volume to osmolality. This allows, firstly, verifying the concentration of the prepared solutions and, secondly, adjusting osmotic concentrations as initial input for the simulation.




3.2.2. Test Execution


Before the main experiment can start, the membrane must be sufficiently wetted with water and brought to the correct temperature, as this has a significant effect on the diffusion and, thus, membrane performance. For this purpose, a rinsing procedure for both cycles was conducted, where DI water was run at T = 25 °C for 30 min in batch mode. In order to compare the measured values with the standard Aquaporin test for the determination of water flux [23], the same flow rates of 60 L/h for the FS and 25 L/h for the DS were chosen. Using a measuring cylinder and a stopwatch, the true volume flow rates were measured under triple repetitions, which in turn served as initial values for the subsequent simulation.



After rinsing the cycles with DI water, a standard test according to Aquaporin [23] was performed to verify the actual performance of the applied membrane module. For this, DI water was used as the FS and a 0.5 M NaCl solution was used as the DS. Temperature and volumetric flow rates were the same as for rinsing with water. If deviations of the permeate flux and, thus, the water permeability A from the manufacturer’s specifications were noticed during this test, they were taken into account later when validating the calculation.



The tests with the electrolyte solutions were each carried out directly after a 30 min rinse with water so that any ions present from the preliminary test were removed, and the module and the tubing were filled with water; thus, the same starting conditions applied for each test conducted. The FS was prepared with DI water and magnesium chloride or magnesium sulfate to obtain 0.2 M solutions at V = 5 L. This low initial concentration allowed the largest possible range of concentration to be achieved during the concentration process. The DS was prepared in sufficient quantity as a 1 M NaCl solution. At the beginning, as well as every further 60 s, a 50 µL sample of the feed was taken and analyzed in the cryoscope to estimate the osmotic concentration. The measured value was compared with the calculated one.



For comparison, the measured permeate flux JW of the tank was calculated from the volume decrease Δ   V B    for time span Δt between two measuring points, as shown in Equation (32).


   J W  =      Δ V   B     Δ t    .  



(32)







The change in volume in the storage tank was calculated, as shown in Equation (33), from the measured mass difference Δm divided by the density  ρ  in kg·m−3.


     Δ V   B  =    Δ m   ρ  .  



(33)







The osmotic pressure  Π  was calculated (see Equation (34)) from the water density    ρ W    in kg·m−3, the ideal gas constant  R , and the temperature T, together with the osmolality    b  osm    , measured by cryoscopy.


  Π =  b  osm    ρ W  RT .  



(34)










4. Results and Discussion


4.1. Standard Test


A simulation according to the standard test of the membrane manufacturer was carried out to measure the water flux of the present membrane and to compare the simulation results using the initial parameter set of Munubarthi [35], enhanced with the fit function for osmotic pressure.



Since this section of the study is aimed at taking a closer look at water transport and its related variable, salt transport is not considered in comparison with the standard test. The results are shown in Table 2. The Aquaporin HFFO2 membrane has a water flux of Jw = 11.5 ± 1.5 L·m−2·h−1 (LMH) and a recovery rate of RR = 0.42 when a 0.5 M sodium chloride solution at 25 L/h and DI water at 60 L/h are passed through the module in single-pass mode. A calculation with the permeabilities according to Munubarthi [35] showed a slight underperformance with a flux of 9.6 LMH and a recovery of RR = 0.35 when passing the module once. This could be due to the fact that Munubarthi [35] used a highly concentrated solution of 100 g/L assuming an ideal osmotic pressure according to the Van’t Hoff equation, and considering that the coefficient for the water permeability was calculated too low.



By adjusting the membrane parameters A and B, it was possible to calculate the same water flux and RSF mentioned in the Aquaporin datasheet for its HFFO2 module [23]. These adjusted parameters, which are shown in Table 2, were used for further simulations.




4.2. Osmotic Pressure Correlation


The samples were analyzed using the osmometer, and their osmotically effective solute concentration was determined, converted to a real osmotic pressure using the Van’t Hoff equation, and plotted as a function of the recovery rate. Since there were problems during the startup of the experiment to reach a stable equilibrium state, the recovery rate was set to RR = 0 for t = 2 min. Accordingly, the osmotic pressure measured at this time was considered to be Π0. The x1 and x2 parameters of Equation (3) were estimated using the GRG nonlinear solver method integrated into Excel. Here, the relative error between the fit function and the measured value was as small as possible. The calculated parameters of Equation (3) for the FS used in both experiments are shown in Table 3.



Figure 5a shows the osmotic pressure as a function of the recovery rate. Measured values are compared with the fit function. It is shown that the chosen mathematical function gave a good approximation of the measured values. This was, among other things, due to the fractional rational property, whereby the fit function converged to infinity at recovery rates of 1. An advantage is that Π0 is directly determined correctly, and the function is developed starting from the true value, whereby small deviations are found, particularly with low recovery rates. In addition, Π0 with an unknown solution only corresponds to the osmotic pressure, which the FS has in the initial state. This is often determined during initial analyses and would not need an additional measurement for the empirical determination.



As expected, magnesium chloride and magnesium sulfate showed strongly differing osmotic pressures. Both salts are strong electrolytes, with magnesium chloride dissociating into 50% more ions during the dissociation reaction with a stoichiometric coefficient of v = 3 than magnesium sulfate with a stoichiometric coefficient of v = 2. Hence, magnesium chloride should show a 50% higher osmotic pressure compared to magnesium sulfate under ideal assumptions. The fact that these assumptions do not apply was explained above (Section 3.1.1) with the osmotic factor (see Figure 1) and was confirmed by the experiment. It is shown that the osmotic pressure of the FS (see Figure 5a) increased during the concentration process. This was due to the water removal, which led to a concentration of the osmotic pressure producing solutes. The increase in osmotic pressure of magnesium chloride was stronger than that of magnesium sulfate because of the already mentioned higher dissociation coefficient and because of the osmotic coefficient [15,16,17].



The strong incline of magnesium chloride is also shown by parameter x1 = 13.71 of the linear term, in contrast to only x1 = 4.85 for magnesium sulfate. It is also worth noting that the latter salt, with x2 = 0, has no quadratic term, and the fit function can be constructed by only two measurement points to be mathematically determined.



Figure 5b shows the relative error of the fit function to the measured values. For magnesium chloride, two flawed measured points can be seen at approximately RR = 0.2 and RR = 0.29, which were probably due to sampling errors. If excluded, the fit functions for both solutions showed a relative error of less than 5% for the entire concentration process.




4.3. Experiments and Simulations


The experiments were carried out with magnesium chloride and magnesium sulfate. Figure 6a shows that the two solutions already had different masses after the startup time of 2 min, although they were both prepared with a total weight of 5 kg. This was due to the fact that magnesium chloride, with a higher osmotic pressure, had a lower driving potential at the beginning, which in turn led to increased water flux and, thus, a decrease in volume and mass. The test with magnesium sulfate was terminated after only 11 min, as a sufficient concentration was achieved. The test with magnesium chloride was terminated after 20 min, as a sufficient recovery rate was achieved. The measured data show a steady behavior and do not seem to contain any noticeable deviations. The simulation seemed to successfully describe the mass decreases. Whereas, for the magnesium sulfate solution, a stronger mass decrease was predicted during the first minutes than was actually measured, the curves converged again toward the end of the experiment such that the masses exhibited congruence. For the magnesium chloride solution, on the other hand, the mass during the batch concentration could be predicted almost precisely up to 8 min until the simulation finally underperformed, and the mass of the receiver tank after 20 min showed a difference of 192 g (1958 g vs. 1766 g), corresponding to a relative error of 10.8%.



Figure 6b shows the osmometric measurements of osmolality as a function of the experimental time. Here, the two solutions also showed a different pattern. In the case of magnesium chloride, the osmolality increased quasi-linearly from 576 mOsmol/kg to 1514 mOsmol/kg, corresponding to a factor of 2.63. In the case of magnesium sulfate, on the other hand, a curve characteristic of the concentration process can be seen, in which the osmolality increased particularly rapidly from an initial 284 mOsmol/kg toward the end of the experiment to 847 mOsmol/kg by a factor of 2.98. While the simulation was able to predict the progression relatively accurately for both cases, the osmolality for magnesium chloride was underestimated by 67 mOsmol/kg toward the end of the experiment at 1447 mOsmol/kg, corresponding to a relative error of 4.4%.



One of the most important values for the performance evaluation of the simulation and the process of FO is the water flux, which indicates the permeate flow in relation to the membrane area. Thus, it is primarily used for comparisons between different membrane manufacturers or operating parameters, or it serves as an auxiliary value for the upscaling of membrane areas. The water flux measured in the experiment over the experimental procedure can be seen in Figure 5a. Magnesium chloride started at a water flux of 6.61 LMH and then continuously decreased to 1.33 LMH. This could only be partially described well by the simulation. The maximum relative error at the beginning was about 8% and increased to about 20% at t = 15.5 min. Similar behavior is shown for magnesium sulfate, where the initial error of the simulation was also 8% but increased to 30% by the end of the experiment at t = 11 min.



In general, three different explanations were found to have the most significant impact on the difference between the simulation and experimental results:




	
Incorrect diffusion coefficients for osmotic particle diffusion








The diffusion coefficient mentioned in Equations (13) and (16)–(18) refers to the common solute concentration and not to the osmotic effective one. As a result, the diffusion coefficient differs considerably for electrolytes which have an osmotic coefficient greatly different from 1 at the given concentrations. This can be especially seen for magnesium sulfate, which has an osmotic coefficient between 0.5 and 0.6 at the investigated concentrations [17]; there was a greater error over the duration of the experiment than for magnesium chloride, which is estimated to have an osmotic coefficient of only 0.8–1.2 [17] (see Figure 1 (0.2–1 mol/kg)). In addition, it must be taken into account that the diffusivity of unknown solutions can change significantly with the concentration.



	2.

	
Accumulation of errors during simulation







In this study, the simulation was designed to run over multiple concentration ranges by batch-driving the feed, thus validating the simulation for just those ranges. Since the simulation, similar to the experiment, was started with an initial set of parameters and was not adjusted to the measured values during the calculation, errors from the beginning of the simulation were dragged through the complete calculation. Thus, even a small deviation in the calculation could have resulted in a large error in the later process.



	3.

	
Assumption of the parameters for the simulation







It is conceivable that the parameters adopted by Munubarthi were inappropriate for the simulation of this study. It has already been shown that the water permeability A and the salt permeability B are not suitable, as they were determined under different conditions. It may be that the fit was still not correct under the aspect of the incorrect diffusivities and structure parameters found in this study.



Although partly large deviations were previously recorded in the permeate flow, there are nevertheless good agreements for the recovery rate of the storage tank (Figure 7b). This is partly due to the fact that the initial values of the calculation were set at RR = 0, and the subsequent calculation develops from this point on. Furthermore, the water flux could be mathematically derived from the recovery rate, making it more sensitive and prone to deviations between calculated and measured values. Accordingly, the deviation between simulation and measured values was small in the initial range. The magnesium sulfate solution was concentrated to RR = 0.74 within 11 min according to the high permeate flows. In contrast, the magnesium chloride solution was only concentrated to RR = 0.62 within 22 min. The relative error of the calculation toward the end of the test was 2.9% for magnesium sulfate and 3.3% for magnesium chloride.





5. Conclusions and Outlook


The substitution of the calculation of the osmotic pressure with a previously determined fit function showed a sufficient result. However, optimizations need to be made in order to calculate water flux more accurately. The diffusion coefficient or diffusivity must always be assumed or determined iteratively. At this stage, this limits the applicability of the simulation. Under the assumption that the permeabilities, together with the remaining membrane parameters, are independent from the given solutions, then the diffusivity correlation should be determined as a function of the recovery rates in order to achieve accurate results.



Furthermore, the calculation is to be extended so that, in addition to an FS, a DS with unknown composition can also be used to calculate the flux. This use case is very important, especially in hybrid systems of FO, where the DS is continuously recovered, as there is a temporal change in the composition of the FS. Under certain circumstances, the performance of the FO can be strongly changed by this. To be able to calculate this behavior during the design process, the chosen approach would be very beneficial to assure the wished concentration performance.



The RSF should be investigated in more detail for the method. For DS of known composition, photometric measurement can be used to calculate the concentration loss. Deriving the low salt loss via conductivity is inappropriate for the DS because small concentration changes cannot be detected reliably in the presence of high-conductivity-producing concentrations.



In this study, the Aquaporin hollow fiber module was used in the simulation to validate the proposed hypothesis. The selection of a commercial module also constituted a number of parameters that influence the process performance, including membrane and flow channel areas, Sherwood parameters, hydraulic diameters, permeability constants of the membrane, and structural constants. These parameters play a crucial role in determining the efficiency and effectiveness of the process.



In the future, the calculation model will be verified for other commercially available modules of the FO. Accordingly, not only will membrane types (TFC and CTA) be varied, but different module geometries will also be tested. Once the validation process is complete, the robustness of the simulation model will be further confirmed using real-world solutions such as digestates from biogas plants.
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Figure 1. Osmotic pressure coefficient of different electrolyte solutions as a function of molality [15,16,17]. 
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Figure 2. Scheme of material transport for a given membrane location [24,25]. 
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Figure 3. Scheme of material transport for a given membrane cross-section. 






Figure 3. Scheme of material transport for a given membrane cross-section.



[image: Membranes 13 00427 g003]







[image: Membranes 13 00427 g004 550] 





Figure 4. Experimental setup. 
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Figure 5. Osmotic pressure (a) and relative error (b) as a function of the recovery rate. 
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Figure 6. Mass (a) and osmolality (b) of the storage tank as a function of time. 
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Figure 7. Water flux (a) and recovery rate of storage tank (b) as a function of time. 
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Table 1. Initial simulation parameter.






Table 1. Initial simulation parameter.





	Parameter
	Value
	Parameter
	Value





	    Q  FS , in     
	60 L·h−1 [23]
	    ρ  W   T = 25 ° C       
	997.04 kg·m−3



	    C   FS        
	0.2 mol·l−1
	    υ W    
	0.8926 mm2·s−1



	    Q  DS , in     
	25 L·h−1 [23]
	T
	25 °C



	    C   DS        
	1 mol·L−1
	p
	105 Pa



	A
	0.914 L·m−2·h−1·bar−1 [35]
	S
	194.79 µm [35]



	B
	0.34 L·m−2·h−1 [35]
	    A M    
	2.3 m2 [12]



	    d  h , FS     
	195 µm *
	    l M    
	0.27 m [37]



	    d  h , DS     
	1080 µm *
	    A  Q , FS     
	426 mm2 [35]



	    α  FS     
	0.0273 [35]
	    α  DS     
	0.734 [35]



	    β  FS     
	1.416 [35]
	    β  DS     
	0.084 [35]



	    γ  FS     
	0.33 [35]
	    γ  DS     
	0.33 [35]



	  R  
	8.314426 J·mol−1·K−1
	    A  Q , DS     
	3770 mm2 *



	    Δ t    
	1 s
	  N  
	25







* Values calculated from manufacturer information.
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Table 2. Comparison of standard test and simulation for different sets of parameters.
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	Test
	A (L·m−2·h−1·bar−1)
	B (L·m−2·h−1)
	RRobs
	Fluxobs (LMH)





	Aquaporin HFFO2

Standard test
	0.25
	0.019
	0.42
	11 ± 1.5



	Munubarthi [35]
	0.914
	0.012
	0.35
	9.6



	This study
	1.325
	0.017
	0.42
	11.1










[image: Table] 





Table 3. Parameters of the empirical fit function (Equation (3)).
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	Substance
	Π0
	x1
	x2





	Magnesium chloride
	14.24 bar
	13.71
	1.22



	Magnesium sulfate
	7.02 bar
	4.85
	0
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