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Abstract: Increased installation of renewable electricity generators requires different technologies
to compensate for the associated fast and high load gradients. In this work, sorption enhanced
gasification (SEG) in a dual fluidized bed gasification system is considered as a promising and
flexible technology for the tailored syngas production for use in chemical manufacturing or electricity
generation. To study different operational strategies, as defined by gasification temperature or fuel
input, a simulation model is developed. This model considers the hydrodynamics in a bubbling
fluidized bed gasifier and the kinetics of gasification reactions and CO2 capture. The CO2 capture
rate is defined by the number of carbonation/calcination cycles and the make-up of fresh limestone.
A parametric study of the make-up flow rate (0.2, 6.6, and 15 kg/h) reveals its strong influence on the
syngas composition, especially at low gasification temperatures (600–650 ◦C). Our results show good
agreement with the experimental data of a 200 kW pilot plant, as demonstrated by deviations of syngas
composition (5–34%), lower heating value (LHV) (5–7%), and M module (23–32%). Studying the fuel
feeding rate (22–40 kg/h), an operational range with a good mixing of solids in the fluidized bed is
identified. The achieved results are summarized in a reactor performance diagram, which gives the
syngas power depending on the gasification temperature and the fuel feeding rate.

Keywords: one-dimensional SEG model; dual fluidized bed; sorbent deactivation; hydrodynamics;
kinetics; fuel feeding rate; biomass

1. Introduction

Global greenhouse gas (GHG) emissions have been increasing exponentially for the past 60 years,
mostly due to the use of oil, coal, and natural gas [1,2]. Hereby, CO2 is the major GHG, accounting for
65% of the total amount. Replacing the usage of fossil fuels in combustion or gasification processes
with biomass enables the reduction of CO2 emissions.

Sorption enhanced gasification (SEG) has been considered a promising technology for tailored
syngas production with in situ CO2 capture. The plant configuration of a SEG process is based on the
conventional steam gasification process carried out in indirect heated (or allothermal) dual fluidized
bed systems. This conventional steam gasification process uses an inert bed material as a heat carrier
to deliver the heat for the endothermic gasification, enabling N2-free syngas with typical hydrogen
content of 20–40 vol% (on a dry basis). The syngas of this process can be used for power and heat
generation, and the technology has already been applied in a number of industrial-scale facilities with
thermal power ranging from 2–20 MW [3–5]. Accordingly, a number of different models describing the
steam gasification of biomass have been developed and published [6–8].

Gordillo and Belghit [9] developed a two-phase model for steam gasification of biomass char which
considers hydrodynamic phenomena; however, pyrolysis was not included, which is an important
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step in the biomass gasification process. Agu et al. [10] proposed a detailed one-dimensional model for
steam gasification in a bubbling fluidized bed, which considers a Lagrangian approach for solid fuel
particles extending the often used assumption of a uniform distribution of fuel particles. In contrast
to conventional steam gasification, the SEG uses a reactive bed material (e.g., limestone) as the heat
carrier, which enables the in situ capture of CO2 in the gasifier. This CO2 capture affects gasification
reactions and shifts hydrogen concentrations in the syngas up to 75 vol% (on a dry basis) [11].
Thus, SEG has been considered to be a suitable process for the synthesis of hydrogen, transport fuels,
and chemicals [12,13]. Hereby, models are important in finding the best operation strategies for the
gasifier, especially if the gasifier is part of a complex production path, including mass and energy
integration. However, few models exist which have considered the CO2 sorption characteristics in
fluidized bed reactors. Inayat et al. [14] and Sreejith et al. [15] used a detailed approach based on
reaction kinetics, but hydrodynamics were not in focus. In the work of Hejazi et al. [16,17], a model
to describe sorption enhanced gasification in a bubbling fluidized bed was presented. This model
considers hydrodynamics in the fluidized bed, but evaluations of process parameter over reactor
height were not included due to the assumption of a uniform temperature throughout the dense
bed. Another comprehensive SEG model has been published by Pitkäoja et al. [18]. This model
considers a transport disengaging height to describe the amount of reacting particles in the freeboard,
which is important for the overall syngas composition. However, minor focus is placed on the bed
activity, which depends (in a dual fluidized system) on the mean particle residence time, as well as
the carbonation/calcination cycles. Considering the issues discussed above, we developed a detailed
SEG model focusing on various key aspects, including (i) hydrodynamic features of the fluidized bed
reactor and evaluation of the process parameters over reactor height; (ii) kinetic aspects of the steam
gasification process; and (iii) reaction kinetics of CO2 capture through carbonation in the fluidized bed,
as well as by elutriated particles in the freeboard. As deactivation of the sorbent is an important issue
in a SEG process, a deactivation model is included in this work.

2. SEG Process Description and Model Development

2.1. Description of the SEG Process

Based on availability of experimental data, atmospheric conditions were considered for sorption
enhanced gasification (SEG). In this work, calcined limestone (CaO) was used as reactive bed material
to capture CO2 from the syngas through the carbonation reaction (CaO + CO2→ CaCO3). This shifts
gasification and water–gas shift reactions towards hydrogen production. The carbonation reaction
proceeds until the equilibrium condition is reached, where the equilibrium depends on the temperature
and CO2 partial pressure. Hence, the grade of CO2 capturing can be set by different operating conditions.
Adjustment of syngas composition by selecting gasification temperature is a great advantage of the
SEG process. Poboss [19] reported that there is a relatively high CO2 capture efficiency below
650 ◦C. For higher temperatures, the capture efficiency decreases rapidly. Based on the CO2 volume
concentration in the wet syngas, the CO2 capture ceases at a temperature of 750–770 ◦C [19]. To a certain
extent, operation above 750 ◦C and without CO2 separation can also be achieved with a dual fluidized
bed system by increasing the solids circulation rate. The concept of SEG, with its two fluidized bed
reactors, is illustrated in Figure 1. The energy needed for the endothermic gasification reactions in
gasifier is supplied by the highly exothermic CaO carbonation reaction and by the sensible heat of
circulating solids flowing from the regenerator (combustion reactor). This means if the temperature in
the gasifier exceeds the range for carbonation reaction, the process is only driven by the temperature
difference between regenerator and gasifier. However, the temperature of the regenerator cannot
be set arbitrarily high since otherwise sintering of CaO will increasingly occur, resulting in a loss of
activity [20]. To avoid sintering significantly, the maximum regenerator temperature should be below
950 ◦C. Thus, in a limestone-based process, the maximum gasification temperature is fixed at about
850 ◦C; if gasification is to take place at higher temperatures, other processes must be considered.
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The temperatures in the regenerator of 850–950 ◦C are obtained by the combustion of unreacted char
contained in the solids leaving the gasifier and flowing back to the regenerator. At these temperatures,
the sorbent is regenerated through the endothermic calcination reaction (CaCO3 → CaO + CO2).
If required, extra fuel can be added into the regenerator.
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Figure 1. Schematic diagram of sorption enhanced gasification (SEG) process (up to 750 ◦C) and
extended steam gasification mode (up to 850 ◦C); option of oxy-fuel operation.

The fluidized bed gasifier consists of a fluidized bed and a freeboard. Since main gasification
reactions are located close proximity to solids, the gasification temperature is referred to as the average
temperature in the fluidized bed. In this work, a gasifier temperature between 600–850 ◦C was
investigated by means of simulations.

The syngas produced from the SEG process is N2-free and lean in CO2 and, therefore, has a
high calorific value. Experimental results on SEG have shown that, at low gasification temperatures
(around 600 ◦C), the CO2 absorption is high and a H2 fraction on the order of 70–75 vol% (on a dry
basis) can be reliably reached [11,21,22]. There is also an additional advantage associated with the
use of CaO as a bed material: CaO-based bed materials are known to be catalytically active towards
tar cracking. Therefore, despite the lower gasification temperatures used in the SEG process, it has
been experimentally demonstrated that tar production can be up to 5 times lower than that in classical
(steam) fluidized bed gasification processes without CaO [23,24]. Apart from combustion with air,
the regenerator can also be operated with pure oxygen and recirculated flue gas, known as the Oxy-SEG
process. In this case, the flue gas contains no nitrogen but mostly consists of CO2, which can be stored
or utilized [25].

2.2. Development of a Dual Fluidized Bed Gasifier Model

In Figure 2, the SEG modeling concept considered in this work is illustrated. The proposed
model is based on details of the 200 kW dual fluidized bed (DFB) facility at the IFK. It consists of a
bubbling fluidized bed (BFB) gasification reactor and a circulating fluidized bed (CFB) regenerator
reactor. The gasifier model was discretized along the reactor length, in order to calculate all relevant
transport values and for model validation purposes, to compare with the underlying experimental
data. The regenerator is modeled in a simplified way, considering mass and energy balances as well as
combustion and calcination reactions, in order to enable the coupling with the gasifier through the
circulating solid.



Appl. Sci. 2020, 10, 6136 4 of 26
Appl. Sci. 2020, 10, x FOR PEER REVIEW 4 of 25 

 
Figure 2. Modeling concept of SEG in a dual fluidized bed system. 

2.3. Hydrodynamics 

For modeling purposes, the fluidized bed was split into two phases, a solid-free bubble phase 
(fraction: εb) and a solid-loaded dense phase (fraction: 1-εb), as shown in Figure 3. 

 
Figure 3. Simplified reactor scheme of the modeled process. 

2.3.1. Dense Phase 

In the model, the dense phase is considered to be a perfused pack with porosity εd and gas velocity 
ud. The calculation of ud and εd is performed following the methods presented by Hilligardt [26]. The 
minimum fluidization gas velocity, umf, is determined using the Ergun equation (Equation (1)), which 
is formulated based on the definitions of the Archimedes and Reynolds numbers, as well as the Sauter 
diameter (Equations (2)–(4)). In the present work, a sphericity of ψ = 0.75 [27] and a porosity at minimum 
fluidization εmf = 0.45 [27] are assumed. 𝐴𝑟 = 150 1 − 𝜀௠௙𝜓ଶ ∙ 𝜀௠௙ଷ 𝑅𝑒௠௙ + 1.75𝜓 ∙ 𝜀௠௙ଷ 𝑅𝑒௠௙ଶ  (1) 

𝐴𝑟 = 𝑔 ∙ 𝑑௦௩ଷ𝜈௚ଶ 𝜌௣ − 𝜌௚𝜌௚  (2) 

Fluidization gas

Gas to freeboard*

Fluidization gas

Gas to freeboard*

ℎ
𝐻ி௟௨௜ௗ஻

0
𝜀௕ ℎ

𝑢௕(ℎ)

Bubble phase
(b) Emulsion phase (d)

1 − 𝜀௕ ℎ
Model

𝜀ௗ ℎ
𝑢ௗ ℎ

𝑢

𝑢௙ 𝑢௙𝑑௕ ℎ
Bubbling fluidized bed 2-phase model

𝑢
* incl. elutriated particles

Figure 2. Modeling concept of SEG in a dual fluidized bed system.

2.3. Hydrodynamics

For modeling purposes, the fluidized bed was split into two phases, a solid-free bubble phase
(fraction: εb) and a solid-loaded dense phase (fraction: 1-εb), as shown in Figure 3.
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2.3.1. Dense Phase

In the model, the dense phase is considered to be a perfused pack with porosity εd and gas velocity
ud. The calculation of ud and εd is performed following the methods presented by Hilligardt [26].
The minimum fluidization gas velocity, umf, is determined using the Ergun equation (Equation (1)),
which is formulated based on the definitions of the Archimedes and Reynolds numbers, as well as the
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Sauter diameter (Equations (2)–(4)). In the present work, a sphericity of ψ = 0.75 [27] and a porosity at
minimum fluidization εmf = 0.45 [27] are assumed.

Ar = 150
1− εm f

ψ2·ε3
m f

Rem f +
1.75
ψ·ε3

m f

Re2
m f (1)

Ar =
g·d3

sv

ν2
g

ρp − ρg

ρg
(2)

Rem f =
dsv·um f

νg
(3)

dsv =
√
ϕ·dp (4)

Analysis of the fluidized bed inventory showed a mean particle size, dp, of 350µm [11]. According to
Hilligardt [26], the real velocity in the dense phase is higher than the calculated minimum fluidization
gas velocity, umf, and it can be estimated with the following empirical equation:

ud|h=0 = um f +
1
4

(
uempty

∣∣∣h=0 − um f
)

(5)

For the remaining reactor heights ud(h) is determined by the continuity equation.
The porosity εd is calculated, as proposed by Richardson and Zaki [28], as

εd(h) = εm f

(
ud(h)
um f

) 1
nRz

. (6)

For the parameter nRz, Richardson and Zaki [28] provided the empirical equation:

nRz =


4.65 if Res ≤ 0.2

4.4·Re−0.03
s if 0.2 ≤ Res ≤ 1

4.4·Re−0.1
s if 1 ≤ Res ≤ 500

2.4 if Res > 500

(7)

where Res is the Reynolds number from the rate of descent of a single particle. In this work, the parameter
nRz is used to adjust the calculated bed height to the experimental values. With nRz = 5.5, the model
could be fitted to the real bed height determined experimentally.

2.3.2. Bubble Phase

Werther [29] developed a model (Equation (8)) to determine the bubble diameter, db, depending on
the height of the fluidized bed, taking into account the coalescence and separation of the bubbles:

d(db)

dh
=

(2εb
9π

)1/3
−

db

3·280
um f

g ·u
∗

b(h)
(8)

At the position h = 0, the initial bubble diameter is calculated using the correlation

db = 1.3
( .
V

2
steam/g

)0.2
, according to Tepper [27] and Davidson [30]. The initial bubble diameter depends

on the volume flow of steam,
.

Vsteam, through an orifice of a gas distributor. The ascent velocity, u∗b, of a
bubble can be determined by Equations (9)–(11) from Hilligardt [26] and Tepper [27]:

u∗b =

√
4gdb

3CD,b
(9)
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CD,b =
16
Reb

+ 2.64 (10)

Reb =
db·u∗b
νd

with νd = 60·d3/2
sv ·g

1/2. (11)

The parameter CD,b is the drag coefficient of a single bubble and νd is the viscosity of the
suspension phase. However, the ascent velocity u∗b does not equal the gas velocity in the bubble phase
ub, as the bubbles are additionally perfused by gas streams coming from the suspension phase [26,27].
Following the method proposed by Hilligardt [26], the gas velocity ub can be determined using the
following empirical correlation:

ub = u∗b + 2.7ud (12)

2.3.3. Fluidized Bed Height

With a defined inventory of the fluidized bed, MFluidB, the height of the fluidized bed, HFluidB,
can be calculated by integrating the solid mass along the axial co-ordinate h [27]:

MFluidB =

∫ HFluidB

0
(1− εb)(1− εd)ρpAcdh (13)

2.3.4. Elutriation Rate

When gas bubbles rise to the surface of the fluidized bed and break, solid particles are thrown
into the freeboard and entrained by the upward gas volume flow [31]. While the major fraction of
these particles fall back into the fluidized bed, small particles whose terminal velocity is lower than the
gas velocity are elutriated from the freeboard [31].

In the 200 kW facility, a cyclone is installed at the exit of the freeboard to reduce the extraction of
bed inventory by leading the particles back into the fluidized bed [11]. It is assumed that there is an
additional CO2 capture effect in the freeboard: Due to lower freeboard temperatures, the position of the
chemical equilibrium can be changed, which enables a further carbonation reaction. However, as bigger
particles fall or are transferred back into the fluidized bed by the cyclone, it is assumed that only fine
particles have a contribution to the additional carbonation reaction. According to [31], the elutriation
rate of particles (in g/s) is described by

.
Melut = kelutx f ine (14)

Herein, kelut is the elutriation rate constant and the weight fraction of fine particles, xfine, present in
the bed was identified by measurements at the 200 kW facility. With a secondary cyclone, a mean particle
size dp of 25 µm of elutriated particles was found. Considering the particle size distribution of the raw
limestone, it can be derived that fine particles do not originate from the make-up of the raw material.
Thus, the source of these particles must be attrition or fragmentation effects. From experiments,
a correlation was derived to calculate the weight fraction of the fine particles:

x f ine = a1tanh((u− a2)/a3) + a4, (15)

with the parameters a1 = −0.12697, a2 = 0.71214, a3 = −0.01191, and a4 = 0.12807.

2.4. Gasifier Dimensions

In Figure 4a, a schematic diagram of the bubbling fluidized bed gasifier facility is shown,
including the inlet/outlet gas and solid flows, as well as details of their axial position (in mm).
These data were used to parametrize the simulation model. Here,

.
MRegOut is the mass flow at the outlet

of the regenerator to the gasifier. By tuning this mass flow rate, the desired gasification temperature
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can be achieved. The height of the fluidized bed, HFluidB, depends on the fluidization velocity and,
hence, the distance between the inlet of

.
MRegOut and HFluidB is variable.Appl. Sci. 2020, 10, x FOR PEER REVIEW 7 of 25 
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Figure 4. (a) Scheme of bubbling fluidized bed gasifier with levels (in mm) of inlet/outlet flows;
Cell model of the fluidized bed, (b) Gaseous flows, and (c) Solid flows.

2.5. Mass Balance

The gasifier is discretized along the reactor height. This includes the bubbling bed as well as
the freeboard area. Figure 4b,c show how the calculation with axial discretization in cells proceeds
through the fluidized bed for both gaseous and solid components. In each calculation cell of this 1d
model, solid and gas components are considered to be fully mixed.

2.5.1. Fluidized Bed

According to the discretization shown in Figure 4b, the mass balance for each gaseous component
in both dense phase (P = d) and bubble phase (P = b) is stated in Equation (16):

dMn
P, j

dt
= 0 =

.
M

n−1
P, j −

.
M

n
P, j +

.
M

n
A,P, j + MW j·

∑
IP

νi, jRn
P,i +

.
M

n
in,P, j (16)

where
.

MP, j is the convective gas mass flow and
.

MA,P, j is the exchange mass between bubble and
suspension phases of component j in phase P; Ri is the reaction rate of reaction i and νi,j is the
stoichiometric coefficient of component j in reaction i; IP describes the maximum number of reactions
taking place in the phase and, with the term

.
Min,P, j, external inflows (e.g., from a secondary steam

inlet) can be considered. Convective mass flows between adjacent calculation cells are defined by [27]

.
M

n
d, j = ρn

dun
dxn

d, jε
n
dAn

c (17)

.
M

n
b, j = ρn

b un
b xn

b, j

(
1− εn

d

)
An

c (18)

The exchange between bubble and suspension phases inside the cell n is defined by [27]

.
M

n
A,d, j = Kn

dbAn
db

(
ρn

b xn
b, j − ρ

n
dxn

d, j

)
(19)
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.
M

n
A,b, j = Kn

dbAn
db

(
ρn

dxn
d, j − ρ

n
b xn

b, j

)
(20)

According to Hilligardt [26], the mass transfer coefficient between the bubble and suspension

phase is calculated as Kn
db =

2.7un
d

4 , and the mass exchange area over all bubbles in the cell n is
An

db = 6εn
b ·Ac·dh/dn

b . Additionally, overall mass balances for the suspension (P = d) and bubble (P = b)
phases are developed in Equation (21), including the molar weight MWj of each component j:

dMn
P

dt
= 0 =

.
M

n−1
P −

.
M

n
P +

∑
J

.
M

n
A,P, j +

∑
J

∑
IP

MW jνi, jRi +
.

M
n
in,P. (21)

Beside a balance for the gaseous components, a separate balance equation (Equation (22)) exists
for the solids. According to Figure 4c, the amount of each solid component k in a calculation cell n
is considered:

dMn
k

dt
= 0 =

.
M

n−1
dr,k + (1− α)

.
M

n−1
w,k +

.
M

n+1
k −

.
M

n
dr,k −

.
M

n
w1,k −

.
M

n
k + MW j·

∑
Id

νi,kRn
d,k +

.
M

n
in,k (22)

The cell adjacent to the freeboard (n = N) additionally includes a sink term for elutriated fine
particles

.
Melut. It is important to split the mass balance into a description of gaseous and solid

components as, in real plant operations, there exists a downward flow from the surface of the fluid
bed (HFluidB) to the bottom (leaving the gasifier through the loop seal) and an upward flow due to the
wake and drift of each rising gas bubble. Here, the term wake (

.
Mw) describes solids that fasten to the

bubbles on their way upwards and drift (
.

Mdr) refers to solids that are loosely drawn upwards through
the bubble movement. The solid transport by bubbles, together with the conical asymmetric cross
section, see Figure 4a, in the lower part of the fluidized bed, leads to the strong exchange and motion
of solids. To consider these effects, a model was developed in which the drift part of a rising bubble
is fully mixed in each cell, whereas the proportion of wake that is mixed with or bypasses each cell

can be chosen using the parameter α. The Term

MW j·
∑
Id

νi,kRn
d,k

 considers chemical reactions and

with the term (
.

M
n
in,k), inflows (e.g., from solid circulation) are included in the equation. The amount

of solids which are transported with each bubble can be described by the empirical Equations (23)
and (24) mentioned in [27]:

.
Mw = AcρP(1− εd)εbu∗b·[0.59− 0.046 ln(Ar)] (23)

.
Mdr = AcρP(1− εd)εb·0.38u∗b·[1.5− 0.135 ln(Ar)] (24)

In Figure 4c, the concept is illustrated to adapt the 1d model for gasification experiments with this
highly three-dimensional behavior of the real system, through the adjustable parameter α.

2.5.2. Freeboard

The freeboard consists of a gas phase with a small amount of very fine particles with almost the
same velocity. The gas component balance is

dMm
f , j

dt
= 0 =

.
M

m−1
f , j −

.
M

m
f , j + MW j·

∑
I f

νi, jRm
f ,i (25)
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and the solid component balance is

dMm
k

dt
= 0 =

.
M

m−1
k −

.
M

m
k + MWk·

∑
Ik

νi,kRm
k,i (26)

Therefore, the overall mass balance expression is written as

dMm

dt
= 0 =

.
M

m−1
f +

.
M

m−1
k −

.
M

m
f −

.
M

m
k . (27)

The linkage of the freeboard with the fluidized bed is carried out by applying Equation (28) for
gases and Equation (29) for solids:

.
M

m=0
f =

.
M

n=N
d +

.
M

n=N
b (28)

.
M

m=0
k =

.
Melut (29)

2.6. Energy Balances

2.6.1. Fluidized Bed

For each cell, a thermally fully developed mixture with a constant temperature is assumed.
Therein, temperatures of solids and gases are equal; however, the temperature of the wake can differ,
applying a vertical heat transfer between the cells.

Enthalpy fluxes for solids and gases are generally defined by mass flows:
.

H =
.

M·h. At the
boundary of a cell, the enthalpy h of a mass flow of mixtures (e.g., gas inlet/outlet) is calculated as

h =
∑

J
x j·h j(T). (30)

For solid mixtures, Equation (30) is written with index k. The temperature dependency of the
enthalpy of a gas component j or a solid component k is calculated using polynomials from the software
package FactSage®. In this approach, the enthalpies of the chemical reactions need not be considered
additionally. The energy balance for a certain cell n is defined as

dHn

dt
= 0 =

.
H

n−1
d −

.
H

n
d +

.
H

n−1
b −

.
H

n
b +

.
H

n−1
k −

.
H

n
k +

.
H

n−1
dr −

.
H

n
dr + (1− α)

.
H

n
w,k −

.
H

n
w1,k +

.
H

n
in − kFluidBπdrdh(Tn

− Tc) (31)

The last term of Equation (31) describes the heat loss through the reactor wall
.

Q
n
L. It is calculated

by using the temperature of the cooling jacket Tc = 40 ◦C and, by adapting to experimental pilot plant
data, a heat transfer coefficient of kFluidB = 12.9 Wm−2K−1 was found.

2.6.2. Freeboard

The enthalpy balance for the freeboard section of the reactor can be expressed by

dHm
f

dt
= 0 =

.
H

m−1
f −

.
H

m
f − k fπdrdh(Tm

− Tc) + kp
6

dpρp

.
M

m
p

(
Tm

p − Tm
)
·vp, (32)

where the term with the heat transfer coefficient, kf, describes the heat loss
.

Q
m
L, f through the reactor wall

in the freeboard section. A value of 3.4 Wm−2K−1 was selected by fitting the simulated temperature
of the experimental temperature profile. According to the reactor design (see Figure 4a), hot solids
from the regenerator (

.
MRegOut) flow into the gasifier. However, the level of the inflow is located in

the freeboard and above the surface of the fluidized bed (i.e., at position HFluidB). Hence, the particles
pass the lower region of the freeboard before they dip in the fluidized bed. In this region, heat transfer
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.
Q

m
p, f between solid particles (p) and the gas phase (f ) of the freeboard occurs. For this, a heat transfer

coefficient, kp, with a value of 160.7 Wm−2K−1 was determined, which is well-aligned with values
reported in the literature [32,33]. The temperature, Tn

p , of the bed material in the region between the
inlet and fluidized bed is calculated by solving the energy balance:

dHn
p

dt
= 0 =

.
MRegOutcn+1

p,p Tn+1
p −

.
Mpcn

p,pTn
p − kp f

6
dpρp

.
Mp

(
Tn

p − Tn
)
·vp (33)

In this case, Tm=min
p = TRegOut and vp describes the velocity of a falling particle.

2.7. Chemical Reactions

Table 1 lists all the chemical reactions considered in the model, including equations to calculate the
reaction rates. The pyrolysis step (reaction 1) is modelled with a one-step reaction kinetic considering the
products: Ash, char, H2O, gases (CO2, CO, CH4, and H2), non-condensable hydrocarbons (simplified
as C2H4), and tars (simplified as Naphthalene: C10H8). For the mass fractions ωj, experimental data
from Fagbemi et al. [34] were used and interpolated to consider a temperature-dependent pyrolysis
product composition. The values for the amounts of tar, however, originate from experiments with
the 200 kW DFB system [19] and, hence, secondary pyrolysis reaction modelling was not required.
With this assumption, catalytic effects of CaO on tar conversion are indirectly considered by measured
concentrations. Residual char was handled as a mixture of C, H, and O and, according to the char
analysis from Fagbemi et al. [34], the composition was also interpolated for different gasification
temperatures. It is worth noting that the used elemental analysis of wood pellets (C: 48.99 wt.-%waf,
H: 6.97 wt.-%waf, O: 44.04 wt.-%waf) differed from the analysis of biomass in Fagbemi et al. [34].
Thus, yields from pyrolysis ωj needed to be adapted, in order to satisfy the elemental balance.
Therefore, a linear equation system for the elements C, H, and O had to be solved. While coefficients
from C10H8, CH4, C2H4, H2O, and char were fixed, the coefficients of CO, CO2, and H2 were fitted to
close the elemental balance of wood pellets.

Results for the mass fractions ωj are listed in Table A1. The reaction kinetics of ethene reformation
(reaction 6) were adapted to fit the simulated H2 and CO concentrations to experimental values from
the 200 kW DFB pilot plant. For the carbonation reaction, sorbent deactivation, which is dependent
on the number of calcination–carbonation cycles, was taken into account through the parameter Xave.
Details of the calculation of Xave are described in the subsequent section. For all gasification reactions,
it is assumed that they occur only in the emulsion phase, due to the catalytic behavior of CaO and char,
which enhance reaction rates compared to those in the gas phases [42].
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Table 1. List of chemical reactions and reaction rates.

Reaction Chemical Reaction and Kinetics Reference

1. Pyrolysis
BMwf → ωAsh Ash + ωChar Char + ωH2O H2O + ωCO2 CO2 + ωCO CO + ωCH4 CH4 + ωH2 H2 + ωC2H4 C2H4 + ωC10H8 C10H8

r = 1.516·103s−1
· exp(−6043 K/T)·cmass

BMw f
in kgs−1m−3 [35]

2. Heterogeneous water–gas
C + H2O→ CO + H2

r = 1.23·107bar−0.75s−1
· exp(−23815 K/T)·c0.75

H2O·cChar in mol s−1 m−3 [36]

3. Boudouard

C + CO2 → 2CO
r = k1pCO2

1+
k1
k3

pCO2+
k2
k3

pCO
cChar in mol s−1m−3

k1 = 1.2·1011bar−1s−1
· exp(−19245 K/T)

k2 = 5.9·1008bar−1s−1
· exp(−20447 K/T)

k3 = 2.2·1010bar−1s−1
· exp(−33678 K/T)

[37]

4. Carbonation
CO2 + CaO→ CaCO3

r = 0.26s−1
·XavecCaO

pCO2−pCO2,eq
p

pCO2,eq = 4.192·107bar· exp(−20474 K/T) in mol s−1m−3

[38]
[39]

5. Water–gas shift
CO + H2O←→ CO2 + H2

r = 2.78· exp(−1513 K/T)·
(
cCOcH2O −

cCO2cH2
0.0265· exp(−3966 K/T)

)
in mol s−1m−3 [40]

6. Ethene reformation C2H4 + 2H2O→ 2CO + 4H2
r = 230· exp(−3789 K/T)·cC2H4 in mol s−1m−3 [41] 1

1 Kinetics adapted according to experimental data.
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2.8. Sorbent Deactivation

If limestone is subjected to several calcination–carbonation cycles, its CO2 sorption capacity
is reduced, due to sintering phenomena on the particle surface [43]. For limestone, Grasa and
Abanades [44] described the decay of the CO2 carrying capacity XN as

XN =
1

1
1−Xr

+ kN
+ Xr. (34)

Equation (34) depends on the number of calcination–carbonation cycles N and uses the empirical
constants k = 0.52 and Xr = 0.075. However, in a fluidized bed system, particles have different
residence times, which leads to a distribution of the average CO2 carrying capacity. According to the
references [45–47], an average carrying capacity Xave is calculated by a population balance:

Xave =
∞∑

N=1

F0

FR

(
1−

F0

FR

)N−1
·XN (35)

In the current study, Equation (35) was integrated into the model to calculate the average CO2

carrying capacity of the particle system with regard to the carbonation reaction (Table 1, Reaction 4).
Therein, FR is the molar-based flow of

.
MRegOut, describing the circulation flow of CaO from the

regenerator into the gasifier. To compensate mass losses, mostly due to attrition, the reactor inventory
was maintained by an input flow of raw limestone. In Equation (35), this input flow F0 was considered
on a molar basis. As, in practice, the measured material flow of fresh limestone (by dosing units)
contains particles which are small enough to be directly discharged, especially when feeding into the
regenerator with fluidization velocities up to 5.5 m/s [11], it was assumed that F0 only represents the
effective material flow that remains longer in the system. Fresh limestone and purge material are not
considered in the mass and energy balance calculations, as their flow rates are very low compared to
the circulating CaO mass flow. If this should be taken into account, detailed information is needed
regarding the size of the particles and their degree of calcination when they are directly discharged
from the regenerator due to their hydrodynamic properties.

2.9. Simulation Algorithm

In the SEG system, internal solid circulation (mass flow from the Regenerator
.

MRegOut), the biomass
feed stream, and the steam input are important parameters defining the gasification temperature.
Therefore, in the simulation model, the molar calcium looping ratio (FCaO/FC) is used to set the
gasification temperature. In this ratio, FC considers the molar flow of carbon contained in the biomass.
The corresponding flow chart of the model is shown in Figure 5.

After setting boundary conditions and model parameters, the average CO2 carrying capacity is
calculated using the make-up flow of fresh limestone and the looping ratio. Starting from an initial
temperature, first the pyrolysis products and then the fluid dynamics of the gasifier are calculated.
After solving the mass and energy balances, a new gasification temperature is calculated, and the
pyrolysis step is updated for a certain looping ratio. This is iterated until the change of the empty
reactor velocity, uempty, is smaller than a defined value δ; then, the results of the operation point are
saved in a file.
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3. Results and Discussion

In Section 3.1, the model parameters (e.g., heat transfer coefficients) are verified against
experimental temperature data measured in the 200 kW fluidized bed gasifier [11]. Section 3.2
contains a model validation with measured gas compositions (H2, CO, CO2, CH4, C2H4), the lower
heating value (LHV) of the syngas, and the M module from the 200 kW fluidized bed gasifier [11,19] in
a temperature range of 600–850 ◦C. According to [48,49], the accuracy of the parameter verification
and model validation was quantified by the sum squared deviation method:

MeanError : E =

√√√√∑N
n=1

(
ϕexp−ϕmodel

ϕexp

)2

N
(36)

For parameter verification, a low mean error of the temperature distribution along the reactor
height of 10.6% was found. The model validation was carried out with a limestone make-up flow rate
(MU) of 6.6 kg/h, according to experiments [11]. To characterize the effect of limestone make-up flow
rate, a parametric study with 0.2 kg/h, 6.6 kg/h, and 15 kg/h is also included in the result diagrams.
Mean errors to quantify the model prediction accuracy are listed in Table A2.
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3.1. Verification of Model Parameter

In Figure 6, simulated temperature profiles from variations of the parameter α are compared with
temperatures measured on different positions in the fluidized bed and the freeboard (available in [11]).
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.

MBM,w f = 29.7 kg/h, S/C = 2.2 mol/mol, WHSV (weight hourly space velocity) = 0.68 1/h,
limestone make-up 6.6 kg/h, and comparison with experimental data from 200 kW dual fluidized bed
(DFB) pilot plant [11].

The profile of the measured temperatures (circles in Figure 6) over the height of the gasifier
can be explained as follows: due to a good mixing of solids in the fluidized bed (0 m to 1.15 m) the
temperatures were close to 640 ◦C, followed by an inflection, which was caused by the inlet of hot
solids at 1.7 m (available thermocouple was at 1.5 m). In the freeboard above the solid inlet, a decrease
of the gas temperature was observed due to heat losses through the reactor wall. A variation of the
model parameter α in the range of 0.8–0.98 was carried out to adjust the fluidized bed temperature by
changing the proportion of wake mixed within each discretization cell. From Figure 6, it can be seen
that, with a value of α = 0.95 (red line), a temperature profile could be achieved, which corresponds
to the measured temperature values. An almost vertical profile confirmed a homogeneous particle
mixing in the fluidized bed. In the model, a heat transfer coefficient of kFluidB = 12.9 Wm−2K−1 was
considered for the fluidized bed area. For the particle–gas heat transfer, a heat transfer coefficient value
kp = 160.7 Wm−2K−1 and for the freeboard kf = 3.4 Wm−2K−1 were determined to describe the given
temperature profile.

3.2. Validation with Experimental Data

After setting the model parameters, we carried out a verification based on temperature along the
gasifier height, the syngas composition, LHV, reactions rates, and the M module, in order to compare
the simulation results with experimental data over a temperature range from 600 ◦C to 850 ◦C.

3.2.1. Effect of Gasification Temperature on Fractions of Syngas Components

In Figure 7a–e, the simulated volume fractions of synthesis gas components (H2, CO, CO2,
and CH4) and non-condensable hydrocarbons (in the form of C2H4) are plotted over a gasification
temperature between 600–850 ◦C. For each synthesis gas component, the curves of three different
make-up flows (0.2 kg/h, 6.6 kg/h, and 15 kg/h) are shown to demonstrate its influence on the gas
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volume fraction. Additionally, experimental results derived from both 200 kW (Experiment 1) and
20 kW (Experiment 2) DFB systems are included to evaluate the simulated volume fractions.
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gasification temperatures in the range of 600–850 ◦C (lines for limestone make-up of 0.2, 6.6, and 15 kg/h);
comparison with experimental results from 200 kW (Experiment 1) and 20 kW (Experiment 2) DFB
systems (data points).
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For sorption enhanced gasification, one important characteristic is the strong dependency of
the gas composition on the gasification temperature, which is affected by CO2 capture through the
carbonation reaction [19,22]. Beside gasification reactions, the pyrolysis step also has an important
impact on the initial gas composition in the fluidized bed [34]. The results from a 20 kW system
were additionally included in the present work, as it enables operation temperatures up to 850 ◦C
due to its electrical heating system. For low gasification temperatures, there is a larger distance
between the actual CO2 concentration and the equilibrium curve for the carbonation/calcination
regime [37,38]. This leads to a strong capture of CO2 and, hence, low CO2 concentrations in the syngas.
With higher temperatures, the CO2 capture rate decreases and, consequently, the CO2 concentration in
the syngas rises. Furthermore, this influences the water–gas shift reaction, resulting in decreased H2

concentrations and increased CO concentrations. When the CO2 concentration reaches the equilibrium
concentration at around 750 ◦C, an inflection in the concentrations of CO2 and H2 can be observed.
This demonstrates the strong coupling of the carbonation reaction with the water–gas shift reaction.
Particularly for low gasification temperatures, there is also a distinctive influence of the make-up
flow. Presumably, the reason for this effect is a reduced circulation mass flow of fresh CaO from the
regenerator with a simultaneously higher CO2 capture rate due to lower temperatures. For instance,
at a gasification temperature of 600 ◦C, the delivered circulation mass flow is around ten times lower,
compared to that when operating at 850 ◦C. This can lead to a higher content of carbonated particles if
the bed inventory is hardly exchanged. In this operating range, an increase of the limestone make-up
rate can increase the activity in the bed and, thus, the CO2 capture rate.

3.2.2. Effect of Gasification Temperature on LHV

As seen in Section 3.2.1, the gas composition is strongly affected by gasification temperature,
due to the temperature dependence of (i) products released from pyrolysis, (ii) Arrhenius approaches
to describe the gasification reactions, and (iii) carbonation/calcination equilibrium. Based on the lower
heating values (LHV) of pure syngas components, the LHV of the gas mixture was calculated and
compared with experimental data. In Figure 8, simulation results are shown over a temperature range
of 600–850 ◦C and for different make-up flow rates.
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The results show a good correlation with the experimental data and only a slight variation for
different make-up flow rates is noticed. Furthermore, the effect of CO2 capture and its limitation at
around 750 ◦C, recognizable as an inflection, can be described with this model. For higher temperatures,
the LHV remains the same at a value of 10.9 MJ/m3 @STP. The highest values of LHV—around
14.5 MJ/m3 @ STP—can be reached at temperatures lower than 650 ◦C.

3.2.3. Effect of Make-Up Flow on Reaction Rate

In Figure 9, reaction rates (in mol m−3 s−1) are shown over a temperature range from 600 ◦C
to 850 ◦C. Additionally, a variation of the make-up flows (0.2 kg/h, 6.6 kg/h, and 15 kg/h) was
included to investigate the influence of sorbent deactivation on all considered reaction rates for the
gasification process.
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Figure 9. Reaction rates over temperature; influence of effective make-up of fresh limestone (lines for
0.2, 6.6, and 15 kg/h) to bed activity.

As the gasification temperature varies with changes of the circulation mass flow, the sorbent
residence time differs and, according to Equation (35), the sorbent activity is also affected. It can be
seen that deactivation mostly influenced the carbonation (reaction 4) and water–gas shift (reaction 5)
reactions. For instance, for a constant temperature and a constant circulation mass flow, the carbonation
reaction rate is higher with larger amounts of fresh limestone.

Considering the influence of the gasification temperature on the reaction rates, it can be seen that
the reaction rates of the water–gas shift (reaction 5), the heterogeneous water–gas (reaction 2), and the
Boudouard (reaction 3) reactions increased with higher temperatures. In contrast, for the pyrolysis
(reaction 1) reaction, a minor decrease can be observed, even though an increase should be expected
with higher temperatures. The reason for this behavior can be explained as follows: The amount of
biomass in the fluidized bed system is limited by a constant fuel input flow. When the gasification
temperature is increased, the reaction rate increases but, at the same time, a higher solid circulation is
required for the higher temperature. Hence, more unreacted biomass is extracted from the gasifier
through the loop seal, thus reducing the gas yield. Kinetic parameters of the Arrhenius approach
influence the gradient of reactions for increasing temperatures. Comparing the Arrhenius parameters
listed in Table 1, it can be seen that the influence of temperature on the heterogeneous water–gas shift
reaction (reaction 2) was higher than that of the pyrolysis reaction (reaction 1).
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3.2.4. Effect of Gasification Temperature and Make-Up of Fresh Limestone on M Module

The M module from Equation (37) relates the gas concentrations of hydrogen, carbon dioxide,
and carbon monoxide and has been considered as an important parameter which dictates the application
of syngas [50]. For validity of an ideal gas, it can be written with volume fractions.

M =
yH2 − yCO2

yCO2 + yCO
(37)

For instance, a M module of two is required for full stoichiometric conversion into dimethyl
ether [50] and, for methane synthesis, a value of three can be derived from methanation reactions.
Higher values are mostly interesting for hydrogen production. Figure 10 shows the influence of the
gasification temperature on the M module. Additionally, three different simulation results, with a
limestone make-up of 0.2 kg/h, 6.6 kg/h, and 15 kg/h, are compared with experimental data. It can be
seen that a higher make-up flow enables higher M modules under the same gasification temperature.
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on M module.

For a low gasification temperature, the experimental data can be reached with a make-up flow
of 0.2 kg/h. At a gasification temperature above 650 ◦C, the simulation model with a make-up
flow of 6.6 kg/h precisely describes the experimental data. This parametric study reveals that the
make-up flow is an important factor when optimizing the gasification process for a certain application.
When considered from an economic point of view, operation strategies with low make-up rates
are preferable.

4. Sensitivity Analysis of Fuel Feeding Rate

For a realistic and flexible operation of the biomass gasification process, it is important that the
process allows for safe operations under a wide load range. In this section, the effects of different fuel
feeding rates on the bed height, the fluidization level (gas velocity ratio: superficial gas velocity u based
on minimum fluidization velocity umf), and the power of the syngas, depending on the gasification
temperature, are investigated.
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4.1. Effect of Biomass Feeding Rate on Bed Height and Gas Velocity Ratio

The model was also used to study the influence of different biomass feeding rates on
the hydrodynamics in the fluidized bed. In Figure 11, the gas velocity ratio (superficial gas
velocity/minimum fluidization gas velocity) is shown over a height of 3 m of the gasifier focusing on
the fluidized bed and lower part of the freeboard. In this figure, the biomass feeding rate is considered
as curve parameter in the range of 22–40 kg/h, whereby the operating point considered in Section 3.1
(feeding rate: 29.7 kg/h) was additionally drawn as a red line. Since the fluidized bed expands with
larger fluidization volume flows, the diagram also shows the height of the fluidized bed for the different
biomass feeding rates as blue dots. This allows the gas velocity at the surface of the fluidized bed to be
read directly from the diagram.Appl. Sci. 2020, 10, x FOR PEER REVIEW 18 of 25 
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Figure 11. Simulated effect of biomass feeding rate (22–40 kg/h) on gas velocity ratio (superficial gas
velocity/minimum fluidization gas velocity) over reactor height and position of bed height (HFluidB).

It can be seen that with a higher biomass feeding rate, the gas velocity ratio increased at any position
in the reactor. The reason is that when biomass particles pyrolyze in a fluidized bed, the released gas
contributes to the reactor fluidization. In addition, a constant S/C ratio of 2.2 was selected for the
simulations, in order to maintain a stable syngas quality [51] and to ensure comparability with the
experimental data [11]. This changes the amount of steam supplied and, hence, the gas velocity ratio.
In Figure 11, the red line corresponds to the same case which was considered for model verification
in Section 3.1, with the reactor temperature in the axial direction. At the zero position in y-axis,
the primary steam inlet is located. Due to the smallest cross-section in this area (compare Figure 4a),
the highest gas velocity ratios were found here. On higher levels of the gasifier, the diameter of the
reactor increases, which leads to a decrease of the gas velocity ratio due to the continuity equation.
However, increasing velocities can be observed resulting from the gas release due to biomass pyrolysis
(h = 0.2 m) and the secondary steam inlet (h = 0.285 m). At h ≥ 0.35 m, the reactor has a cylindrical
shape and from the constant cross section in combination with further biomass pyrolysis, the gas
velocity ratio slightly increases. In the freeboard above the inlet of solids, the temperatures decrease
due to heat losses, and hence, the gas velocity ratio decreases. This is indicated by an inflection in
the gas velocity ratio curves at a height of 1.7 m. Looking at the fluidized bed height for operation
with 22 kg/h and 40 kg/h biomass feeding rate, one can see that the height doubles. For the case with
40 kg/h, the bed height (blue dots) almost reaches the area of the inlet for the solid circulation at 1.7 m.
In order to ensure stable operation with this reactor geometry, operating modes that lead to a further
increase in bed height should be avoided.
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4.2. Performance Diagram for Gasifier Operation

Based on the results derived from this work, a performance diagram of the bubbling fluidized
bed gasifier was created in Figure 12. This relates the selected gasification temperature (based on
downstream requirements of the syngas composition) and fuel feeding rate to the power of the syngas.
Additionally, the gas velocity ratio from the superficial gas velocity at the fluidized bed surface and the
gas velocity ratio for the lowest velocity in the fluidized bed are depicted.Appl. Sci. 2020, 10, x FOR PEER REVIEW 19 of 25 
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Figure 12. Power of syngas for gasification temperatures between 650 and 750 ◦C for water-free fuel
input of 25 kg/h, 30 kg/h, and 36 kg/h (left side); Corresponding gas velocity ratio (related to umf) at
the top of the fluidized bed and for the position where the lowest velocity in the fluidized bed occurs
(right side).

By combining the gasification chemistry (which lead to the syngas power) and the hydrodynamic
information (represented as the gas velocity ratio), it is possible to identify a realistic operational range
of the gasifier.

With a gasification temperature of 650 ◦C and 25 kg/h fuel input, the lowest gas velocity ratio
of 20 could be identified. This means that, in any position of the fluidized bed, the superficial gas
velocity was 20 times higher than the minimum fluidization velocity. Hence, good mixing of the bed
inventory can be assured. At the bed surface, the superficial gas velocity was 26 times higher than
the minimum gas velocity and only a little particle extraction can be expected. Increasing the fuel
feeding rate to 36 kg/h at 650 ◦C, the syngas power increased and reached almost 100 kW. At this point,
the velocity at the surface of the fluidized bed increased by a factor of 37 (related to umf) and by a factor
of 27 (related to umf) for the lowest velocity in the bed. By increasing the gasification temperature
and the gasifier feeding rate up to 750 ◦C and 36 kg/h, respectively, good mixing in the fluidized bed
is guaranteed. However, due to the high velocity at the bed surface (a factor of 47 related to umf),
a high particle extraction has to be accounted for. To avoid this negative effect, the fuel input or the
gasification temperature can be modified. In that case, the syngas composition is not very important for
downstream applications, an identical syngas power (around 100 kW) can be reached for a gasification
temperature of 750 ◦C and 30 kg/h fuel input or for an operation with 650 ◦C and with a fuel input of
36 kg/h. However, the operational point at 650 ◦C reduced particle extraction from the gasifier due to
the non-linear behavior of the gas velocity ratio curves.
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5. Conclusions

The one-dimensional sorption enhanced gasification model developed in this study was verified
with experimental data obtained from a 200 kW facility at IFK, University of Stuttgart. The results
showed that the model is able to successfully predict the performance of the pilot plant at different
operation conditions. With this model, the influence of important process parameters, such as
gasification temperature, steam-to-carbon ratio, solid inventory, and fuel mass flow, can be simulated.
On the basis of gas composition (H2, CO, CO2, CH4, and C2H4), LHV, and the M module, the model
was validated over the whole SEG temperature range. As the activity of the limestone sorbent decreases
after several carbonation/calcination cycles, an additional model was integrated, which adapts the
carbonation reaction kinetics depending on the circulation rate and molar flow of fresh limestone.
With this possibility, three different fresh limestone make-up flow rates (0.2 kg/h, 6.6 kg/h, and 15 kg/h)
were simulated. A parametric study revealed a larger dependence on the limestone make-up,
especially for gasification temperatures below 650 ◦C. This effect probably has to do with the lower
circulation rate between gasifier and regenerator and the reduced transfer of fresh CaO into the gasifier
with different CO2 capture activities. Increasing the make-up flow rate also increases the bed activity
for the same quantity of mass transferred into the gasifier. At higher temperatures, it can be assumed
that this effect is reduced by limitations of the carbonation reaction equilibrium. Considering the
reaction rates in the temperature range between 600 and 750 ◦C, a strong dependency of the limestone
make-up on the carbonation reaction can be identified. Furthermore, the water–gas shift reaction is
influenced due to the CO2 capture. For the other reactions considered, only a minor influence from the
limestone make-up was observed.

Variation of the fuel feeding rate (22 kg/h to 40 kg/h) with a constant S/C ratio (2.2 mol/mol)
revealed an increase of the bed height by a factor of 2. From the gas velocity ratio (u/umf) along the
reactor height, different fluidization states can be recognized. While a low fuel input led to low mixing
in certain areas of the fluidized bed (u was only higher than umf by a factor of 20), high fuel input
increased mixing in the whole fluidized bed. However, the entrainment of particles was also higher.
Based on these evaluations, the syngas power and the gas velocities of the bubbling fluidized gasifier
were described in a performance diagram which is dependent on the gasification temperature and
the fuel input. Therefore, the developed model can be used as a fast and reliable engineering tool for
reactor design or scale-up purposes.
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Nomenclature

A area (m2)
Ar Archimedes number (-)
CD,b drag coefficient of a bubble (-)
cmass

j concentration of component j (kg/m3)
c j concentration of component j (mol/m3)
cp specific heat capacity (J kg−1K−1)
dsv Sauter diameter (m)
d diameter (m)
E mean Error (-)
F0 flow of fresh CaCO3 (mol/s)
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FR flow of circulating CaO (mol/s)
FC flow of elemental carbon in fuel flow (mol/s)
g acceleration of gravity (m/s2)
H height (m)
.

H enthalpy flow (J/s)
h enthalpy (J/kg)
h reactor co-ordinate (m)
I maximum number of chemical reactions (-)
J maximum number of components (-)
Kdb mass transfer coefficient (m/s)
k heat transfer coefficient (W m−2K−1)
k empirical constant for sorbent deactivation (-)
kelut elutriation rate constant (here in g/s)
LHV lower heating value (MJ/m3)
M mass (kg)
M syngas module (mol/mol)
M maximum number of cells in freeboard (-)
.

M mass flow (kg/h, g/s)
MU make-up flow of fresh limestone (kg/h)
MW molar weight (kg/kmol)
m discretization cell in freeboard (-)
N number of calcination-carbonation cycles (-)
N maximum number of cells in fluidized bed (-)
n discretization cell in fluidized bed (-)
nRZ parameter for descent rate of single particle in suspension phase
p j partial pressure of component j (-)
.

Q heat flux (J/s)
Re Reynolds number (-)
R reaction rate (mol/s, kg/s)
r reaction rate (mol s−1m−3, kg s−1m−3)
S/C steam-to-carbon ratio (mol H2O/mol carbon)
T Temperature (K)
t time (s)
u superficial gas velocity (m/s)
um f minimum fluidization gas velocity (m/s)
u∗b ascent velocity of bubble (m/s)
.

V volume flow (m3/h)
vp particle falling velocity (m/s)
WHSV weight hourly space velocity (1/h)
Xave average CO2 carrying capacity (mol CaCO3/mol Ca)
XN CO2 carrying capacity after N cycles (mol CaCO3/mol Ca)
Xr empirical constant for sorbent deactivation (-)
x mass fraction (-)
y volume fraction (-)
α fraction of mass exchange in calculation cell (-)
δ precision of numerical calculation
ε porosity (-)
ν kinematic viscosity (m2/s)
ν stoichiometric coefficient (-)
ρ density (kg/m3)
ψ sphericity of particles (-)
ωj mass fraction of pyrolysis product j (-)
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BM biomass
b bubble phase
c cross section in reactor
d emulsion phase
dr drift
eq equilibrium
elut elutriation
empty condition in empty reactor tube
f freeboard
g gas
i index of chemical reaction
in inlet flow via boundary condition
j index of gas component
k index of solid component
mf condition at minimum fluidization
p particle
r reactor
w wake
wf water-free

Appendix A

Table A1. Mass fractions (ωj) of products from biomass pyrolysis in the temperature range of 600–800 ◦C;
values from Fagbemi et al. [34] adapted for pyrolysis of wood pellets.

Component 600 ◦C 650 ◦C 700 ◦C 750 ◦C 800 ◦C 850 ◦C

Ash 0.0032 0.0032 0.0032 0.0032 0.0032 0.0032
Char 0.2473 0.2483 0.2451 0.2435 0.2412 0.2324
H2O 0.1654 0.1508 0.1330 0.1312 0.1291 0.1243
CO2 0.2475 0.2433 0.2807 0.2514 0.2293 0.1890
CO 0.1706 0.2017 0.1851 0.2246 0.2556 0.3145
CH4 0.0523 0.0581 0.0632 0.0631 0.0629 0.0619
H2 0.0251 0.0269 0.0284 0.0296 0.0308 0.0326

C2H4 0.0399 0.0457 0.0509 0.0482 0.0453 0.0407
C10H8 0.0488 0.0221 0.0104 0.0052 0.0027 0.0014

Table A2. Comparison of experimental and simulated data with method of mean error.

Simulated Values Mean Error in %,
MU: 0.2 kg/h

Mean Error in %,
MU: 6.6 kg/h

Mean Error in %,
MU: 15 kg/h

H2—Composition vs. Temperature (◦C) 5.5 4.9 5.0
CO—Composition vs. Temperature (◦C) 15.7 15.3 15.3
CO2—Composition vs. Temperature (◦C) 33.9 22.8 25.1
CH4—Composition vs. Temperature (◦C) 7.2 6.6 6.5
C2H4—Composition vs. Temperature (◦C) 14.1 14.3 14.2

LHV vs. Temperature (◦C) 6.7 5.9 5.9
M module vs. Temperature (◦C) 23.4 29.9 32.2

Partially higher mean errors can also be caused by large fluctuations in the measured values, as no filtering
was performed.
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