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Abstract: Chemical Looping Combustion (CLC) has been considered as one of the most promising
technologies to implement CO2 capture with low energy penalty. A comprehensive three-dimensional
numerical model integrating gas–solid flow and reactions, based on the authors’ previous work
(Energy Fuels 2013, 27, 2173–2184), is applied to simulate the in-situ Gasification Chemical Looping
Combustion (iG-CLC) process in a circulating fluidized bed (CFB) riser fuel reactor. Extending from
the previous work, the present study further validates the model and investigates the effects of several
important operating conditions, i.e., solids flux, steam flow and operating pressure, on the gas–solid
flow behaviors, CO2 concentration and fuel conversion, comprehensively. The simulated fuel reactor
has a height of 5 m and an internal diameter of 60 mm. The simulated oxygen carrier is a Norwegian
ilmenite and the simulated fuel is a Colombian bituminous coal. The results of this simulation work
have shown that an increase in the solids flux can promote CO2 concentration, but may also have a
negative effect on carbon conversion. A decrease in the steam flow leads to positive effects on not
only the CO2 concentration but also the carbon conversion. However, the reduction of steam flow
is limited by the CFB operation process. An increase in the operating pressure can improve both
the CO2 concentration and carbon conversion and therefore, the CFB riser fuel reactor of a practical
iG-CLC system is recommended to be designed and operated under a certain pressurized conditions.

Keywords: chemical looping combustion; numerical prediction; CO2 capture; fuel reactor; circulating
fluidized bed

1. Introduction

Chemical Looping Combustion (CLC) is one of the most promising technologies to implement
CO2 capture with low energy penalty [1–3]. Since the introduction of CLC, numerous CLC studies
on gaseous fuels have been conducted [4–11]. However, the more abundant reserves and higher
carbon intensity of coal compared to gaseous fuels make the adoption of coal in the CLC system more
attractive [12–17].

At present, the application of coal-fueled CLC mainly involves two possible options. The first
approach is the so-called in-situ Gasification Chemical Looping Combustion (iG-CLC) which is usually
based on the concept of Dual Interconnected Fluidized Bed (DIFB), as shown in Figure 1 [16,17].
Specifically, in the fuel reactor, the particles of the oxygen carrier are mixed with the coal particles and
react with the gas products from coal pyrolysis and gasification. With a high conversion of combustion
gases, the flue gas leaving the fuel reactor would mainly contain CO2 and H2O. For the particles
(i.e., reduced oxygen carrier and unreacted char) entrained by the flue gas, they are directed into
the separation system (including separators and a carbon stripper) to achieve the solid–solid and
gas–solid separations. Through the separation process, the char particles are sent back to the fuel
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reactor while the particles of oxygen carrier are sent to the air reactor for re-oxidation. Thus, by virtue
of the circulation of oxygen carrier particles to transport oxygen from the air reactor to the fuel reactor,
the direct contact of coal and air can be avoided during the combustion process, and hence, highly
purified CO2 can be easily acquired at the outlet of the fuel reactor via the condensation of steam.
The second possibility can be accomplished by a process integrating coal gasification and chemical
looping combustion (IGCC-CLC) [18–21]. In this process, the syngas produced from coal gasification is
used as the fuel of the downstream CLC system for power generation with CO2 capture. Nevertheless,
the defect of this approach is that the addition of a gasifier will increase system complexity and
decrease efficiency. As mentioned by Spallina et al. [20] and Hamers et al. [21], a kind of packed-bed
CLC reactor, which enables more operation flexibility and has no need for gas–solid separation, should
be a potential candidate of this approach.
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Figure 1. Schematic diagram of in-situ Gasification Chemical Looping Combustion system. Reprinted
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During the iG-CLC process, the oxygen carrier may suffer deactivation due to the presence of
organic sulfur in the solid fuel and mass loss from elutriation, agglomeration and mixing with the
coal ash [22,23]. Hence, it is very important to search for low-cost and long-lasting oxygen carriers.
In this respect, natural iron ores, owing to their low-cost, adequate oxygen transport capacity, favorable
reactivity and environmental friendliness, together with good mechanical stability, have been regarded
as one of the most feasible oxygen carrier candidates for the iG-CLC [24–28].

Currently, the iG-CLC approach has been investigated in some pilot-scale units with different
reactor designs, preliminarily demonstrating the feasibility and potential of iG-CLC [16,18,29–36].
However, in view of the gathered results, there are still several challenges affecting the development of
this technology: (1) The existence of unburned gaseous compounds at the outlet of fuel reactor results
in unsatisfactory combustion efficiency, and CO2 capture concentration [37–39]. (2) The conversion
of char is unfavorable due to the slow gasification rate under the operating temperatures of the fuel
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reactor (usually 800–950 ◦C). Thus, a part of unreacted char particles off the fuel reactor may enter
and burn in the air reactor, which will lead to the reduction of carbon capture efficiency [39–41].
It can be found that both of the two issues are directly related with the fuel reactor. Hence, a feasible
iG-CLC system should have a good selection of its fuel reactor type/structure which can promise
smooth operations and efficient fuel conversions. In this respect, circulating fluidized bed (CFB)
reactors, owing to their inherent advantages in terms of favorable gas–solid contacts over the whole
reactor height with a relatively lower solids inventory, are becoming a competitive candidate for
the fuel reactor of iG-CLC [16,17,31–33,35,36]. A deep understanding of the effects of operating
conditions on the flow and reaction performance of the CFB fuel reactor allows for the optimization
of the system operations to achieve the best whole-system fuel conversion, and the highest CO2

concentration and carbon capture efficiency at the outlet of the fuel reactor. However, some important
operational information, such as the effects of operating conditions on instantaneous flow behaviors
and heterogeneous reaction characteristics, is still largely missing and rarely available for the iG-CLC
process with a CFB fuel reactor.

With the advancement of computer hardware and numerical methods, Computational Fluid
Dynamics (CFD) modeling is now able to predict fairly accurate gas–solid flow behaviors and chemical
reactions. Therefore, it has been accepted as a reliable technique to make up for the disadvantages
of experimental methods (e.g., instantaneous gas–solid hydrodynamics and reaction dynamics), and
further give some forward guidance for deeper experimental studies [42–47]. Previous publications on
the simulation studies of CLC mainly focused on CLC of gaseous fuels [48–53] and few were on the
CLC performance of solid fuels. Mahalatkar et al. [54] spearheaded a 2D model to simulate the flow
and reaction process in a bubbling fluidized bed (BFB) fuel reactor. Su et al. [55] simulated the iG-CLC
process in a dual circulation fluidized bed system, where the gas leakage, flow pattern and combustion
efficiency were obtained and analyzed. Shao et al. [56] developed a 3D full-loop iG-CLC model which
successfully predicted some important flow behaviors of the whole system. However, the coupling of
the reaction model into the hydrodynamics model had not been achieved in their work, and hence,
only cold-state flow characteristics were presented. Alobaid et al. [57] and May et al. [58] developed
3D models for fuel and/or air reactor of the world’s second largest CLC pilot plant at Technische
Universität Darmstadt, enabling scale-up investigations for the optimization of process and solid–fluid
interactions. Besides, an in-house thermochemical reaction model was successfully combined with
the Euler–Euler model in their work. Generally speaking, by far, the simulation studies on iG-CLC
technology mainly concentrated on the model feasibility tests, but the in-depth investigations of flow
and reaction mechanisms in the fuel reactor are still lacking.

In our previous work, we successfully developed a comprehensive 3D numerical model of a CFB
fuel reactor based upon the experimental system of others [59] to study the fundamental performance
of iG-CLC, including fuel conversions and reaction rates [22]. With the present work, aiming to
improving the existing problems, in terms of insufficient combustion efficiency, CO2 concentration,
and carbon capture efficiency, in the iG-CLC process, we have conducted in-depth simulations of
the effects of the important operating conditions, i.e., solids flux, steam flow and operating pressure,
on the iG-CLC performance. The main contributions of this simulation work are listed as follows:
(1) further validation of a three-dimensional numerical model, including the kinetic theory of granular
flow and complicated heterogeneous reactions, for the simulation of the iG-CLC system with a CFB
as the fuel reactor; (2) predictions of detailed flow dynamic characteristics in the fuel reactor under
different hot-state conditions; (3) in-depth study of the effects of important operating parameters on
the reaction performance by integrating the gas–solid flow mechanisms; (4) effective complement
of the limitations of current experimental conditions on flow and reaction mechanisms, and further
offering valuable guidance for the design and operation of future iG-CLC plants.
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2. Results and Discussion

Table 1 lists the main operating parameters in this simulation work, except for the three variables
to be mentioned below.

Table 1. Main operating parameters used in simulations.

Parameters Value

Reactor diameter (mm) 60
Reactor height (m) 5

Coal feeding rate (kg/h) 10
Thermal Power (kWth) ~60

Reactor temperature (K) 1273

Nine different cases were simulated to study the effects of operating conditions including solids
flux, steam flow and operating pressure on the flow behavior and reaction performance in the fuel
reactor. Here, CO2 concentration and single-loop conversion of carbon are the two main research
objects to reflect the reaction performance. A high CO2 concentration at the exit of the fuel reactor
means high combustion efficiency with efficient CO2 capture. The higher the single-loop conversion
of carbon in the fuel reactor, the higher the carbon capture efficiency and the thermal power that
could be achieved. In order to investigate the effect of each parameter on the reaction performance
more rationally, all other parameters of the cases to be compared had been kept constant when the
parameter to be investigated was changed. Table 2 lists the nine simulation cases with the specified
operating conditions, where case 1 is selected as the reference condition for the analysis of basic flow
and reaction behaviors.

Table 2. Simulation cases and operating conditions.

Case Solids Flux, Gp (kg/m2·s) Steam Flow, Qh (m3/h) Operating Pressure, P0 (MPa)

1–3 100–200–300 7.5 0.55
4–6 220 6–8–10 0.6
7–9 200 7 0.4–0.6–0.8

2.1. Further Validation of the Hydrodynamics and Reaction Models

Before carrying out the comprehensive modeling of iG-CLC, a further validation of the
hydrodynamics model was carried out by comparing the model predictions with the experimental
data of a different CFB [60] from that used for validation of hydrodynamics model with our previous
study [22,59]. The dimensions of the modeled CFB were the same as those of the experimental facility
used by Jin et al. [60], except for a small difference in the exit geometry. The simulation parameters
were also set accordingly to their experimental conditions. Figure 2 shows the comparison between
the computed and experimental axial pressure gradient profiles. The modeling results were very close
to the experimental data, and the maximum relative error between the simulation and the experiment
was less than 12%. Additionally, our calculations were also close to the previous simulation predictions
by Jin et al. [60]. Hence, the hydrodynamics model adopted in this study can be considered suitable
for the simulation of gas–solid flow in the CFB fuel reactor.
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Figure 2. Comparisons of axial pressure gradient profiles between the experiment and simulation.

In order to verify the reaction model adopted in this study, we carried out a comparison of
reaction performance in a BFB fuel reactor between the simulation using our reaction model and
the previous experimental data [28]. The simulation conditions were set to be consistent with the
experimental operation conditions (temperature-1163 K, the steam flow-190 LN/h, and the coal feeding
flow-62 g/h). Figure 3 shows the comparison of dry basis gas concentrations at the fuel reactor outlet
between the experimental data and our simulations. It shows that the simulation results were generally
in agreement with the experimental data, indicating that the reaction model is valid. A similar
validation of the reaction model using the experimental data obtained under different conditions
(temperature-1163 K, the steam flow-190 LN/h, and the coal feeding flow-83 g/h) from the same
literature [28] had also been performed in our previous work [22].
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Figure 3. Comparison of dry basis gas concentrations at the fuel reactor outlet between the experiment
and simulation.

From the above, we can conclude that both the hydrodynamics model and the reaction model
which make up the comprehensive model of this study have been further validated in advance of the
present simulation studies. Therefore, the simulated results on the gas–solid flow patterns and reaction
performance in the coal-fired CFB fuel reactor using the comprehensive model can be considered to
be valid.
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2.2. Distributions of Solids Holdup and Gas–solid Components

Figure 4a displays the distribution of solids holdup with the reactor height at the quasi-equilibrium
state (here, the time of 70 s was selected as a representative) under the reference condition. To enhance
the clarity of presentation, the colored contours of the solids holdup in three 0.1 m-long sections
of the reactor at different height levels (0.5–0.6 m, 2.5–2.6 m, 4.5–4.6 m) are shown in Figure 4a.
Similar approaches have been adopted for other colored contours in Figure 4b–f. It can be seen that the
solids holdup keeps decreasing along with the bed height in general, except a slight increase near the
top of riser due to the effect of the L-shaped exit configuration [61]. The volume averages of solids
holdup and axial solid velocity in the fuel reactor are about 0.07 and 0.70 m/s, respectively. Accordingly,
the solids inventory and residence time in the fuel reactor can be calculated as 60.3 kg/MWth and
7.1 s, respectively.
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The patterns of the char mass fraction in the solid phase and the gas concentrations in the gas
phase at 70 s under the reference condition are presented in Figure 4b–f. At the bottom of the reactor,
the rapid reaction of coal pyrolysis leads to the generation of char in abundance so that the mass
fraction of char in the solid phase reaches the peak in this section. Then, the mass fraction of char
begins to decrease along with the reactor height due to the continuing consumption of char from the
gasification reactions. Similarly, H2 is generated from coal pyrolysis and gasification, but is quickly
consumed through the combustion reactions of intermediate gasification products and oxygen carrier.
Thus, we could observe a decreasing concentration of H2 along with the reactor height. The trends of
CO and CH4 are consistent with that of H2. Figure 4f presents the distribution of CO2 concentration
in the fuel reactor. As the product gas, the distribution of CO2 is almost opposite to that of reactant
gases (i.e., H2, CO and CH4). The more detailed discussions about the flow patterns and component
distributions in the bed could be found in our previous preliminary study [22].

It should be noted that the single-loop conversion of carbon and CO2 dry-basis concentration at
the outlet under the reference condition reach 65.6% and 90.2%, respectively, which are comparable
to the previous experimental results by Berguerand and Lyngfelt [12]. In their 10 kWth system, the
single-loop conversion of carbon was in the range of 50–80% while the CO2 dry-basis concentration
ranged between 78% and 81%. This indicates the CFB riser with high solids flux is a potential
candidate for the fuel reactor of iG-CLC [23,36,62], and the operating conditions adopted in this study
are appropriate and feasible.
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2.3. Effect of Solids Flux

Because a higher solids flux can enhance the solids holdup and heat carrying capacity, CFBs with
high solids mass fluxes (Gp ≥200 kg/m2·s) are considered as promising reactors for some special
processes such as the production of maleic anhydride, combustion and gasification [63–65]. In the
future commercial operation of iG-CLC, it is more important to achieve high CO2 concentration than
to acquire low solids inventories when the cheap oxygen carriers with a relatively low reactivity are
used. Hence, it is very interesting to study the iG-CLC performance under the condition of a high
solids flux. Simulations with Cases 1–3 have been performed with different solids fluxes ranging from
100 kg/m2·s to 300 kg/m2·s to investigate the effect of solids flux on the performance of iG-CLC when
the steam flow and operating pressure are kept at constant values of 7.5 m3/h (under the operating
temperature and pressure) and 0.55 MPa, respectively. In these cases, the steam to the fixed carbon
ratio (H2O/C) is kept at the value of 0.85. With the coal feeding rate being kept at a constant value of
10 kg/h, changing the solids flux from 100 kg/m2·s to 300 kg/m2·s results in a change of the mass
flow ratio of oxygen carrier to coal from about 101.7–305.2.

Figure 5 shows the apparent solids holdups (i.e., volumetric solids fraction) along the fuel reactor
height as a function of solids flux. It can be seen that the range of solids holdup is much wider
in the lower region than that in the upper region at a given solids flux, implying that the particle
concentration distribution is more uniform in the upper dilute region. Meanwhile, we can observe a
significant increase of solids holdup with the increasing solids flux. Moreover, the increase of solids
flux promotes the realization of a fully/largely high-density CFB (αp ≥ 0.1). When the solids flux
increases from 100–300 kg/m2·s, the height of the high-density solids flow region increases from 0.9 m
to about 1.8 m. These computational results are consistent with the experimental results of several
groups of researchers [22,23,61,66,67].
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Figure 5. Mean solids holdups in different heights as a function of solids flux.

Figure 6 presents the CO2 concentration (dry basis) at the outlet vs. time curves with different
solids fluxes. The concentration of CO2 at a given solids flux has a slight oscillation around a constant
value after reaching the quasi-equilibrium state (t ≥30 s). We can observe that the increase of solids
flux results in an increase in the CO2 concentration at the fuel reactor outlet. The average dry basis
concentration of CO2 is about 90.2% for the solids flux of 100 kg/m2·s and increases to 96.3% for the
solids flux of 300 kg/m2·s. The increase in the CO2 concentration at the outlet of the reactor is believed
to be the results of higher solids holdups (Figure 5) and better gas–solid contacts which promote the
gas–solid reactions, according to reactions (8)–(10) (see Section 3.2).
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Figure 6. Effect of solids flux on the CO2 concentration (dry basis) at the outlet of the fuel reactor.

Figure 7 shows the profiles of the mean axial velocities of the solids along the reactor height with
different solids fluxes. It can be observed that the particles are generally accelerating along with the
riser, which is largely due to the drive of gases. At the same time, the axial solids velocities increase
with the solids flux. This can be explained by the fact that the gas phase is accelerated with higher
solids fluxes and holdups, which further leads to higher particle velocities. These modeling results are
consistent with the experimental observations of Pärssinen and Zhu [59].
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Figure 7. Distribution of mean axial solids velocities as a function of height with different solids fluxes.

Figure 8 shows the effect of the solids flux on the single-loop conversion of carbon in the fuel
reactor. The conversion of carbon decreases from 65.6% to 50.1% with the increase of solids flux from
100 kg/m2·s to 300 kg/m2·s. As mentioned above, the increase in the solids velocity with a higher
solids flux would result in a decrease in the solids residence time, which leads to a reduction of char
conversion. On the other hand, according to reactions (6)–(7) (see Section 3.2), the increases in the
fuel gas conversion and CO2 concentration with a higher solids flux will promote the gasification of
char, i.e., the conversion of char. Hence, the net effect of the solids flux on the single-loop conversion
of carbon is a combination of the positive (due to the increased gasification reactions (6)–(7) and the
negative (due to the reduced solids residence time) effects. In the end, under the modeling conditions of
this study, higher solids fluxes have been found to have some negative effects on the carbon conversion,
indicating that the change of solids velocity with different solids fluxes may play a leading role in the
carbon conversion.
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Figure 8. Effect of solids flux on the single-loop conversion of carbon in the fuel reactor.

2.4. Effect of Steam Flow

Steam (H2O) plays a very important role in the iG-CLC process. It is not only the fluidizing gas
but also the main gasification agent. Hence, it is necessary to understand the effect of steam flow on
the iG-CLC performance. Cases 4–6 are designed to study the influence of steam flow on the flow
patterns and reaction characteristics. The steam flow selected is in the range of 6–10 m3/h (under the
operating temperature and pressure) with the solids flux, coal feeding rate and operating pressure
being fixed at values of 220 kg/m2·s, 10 kg/h and 0.6 MPa, respectively. Thus, in these cases, the steam
to the fixed carbon ratio (H2O/C) ranges from 0.74 to 1.23, whereas the mass flow ratio of the oxygen
carrier to the coal feeding rate is kept at a constant value of 223.8.

Figure 9 presents the profiles of the apparent solids holdups along the fuel reactor height as a
function of steam flow. The solids holdup generally increases with the decreasing steam flow at a
given height [23], and the variation of solids holdup is smaller in the higher riser region. These results
illustrate that a higher steam flow has a negative effect on the formation of high-density flow structure,
which agrees with the experimental observations of Wang et al. [23], Wang et al. [61] and Li et al. [66].
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Figure 9. Mean solids holdups as a function of steam flow in different heights.
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Figure 10 shows the mean axial velocities of solids with different steam flows as a function of the
fuel reactor height. As expected, the axial velocity of the solids decreases with the decreasing steam
flow at a specified height. The axial velocity profiles of Wang et al. [61] and Pärssinen and Zhu [59]
agree well with the results of our simulation but with higher particle velocities due to the higher gas
velocities used in their studies.
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Figure 10. Solids axial velocities in different steam flow as a function of height.

Figure 11 shows the effect of the steam flow on the CO2 concentration (dry basis) at the outlet of
the fuel reactor. Decreasing the steam flow gives rise to an increase in CO2 concentration at the outlet.
The average concentration of CO2 (dry basis) is 93.7% for the steam flow of 10 m3/h and increases to
96.1% when the steam flow is decreased to 6 m3/h. The increase of CO2 concentration with a reduced
steam flow is believed to be related to the higher solids holdup and the lower gas velocity, which
further enhance the gas–solid contacts and the residence time, promoting gas–solid reactions (8)–(10).
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Figure 11. Effect of steam flow on the CO2 concentration (dry basis) at the outlet of the fuel reactor.

Figure 12 presents the influence of steam flow on the single-loop carbon conversion in the fuel
reactor. The carbon conversion increases from 56.0% to 65.3% when the steam flow decreases from
10 m3/h to 6 m3/h. When the steam flow is reduced, the solid residence time is increased, and the char
gasification can be enhanced due to the increases in the fuel gas conversion and CO2 concentration
(according to reactions (6)–(7)), leading to an increase in carbon conversion.
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Figure 12. Effect of steam flow on the single-loop conversion of carbon in the fuel reactor.

However, although a decrease in the steam flow can be beneficial to the CO2 concentration at
the exit and the carbon conversion, lower steam flow would go against the rapid circulation of the
particles, which would lead to an increase in the solid inventory and a reduction in the heat transfer
efficiency of the oxygen carrier. Moreover, too low steam flow cannot even drive the particle flow
for circulating. Hence, in order to ensure the proper circulation and fluidization of the particles, the
reduction in the steam flow needs to be limited by the operation process.

2.5. Effect of Operating Pressure

Because coal gasification is the rate-controlling step in the process of iG-CLC, an increase in
the partial pressure of the gasification agent can have a significant influence on the performance of
iG-CLC [13,68]. Meanwhile, in a pressurized CLC system, electric power can be saved to compress
the CO2 flow to the high pressure needed for transportation and storage [7,51]. Hence, a study on
the pressurized iG-CLC performance is necessary. Simulations with Cases 7–9 have been performed
with different operating pressures ranging from 0.4 MPa to 0.8 MPa to investigate the effect of the
operating pressure on the gas–solid flow and reaction behaviors with the solids flux, coal feeding
rate and steam flow being kept at constant values of 200 kg/m2·s, 10 kg/h and 7 m3/h (under the
operating temperature and pressure), respectively. In these cases, the steam to the fixed carbon ratio
(H2O/C) is in the range of 0.14–1.15, whereas the mass flow ratio of the oxygen carrier to the coal
feeding rate is kept at a constant value of 203.5.

Figure 13 shows the effect of the operating pressure on the distribution profiles of the apparent
solids holdups along the fuel reactor height. Generally, the solids holdup goes up with the increasing
operating pressure at a given height. An increase in the operating pressure also leads to an increase
in the height of the high-density flow region, indicating the active effect of pressure on the forming
of a fully high-density CFB [69]. Figure 14 displays the mean axial velocities of solids with different
operating pressures as a function of height. It can be observed that the axial solid velocity decreases
with the increasing pressure at a specified height.
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Figure 13. Effect of operating pressure on the profile of the solids holdups along the reactor height.
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Figure 14. Distribution of axial velocities of solids with different pressures as a function of height.

Figure 15 presents the influence of pressure on the CO2 concentration (dry basis) at the outlet of the
fuel reactor. An increase in operating pressure leads to an increase in CO2 concentration. The average
concentration of CO2 (dry basis) increases from 93.9% to 95.4% when the pressure rises from 0.4 MPa to
0.8 MPa. According to the chemical reactions of iG-CLC, particularly, reactions (8)–(10), the increase of
CO2 concentration under a higher pressure condition may be attributed to the following three factors.
Firstly, the concentrations of gasification intermediates are increased at elevated pressures, and this
promotes the reduction reactions (8)–(10) with the oxygen carrier. Secondly, as shown in Figure 13,
the increased operating pressure augments the solids holdup, which further enhances the gas–solid
contact and promotes gas–solid reactions. Finally, the gas residence time is longer in the pressurized
condition [13,68].

Figure 16 shows the influence of the operating pressure on the single-loop conversion of carbon in
the fuel reactor. The carbon conversion goes up substantially from 48.4% to 70.8% with the operating
pressure increasing from 0.4 MPa to 0.8 MPa. The elevated steam partial pressure and longer gas
residence time facilitate char gasification according to reactions (6)–(7) [68]. Moreover, the elevated
pressure leads to a decrease in solids velocity, thus, longer solid residence time and higher char
conversion. The predicted results shown in Figure 16 are consistent with the experimental observations
of Xiao et al. [26] who conducted their experiments with a fixed bed reactor.
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Figure 16. Influence of operating pressure on the single-loop carbon conversion in the fuel reactor.

Several researchers (e.g., García-Labiano et al. [7]) found the negative effect of the increasing
total pressure on the reduction reaction performance of oxygen carrier. However, for iG-CLC, the
rate-controlling step of the whole reaction process is the gasification reactions (6)–(7) of char instead
of the subsequent reduction reactions of oxygen carrier [22,39–41]. In addition, the possible negative
effect for the ilmenite adopted in this study has not been mentioned in the experimental research
by Abad et al. [24] and Cuadrat et al. [70] Therefore, the possible negative effect of high operating
pressures on the reduction reactions of the oxygen carrier was neglected in this study.

3. Materials and Methods

The comprehensive hydrodynamics and reaction models adopted in this study are based on our
previous study [22]. But in order to carry out further and independent validations, we selected a
new CFB fuel reactor with a different bed height and diameter from that simulated previously [22,59].
As shown in Figure 17, the fuel reactor simulated in this study is a circulating fluidized bed (CFB) riser
with a height of 5 m and an internal diameter of 60 mm by reference to the previous experiments [60,61].
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3.1. Governing Equations

In this study, a Euler–Euler model is used to simulate the hydrodynamics of gas–solid flow in the
fuel reactor, coupled with chemical reaction models. The standard k–ε model is applied to simulate the
gas phase turbulence and the kinetic theory of granular flow (KTGF) is adopted to simulate the solid
phase. The mass, momentum and energy conservation equations are applied to both gas and solid
phases. The species conservation equations are solved for individual species in each phase. Here, the
conservation equations for gas phase (i.e., Equations (1)–(3)) and the species transport equation for gas
species (i.e., Equation (4)) are given as the representatives [22,47]. Meanings of the symbols can be
found in the nomenclature.
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The closure models applied in this simulation to describe constitutive relations are given in Table 3.

Table 3. Closure models used in simulations.

Description Model References

Turbulence model standard k–ε model [60,71]
Drag model Gidaspow [72]

Granular viscosity Gidaspow [72]
Granular bulk viscosity Lun et al. [73]
Granular temperature Algebraic [51]

Solids pressure Lun et al. [73]
Radial distribution Lun et al. [73]

In this study, considering the small bed temperature variation along the whole reactor height and
the excellent performance of interphase heat transfer in the circulating fluidized bed, the reactor is
assumed to be isothermal and the differences of temperature between gas–solid phases are ignored
for simplification. The detailed descriptions of governing equations can be found in our previous
publication [22].

3.2. Chemical Reactions

As part of the comprehensive numerical model, the complex homogeneous and heterogeneous
chemical reactions are considered and coupled into the solver by setting the source terms of continuity,
momentum and species transport equations. On this basis, the consumption of the reactants and the
harvest of the products during the reaction processes can be calculated in real time [49].

The reactions occurring in the fuel reactor involve the coal pyrolysis (5), the gasification of char (6)
and (7), and the oxidation reactions of the intermediate gasification products with the oxygen carrier
(8)–(10). All these reactions are included by user defined functions (UDF). The detailed reaction steps
are summarized below.

First, coal pyrolysis occurs through reaction (5):

Coal(s)→ aCO(g) + bH2(g) + cCH4(g) + dCO2(g) + eH2O(g) + fChar(s) (5)

The char is gasified with H2O and CO2 by reactions (6)–(7):

C(s) + H2O(g)→ CO(g) + H2(g) ∆Hθ
1273 K = 135.6 kJ/mol (6)

C(s) + CO2(g)→ 2CO(g) ∆Hθ
1273 K = 167.8 kJ/mol (7)

As shown in Reaction (5), the volatile matter in coal was assumed to be released in the form of
H2, CO, CH4 and CO2. Other small amounts of light hydrocarbons and tars in the volatiles were not
considered in this study [22,70].

The main active components of the Norwegian ilmenite, adopted as the oxygen carrier in this
study, include Fe2TiO5 and Fe2O3. Here, the Integrated Rate of Reduction (IRoR) model was adopted,
with which the Fe2TiO5 was considered as a mixture of Fe2O3 and TiO2; FeTiO3, a mixture of FeO and
TiO2; Fe3O4, a mixture of Fe2O3 and FeO; and TiO2, as an inert material [22,24,74]. Thus, the reduction
reactions of ilmenite can be simplified as the following reactions (8)–(10):

4Fe2O3(s) + CH4(g)→ 8FeO(s) + CO2(g) + 2H2O(g) ∆Hθ
1273 K = 268.9 kJ/mol (8)

Fe2O3(s) + H2(g)→ 2FeO(s) + H2O(g) ∆Hθ
1273 K = 18.4 kJ/mol (9)

Fe2O3(s) + CO(g)→ 2FeO(s) + CO2(g) ∆Hθ
1273 K = −13.7 kJ/mol (10)
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The reaction rates are represented by the Arrhenius law with the pre-exponential factors and
activation energies obtained from the previous literatures [25,70,75]. Further details on the reaction
kinetics and the model can be found from our previous publication [22].

Figure 18 shows the standard Gibbs free energy changes for the main reactions (6)–(10) in the
fuel reactor calculated over a wide range of operating temperatures. It can be seen that the Gibbs free
energy decreases with an increase in the reaction temperature for all of these reactions. As the reaction
affinity is enhanced with a decrease in the Gibbs free energy [76], high temperatures favor the reactions
in the fuel reactor. Therefore, we selected a relatively high temperature of 1273 K as the temperature of
the fuel reactor to be simulated.
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3.3. Data Evaluation

The dry basis component concentration (fi) in the exhaust gas is calculated as follows [22]:

fi =
xi

xCO + xCO2 + xCH4 + xH2

× 100% (5)

where xi is the molar fraction of species i (e.g., CO, CO2, CH4 or H2) in the gas phase.
The single-loop conversion of carbon (XC) is calculated as [22]:

XC = (1− QC,out

QCoal,inYC
)× 100% (6)

where YC is the mass fraction of carbon in the original coal, QCoal,in is the mass flux of coal at the solids
inlet and QC,out is the mass flux of unreacted char at the outlet.

The solids flux (i.e., solid circulation rate) Gp is calculated as:

Gp = Up, f αp, f ρp
A f

As
(7)

where Up,f is the particle velocity at the feed inlet, αp,f is the particle volume fraction at the feed inlet,
Af is the sectional area of the feed inlet, and As is the sectional area of the steam inlet (i.e., the sectional
area of the fuel reactor).
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3.4. Numerical Considerations

In this study, simulations were carried out in three-dimensional (3D) domains. The pressure-based
solver was employed for solving the governing equations. The phase-coupled semi-implicit method
for pressure-linked equations (PC-SIMPLEs) algorithm was applied to deal with the pressure–velocity
coupling. After mesh independence analyses, the hexahedral grids were applied in the dilute zone
and tetrahedral grids were applied in the dense region near the inlets. The total mesh number is about
51,000. After the time step-independence analysis, a time step of 1 × 10−3 s with the convergence
criterion of 1 × 10−4 was set for this study.

As shown in Figure 17, the velocity inlet boundary condition was adopted at both of the steam
inlet and feed inlet. The outflow boundary condition was used at the outlet. At the walls, the no-slip
wall condition was assumed [22,45,48]. The maximum particle packing was limited to 0.64. Physical
parameters of the gas and solid mixtures obeyed the volume/mass-weighted-mixing law. The fuel
reactor was initially filled with steam (H2O), the solid particles of coal and oxygen carrier were then
fed into the reactor at the beginning of a simulation.

The oxygen carrier material used in the simulations was assumed to be the Norwegian
ilmenite [22,24,25]. The particle diameter of the ilmenite was assumed to be uniform (150 µm).
The fuel adopted for the simulation was a Colombian bituminous coal [22,70] with a uniform diameter
of 200 µm. Further details on the properties of the Norwegian ilmenite and the Colombian coal can be
found from our previous publication [22].

4. Conclusions

A comprehensive three-dimensional numerical model including the kinetic theory of granular
flow and complicated gas–solid reactions was developed to simulate the iG-CLC process in a circulating
fluidized bed (CFB) fuel reactor. Extending from the previous basic simulations and after further
validations, the model has been used to study the effects of some important operating conditions,
i.e., solids flux, steam flow and operating pressure, on the gas–solid flow behaviors, CO2 concentration
and fuel conversion. The following conclusions can be drawn from the present study:

(1) The single-loop conversion of carbon and CO2 dry-basis concentration at the fuel reactor outlet
under the reference condition are comparable to those from the previous experimental system,
demonstrating the CFB riser with high solids flux is a potential candidate for the fuel reactor
of iG-CLC.

(2) An increase in the solids flux results in an increase in the CO2 concentration at the outlet, which
is believed to be mainly due to the increased solids holdup and better gas–solid contacts that
promote gas–solid reactions. However, a higher solids flux has a slightly negative effect on the
single-loop carbon conversion. This is mainly due to the decrease in the solids residence time.

(3) A decrease in the steam flow gives rise to an increase in CO2 concentration at the fuel reactor
outlet because of the higher solids holdup and the lower gas velocity, which further enhances the
gas–solid contacts and the residence time of gas for reactions. In addition, a decrease in the steam
flow promotes the single-loop conversion of carbon mainly as a result of the increased solids
residence time. However, in order to ensure the circulation and fluidization of the particles, there
exists a minimum requirement for the steam flow under the conditions of the given operating
temperature, pressure and particle flows.

(4) An increase in the operating pressure leads to an increase in the CO2 concentration at the outlet
of the fuel reactor due to the higher concentrations of gasification intermediates, higher solids
holdup and the lower gas velocity, which promote the reduction reactions (8)–(10) with the
oxygen carrier. The elevated steam partial pressure and longer gas residence time facilitate the
char gasification. Moreover, the elevated pressure leads to a decrease in solids velocity, thus
longer solids residence time and higher carbon conversion. Therefore, it should be beneficial
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for a practical CFB fuel reactor of iG-CLC system to be designed and operated under a certain
pressurized conditions.
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Nomenclature

Af sectional area of the feed inlet [m2]
As sectional area of the fuel reactor [m2]
fi dry basis concentration of gas component
→
g acceleration due to gravity [m/s2]
Gp solids flux [kg/(m2·s)]
H specific enthalpy [J/kg]
Ji diffusion flux of species i [kg/(m2·s)]
p pressure [Pa]
P0 operating pressure [MPa]
QC,out mass flux of unreacted char at the outlet [kg/h]
QCoal,in mass flux of coal at the solids inlet [kg/h]
Qh steam flow under the operating temperature and pressure [m3/h]
.

m mass source term [kg/(m3·s)]
Si net rate of production of species i [kg/(m3·s)]
Up,f particle velocity at the feed inlet [m/s]
v velocity [m/s]
xi molar fraction of species i in the gas phase
XC single-loop conversion of carbon [%]
Y mass fraction
α volume fraction
β drag [kg/(m3·s)]
λ thermal conductivity [W/(m2·K)]
ρ density [kg/m3]
τ stress-strain tensor [Pa]
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