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Abstract: The paper outlines the concept of process intensification and integration, with a particular
focus on sorption-enhanced, solid-catalyzed chemical processes. An alternative and attractive solu-
tion to a system of parallel fixed-bed apparatuses is evaluated, which utilizes the solids’ circulation
in a dual fluidized-bed reactor–regenerator system. This allows for continuous mode operation
and greatly simplifies the control procedures. To illustrate some aspects related to the steady-state
operation of such a dual system, a simplified mathematical model of two interconnected fluidized
beds operating in the bubbling regime was developed. A generic reversible chemical reaction of
the overall second-order, catalyzed by bifunctional pellets, integrating catalytic active sites and
adsorption sites, was considered as a test case. The model was used to study the effects of the bed
hydrodynamics, as well as of the chemical reaction and physical adsorption equilibrium constants. It
was shown how the superposition of various chemical, physical and hydrodynamical phenomena
affects the performance of the system.

Keywords: sorption-enhanced process; dual fluidized bed reactor; multifunctional pellet; process
integration; process intensification

1. Introduction
1.1. The Footprint of Chemical Industry in the Global Economy and Environment

The chemical industry is one of the most principal branches of the economy, directly
accounting for about 1.1 trillion USD in global gross domestic product (GDP) and the
fifth-largest manufacturing sector in terms of the number of employees and contractors,
as reported in 2017 by the International Council of Chemical Associations (ICCA) [1]. Its
vital role in the global economy and supply chain is indisputable, as it provides all sorts of
substances and advanced materials for other branches of industry, as well as household
applications: the numerous examples include fuels, fertilizers, plastics, pharmaceuticals or
utility chemicals [2]. Nevertheless, its environmental impact is also indisputable. Chem-
ical and petrochemical industries contribute to circa 10% of global energy consumption,
being the most energy-demanding branch of industry [3], while, at the same time, they
are directly responsible for about 7% of annual greenhouse gases anthropogenic emis-
sion [4,5], as well as pollutants such as aerosols, sulfur and nitrogen oxides, heavy metals
and highly volatile organic compounds (VOCs) [5]. They are also highly dependent on
non-renewable resources, both for energy and as a feedstock. Although, at present there
is still a relatively steady supply of resources, such a dependence makes the chemical
industry non-sustainable in the long term and for future generations [5]. In recent years
awareness of the problem has grown considerably and it can be argued that a paradigm
shift can be observed from placing focus purely on cost-efficiency and economic feasibil-
ity, to energy- and resource-efficiency and environmental friendliness, in anticipation of
climate change and resource shortages [2,5–8]. One symptom of such a trend was the sub-
sequent birth and development of an interdisciplinary sub-realm of chemical engineering,
i.e., process intensification.
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1.2. Process Intensification as an Emerging Paradigm of Chemical Process Design

Process intensification is still a relatively fresh and broad term that has evolved over
the years, with a current meaning similar to that given to it in the 1970s, by Leszczynski [9]
or Ramshaw [10,11]. Since that time, the subject itself has gained momentum and, according
to Boffito and Fernandez-Rivas [12], the notion of process intensification has increased
in popularity. According to their report, in 2018–2020 alone, almost 900 new research
documents using such keywords were published, with a total of around 3840 in the period
of 1990–2020.

Ramshaw [10,11] was perhaps the first to propose a definition of process intensification
as a distinct design strategy that seeks to reduce the size of the processing apparatus and
the amount of supporting equipment, while retaining products or energy yield. However,
in 2000, a comprehensive review was published [13], which argued, for the expansion
of that term to design goals such as higher energy- and resource-efficiency, long-term
sustainability and environmental friendliness, while increasing yield and further reducing
operational costs. This may invoke substantial skepticism from both the scientific and
industrial communities of chemical engineers; however, a research paper by Stankiewicz
and Mouljin [14] discusses several promising results of such a design approach. Further
results were provided by Keil et al. [15] and by Boffito and Fernandez Rivas [12]. In
summary, process intensification can be achieved by action in two main areas: process
equipment and processing methods. The first area includes the specific design of apparatus
and application of novel solutions in their construction, like static mixing elements and
miniaturization. The second area is the enhancement of the processes themselves through
synergy among various unit operations (an approach often called process integration),
amplification of transport phenomena and minimization of transport resistances, as well
as the application of alternative sources of energy like g-forces, electromagnetic fields or
acoustic waves.

1.3. Sorption-Enhanced Reactions as a Method of Process Intensification and Integration

One solution that lies within a spectrum of process intensification and integration is
the use of sorption-enhanced reaction processes (SERPs) that combine chemical reaction
with adsorption in one vessel [16], thus allowing for in situ separation of the products
(potentially eliminating the need for additional apparatus), selective removal of undesired
substances and by-products (typically in order to shift equilibrium in favored direction or
remove catalyst poisons) or enrichment of the reactive mixture via desorption of reactants
(where the adsorbent plays the role of a mass source) (Figure 1a). Such multifunctional ad-
sorptive reactors are already used or are considered to be used in sorption-enhanced steam-
methane reforming [17,18], carbon oxides methanation [19,20], water-gas shift [21–23],
Claus process [24] and dimethyl ether synthesis [25,26].

A problem inherently associated with adsorption is the limited capacity of the sorbent
particles, which, during the course of the process, become progressively more saturated
with adsorbed molecules. This leads to a substantial decline in the adsorption rate until
it eventually ceases altogether, due to the complete saturation of the pellet. Therefore, to
conduct SERPs at the industrial scale, some mode of regeneration of the adsorbent particles
must be applied. For classical fixed-beds, this usually means that the multifunctional
reactor has to be operated in cycles of repeated reaction and regeneration stages, so that
continuous synthesis demands the presence of at least two reactors in which cycles can
occur interchangeably [16]. Chromatographic processes can be carried out in so-called
simulated moving bed reactors (SMBRs), essentially a sub-class of fixed-bed reactors in
which several columns operate through switching inlets with outlets during different stages
of the process [27]. Another method consists of the implementation of circulation of solids
in fluidized beds (Figure 1b). Such a solution was first used in fluid catalytic cracking
(FCC) technologies, where two fluidized beds were connected in a loop that allowed for
the exchange of catalyst particles between them [28,29]. In FCC, one bed is thus fluidized
with feedstock and catalytic cracking reactions occur, while, in a second bed, the spent
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catalyst is contacted with air in order to burn off carbonaceous deposit and, simultaneously,
generate heat for the main reactions. In the similarly devised SERP, one bed is fluidized
with feed gas for the reaction to occur, while the second is fluidized by purge gas, so that
regeneration can proceed.

Figure 1. Adsorptive reactors: (a) schematic principle of adsorptive reactor for enhancing conversion;
(b) scheme of a dual fluidized-bed reactor–regenerator system.

The arrangement of two interconnected fluidized beds is generally known as dual (or
twin)-fluidized bed, circulating bed or chemical loop, and such solutions are implemented
for various processes, e.g., biomass gasification or combustion with oxygen-carriers [30–32],
and many examples of catalytic chemical syntheses and conversions [33–38]. Such fluidized-
bed reactors can not only be operated continuously, as opposed to fixed-bed adsorptive
reactors, but benefit from other advantages of fluidization, such as intense heat and mass
transfer, thorough the mixing and easy handling of solids that contribute to the simplicity
of process control and its overall safety [39]. A simple scheme of SERP performed in a
dual-fluidized-bed reactor–regenerator is presented in Figure 1b.

1.4. Hybrid Catalysts

One of the other methods of process intensification and integration involves the
utilization of specially tailored catalysts with precisely designed properties, structure
and active site distribution, including the incorporation of two or more kinds of active
site (‘functionalities’ or simply ‘functions’) within one pellet. The first contributions to
theoretical and experimental research on such hybrid catalysts date back to the early and
the middle of the second half of the 20th century [40–42]; however, to date, hybrid catalysts
remain an attractive topic for researchers, as evidenced by many recent publications dealing
with issues such as optimal distribution and the ratio between functionalities in hybrid
catalysts [43–48], or their general performance and comparison with various arrangements
of single-function catalysts [49–53].

1.5. Aim of the Study

This study covers selected issues related to the steady-state properties of a dual
fluidized-bed reactor–regenerator system operating in a continuous mode, with the bed
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made of hybrid catalyst pellets combining catalytic and adsorption sites. Considering a
generic reversible chemical reaction accompanied by the physical adsorption of a by-product,
the superposition of various phenomena is demonstrated, including bed hydrodynamics,
mass and heat coupling of the apparatuses, and how this affects the system performance.

2. Results and Discussion

Figure 1b shows a schematic diagram of a dual fluidized-bed reactor–regenerator
system that consists of an adsorptive fluidized-bed reactor and a fluidized-bed regenerator,
both operating under the bubbling-bed regime. Considering the general character of
this study, it is assumed that an arbitrary sorption-enhanced solid-catalyzed gas-phase
exothermic chemical reaction of the type

A + B
k1


k2

C + D, (1)

takes place in the reactor, with C being the desired product and D being the by-product that
is selectively adsorbed on adsorption sites, integrated into multifunctional (also referred
to as hybrid) catalyst-adsorbent pellets. It is assumed that the chemical reaction is of the
first order with respect to reactant A and B, i.e., the overall second-order; thus, the rate
equation, based on unit volume of the catalyst pellet, of the chemical reaction, is

r(T) = k1(T) · CACB − k2(T) · CCCD = k1(T)
(

CACB − 1
Kp(T)

CCCD

)
, (2)

Kp(T) = exp
(

∆sT − ∆h
RT

)
. (3)

The sorption process is assumed to be at equilibrium and is described using a linear
isotherm with the temperature-dependent equilibrium constant

qD = KadsD(T)CD, (4)

dqD

dCD
= KadsD(T) = KadsD0 exp

(
Eads
RT

)
. (5)

It is assumed that continuous circulation of the pellets takes place between the reactor
and the regenerator and that, in the latter, the by-product D is desorbed from the saturated
pellets by hot gas.

To keep the level of the model complexity relatively simple, it is assumed that the
bifunctional pellets are characterized by uniform internal distribution of two types of site.
The pellet volume fractions occupied by catalytic sites, fcat, and adsorption sites, fads, are
assumed to be equal; thus, fcat = fads = 0.5. A two-phase model [39,54] is employed to
describe both fluidized beds with a dense phase treated as a pseudohomogeneous medium;
that is, both intraparticle and interphase gradients of concentration and temperature are
neglected in the description of this zone. More details concerning other assumptions of the
mathematical model employed within this study, the model equations, and a description
of the numerical algorithms applied, are given in Section 3.

The design, physicochemical and operating parameters used in the numerical simula-
tions are summarized in Table 1. They were selected based on the analysis of solid-catalyzed
chemical processes of industrial importance [55,56]. Given the general character of the
analysis, the gas and solid properties were assumed to be the same for the reactor and the
regenerator. The parameters characterizing adsorption equilibrium were derived from the
experimental data available in the literature [57,58].
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Table 1. Values of the parameters used in the numerical simulations.

Parameter Value Parameter Value

cg 1 kJ·kg−1·K−1 P 101,325 Pa
cs 0.8 kJ·kg−1·K−1 ∆s −160 to −140 kJ·kmol−1·K−1

dp 2 × 10−4 m Tf,1 400 K
Db,i = De,i 2 × 10−5 m2·s−1 Tf,2 400 to 440 K

E 5 × 104 kJ·kmol−1 XAf,1 = XBf,1 0.1
Eads 104 to 4 × 104 kJ·kmol−1 εp 0.5
fcat 0.5 λg 2 × 10−5 kW·m−1·K−1

fads 0.5 µg 2.6 × 10−5 Pa·s
∆h −8 × 104 kJ·kmol−1 ρg 0.7 kg·m−3

Hmf,j 1 m ρp 1600 kg·m−3

k01 107 m3·kmol−1·s−1 τp,1 600 s
KadsD,0 5 × 10−5 m3·kg−1 τp,2 200 to 1200 s

Considering that, in contrast to a system consisting of two or more interconnected
fixed-bed reactors, the dual fluidized-bed reactor–regenerator system is meant to operate
in continuous mode, the analysis presented here is limited to the steady-state behavior of
the system. It should be emphasized at this point that, in the case of a single apparatus,
the phenomenon of physical adsorption does not affect the values of state variables at
steady state, but only their evolution in time in the transient analysis. In the case of a dual
fluidized-bed system, physical sorption significantly affects the loci of steady states [59].
To illustrate this effect, the influence of the following parameters was evaluated:

• Fluidization ratio, u0,1/umf,1, determining the mean residence time of gas and the
hydrodynamic conditions in the reactor;

• Entropy change, ∆s, influencing the value of the chemical reaction equilibrium con-
stant (Equation (3));

• Energetic parameter, Eads, influencing the value of the sorption equilibrium constant
(Equation (5));

• Mean residence time of catalyst pellets in the regenerator, τp,2;
• Temperature of the feed gas entering the regenerator, Tf,2.

Figure 2a shows the temperature dependence of the equilibrium constant, Kp, em-
ployed within the study and defined by Equation (3). The higher the absolute value of
∆s used in the calculations, the less favorable the value of the equilibrium constant of
the chemical reaction. Figure 2b shows the temperature dependence of the adsorption
isotherm constant, KadsD, defined by Equation (5). An increase in the value of the energetic
parameter Eads results in a higher value of the adsorption isotherm constant, KadsD; thus, a
higher amount of the by-product D can be adsorbed and transferred to the regenerator.

The influence of the constant describing the adsorption/desorption equilibrium onto
the performance of the dual-bed system is reported in Figure 3. The curves were determined
assuming a fixed value of the fluidization ratio in the regenerator, i.e., u0,2/umf,2 = 2, and a
variable value of the fluidization ratio in the reactor, u0,1/umf,1, in the range from 1 to 5,
with u0,2/umf,2 = 1 corresponding to minimum fluidization conditions. The importance of
physical adsorption is particularly evident in the range of lower fluidization velocity, which
corresponds also to the high process temperature (Figure 3c), and thus to the unfavorable
values of the equilibrium constant (Figure 2a). In this case, a continuous removal of the
reaction by-product D by selective adsorption permits an increase in the production of the
desired product C. In the range of low-fluidization velocities, and for the highest adopted
value of Eads, the concentration of product C in the emulsion zone (Figure 3b) is more
than 10% higher compared to the process carried out without simultaneous adsorption of
by-product D.
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The effect of the equilibrium constant of the chemical reaction on the reactor performance
is illustrated in Figure 4. All curves were determined assuming Eads = 3 × 104 kJ·kmol−1. The
ability to enhance the process by physical sorption is greatly reduced for the processes
characterized by the higher absolute value of ∆s, which determines the temperature de-
pendence of Kp. As the gas velocity gets higher, and thus the temperature of the process
becomes lower, the equilibrium constants assume more favorable values (Figure 2a); how-
ever, this does not lead to an increase in process performance (Figure 4a). Moreover, as
can be observed, both the dimensionless concentration and temperature curves practically
overlap. This is due to a reduction in the contact time between the gas and the pellets,
which, in turn, reduces the overall process rate.

Figure 4. Dependence of state variables in the reactor on the fluidization ratio u0,1/umf,1 for different values of ∆s:
(a) dimensionless concentration of components A and C in the emulsion (dense) zone; (b) temperature of the emulsion zone.
(Calculations performed with Eads = 3 × 104 kJ·kmol−1, u0,2/umf,2 = 2, τp,1 = τp,2 = 600 s and Tf,2 = 400 K; all values of ∆s in
the legend are expressed in kJ·kmol−1·K−1).

Another group of parameters that have a strong influence on the steady-state behavior
of the dual fluidized-bed reactor–regenerator system are the parameters related to the
geometry (reactor and regenerator sizes) and the circulation mass flow rate of the pellets
between two apparatuses. To demonstrate the effect of the bed geometry on the system
behavior, the model equations were solved for varying values of the mean residence time
of pellets in the regenerator, τp,2, in the range from 200 s to 1200 s. At a constant circulation
rate of the catalyst pellets between reactor and regenerator, change in the mean residence
time of the pellets in the regenerator (defined by Equation (27)) is equivalent to the change
in the bed load in the regenerator with respect to the bed load in the reactor.

Figure 5 reports the solution curves as a function of τp,2, obtained for several values
of the feed gas temperature, to the regenerator, Tf,2, and fixed values of Eads and ∆s in the
expressions determining chemical and adsorption equilibrium. It can be observed that, for
the lowest value of Tf,2 = 400 K and in case of the adoption of too-high values for the mean
residence time of the pellets in the regenerator, there is an almost complete extinction of the
process. This is due to the excessive cooling of the pellets in the regenerator. Increasing the
temperature of the feed inert gas to the regenerator, Tf,2, helps to avoid the risk of extinction
and, at the same time, to boost the desorption of the by-product in the regenerator, and
thus the regeneration of the catalyst pellets.
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Figure 5. Dependence of state variables in the reactor (j = 1) and regenerator (j = 2) on the mean residence time of catalyst
pellets in the regenerator τp,2 for different values of Tf,2: (a) dimensionless concentration of component A and C in emulsion
(dense) zone in the reactor; (b) temperature of the emulsion zone in the reactor and in the regenerator. (Calculations
performed with Eads = 3 × 104 kJ·kmol−1, ∆s = −150 kJ·kmol−1·K−1, u0,1/umf,1 = u0,2/umf,2 = 2 and τp,1 = 600 s).

3. Materials and Methods
3.1. Mathematical Model of a Dual Fluidized-Bed Reactor–Regenerator System

In this work, a two-phase model [39,54] was adopted for quantitative and qualitative
description of a dual fluidized-bed reactor–regenerator system (Figure 1b), with both beds
operating under the bubbling regime. Other assumptions are as follows:

• The two phases, i.e., the bubble zone and the dense zone (also referred to as emulsion
zone), are distinguished in both fluidized beds, whereas intraparticle and gas–solid
mass and heat transfer resistances are neglected in the description of the dense zone;

• Ideal mixing of gas in the emulsion zone, both in the reactor and in the regenerator;
• Plug flow of gas in the bubble zone, both in the reactor and in the regenerator, and

quasi-steady state character of the bubble zone;
• Gas bubbles are spherical and they have a constant diameter along the bed height in

both reactor units;
• Both fluidized-bed units operate adiabatically;
• Chemical process takes place only in the emulsion zone of the reactor, while physical

sorption occurs both in the reactor and in the regenerator which is fed with a hot
inert gas;

• The gas volume change due to chemical reaction and physical adsorption is neglected,
given the high content of inert gas;

• The sorption process is assumed to be at equilibrium and is described using a lin-
ear isotherm;

• The rate of increase of the catalyst pellet energy does not vary significantly for contri-
butions of the heat of adsorption, of the intraparticle gas phase and of the adsorbed
phase heat capacities, which are thus neglected.

The correlations employed to determine the hydrodynamic properties of the fluidized
beds, and the mass and heat interchange coefficients between the bubble zone and the
emulsion zone, are reported in Table 2.
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Table 2. Hydrodynamic properties and interchange coefficients in the fluidized bed.

Parameter Equation

Fluidized-bed void fraction at minimum fluidization
conditions, εm f [60] εm f = 0.586Ar−0.029

(
ρg
ρp

)0.021
. (6)

Superficial gas velocity at minimum fluidization conditions,
um f [39]

1.75
ε3

m f φp
Re2

p,m f +
150(1−εm f )

ε3
m f φ2

p
Rep,m f = Ar where

Ar =
d3

pρg(ρp−ρg)g
µg

and Rep,m f =
dpum f ρg

µg
.

(7)

Terminal velocity of a falling particle, ut [61] Rep,t =
Ar

18+0.6Ar0.5 where Rep,t =
dputρg

µg
. (8)

Effective bubble diameter, db [62] db = db0 + 0.5ξH where H =
Hm f
1−δ , (9)

db0 = 0.8205
(

u0−um f
n0

)0.4
and ξ = 0.14ρpdp

u0
um f

.

Bubble fraction in a fluidized bed, δ [39] δ =
u0−um f
ub−um f

. (10)

Bubble rise velocity, ub [39] ub = u0 − um f + ub0 where ub0 = 2.227
√

db. (11)

Superficial velocity of gas in the emulsion, ue [39] ue =
u0−δub

(1−δ)·εm f
. (12)

Overall coefficient of gas interchange between bubble and
emulsion zone, βbe

g,i [63]

1
βbe

g,i
= 1

βbc
g,i
+ 1

βce
g,i

where βce
g,i = 6.78

√
εm f De,iub

d3
b

and

βbc
g,i = 4.5 um f

db
+ 10.353

D0.5
b,i

d1.25
b

.
(13)

Overall coefficient of heat interchange between bubble and
emulsion zone, αbe

q [63]

1
αbe

q
= 1

αbc
q
+ 1

αce
q

where αce
q = 6.78

√
εm f λgρgcgub

d3
b

and

αbc
q = 4.5 ρgcgum f

db
+ 10.353 (λgρgcg)

0.5

d1.25
b

.
(14)

In accordance with the above assumptions, the mass and heat balance equations of
the dual fluidized-bed reactor–regenerator system can be written as follows

dXe
i,1

dt = D1i,1

(
Xe

i,2Kadsi,2(Te
2)− Xe

i,1Kadsi,1(Te
1)
)
+ a2i,1(Xb

i f ,1 − Xe
i,1) + φ1i,1(Xe

i,1) + a3i fcatνi r̃(Xe
1, Te

1) (15)

dTe
1

dt
= D2,1(Te

2 − Te
1) + a5,1(Tf ,1 − Te

1) + φ2,1(Te
1) + a4 fcat r̃(Xe

1, Te
1)(−∆h), (16)

dXe
i,2

dt
= D1i,2

(
Xe

i,1Kadsi,1(Te
1)− Xe

i,2Kadsi,2(Te
2)
)
− a2i,2Xe

i,2 + φ1i,2(Xe
i,2), (17)

dTe
2

dt
= D2,2(Te

1 − Te
2) + a5,2(Tf ,2 − Te

2) + φ2,2(Te
2). (18)

with the following initial conditions describing the values of concentrations and tempera-
tures in the emulsion zone in the reactor and regenerator at system start-up

Xe
i,1(t = 0) = Xe

0i,1, Te
1(t = 0) = Te

0,1, Xe
i,2(t = 0) = Xe

0i,2, Te
2(t = 0) = Te

0,2. (19)

In the model equations formulated above, subscript i refers to the component, i.e., i = A,
B, C, D. Subscripts 1 and 2 of the state variables Xe and Te refer, respectively, to the reactor
(j = 1) and to the regenerator (j = 2), with Xe being a dimensionless concentration defined as

Xe
i,j =

Ci,j

Cre f
, i = A, B, C, D, j = 1, 2 where Cre f =

P
R · Tf ,1

. (20)

The expression describing the rate of chemical reaction in terms of the dimensionless
concentrations of the reactants is defined as

r̃ = k01 exp
(
− E

RTe
1

)(
Xe

A,1Xe
B,1 −

1
Kp(Te

1)
Xe

C,1Xe
D,1

)
, (21)
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Functions φ1i,j and φ2,j resulting from concentration and temperature distributions [64]
in the bubble zone, for which a quasi-steady state assumption is made, are described by
the following expressions

φ1i,j(Xe
i,j) =

B1i,j

B3i,j

(
exp(−B3i,j)− 1

)
·
(

Xe
i,j − Xb

i,j(z = 0, t)
)

, (22)

φ2,j(Te
j ) =

B2,j

B4,j

(
exp(−B4,j)− 1

)
·
(

Te
j − Tb

j (z = 0, t)
)

, (23)

where:
Xb

i,j(z = 0, t) = Xi f ,j and Tb
j (z = 0, t) = Tf ,j. (24)

Coefficients D1i,j and D2,j (i = A, B, C, D; j = 1, 2) in Equations (15)–(18), describing the
rate of the mass and heat interchange between the two beds, are defined as

D1i,j =
ρp

τp,j[εm f ,j + (1 − εm f ,j)(εp + ρp fadsKadsi,j)]
, (25)

D2,j =
a1,j

τp,j[(1 − εm f ,j)a1,j + εm f ,j]
, a1,j =

ρpcp

ρg,jcg,j
. (26)

where τp,j denotes mean residence time of the pellets in apparatus j, and is defined as

τp,j =
Sj Hj(1 − δj)ρp

Fmp
. (27)

The other parameters appearing in Equations (15)–(23) are defined as follows

a2i,j =
εm f ,jue,j

Hj[εm f ,j + (1 − εm f ,j)(εp + ρp fadsKadsi,j)]
, (28)

a3i =
(1 − εm f ,1)Cre f

εm f ,1 + (1 − εm f ,1)(εp + ρp fadsKadsi,1)
, a4 =

(1 − εm f ,1)C2
re f

(1 − εm f ,1 + εm f ,1/a1,1)ρpcp
, (29)

a5,j =
εm f ,jue,j

Hj [(1−εm f ,j)a1,j+εm f ,j ]
, B1i,j =

δj β
be
gi,j

(1−δj)[εm f ,j+(1−εm f ,j)(εp+ρp fadsKadsi,j)]
(30)

B2,j =
δj

(1 − δj)(1 − εm f ,j + εm f ,j/a1,j)

(
αbe

q,j

ρpcp
+ βbe

p,j

)
, B3i,j =

Hjβ
be
gi,j

ub,j
, (31)

B4,j =
Hj

ub,j

(
αbe

q,j

ρg,jcg,j
+ βbe

p,ja1,j

)
. (32)

Full description of a method for the determination of the hydrodynamic characteristics
of a fluidized bed, and other details related to the formulation of the mathematical model,
are given in references [59,64,65].

3.2. Solution Procedure

Given that the dual fluidized-bed reactor–regenerator system is meant to operate in a
continuous mode, the analysis is limited to steady-state behavior of the system. Determina-
tion of the parametric dependencies of state variables at steady state comes down to the
numerical resolution of Equations (15)–(18) with the time derivatives on the left-hand side
of the equations set to zero, and for a varying value of a selected model parameter. The
system of 10 nonlinear algebraic equations describing the behavior of the dual fluidized-
bed system was solved using the built-in function fsolve of MATLAB. The hydrodynamic
characteristic of the fluidized bed was determined following the algorithm reported in [64]
and submerged in the fsolve procedure. The algorithm can simultaneously calculate a
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dynamic bed height H, a diameter of bubbles db, a bubble rise velocity ub, and a volume
fraction of the bubbles in the fluidized bed δ. The parametric dependencies of the state
variables were determined using natural parameter continuation.

4. Conclusions

The analysis shows that a dual fluidized-bed reactor–regenerator system is an attrac-
tive solution that allows the SERPs to be run in continuous mode. Such an arrangement
can eliminate a problem inherently associated with sorption-enhanced processes run in
fixed-bed reactors, typically operating in transient and/or cyclic regime.

Anyhow, due to the complex hydrodynamics of the fluidized bed affecting both heat
and mass transfer, as well as the gas–solid contact time, and due to the strong temperature
dependence of the chemical reaction equilibrium constant and of the adsorption isotherm
equilibrium constant, the selection of the optimal operating parameters of the dual bed
system turns out to be a challenging task. Using a generic reversible chemical reaction
catalyzed by bifunctional pellets integrating catalytic active sites and adsorption sites as
an example, the effect of variations in selected parameters on the system performance
was illustrated. It was demonstrated that too-low values of the fluidization velocity may
lead to an excessive increase in the bed temperature, which cancels out the benefits of
incorporating adsorption sites into the pellet. On the other hand, too-short gas–solid
contact time may lead to the process extinction. Another critical parameter is the mean
residence time of the pellets in the regenerator: although high-enough values are required
to regenerate the pellets, this may also lead to their excessive cooling, which, in turn, may
lower the overall process rate. The model developed is a candidate for use in systematic
optimization procedures.
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Nomenclature

cg, cs specific heat of gas and solid, respectively, kJ·kg−1·K−1

C molar concentration, kmol·m−3

db effective bubble diameter, m
dp catalyst pellet diameter, m
Db,i diffusion coefficient of reactant i in the bubble zone, m2·s−1

De,i diffusion coefficient of reactant i in the emulsion zone, m2·s−1

Eads energetic parameter characterizing physical adsorption, kJ·kmol−1

E activation energy of chemical reaction, kJ·kmol−1

fads volume fraction of the pellet occupied by adsorption sites
fcat volume fraction of the pellet occupied by catalytic active sites
Fmp circulation rate of catalyst pellets, kg·s−1

∆h enthalpy of chemical reaction, kJ·kmol−1

H total height of a fluidized bed, m
k01 frequency coefficient in the Arrhenius equation, m3·kmol−1·s−1

Kads adsorption isotherm equilibrium constant, m3·kg−1

Kads,0 pre-exponential factor of the adsorption isotherm equilibrium constant, m3·kg−1

Kp chemical reaction equilibrium constant
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P pressure, Pa
q amount of reactant adsorbed on the adsorption sites, kmol·kg−1

r chemical reaction rate, kmol·m−3·s−1

R universal gas constant, kJ·kmol−1·K−1

∆s entropy change in the chemical reaction, kJ·kmol−1·K−1

S cross section of a fluidized bed, m2

t time, s
T temperature, K
u velocity, m·s−1

u0 superficial gas velocity, m·s−1

X dimensionless concentration
z dimensionless coordinate in a fluidized bed
Greek symbols
α

ij
q coefficient of heat interchange between zones i and j, kW·m−3·K−1

β
ij
g,k coefficient of interchange of reactant k between zones i and j, s−1

β
ij
p coefficient of catalyst particles interchange between zones i and j, s−1

δ volume fraction of bubbles in a fluidized bed
εmf void fraction of a fluidized bed at minimum fluidization conditions
εp porosity of a catalyst pellet
λg thermal conductivity of gas, kW·m−1·K−1

µg dynamic viscosity, Pa·s
ν stoichiometric coefficient
ρg gas density, kg·m−3

ρp density of catalyst pellets, kg·m−3

τp mean residence time of the pellets in the apparatus, s
Subscripts and superscripts
1, 2 refers to reactor and regenerator, respectively
b refers to bubble zone
bulk refers to bulk gas
e refers to emulsion zone
f refers to feed stream
mf refers to minimum fluidization conditions
p refers to catalyst particle
ref refers to reference conditions
t refers to terminal conditions
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