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Abstract: Research Highlights: As to fill the current knowledge gap and to deliver important findings
to the scientific community, efficient sulfur recovery from black liquor gasifier syngas, comprising
both gas cleaning and returning sulfur to the pulping process, was modeled and assessed from a
techno-economic viewpoint. This manuscript proves that the associated investment and operational
costs cannot be neglected and that they impact the black liquor gasification feasibility significantly.
To prove its gasification as a sustainable and more efficient processing route over its combustion in
recovery boilers, a substantial process efficiency improvement and operating costs reduction must be
targeted in future research. Background and Objectives: Sulfur compounds found in black liquor
partly turn into hydrogen sulfide during gasification and exit the gasifier in the syngas. Their efficient
recovery in their sulfidic form to the pulping process is of utmost importance. Current studies
focus on black liquor gasifier syngas desulfurization only. Materials and Methods: A mathematical
model of two H2S absorption units from a 66.7 tDS/h (1600 tons dry solids per day) black liquor
gasification process to 20 ppm H2S content in cleaned syngas using either white liquor plus NaOH or
N-methyldiethanolamine (MDEA) was created using the Aspen Plus simulation software. Results:
The results show that CO2 co-absorption significantly increases the lime kiln load: +20% in the
MDEA alternative and +100% in the other one. The MDEA alternative requires almost the same
investment costs but by around USD 9.7 million (>50%) lower annual operating costs compared
to the other one. Economic evaluation was based on the assumed discount rate of 5% and on the
expected plant operation time of 25 years. The estimated total investment cost of the whole plant is
around USD 170 million for both alternatives. The whole plant including this alternative exhibits a
positive net present value (over USD 19 million), an internal rate of return of 5% and a profitability
index of 1.12, whereas that with the other alternative is economically infeasible. Conclusions:
The MDEA-based syngas cleaning technology represents a more efficient and economically feasible
option of sulfur recovery. A major drawback of both modeled syngas cleaning technologies is that
their estimated annual operating costs significantly reduce the expected profit margin of gasification
over the traditional black liquor combustion in a recovery boiler. Syngas cleaning and sulfur recovery
have to be further optimized to reach a significant cut down in operational costs to improve the
economic feasibility of black liquor gasification.

Keywords: black liquor; gasification; syngas cleaning; sulfur recovery; operating costs

1. Introduction

Every year, the global energy demand is growing faster and it is expected to double by 2050 [1,2].
The primary world energy demand in 2018 represented 13.9 Gtoe (gigatons of oil equivalent), of which
about 89% were fossil fuels [3]. In the European Union, fossil fuels and other non-renewables stood for
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86% of the energy demand in the same year [4]. These data, together with the presented predictions
and the global warming problem, stress the urgency to focus on energy production from renewable
sources, environmentally friendly technologies and technologies with higher energy efficiency.

The increasing trend of using biomass as a source of energy and materials brings opportunities to
the pulp industry as it is a large source of biomass in the form of black liquor and wood residues [5].
This material is traditionally combusted in recovery boilers; however, black liquor gasification is studied
and developed as a modern way of waste utilization [6–9]. Gasification is a widely discussed and studied
process of waste and biomass processing to increase the energy efficiency of processes and to lower the
environmental impact of waste treatment [10,11]. Many studies on the black liquor gasification process
have been performed and some pilot plants have been installed and operated [7,12–14]. The produced
gas contains a significant portion of sulfur compounds [5,7,15]. Most modeling and computational
studies simply assumed sulfur removal by a non-specified method and did not solve the related
problem of returning this sulfur back to the process in white liquor [5,16,17].

A high sulfur content in biomass from pulp mills results from the pulping process where white
liquor (WL) (mixture of sodium hydroxide and sodium sulfide and other chemicals) is used for chemical
pulping [18]. These chemicals, together with lignin and other wood components or impurities, are
then separated from the pulp in washing units and concentrated in a series of evaporators to around
80–85% wt. This concentrated solution is called strong black liquor and it is traditionally combusted in
recovery boilers. In this process, sulfur compounds exit the recovery boiler in the form of smelt that is
converted back into white liquor. In the gasification process, however, a significant amount of sulfur is
converted into hydrogen sulfide which then exits the gasifier together with the produced gas. Sodium
sulfide and sodium hydroxide represent active components of white liquor in the pulping process
and the Na2S deficit has to be compensated by sodium hydroxide purchase, leading to operational
costs increase.

Thus, the effort to remove sulfur from the produced syngas from black liquor is driven by two
simultaneous needs: 1. to clean the syngas sufficiently before its further use as fuel in a gas turbine or
as feed for the production of chemicals; 2. to recycle the separated sulfur stream back to the pulping
process in a suitable form (active cooking chemical). While in industrial practice the first operation
is traditionally encountered in refining, petrochemistry, steelmaking or in biogas cleaning facilities,
analysis of the energy intensity and material efficiency of the second one has been far less studied
and relevant scientific studies focusing on this aspect particularly are missing. As to overcome this
scientific research and discussion absence and to convey relevant findings to the scientific and industrial
community, the presented work focuses on the integration of both sulfur cleaning and recovery in one
step. The goal of the study is to answer the following questions:

• What equipment is needed for efficient sulfur recovery and recycling in the pulping process?
Does it impact other production units involved in the pulping process in any way?

• What are the associated investment and operational costs?
• To what extent does sulfur recovery impact the economic feasibility of black liquor gasification

in general?

For analysis and comparison purposes, two possible absorbents were chosen and used in the Aspen
Plus simulation software for syngas cleaning and sulfur recycling in the cooking process. Using the
simulation results, investment and operating costs were estimated by Aspen Plus Economics as the
main source of information, together with data from various literature sources for price comparison.

Key findings from the presented analysis highlight its scientific contribution to a better
understanding and assessment of technologic and energetic issues resulting from black liquor
gasification:

• A significant amount of carbon dioxide present in the produced syngas can be absorbed along
with hydrogen sulfide and is recycled back to the pulping process with tremendous impact on the
lime kiln load to counterbalance the cooking liquor causticity reduction.
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• Weak N-methyldiethanolamine (MDEA) aqueous solution should be used preferentially as the
H2S absorbent due to its better selectivity compared to the direct syngas cleaning by absorption in
white liquor or in a sodium hydroxide solution.

• A complex system, comprising absorption, desorption and re-absorption columns, is needed to
efficiently recycle sulfur back to the pulping process.

• Estimated operational costs resulting from gas cleaning and sulfur recovery and recycling
drastically reduce the economic feasibility of black liquor gasification in general.

Paper organization is as follows: Section 2 introduces a model black liquor gasification process
followed by comparison of syngas cleaning options. Section 3 presents the process model in Aspen Plus,
the considered gas cleaning alternatives and the approach chosen for the process economic evaluation.
Section 4 shows the obtained results along with the related discussion, while the Conclusions section
sums up the key findings.

2. Gasification Process

The gasification process includes several necessary operations to produce clean gas that can be
used for combined heat and power or specialty chemicals production [6,7,19]. During the gasification
process, organic compounds in the biomass are converted into a gas containing mostly CH4, H2,
CO and CO2. Depending on the biomass type and source of the oxidizing agent, gas can contain also
sulfur compounds such as H2S and nitrogen compounds such as NH3 [8,15,20]. Two main types of
gasification exist: low-temperature and high-temperature gasification. Low-temperature gasification is
operated at temperatures below the melting point of inorganic salts in black liquor (600–850 ◦C) and
high-temperature gasification is operated at temperatures above this point (900–1000 ◦C) [6]. Melting
points of inorganic salts that can be present in black liquor are listed in Table 1. As the oxidizing agent
in the gasification process, pure oxygen, air or steam can be used [12].

Table 1. Melting points of inorganic salts presented in black liquor.

Salt Melting Point (◦C)

NaCl 801
Na2S 1176

Na2CO3 851
Na2SO4 884

K2S 840
K2CO3 891
K2SO4 1069

A simplified schematic description of the gasification process with gas cleaning and processing
is shown in Figure 1. Produced smelt exits the gasifier at the bottom and is further processed to
white liquor. Gas is first cooled down in a series of heat exchangers where steam is produced. As the
synthesis gas contains a significant amount of sulfur compounds (H2S), it has to be cleaned, which
is mostly performed by amine absorption. Clean gas can be further utilized for combined heat and
power production or poly-generation (heat, power and chemicals or biofuels production). A more
detailed description of this process is presented in following Sections 2.1 and 2.2.

One of the main problems of gasification modeling is tar production. When considering tar
production, it would be needed to simulate tar separation in a separate unit, together with possible
tar condensing and capturing in heat exchangers. In many works focused on gasification modeling,
the most common approximation/simplification does not consider tar production. This approximation
can be made in this paper as well, as the investment and operational costs of a tar separation unit
would be the same for both gas cleaning variants.
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Figure 1. Simplified scheme of black liquor gasification.

2.1. Model Gasification System

In this paper, gasification and gas cleaning processes modeling was attempted considering
high-temperature black liquor gasification at 3 MPa and 800 ◦C with pure oxygen as the oxidizing
agent [21,22]. The amount of black liquor was set to 1600 tons per day of dry solids (tpd DS),
which represent 85% wt. of black liquor. The temperature of black liquor and oxygen at the input
of the gasifier was set to 120 ◦C. The calculated amount of oxygen needed for the gasification is
28,068 kg/h. The overall material balance of the gasification process is shown in Appendix A Table A1.
Other black liquor parameters are summed up in Table 2. When modeling the gasification system,
several assumptions were made: the reactor was modeled as a Chemrec gasifier (gasifier model in
Aspen Plus simulation software) with a reactor part, where gasification takes place, and a quenching
part, where syngas from the reactor is quenched by a so-called weak wash (condensates from syngas
cooling in further heat exchangers) and cooled down to a temperature of about 200 ◦C; production of
tar was not considered in the simulation as tar separation would have the same economic impact on
both studied gas cleaning processes; and green liquor composition and sulfur distribution in green
liquor were set based on the composition of green liquor produced from black liquor combustion.
A large-scale pulp mill with such black liquor production typically needs around 2400 tpd of white
liquor for the chemical pulping process, which is produced in the causticizing unit of the chemical
recovery cycle. This part of the recovery cycle is better described in Section 3.1.

Table 2. Composition and properties of black liquor [15].

Property Value

Ultimate analysis (% wt. dry basis)
C 33.8
H 3.6
O 35.1
N 0.1
S 5.1

Na 20.1
K 2.2

Moisture (% wt.) 25
LHV (MJ/kg dry basis) 13.1

Simulation of the gasification process was performed using the Aspen Plus simulation software
(Aspen Plus V10, Aspen Technology Inc., Bedford, MA, USA). As the gasification is a complex process
which cannot be modeled as a single piece of equipment, it had to be treated in Aspen Plus as a series
of units and operations [8,15,23]. A scheme of the black liquor gasification process modeled in Aspen
Plus is shown in Figure 2. First, feed (black liquor) had to be broken into elements in BREAK units,
entering then, together with oxygen, the gasification reactor (GASIF). Products of gasification were
then quenched in Q1 and Q2. However, as a reaction occurs during this process, another reactor
(QUENCH) had to be implemented. Its input was half of the gas product from Q1 (as not all the gas
reacts in the quenching part due to the low residence time). This assumption was made to achieve
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the same results as models in the literature [8]. The gas was quenched by condensates from syngas
cooling in the next steps. During the cooling process, low-pressure and very low-pressure steam were
produced in heat exchangers.

Figure 2. Scheme of black liquor gasification model in Aspen Plus software.

The obtained composition of dry syngas is shown in Table 3. The lower heating value of syngas
was calculated as the sum of heating values of pure components in MJ/Nm3 (H2—10.8; CO—12.63;
CH4—35.85; H2S—21.8) multiplied by their volume ratios in syngas. A list of equipment and material
streams from Figure 2 is provided in Tables 4 and 5. Detailed gasifier operation data are provided in
Appendix A, Table A1.

For modeling purposes, the Gibbs reactor model was used together with the equilibrium
temperature set to 2017 ◦C, in order to obtain results similar to literature data mentioned before.
The approach temperature is commonly used in this case in such a simulation setup. The thermodynamic
model used for gasification modeling was the Peng–Robinson equation of state with Boston–Mathias
modification for physical properties estimation of conventional components. This model is commonly
used for gasification modeling in Aspen Plus [24,25].

Table 3. Composition and lower heating value (LHV) of produced syngas in the Aspen Plus model.

Component Dry Base (% vol.)

H2 28.39
CO2 38.5
CO 29.79
CH4 1.81
H2S 1.39
N2 0.12

LHV (MJ/Nm3) 7.8
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Table 4. Material and energy streams shown in Figure 2.

Material/Energy Stream Description

ELEM Black liquor is broken into single elements
FEED Black liquor feed (22.1 kg/s)

FW120 Boiling feed water at 0.20 MPa
FW150 Boiling feed water at 0.55 MPa

G1 Gasification products (syngas) before quenching
G2 Partly cooled syngas from C11 unit (before liquid separation)
G3 Partly cooled syngas from C21 unit (before liquid separation)
G4 Partly cooled syngas from C31 unit (before liquid separation)

GRN-LIQ Green liquor
LIQ1 Liquid phase after quenching in Q1 unit
LIQ2 Liquid phase after quenching in Q2 unit
LP1 Low-pressure steam (saturated steam at 0.55 MPa)

OXYGEN Oxygen feed to gasifier (7 kg/s)
Q-BRK Heat produced by breaking black liquor into elements
QW1 Water used for quenching in Q1 unit
QW2 Water used for quenching in Q2 unit

RAW-GAS Raw cooled syngas
RTF Syngas before quenching in Q2 unit

VAP1 Produced syngas before quenching in the gasifier section
VAP2 Syngas exiting the gasifier section
VAP3 Partly cooled syngas from C11 unit (after liquid separation)
VAP4 Partly cooled syngas from C21 unit (after liquid separation)
VLP Very low-pressure steam (saturated steam at 0.2 MPa)
VTF Part of the gas that does not react in QUENCH unit
VTR Part of the gas that reacts in QUENCH unit
W1 Condensate from C21 unit
W2 Condensate from C22 unit

Table 5. Equipment shown in Figure 2. Legend: HeatX—heat exchanger, RYield—yield reactor,
RGibbs—Gibbs reactor, FSplit—splitter, Flash2—flash drum. * Properties and purposes of block types
are well described in the Aspen Plus User Guide [26].

Equipment Name Block Type *

BREAK RYield
C11 HeatX
C12 Flash2
C21 HeatX
C22 Flash2
C31 Heater
C31 Flash2

GASIF RGibbs
GRN-MIX Mixer

Q1 Flash2
Q2 Flash2

QUENCH RGibbs
QW-MIX Mixer

VSPL FSplit

2.2. Gas Cleaning

Produced syngas contains up to 1.4% vol. of hydrogen sulfide due to the high sulfur content
in black liquor, which has to be separated to use syngas for chemicals production or combined heat
and power production, where the optimal content of H2S in fuel entering the gas turbine is about
20 ppmv [27–29]. Further, the sulfur dioxide content in flue gas is limited to about 15 mg SO2/Nm3

with 15% excess of oxygen at the standard condition [30]. No compressor needs to be installed as the



Forests 2020, 11, 1173 7 of 21

gas flows freely through the equipment along the pressure gradient. Several processes used for sulfur
compounds separation from a gas stream can be employed; however, another problem in the separation
process is the high amount of carbon dioxide present in syngas and its good absorption ability.

Table 6 shows a brief guideline for the selection of H2S and CO2 removal processes. The dividing
line between low (L) and high (H) represents 20 MMscfd (22,318 Nm3/h) for plant size, 100 psia
(689 kPa) for partial pressure and 10 tons/day for sulfur capacity [31].

Table 6. Guideline for selection of H2S and CO2 removal processes [31]. Legend: H = high (plant
capacity); L = low (plant capacity).

Type of Process
Acid Gas

Plant Size Partial Pressure Sulfur Capacity
H2S CO2

Absorption in alkaline solution + + H L H
Physical absorption + + H H H

Absorption/oxidation + − H L L
Dry sorption/reaction + − L L L

Membrane permeation + + L H L
Adsorption + + L L L

Methanation − + L L −

One of the most common ways of cleaning acid gases is absorption with two different types
of absorption: physical and chemical absorption. The most common absorbents used for acid gas
absorption are sodium hydroxide and amines, such as diethanolamine (DEA), N-methyl diethanolamine
(MDEA) or ethanolamine (ETA or MEA) [31,32]. In pulp and paper mills, white liquor can be used
as a source of sodium hydroxide [33]. Other absorbents that can be used in syngas cleaning are
so-called Selexol (mixture of dimethyl ethers and polyethylene glycol) and Rectisol (cold methanol at
−40 ◦C) [34], which are supposed to remove almost all H2S and CO2 from the inlet gas in separated
streams [31,34]. Another option of gas cleaning is adsorption with zinc oxide or iron oxides used for
low-temperature adsorption [35]. When using low-cost adsorbents such as dolomite, limestone or
CaO, the temperature of the inlet gas has to exceed 600 ◦C, mostly in the range of 900–1000 ◦C [36,37],
which is not feasible for the gasification process where the syngas exiting the gasifier has a temperature
of around 200 ◦C. The temperature of syngas exiting the gasifier, however, varies based on the type of
gasifier. In some cases, for example, avoiding syngas quenching right after the gasification section,
the syngas temperature at the output of the gasifier can be up to 900 ◦C, and using low-cost adsorbents
is more suitable.

3. Modeling of Syngas Cleaning and Sulfur Recovery

In the model of gas cleaning, two absorbents were chosen—white liquor together with sodium
hydroxide solution and MDEA solution. In the syngas cleaning modeling in Aspen Plus or HYSYS
simulation softwares, the Aspen Plus simulation software was preferred as it can estimate the Murphree
efficiency for H2S and CO2 absorption correctly [38].

For modeling in Aspen Plus, three common thermodynamic models to include electrolytes in the
solution (ELECNRTL, ENRTL-RK and ENRTL-SR) can be applied [39–41]. The ELECNRTL model
is more versatile as it can handle all kinds of solvent systems as well as very low and very high
concentrations. ENRTL-RK and ENRTL-SR modes represent an improved ELECNRTL method for
better prediction of vapor phase properties [39,40]. The ENRTL-RK thermodynamic model is also
widely used in models with aqueous solutions, like in our case with white liquor, NaOH solution or
MDEA solution. Therefore, for the purpose of this work, the ENRTL-RK thermodynamic model with
an equilibrium-based approach was used as such a model is best suited for the analyzed system.

For syngas purification equipment modeling, the RadFrac calculation model in Aspen Plus was
used. Equilibrium calculation coupled with Murphree efficiency [38] was adopted.
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3.1. Absorption in Alkaline Solution

Syngas cleaning using alkaline solution employs two absorption columns, as shown in Figure 3.
In the first column, white liquor was used as the absorbent and in the second one, sodium hydroxide
solution was used, as the use of white liquor solely did not suffice to clean syngas to the set purity
of 20 ppm. To lower the amount of used fresh sodium hydroxide solution in the second absorption
column, recycling of the outlet stream was implemented. Temperatures of syngas and white liquor
at the entrance to the first absorption column were both set to 100 ◦C and that of sodium hydroxide
entering the second column was set to the same value as that of syngas exiting the first column.
The temperatures were thus set to avoid lower cleaning efficiency at lower temperatures resulting
from sensitivity analysis (Figure 4). The share of individual inorganic compounds in white liquor used
in the simulation is shown in Table 7. Detailed operation data of the white liquor column and of the
NaOH column are provided in Appendix A, Tables A2 and A3, respectively.

Figure 3. Scheme of syngas cleaning using white liquor and NaOH solution.

Figure 4. Concentration of H2S in cleaned gas depending on the temperature of white liquor at inlet
NaOH solution temperature set to 160 ◦C (a), and on the temperature of inlet NaOH solution at inlet
white liquor temperature set to 100 ◦C (b), both for constant white liquor flow rate.
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Table 7. Content of inorganic compounds in typical white liquor [42].

Component c (g/L)

NaOH 90
Na2S 39

Na2CO3 26.2
Na2SO4 8
Na2S2O3 4
Na2SO3 0.9

Equations (1)–(4) represent reactions considered in the absorption columns [39].

H2S + NaOH→ NaHS + H2O (1)

NaHS + NaOH→ Na2S + H2O (2)

CO2 + NaOH→ NaHCO3 (3)

NaHCO3 + NaOH→ Na2CO3 + H2O (4)

As the spent white liquor and sodium hydroxide solution contain high amounts of sodium
carbonate and a very low to almost zero amount of unreacted sodium hydroxide, sodium hydroxide
has to be recovered in the so-called causticization process, where the reaction in Equation (5) takes
place [33]:

Na2CO3 + CaO + H2O→ 2 NaOH + CaCO3 (5)

Produced lime mud (CaCO3) is calcined in a rotary lime kiln at the temperature of around 850 ◦C
(Equation (6)).

CaCO3→ CaO + CO2 (6)

High temperature in the lime kiln is achieved by combustion of natural gas. Material and energy
balance of the lime kiln were calculated in Excel to evaluate the economic aspect of this process. Around
5.8 GJ of fuel energy is needed to produce 1 ton of CaO in the lime kiln [43].

3.2. Absorption in MDEA Solution

As an alternative to white liquor and sodium hydroxide solution, amine solution can be used.
Equations (7)–(11) represent reactions occurring in the absorption of hydrogen sulfide and carbon
dioxide in MDEA [30]:

CO2 + MDEA + H2O↔MDEAH+ + HCO3
− (7)

HCO3
−
↔ CO3

2− + H+ (8)

H2S + MDEA↔MDEAH+ + HS− (9)

H2S↔ HS− + H+ (10)

MDEA + H+
↔MDEAH+ (11)

A 10% wt. MDEA solution was used, whose concentration is supposed to be the best for
co-absorption of the lowest amount of CO2 from syngas according to the literature [44], and this was
later confirmed by our calculations. The temperature of both syngas and lean amine entering the
column was set to 40 ◦C. Pressure in the desorption column was set to 2 bar. Off-gas, containing H2S
and CO2 absorbed in absorption column from the syngas, can be dissolved in white liquor on its way
to the calcination unit. The amine absorption process is more complex than the described absorption in
alkaline solution which can be also seen in Figure 5. Detailed operation data of the MDEA absorption
column are provided in Appendix A, Table A4.
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Figure 5. Scheme of syngas cleaning and MDEA regeneration (a) and the corresponding Aspen Plus
scheme (b).

3.3. Economic Analysis

For the economic analysis and equipment price calculation, Aspen Plus Economics was used,
however, some of the equipment like the gasifier must be evaluated using literature data. Equipment
costs from Aspen Plus are compared to those evaluated by the exponential method based on existing
cost data of the same equipment with different capacity. An indexation method using the Marshall and
Swift (M&S) or the Chemical Engineering Plant Cost Index (CEPCI) indices [45,46] and the exponential
method for equipment of different capacity were also used in the economic analysis. Equations (12)
and (13) represent the indexation and exponential methods for cost estimation:

Cpresent = Cpast
CIpresent

CIpast
(12)

C2 = C1

(
q2

q1

)n

(13)

where Cpresent and CIpresent are the cost of the equipment and the cost index (CEPCI or M&S) in the
present, Cpast and CIpast are the known cost of the equipment in the past and the cost index for the same
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year, respectively, and C1 and C2 represent the cost of equipment with capacity q1 and q2, respectively.
The scaling factor, n, typically ranges between 0.5 and 0.7 depending on the equipment, with an average
in the chemical industry of 0.6 [45].

Direct and indirect capital costs employed in the economic evaluation were estimated using the
so-called Baumann multiple-factor method (Equation (14)).

CFC = Ceq

1 +
∑

i

fi

 (14)

where CFC represents fixed capital cost, Ceq represents equipment cost and fi represents Baumann
factors for direct or indirect capital cost estimation (Table 8).

Table 8. Baumann factors for direct and indirect capital costs estimation [46].

Direct Costs Factor fi

Mounting 0.47
Measuring and regulation 0.36
Piping 0.68
Electrical equipment 0.11
Buildings 0.18
Terrain adjustment 0.1
Energetics + auxiliary equipment 0.4

Total direct costs (fD) 2.3

Indirect costs

Design and supervision 0.33
Construction costs 0.41
Legalization fees 0.04
Fees to contractors 0.22
Reserves 0.44

Total indirect costs (fN) 1.44

Economic feasibility of the analyzed gasification plant including the proposed gas cleaning
variants was evaluated based on net present value (NPV), internal rate of return (IRR) and profitability
index (PI) indicators. A discount rate of 4% and a lifetime of the whole plant of 25 years were assumed.
The first two years of it were assumed as the time needed for plant erection and successful start.

4. Results and Discussion

The amount of 69,482 kg/h of dry syngas with the composition shown in Table 3 is produced by
gasification of 1600 tpd (66,700 kg/h) DS of black liquor. Syngas leaving the gasifier contains 60% wt.
of water. After cooling down to 100 ◦C, the water content in the gas represents 2.7% wt. By cooling the
syngas, low-pressure and very low-pressure steam is produced in the amount of 36,000 and 18,000 kg/h,
respectively. Feed water enters heat exchangers at the temperature of boiling water. This steam has
many applications in pulp and paper mills, such as paper machines or deaerators of fresh water, as well
as in the MDEA desorption column.

As the gasification process operates at 3 MPa, pressure losses in the gas cooling part of 0.3 to
0.4 MPa are assumed and thus the pressure in the absorption columns is estimated to be 2.7 to 2.6 MPa.

4.1. Absorption in Alkaline Solution

As white liquor is used to chemically produce pulp in a pulp mill, it can be potentially used as
an absorbent in the syngas cleaning process. A 1600 tpd DS of black liquor-sized pulp mill needs
approximately 100,000 kg/h of white liquor for chemical pulping. According to simulations, this whole
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amount of white liquor has to be used to clean the syngas to 0.5% vol. H2S. Additional sodium
hydroxide solution use decreases the hydrogen sulfide content down to 20 ppm. For this purpose,
21,500 kg/h of 15% wt. sodium hydroxide solution was used with a 25% recycle rate. Compared to a
system without the recycle stream, this can save up to 15% of fresh sodium hydroxide solution, which
represents around 4000 kg/h of fresh sodium hydroxide solution. Complete results of simulations
together with input parameters are shown in Table 9.

Table 9. Operating data and simulation results of white liquor and NaOH acid gas absorber. * model
input parameters.

Parameter White Liquor Column NaOH Column

Inlet gas flow rate (kg/h) 69,482 * 60,918
Outlet gas flow rate (kg/h) 60,918 60,648
Inlet liquid flow rate (kg/h) 100,000 * 21,500

Outlet liquid flow rate (kg/h) 108,562 21,769
Recycled NaOH (kg/h) - 7256

Inlet gas temperature (◦C) 100 * 163
Inlet liquid temperature (◦C) 100 * 160

H2S inlet gas composition (%mole) 1.3 0.5
H2S outlet composition (ppm) 5050 20 *
CO2 absorbed amount (kg/h) 16,772 2241

Number of stages 20 20
Stage efficiency 0.8 * 0.8 *

Recycle inlet stage - 11

As a large portion of CO2 from syngas is absorbed into white liquor and fresh sodium hydroxide
solution, these solutions have to be calcined. However, due to the high amount of absorbed CO2,
a lime kiln with the production capacity of 22,000 kg of CaO/h would be needed, which highly exceeds
the possible spare capacity of the existing lime kiln in a 1600 tpd DS of black liquor-sized pulp mill.
This amount is roughly the same as the capacity of the existing lime kiln. Thus, an additional lime kiln
with this capacity is needed to process all white liquor, therefore providing white liquor for both the
digestion unit and syngas cleaning unit.

4.2. Absorption in MDEA Solution

When using MDEA solution as the absorbent, a temperature range of 30 to 40 ◦C for inlet streams
is recommended [44] due to amine decomposition at a higher temperature in the absorption column at
a higher inlet temperature. Cooling syngas from 100 to 40 ◦C can be achieved either with a combination
of process water from the paper mill and cooling water, or only using cooling water. Parameters of
absorption and desorption columns, together with simulation results, are shown in Table 10.

The off-gas leaving flash drum and desorption column contain mainly CO2 and H2S absorbed
into amine. As sulfur is to be recycled back into the recovery cycle in the form of sulfide in white
liquor, this gas can be directly absorbed into white liquor without further separation of CO2. This is
possible due to the lower amount of CO2 in the off-gas compared to using white liquor and sodium
hydroxide solution as absorbents. The use of 10 t/h of white liquor suffices to absorb all hydrogen
sulfide, while the majority of CO2 remains in the gas phase. The remaining gas containing CO2, H2O
and small amounts of CO and CH4 can be mixed with clean syngas, or, to avoid its compression to high
pressure, it can be co-combusted in a steam boiler. Thus, only 4 t/h of CO2 is absorbed in white liquor.
The associated production increase in CaO in the lime kiln is 4600 kg/h, which represents around 21%
of its current load. If the existing lime kiln has such spare capacity, the amount of white liquor or
NaOH solution used for this absorption can be processed without the need for a lime kiln revamp or a
new lime kiln construction.
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Table 10. Operating data and simulation results of MDEA acid gas absorber. * model input parameters.
MDEA = N-methyl diethanolamine.

Absorption Desorption

Parameter Value Parameter Value

Inlet gas flow rate (kg/h) 65,695 * Inlet liquid flow rate (kg/h) 49,726
Inlet liquid flow rate (kg/h) 43,850 Inlet liquid temperature (◦C) 80.1
Outlet gas flow rate (kg/h) 54,270 Outlet liquid temperature (◦C) 120.8

Outlet liquid flow rate (kg/h) 55,275 Total reboiler duty (MW) 15.6
Inlet gas temperature (◦C) 40 * Reboiler duty (MJ/kgabs. H2S) 49.4

Outlet gas temperature (◦C) 83 Condenser heat duty (MW) 12.9
Outlet liquid temperature (◦C) 71.3 Outlet gas flow rate (kg/h) 6908

Amine concentration (%wt.) 10.0 * Outlet gas composition (%wt.):
H2S outlet gas composition (ppm) 20 * CO2 85.8

CO2 absorbed amount (kg/h) H2S 8.1
Number of stages 10 H2O 4.9

Stage efficiency 7 CH4 0.9
0.8 * CO 0.3

Number of stages 12
Stage efficiency 0.8 *

Based on the results, efficiencies of gas purifying as the ratio between the amount of absorbed H2S
or CO2 and the amount of H2S or CO2 in the inlet stream can be calculated. These efficiencies are shown
in Table 11. Together with these, the ratio between absorbed H2S and the sum of absorbed H2S and
CO2 can be calculated and represents 5.6% for WL + NaOH absorption and 9.8% for MDEA absorption.

Table 11. Efficiencies of H2S and CO2 cleaning in %. WL = white liquor.

WL + NaOH MDEA

H2S 99.2 99.2
CO2 44.2 25.3

4.3. Economic Evaluation

Larson et al. [47] estimated the capital cost of a gasifier processing 2458 tpd DS to be 46.64 million
USD2002. Equations (12) and (13) with the scaling factor, n, equal to 0.6 and CEPCI indices for 2019
and 2002 equal to 607.5 [48] and 395.6 [49], respectively, estimate the gasifier cost to be 55.36 million
USD2019. The investment cost of the air separation unit providing pure oxygen for the black liquor
gasification process can be estimated to be 51.3 million USD2019 using data from López et al. [50].
Specific energy consumption for pure oxygen production can vary between 0.6 and 1.2 kWh/Nm3

O2 [51,52].
Investment costs related to the gas cleaning process were estimated by the Aspen Process

Economic Analyzer and some values were checked by estimating the equipment cost with other
available data [45,46]. A total of 8500 working hours per year were assumed. Results of the investment
cost evaluation are shown in Table 12. All the following costs are based on the 2019 dollar value.

As documented in Table 12, the estimated total investment costs for white liquor absorption
system purchase are markedly higher than those for MDEA absorption system purchase. This is
mainly caused by the necessity of increasing the causticizing plant capacity. Annual operating costs
together with applied utility costs are shown in Table 13. Other costs amounting to 5% of the total
investment cost annually include maintenance costs and other unspecified costs. As it is seen in
Table 12, the estimated total annual costs for the MDEA unit are about USD 9.7 million lower than for
the alkaline unit.
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Table 12. Installed capital costs (in thousands USD2019) estimated for white liquor + NaOH and
MDEA-based gas cleaning systems. * estimated from Vertical-shaft Limekiln Technology [53].

WL + NaOH MDEA

Absorption units 407 261
Desorption unit 0 295
Heat exchangers 0 50
Pumps 70 54
Flash vessel 0 50
Piping, auxiliaries, regulation 964 1434

Subtotal, direct costs 1441 2144

Design and supervision 157 234
Construction costs 196 291
Legalization fees 19 28
Fees to contractors 105 156
Reserves 210 312

Subtotal, non-direct costs 687 1021

Additional lime kiln 1700 * 0

Total investment cost 3828 3165

Table 13. List of utilities and operating costs estimation.

Utility
Amount Cost per Unit

[USD/unit]
Annual Cost [Thousand USD]

WL + NaOH MDEA WL + NaOH MDEA

Electricity [kWh/h] 73 50 0.06 51 26
Natural gas [t/h] 2.55 0.47 230 4985 926

Steam [t/h] 0 27 20 0 4590
Cooling water [t/h] 0 50 0.1 0 43

NaOH [t/h] 3.2 0 500 13,600 0
MDEA [t/h] 0 0.5 1000 0 3400

Other operating costs (5 % of investment costs annually) 191 158

Total annual costs [thousand USD] 18,827 9143

The combined cycle cost including auxiliaries for a 1600 tpd DS-sized integrated gasification
combined cycle can be estimated based on [54] as 60.6 million $2019, while such system produces
59.8 MW power net (gross power output of gas and steam turbine minus internal power consumption
including the air separation unit). Economic evaluation of the whole gasification and power production
plant, including the syngas cleaning and sulfur recovery system, is presented in Tables 14–16.

Table 14. Installed capital costs (in thousands USD2019) for the whole plant.

WL + NaOH MDEA

Gasifier 55,360

Air separation unit 51,300

Combined cycle 60,600

Gas cleaning and sulfur recovery 3828 3165

Total investment cost 171,090 170,430
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Table 15. Cash flow estimation (in thousands USD/year) for the whole plant.

WL + NaOH MDEA

Income from power production 30,500

Gas cleaning and sulfur recovery costs (Table 13) 18,636 8985

Other operating costs (5% of investment costs annually) 8560 8525

Cash flow 3302 12,988

Table 16. Economic evaluation for the whole plant. IRR = internal rate of return, NPV = net present
value, PI = profitability index.

WL + NaOH MDEA

Total investment cost (thousands USD) 171,090 170,430

Cash flow (0th and 1st year) (thousands USD) −85,600 −85,250

Cash flow (2nd to 25th year) (thousands USD) 3302 12,988

Discount rate 4%

NPV (thousands USD) −120,260 19,813

IRR - 5%

PI 0.298 1.116

As can be seen from Tables 14–16, there is an insignificant difference between the total capital cost
for the whole plant for the two analyzed gas cleaning and sulfur recovery variants. The MDEA-based
variant achieves far better economic parameters, due to significantly lower operation costs, mostly due
to much lower chemicals consumption. It can achieve a positive NPV value of over USD 19 million,
while the other variant is economically infeasible. This provides a final proof that an efficient solution
of the problem of successful sulfur recovery from syngas is crucial for the success of the whole black
liquor gasification concept. However, even this is not enough if a higher discount rate or a lower
electricity price is considered.

The final comparison of pros and cons of the studied processes is presented in Table 17.

Table 17. Comparison of the absorption systems.

NaOH MDEA

Pros

• White liquor and NaOH are part of the
recovery cycle

• H2S directly returned to the cycle in the form
of Na2S

• High H2S to CO2 selectivity
• Low amounts of absorbed CO2
• Lower investment costs
• Improves the whole BL gasification

concept’s economic attractivity

Cons

• Low H2S to CO2 selectivity
• High amounts of absorbed CO2
• Large equipment size—high investment costs
• Higher operational costs

• Higher complexity of the unit
• Need for H2S recycle—additional gas

reabsorption column needed

Key findings from the presented analysis include:

• A significant amount of carbon dioxide, present in the produced syngas, can be absorbed along
with hydrogen sulfide and recycled back to the pulping process. This is unwanted as it reduces
the white liquor causticity and subsequently increases the lime kiln load to counterbalance
it. Additional lime kiln fuel consumption associated with this aspect is significant and cannot
be neglected.

• MDEA aqueous solution should be used preferentially as the H2S absorbent as it reduces the
co-absorbed amount of CO2 by more than 80% compared to syngas cleaning directly by absorption
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in WL or in sodium hydroxide solution. The required H2S content of 20 ppm in the cleaned
gas is achieved in both alternatives. The direct WL/NaOH absorption alternative requires a new
lime kiln to be built and operated. A moderate decrease in the associated investment cost can
be achieved if the lime kiln capacity is increased or the old lime kiln replacement is planned,
for example, due to a planned increase in the paper mill production capacity.

• The estimated total annual costs for gas cleaning, sulfur recovery and recycling technology in
a 1600 tpd DS black liquor gasification plant amount to 9.1 and 18.8 million USD/year for the
MDEA and the white liquor/NaOH alternative, respectively. Including the syngas cleaning and
sulfur recovery technology in the techno-economic black liquor gasification assessment thus
leads to a drastic reduction in its economic feasibility. Nevertheless, with a 4% discount rate
and a 25 year-lasting evaluation period, the gasification plant including the MDEA alternative
reaches a positive (over USD 19 million) NPV, an IRR of 5% and a PI of 1.12, while that with
the other alternative is economically infeasible. Furthermore, the carbon footprint associated
with the increased lime kiln load and the purchase of make-up chemicals counteracts the GHG
emissions reduction due to increased electric energy production of the integrated gasification
cycle compared to the recovery boiler + steam turbines cycle. Further research aimed at significant
cuts in the syngas cleaning and sulfur recovery technology operational costs and carbon footprint
is necessary to prove black liquor gasification technology as a more sustainable, energy-efficient
and environmentally friendly option. Until then, traditional black liquor combustion in recovery
boilers represents a more sustainable option.

5. Conclusions

During the gasification process, a significant amount of sulfur from black liquor is converted into
hydrogen sulfide and leaves the gasifier together with the produced syngas. According to calculations,
the amount of sulfur leaving the system in the form of H2S represents around 33% of the black liquor
sulfur content. However, this sulfur has to be returned back to the process in the form of sodium
sulfide, as it is one of the active cooking chemicals in the chemical pulping process. For a syngas
cleaning unit in a 1600 tpd black liquor-sized pulp mill with an integrated gasification system, two
absorption systems with different solutions were chosen and compared. In the first case, a solution of
sodium hydroxide in the form of white liquor and fresh NaOH solution were used, while in the second
case, a 10% solution of N-methyl diethanolamine (MDEA) was used for gas cleaning targeting the final
H2S concentration of 20 ppm in the cleaned gas. Thus, in both cases, the amount of processed gas and
the output concentration of H2S were set to the same values, allowing for their fair techno-economic
comparison. Co-absorption of CO2 impacts the whole pulping technology negatively as the resulting
cooking liquor alkalinity decrease has to be counterbalanced by a lime kiln load increase of around
20% (MDEA alternative) or of around 100%. A new lime kiln has to be commissioned considering the
WL + NaOH alternative. The most important difference between the two studied cases is therefore in
the investment and operational costs, which are significantly higher for the NaOH cleaning system
and thus the amine system shows better performance for gas cleaning. This is mostly caused by the
higher selectivity of the used amine (MDEA) than of NaOH resulting in a lower amount of absorbed
carbon dioxide, which eliminates the need for a substantial capacity increase of the causticization unit
of the pulp mill. The estimated total annual operating costs of an MDEA cleaning unit are around USD
9.7 million (>50%) lower than those of an alkaline absorption unit and the whole plant including the
MDEA unit reaches an NPV of over USD 19 million, an IRR of 5% and a PI of 1.12, while a plant with
the alkaline absorption unit is economically infeasible. Additionally, the associated carbon footprint
and the achievable GHG emissions reduction compared to the recovery boiler plus steam turbines
system are reduced. As a result, the economics of the whole black liquor gasification concept are
affected negatively, its sustainability is questionable and thus syngas cleaning and sulfur recovery costs
decrease-aimed research is actual and relevant.



Forests 2020, 11, 1173 17 of 21

Author Contributions: Conceptualization, M.V. and J.J.; methodology, M.V. and M.H.; software, M.H.;
validation, M.H. and J.J.; investigation, M.V. and M.H.; resources, J.H.; writing—original draft preparation,
M.H.; writing—review and editing, M.V., J.H. and J.J.; visualization, M.H.; supervision, J.H.; funding acquisition,
J.H. All authors have read and agreed to the published version of the manuscript.

Funding: This work was financially supported by the Slovak Research and Development Agency, under the
contracts No. APVV-15-0148 and APVV-18-0134, by the Slovak Scientific Agency, Grant No. VEGA 1/0659/18 and
by the Slovak University of Technology in Bratislava within the Young Scientist Support Program 2020.

Conflicts of Interest: The authors declare no conflict of interest. The funders had no role in the design of the
study; in the collection, analyses, or interpretation of data; in the writing of the manuscript, or in the decision to
publish the results.

Abbreviations

List of Symbols
BL black liquor
C, Ceq cost of equipment (USD)
CEPCI Chemical Engineering Plant Cost Index
CFC fixed capital cost (USD)
CI cost index
DS dry solids
f Baumann factor
GHG greenhouse gases
IRR internal rate of return (%)
M&S Marshall and Swift cost index
MDEA N-methyl diethanolamine
n scaling factor
NPV net present value (USD)
PI profitability index
q equipment capacity
tpd tons per day
WL white liquor

Appendix A

Table A1. Detailed gasifier operation simulation results.

To Gasifier From Gasifier

Black Liquor Oxygen Syngas Green Liquor

Temperature [◦C] 120 120 100 246
Pressure [MPa] 3 3 2.8 2.8

Mass flow [kg/h] 79,560 25,200 69,482 35,278
Composition [% wt]:
Black liquor solids 0.85 - - -

H2O 0.15 - 0.0271 0.5408
O2 - 1 - -
N2 - - 0.0013 -
H2 - - 0.0208 -
CO - - 0.3045 -
CO2 - - 0.6183 -
CH4 - - 0.0106 -
H2S - - 0.0173 -

S - - - 0.0427
Na - - - 0.287
K - - - 0.1181

K2CO3 - - - 0.0052
NaCl - - - 0.0062
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Table A2. Detailed white liquor column operation simulation results.

WL Column Gas in White Liquor in Gas out White Liquor out

Temperature [◦C] 100 100 163 106
Pressure [MPa] 2.8 2.8 2.7 2.7

Mass flow [kg/h] 69,482 100,000 60,919 108,563
Composition [% wt]:

H2O 0.0271 0.7442 0.1789 0.6016
N2 0.0013 - 0.0013 0.0001
H2 0.0208 - 0.0237 -
CO 0.3045 - 0.3465 0.0004
CO2 0.6183 - 0.4298 0.0127
CH4 0.0106 - 0.0121 -
H2S 0.0173 - 0.0077 0.0011

Na2CO3 - 0.0398 - 0.0367
Na2SO4 - 0.0122 - 0.0112
Na2S2O3 - 0.0061 - 0.0056
Na2SO3 - 0.0014 - 0.0013

Na+ - 0.1135 - 0.1046
HS− - 0.0005 - 0.0286

HCO3
− - - - 0.1685

OH− - 0.0584 - -
CO3

2− - - - 0.0276
S2− - 0.0239 - -

Table A3. Detailed NaOH column operation simulation results.

NaOH Column Gas in NaOH in Clean Gas out NaOH out

Temperature [◦C] 163 160 164 160
Pressure [MPa] 2.7 2.7 2.6 2.6

Mass flow [kg/h] 60,917 21,500 60,648 21,769
Composition [% wt]:

H2O 0.1789 0.85 0.22 0.7545
N2 0.0013 - 0.0013 -
H2 0.0237 - 0.0237 -
CO 0.3465 - 0.3479 0.0006
CO2 0.4298 - 0.3949 0.0066
CH4 0.0121 - 0.0121 -
H2S 0.0077 - 2.10−5 0.0003

NaOH - 0.0862 - -
Na+ - - - 0.0851
HS− - - - 0.0183

HCO3
− - - - 0.0818

OH− - 0.0638 - -
CO3

2− - - - 0.0509
S2− - - - 0.0019
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Table A4. Detailed MDEA absorption column operation simulation results.

Syngas MDEA in Clean Gas MDEA out

Temperature [◦C] 40 40 83 71
Pressure [MPa] 2.8 2.8 2.7 2.7

Mass flow [kg/h] 65,695 43,850 54,270 55,275
Composition [% wt]:

H2O 0.0015 0.9 0.0166 0.6875
N2 0.0014 - 0.0018 -
H2 0.022 - 0.0266 -
CO 0.3214 - 0.3798 0.0093
CO2 0.625 - 0.5652 0.159
CH4 0.011 - 0.0099 0.0033
H2S 0.0174 - 2.10−5 0.0204

MDEA - 0.0998 - -
MDEA+ - 0.0002 - 0.08

HS− - - - 0.0002
HCO3

− - - - 0.0403
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