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Abstract 

This work presents an integrated experimental and modeling study of post-combustion 
CO2 capture using polysulfone hollow-fiber membranes in a three-module «Continuous 
Membrane Column» cascade. Polysulfone hollow fibers were fabricated by dry–wet spin-
ning, defect-healed with silicone, and characterized using both single gases and a humid 
four-component flue-gas mixture containing N2/O2/H2O/CO2 = 73.0/4.4/11.0/11.6 mol.%. 
The selected membrane exhibited a mixed-gas CO2 permeance of 117 GPU with CO2/N2 
and O2/N2 selectivities of 21.3 and 4.1, respectively. These experimentally determined 
transport parameters were implemented directly in an Aspen Plus model of the cascade. 
Two complementary simulation cases were considered: a process-scale calculation used 
for membrane-area sensitivity analysis and a laboratory-scale calculation using the actual 
membrane areas and feed-flow range employed in the experiments. In contrast to our pre-
vious studies, which were limited to process simulation, the present work extends the 
«Continuous Membrane Column» concept to full experimental validation using inde-
pendently fabricated hollow-fiber membranes and a humid multicomponent feed. Both 
simulation scales predicted essentially the same characteristic behavior, with increasing 
overall stage cut leading to higher CO2 recovery, lower residual CO2 concentration, and 
reduced product purity. At the upper part of the investigated stage-cut range, the exper-
imental CO2 recovery reached approximately 80–81%, compared with approximately 82–
83% predicted by the laboratory-scale model; the residual CO2 concentration decreased 
below 1 mol.% experimentally, compared with approximately 1.8–1.9 mol.% predicted, 
while the product CO2 concentration was approximately 67–70 mol.% experimentally and 
approximately 68–70 mol.% in the simulation. The results demonstrate that the model 
correctly reproduces the principal purity–recovery trade-off and the relevant operating 
window, while the remaining quantitative deviations indicate the influence of non-ideal 
hydrodynamic and engineering effects not captured by the idealized membrane-module 
description. 
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1. Introduction 
Carbon capture, utilization and storage (CCUS) is an important component of decar-

bonization strategies for stationary and energy-intensive emission sources. Post-combus-
tion capture is particularly attractive for retrofit applications, but the low CO2 concentra-
tion (typically 10–15 mol.%) and near-atmospheric pressure of flue gas make the separa-
tion intrinsically challenging [1–5]. Practical capture technologies must therefore combine 
separation efficiency with scalability, moderate energy demand, and compatibility with 
continuous operation [6–8]. 

Amine absorption remains the reference post-combustion technology but requires 
substantial regeneration energy and is affected by corrosion and solvent degradation 
[2,5,9]. Adsorption, cryogenic separation, and hybrid approaches likewise involve pres-
sure, temperature, or regeneration constraints [8,10]. These limitations have stimulated 
strong interest in membrane-based CO2 capture. 

Membrane separation is attractive because it is continuous, modular, reagent-free, 
and does not require thermal sorbent regeneration [1,3,11]. Post-combustion operation 
nevertheless requires high CO2 permeance and selectivity, stability in humid streams, me-
chanical integrity, and scalability [6,7,12]. Although many advanced membrane materials 
show high laboratory performance, their translation to large-area industrial modules re-
mains challenging [4,12,13]. 

Process configuration is equally important because the low CO2 partial pressure re-
quires feed compression, permeate evacuation, or both. Excessive feed compression is en-
ergetically unfavorable, whereas deep vacuum increases equipment size and operating 
costs [14–16]. Consequently, multistage systems, recycle streams, sweep configurations, 
and moderate compression/vacuum combinations have been widely investigated [17–20], 
and membrane permeance, selectivity, area, pressure ratio, and stage cut must be consid-
ered jointly [15,21,22]. 

Merkel et al. demonstrated that highly permeable CO2-selective membranes can be-
come competitive when integrated into an appropriately designed post-combustion pro-
cess [23]. The subsequently developed Polaris™ technology progressed to pilot-scale test-
ing with actual power-plant flue gas [24,25], while other pilot studies using fixed-site-car-
rier and thin-film composite membranes similarly emphasized evaluation under realistic 
module-scale conditions [26–28]. 

A persistent limitation of membrane-process studies is the use of hypothetical 
transport properties or dense-film data obtained under conditions different from the tar-
get process [21,22,29]. Pure-gas permeability and ideal selectivity may not represent hu-
mid multicomponent module performance, where competitive sorption, aging, defects, 
pressure losses, concentration polarization, and non-ideal flow distribution can become 
important [14,30,31]. Experimental validation using transport characteristics measured 
under process-relevant conditions is therefore essential. 

Hollow fibers are well suited to such validation because of their high membrane-
area-to-volume ratio and compatibility with continuous manufacturing. Polysulfone 
(PSF) combines mechanical and thermal stability, commercial availability, and reliable 
phase-inversion processing, providing a technologically accessible platform for linking 
membrane fabrication with module and process performance [31,32]. 
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Water vapor is particularly relevant because real flue gas contains substantial H2O, 
which can affect polymer free volume, competitive sorption, gas permeance, and down-
stream compression. Accordingly, transport data obtained with dry pure gases cannot 
always be transferred directly to humid flue-gas separation [11,27,28]. 

Our previous studies introduced the “Continuous Membrane Column” cascade con-
cept [33]. A binary CO2/N2 study showed that the cascade could theoretically achieve at 
least 95 mol.% CO2 purity, 90% recovery, and residual CO2 below 2 mol.% [34]. A subse-
quent study extended the model to a realistic wet four-component flue gas and compared 
alternative cascade configurations [35]. These simulations identified membrane selectivity 
and membrane area as key variables and established the most promising process config-
uration. 

Those previous calculations employed transport parameters representative of high-
performance MTR Polaris membranes and remained experimentally unverified. In the 
present work, the selected cascade configuration was therefore recalculated using experi-
mentally fabricated PSF hollow-fiber membranes. 

The principal novelty of the present study therefore lies not in achieving higher sep-
aration performance than in our previous simulation-based analyses, which employed 
high-performance membrane transport properties, but in the experimental validation of 
the previously simulation-only “Continuous Membrane Column” concept using inde-
pendently fabricated PSF hollow-fiber modules and a humid four-component flue-gas 
mixture. In the practically relevant operating region (θ ≈ 0.158), the experimental and la-
boratory-scale simulated values differed by only approximately 1.1 percentage points for 
both CO2 recovery and product CO2 concentration, while the residual CO2 concentration 
differed by approximately 0.7 percentage points. This quantitative agreement demon-
strates that the model captures the principal cascade behavior under experimentally re-
produced conditions, while the remaining deviations primarily reflect non-ideal module 
and hydrodynamic effects. 

Representative membrane-process studies for post-combustion CO2 capture are sum-
marized in Table 1. The comparison intentionally includes predominantly simulation-
based studies together with two pilot-scale experimental studies, so that process projec-
tions can be distinguished from experimentally demonstrated separation performance. 

Table 1. Representative membrane-process studies for post-combustion CO2 capture. 

Study Membrane Material Feed Composition Operating Conditions Main Separation Re-
sult 

Merkel et al. [23]  
Simulation-based 

High-permeance CO2-se-
lective polymer mem-
brane; Q(CO2) ≈ 1000 

GPU,  
α(CO2/N2) ≈ 50 

Wet flue gas:  
11.6% CO2, 11% H2O, 
4.2% O2, balance N2 

600 MWe reference plant; 
two-step vacuum or 

counter-flow/sweep de-
sogn;  

Pf ≈ 2 bar, Pp ≈ 0.2 bar 

>95% CO2 product;  
90% CO2 recovery 

Zhao et al. [17]  
Simulation-based 

Commercial polymer 
membrane; Q(CO2) ≈ 185 

GPU, α(CO2/N2) ≈ 43 

Simplified flue gas 
≈13.5% CO2 in N2 

Multi-stage cascade;  
second enrichment stage 
≈ 4 bar; first-stage vac-

uum varied 

95% CO2 product;  
90% CO2 recovery 

Ramasubramanian 
et al. [18]  

Simulation-based 

Hypothetical membrane; 
Q(CO2) ≈ 3000 GPU,  
α(CO2/N2) ≈ 140 

Coal flue gas,  
≈13% CO2 in N2 

Air-sweep two-stage pro-
cess; Pf ≈ 1 bar; Pp ≈ 0.2 

bar 

95% CO2 product;  
90% CO2 recovery 

Atlaskin et al. [34] 
Simulation-based 

Polaris-type membrane; 
Q(CO2) = 1000 GPU,  
α(CO2/N2) = 50 

17% CO2 in N2 

Continuous Membrane 
Column;  

50 °C; Pf/Pp = 0.15/0.02 
MPa 

97.2 mol.% CO2 prod-
uct; >90% recovery;  
1.87 mol.% residual 

CO2 
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Smorodin et al. [35] 
Simulation-based 

Polaris-type membrane; 
Q(CO2) = 1000 GPU,  
α(CO2/N2) = 50 

Wet flue gas:  
11.6% CO2, 11% H2O, 
4.4% O2, balance N2 

Wet four-component 
Continuous Membrane 
Column and reference 

cascades;  
50 °C; Pf/Pp = 0.15/0.02 

MPa 

≥95 mol.% CO2 prod-
uct; ≥90% recovery;  
≤2 mol.% residual CO2 

White et al. [24]  
Experimental-

based 

Polaris spiral-wound 
modules 

Real coal-derived and 
simulated natural-gas 

flue gas 

1 ton CO2 day−1 pilot; 
cross-flow and sweep 

modules; extended runs 
up to 1800 h 

62.6% CO2 product 
>90% CO2 recovery 
4.29% residual CO2 

Pohlmann et al. 
[26]  

Experimental-
based 

PolyActive thin-film 
composite membrane 

Real wet coal flue gas: 
≈14.5% CO2, 6.5% O2, 

14% H2O and trace im-
purities 

Single-stage pilot;  
≈80 °C; feed/permeate 

pressure and flow varied 

≈50–75% CO2 product; 
≈42.7% CO2 recovery 

Overall, the literature remains dominated by simulation-based process studies, and 
many of these analyses employ binary CO2/N2 or otherwise simplified feed mixtures. Ex-
perimental validation with real or representative humid multicomponent flue gas is much 
less common. The present work addresses this gap by combining membrane fabrication 
and wet mixed-gas characterization with process simulation and direct experimental val-
idation of the complete cascade. 

Accordingly, this study integrates PSF hollow-fiber fabrication, single- and mixed-
gas characterization, process simulation, and experimental validation of the complete 
“Continuous Membrane Column” cascade. Transport properties were measured under 
the relevant wet-gas conditions (50 °C; 150/20 kPa feed/permeate pressures), introduced 
directly into the mathematical model, and used for both membrane-area sensitivity anal-
ysis and direct comparison with the laboratory cascade. 

2. Materials and Methods 
2.1. Materials 

Commercial polysulfone (PSF, Udel® P3500LCDMB7, Solvay, Brussels, Belgium) was 
used as the membrane-forming polymer. N,N-Dimethylformamide (DMF), tetrahydrofu-
ran (THF), and isopropyl alcohol (IPA) were employed for preparation of the spinning 
dope. DMF acted as the principal polymer solvent, THF was introduced as a volatile co-
solvent affecting the formation of the selective surface layer, while IPA was used as a non-
solvent additive. The same polymer/solvent system was previously shown to be suitable 
for fabrication of asymmetric PSF hollow fibers. 

Distilled water was used as the internal and external coagulation medium during 
hollow-fiber spinning and for subsequent washing of the as-spun fibers. Isopropanol and 
hexane were used during solvent-exchange post-treatment to minimize structural col-
lapse during drying. A Sylgard silicone elastomer was additionally used as a defect-heal-
ing agent for post-treatment of selected hollow-fiber membranes prior to gas-permeation 
experiments. 

High-purity nitrogen (≥99.999%), oxygen (≥99.995%), and carbon dioxide (≥99.95%), 
were used for determination of the membrane gas-transport characteristics and for prep-
aration of the model flue-gas mixture, which contains 73.0/4.4/11.0/11.6 mol. % of nitro-
gen, oxygen, water vapors and carbon dioxide. Gas mixture of dry gases was prepared 
via standard manometric method and pressurized in gas cylinder under the pressure of 6 
MPa, further, mixture was bubbled through the water at 51 °С (in case of cascade experi-
ments). Distilled water was used as the source of water vapor. Helium was used as the 
carrier gas for gas-chromatographic analysis. 
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2.2. Spinning of Polysulfone Hollow-Fiber Membranes 

Asymmetric polysulfone hollow fibers were fabricated by a dry–wet spinning pro-
cess based on non-solvent-induced phase separation. The spinning solution contained 
PSF, DMF, THF, and IPA at a mass ratio of 28/50/15/7 wt.%, respectively. This composition 
was selected to provide sufficient polymer concentration for mechanical stability while 
maintaining a viscosity suitable for continuous hollow-fiber spinning. In this formulation, 
DMF ensured complete dissolution of PSF, whereas the more volatile THF promoted for-
mation of the outer selective layer during passage of the nascent fiber through the air gap. 
IPA shifted the dope composition closer to the phase-separation boundary and therefore 
influenced the development of the porous support structure. 

The hollow fiber membranes were prepared using pilot-industrial spinning line, the 
principal scheme of which is given in Figure 1. The spinning dope was prepared in a ther-
mostated vessel. DMF was first heated to 50 °C, after which PSF was gradually introduced 
under continuous agitation. Incremental polymer addition was used to obtain a homoge-
neous solution and to avoid formation of agglomerates. After complete dissolution of the 
polymer, the solution was maintained under stirring at the same temperature, followed 
by sequential addition of THF and IPA. The resulting four-component solution was mixed 
until visually homogeneous and subsequently transferred to the spinning reservoir. Prior 
to spinning, the dope was left undisturbed for at least 15 h to allow entrained gas bubbles 
to be removed. 

Hollow fibers were produced using a coaxial spinneret supplied independently with 
the polymer solution and the bore liquid. The dope was delivered through the annular 
channel, whereas distilled water was introduced through the central channel as the inter-
nal coagulant. The corresponding spinneret diameters were 0.50 mm for the polymer-so-
lution outlet and 0.33 mm for the bore channel. Both the spinning dope and the bore fluid 
were maintained at 35 °C. The flow rates of the polymer solution were kept at 1.28 g min−1, 
meanwhile internal coagulant flowrate was fixed at 1.1 g min−1. 

 

Figure 1. Hollow fiber membrane spinning line. 

After leaving the spinneret, the nascent hollow fiber passed through an air gap before 
entering the external coagulation bath containing water at 25 °C. The take-up velocity was 
fixed at 17 m min−1, whereas the nascent fiber exited the spinneret at an estimated linear 
velocity of approximately 14 m min−1, corresponding to a draw ratio of approximately 
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1.22–1.25. Based on the take-up velocity, the estimated residence time of the nascent fiber 
in the air gap ranged from approximately 0.56 s at 16 cm to 0.92 s at 26 cm. 

To obtain membrane batches with different skin-layer structures and, consequently, 
different gas-transport characteristics, the spinneret-to-coagulation-bath distance was 
varied between 16 and 26 cm in 2 cm increments. Thus, six batches of PSF hollow fibers 
were prepared under otherwise identical spinning conditions. 

Following phase inversion, the fibers were thoroughly washed to remove residual sol-
vent. A stepwise solvent-exchange procedure was then applied to preserve the porous sub-
structure during drying. The fibers were first stored in water for 48 h, transferred to IPA for 
a further 48 h, and then immersed in hexane for 8 h. After solvent exchange, the fibers were 
dried under reduced pressure for 12 h at a residual pressure of approximately 10 kPa. 

Because highly permeable asymmetric hollow fibers may contain a limited number 
of non-selective pinhole defects, a silicone post-treatment was additionally applied to the 
fibers selected for membrane-module fabrication. A thin Sylgard-based coating was de-
posited onto the external fiber surface to seal such defects without intentionally forming 
a thick independent gas-separation layer. The purpose of this treatment was therefore to 
restore the effective selectivity of the PSF selective skin while retaining the highest possi-
ble gas permeance. 

2.3. Hollow-Fiber Post-Treatment and Module Preparation 

The as-spun polysulfone hollow fibers were first characterized in their untreated 
state to determine their initial gas-transport properties. For these measurements, labora-
tory-scale membrane modules containing 50–100 hollow fibers were assembled. The fibers 
were arranged in parallel bundles and fixed at both ends using an epoxy potting com-
pound, while the fiber lumens remained open for permeate withdrawal. 

Following the solvent-exchange and drying procedure described above and the ini-
tial gas-permeation characterization, the assembled membrane modules were subjected 
to defect healing with Sylgard™ 184 Silicone Elastomer. A 5 wt.% solution of Sylgard™ 
184 in n-heptane was introduced into each module from the shell side until the hollow-
fiber bundle was completely filled and the external fiber surfaces were uniformly wetted. 
The filled module was then placed on a vibration platform for 8 h to promote homogene-
ous distribution of the coating solution throughout the fiber bundle and ensure uniform 
contact with the outer selective surface. After treatment, the remaining silicone solution 
was drained from the shell side, and the module was dried at 50 °C while a low continuous 
flow of dry nitrogen was passed through the fiber lumens. The silicone treatment was 
used exclusively as a defect-healing step to seal occasional non-selective surface pinholes 
and suppress bypass transport, rather than to form an additional independent selective 
layer. 

After completion of the drying step, the Sylgard-treated modules were characterized 
under the same single-gas conditions as the untreated modules. Comparison of the per-
meance and selectivity values before and after post-treatment was used to evaluate the 
effectiveness of defect healing and to select the membrane batch for subsequent mixed-
gas and cascade experiments. 

2.4. Single-Gas Permeation Measurements 

The single-gas transport properties of the prepared hollow-fiber membranes were 
determined using a simple volumetric method with a soap-film flowmeter (Figure 2). The 
membrane module (1/4″ stainless steel tube) was connected to a gas cylinder containing 
the test gas through a pressure regulator, and the gas was supplied to the shell side of the 
hollow fibers. Measurements were performed at feed pressures of 0.23 MPa, meanwhile 
permeate side pressure was 0.1 MPa. During each experiment, the permeate leaving the 
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fiber lumen was directed to the soap-film flowmeter, where the volumetric permeate flow 
rate was measured directly. The procedure was repeated separately for each test gas. 

For the displacement volumes and measurement times used in the experiments, the 
combined relative uncertainty of the calculated single-gas permeance was approximately 
3% and did not exceed 4%. For each spinning batch, three independently assembled mem-
brane modules were tested, and the reported permeance and selectivity values represent 
the corresponding mean values. Considering propagation of the permeance uncertainties, 
the relative uncertainty of the calculated ideal selectivity did not exceed approximately 
5.7%. 

 

Figure 2. Principal scheme of the express test unit for single gas permeation test. 

The gas permeance, Qi, was calculated from the measured permeate flow rate accord-
ing to: 𝑄௜  =  𝐽௜𝐴𝛥𝑝௜ 
where Qi is the gas permeance of component i, Ji is the volumetric permeate flow rate of 
component i, A is the effective membrane area, and Δpi is the transmembrane partial-pres-
sure difference in component i. For pure-gas measurements, Δpi corresponds to the pres-
sure difference in the tested gas across the membrane. 

The ideal selectivity for a gas pair i/j was calculated as: 𝛼௜/௝  =  𝑄௜𝑄௝ 
where αi/j is the ideal selectivity for gas pair i/j, while Qi and Qj are the corresponding 
single-gas permeances. This rapid screening procedure was used to compare the gas-
transport characteristics of different hollow-fiber batches and to evaluate changes in mem-
brane performance before and after the Sylgard™ 184 defect-healing treatment. 

2.5. Mixed-Gas Permeation Measurements 

After the preliminary single-gas screening, the selected hollow-fiber modules were 
characterized using a wet multicomponent gas representative of post-combustion flue 
gas. The target composition was N2/O2/H2O/CO2 = 73.0/4.4/11.0/11.6 mol.%. Unlike the 
single-gas tests, the four-component feed was generated continuously immediately up-
stream of the membrane test section rather than prepared in advance in a storage cylinder. 
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Throughout this work, unless explicitly stated otherwise, mixed-gas compositions 
are reported on a wet basis. Thus, the composition N2/O2/H2O/CO2 = 73.0/4.4/11.0/11.6 
mol.% includes water vapor in the 100 mol.% total. After exclusion of H2O and renormal-
ization of the remaining components, the corresponding dry-basis composition is 
N2/O2/CO2 = 82.02/4.94/13.03 mol.%. Accordingly, throughout Section 2.5 and in the sub-
sequent discussion of mixed-gas permeation, the term “mixed gas” refers to the humid 
four-component mixture containing water vapor unless explicitly stated otherwise. 

A schematic of the mixed-gas permeation setup is shown in Figure 3. The dry-gas 
section was equipped with FG-201 CV mass-flow controllers (Bronkhorst, Nuland, The 
Netherlands), which independently metered the CO2 and O2 streams. Water vapor was 
introduced using a controlled evaporation and mixing (CEM) system. Nitrogen served 
both as a major component of the model flue gas and as the carrier stream for the CEM 
unit. Distilled water was supplied to the evaporator at a controlled rate, completely va-
porized, and mixed with the N2 carrier gas. The humidified nitrogen stream was subse-
quently combined with the dry CO2 and O2 streams. The individual gas and liquid flow 
rates were selected to obtain the required final composition of 73.0 mol.% N2, 4.4 mol.% 
O2, 11.0 mol.% H2O, and 11.6 mol.% CO2. The total gas flow delivered by the mixing sec-
tion could be varied up to approximately 750 cm3 min−1. All tubing located downstream 
of the CEM unit was thermostated at 50 °C to prevent condensation and preserve the set 
water-vapor content. 

 

Figure 3. Mixed-gas permeation test unit coupled with mass spectrometer. 

The resulting wet gas mixture was fed to the shell side of the hollow-fiber module. A 
P702 CM back-pressure regulator (Bronkhorst, Nuland, The Netherlands) installed in the 
retentate line maintained the feed-side pressure at 150 kPa. The permeate was withdrawn 
from the fiber lumens by a Hi-Cube ECO 300 pumping station (Pfeiffer Vacuum, Asslar, 
Germany), providing a permeate-side pressure of 20 kPa. This pressure was continuously 
monitored with an MPT200 pressure transmitter. A DVC 025 PX solenoid-operated dia-
phragm valve was placed between the module and the vacuum station and served as a 
safety shut-off element in the event of a sudden pressure rise caused, for example, by 
membrane or module failure. 

The permeate composition was monitored online with a QMG 250 M2 quadrupole 
mass spectrometer (Pfeiffer Vacuum, Asslar, Germany). The analyzer was connected to a 
separate Hi-Cube 80 pumping station, which maintained the pressure required for mass-
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spectrometric operation. Before each run, the membrane module and gas-distribution 
lines were flushed with helium at 50–150 cm3 min−1 to remove residual air and gases re-
maining from the preceding experiment. After the purge stage, a pneumatically actuated 
two-position valve switched the module feed from the helium line to the freshly prepared 
wet gas mixture. In this configuration, the permeation response could be followed contin-
uously from the moment the membrane contacted the model flue gas until steady-state 
transport was reached. 

No intentional drying of the membrane was performed between humid mixed-gas 
experiments. Since the target post-combustion application involves continuous contact 
with water-containing flue gas, the membrane modules were evaluated under continu-
ously humid operating conditions. Consequently, repeated humidification–drying cy-
cling was outside the scope of the present study. 

Operating variables were recorded continuously. FlowPlot V.3.35 software was used 
to log the gas flow rates and the pressure on the feed side of the membrane module, 
whereas PV MassSpec V.21.04.01-b and PV TurboViewer V.01.04.00 were used to acquire 
the mass spectra and monitor the low-pressure section. The mass-spectrometric signal 
was updated with a time resolution of 1 ms, enabling both transient and steady-state 
membrane responses to be recorded. Only the data obtained after stabilization of the feed 
flow rates, pressures, and component signals were used for calculation of the membrane 
transport parameters. 

For quantitative determination of component fluxes, argon was introduced into the 
permeate analytical line as an internal standard at a constant flow rate of 4 cm3 min−1. The 
calibrated mass-spectrometer response was converted into the partial pressure of each 
detected component. Since the argon flow was known, the volumetric permeate flow of 
component i was obtained from the ratio between the partial pressures of that component 
and the internal standard: 𝐽௜𝐽஺௥  =  𝑝௜𝑝஺௥ 

where Ji and JAr are the volumetric flow rates of component i and argon, respectively, and 
pi and pAr are their partial pressures in the permeate. This internal-standard method allows 
the individual component flow rates to be determined under vacuum without interrupt-
ing the separation experiment. 

The mixed-gas permeance of each component was calculated from its permeate flow 
rate, the effective membrane area, and the transmembrane partial-pressure difference: 𝑄௜  =  𝐽௜𝐴𝛥𝑝௜ 
where Qi is the permeance of component i, Ji is the volumetric flow rate of that component 
through the membrane, A is the effective membrane area, and Δpi is the difference be-
tween its partial pressures on the feed and permeate sides. The mixed-gas selectivity for 
a gas pair i/j was calculated as: 𝛼௜/௝  =  𝑄௜𝑄௝ 

The resulting mixed-gas permeances and selectivities were compared with the corre-
sponding single-gas values in order to quantify the effects of competitive transport, hu-
midification, and the presence of the other flue-gas components. The transport character-
istics measured at 50 °C and feed/permeate pressures of 150/20 kPa were subsequently 
used as experimental input data for simulation of the membrane cascade. 

For the mixed-gas permeation measurements, the analytical uncertainty of the deter-
mined component permeance did not exceed ±2.2% of the measured value. Accordingly, 
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propagation of the individual permeance uncertainties gives a maximum relative analyt-
ical uncertainty of approximately 3.1% for the calculated mixed-gas selectivity. Each fiber 
batch was characterized using 3–5 independently assembled lab-scale membrane mod-
ules, and the reported permeance and selectivity values represent the corresponding av-
eraged values. The module-to-module deviation of the measured transport characteristics 
did not exceed 3.7%. 

2.6. Experimental Membrane Cascade 

Experimental validation of the “Continuous Membrane Column” concept was per-
formed using a laboratory-scale membrane cascade assembled from three polysulfone 
hollow-fiber modules. Modules were fabricated using 63 and 32 mm polypropylene tubes 
and metal fitting, where the fibers were sealed with polyurea compound. The modules 
were interconnected according to the process configuration shown in Figure 4. The aver-
age hollow-fiber packing density in the assembled modules was approximately 45–50%. 

The number of hollow fibers in each module was estimated gravimetrically. The total 
mass of the hollow-fiber bundle was measured, and the mass per unit length of the fiber 
was determined independently using representative fiber samples. The approximate 
number of fibers in each module, Nfibers, was then calculated as 

Nfibers = mbundle

λfiberLfiber
 

where mbundle is the total mass of the hollow-fiber bundle, λfiber is the experimentally deter-
mined mass per unit length of a single hollow fiber, and Lfiber is the fiber length used for 
module assembly. 

The effective membrane area was calculated from the external surface area of the 
hollow fibers according to 

A = Nfibers π doLactive 

where do is the outer diameter of the hollow fiber and Lactive is the effective fiber length 
exposed to the feed gas. The external fiber surface was used because the feed gas was 
supplied to the shell side of the membrane modules. The resulting effective membrane 
areas were 5.17 m2 for M1, 0.55 m2 for M2, and 0.70 m2 for M3; the corresponding estimated 
fiber numbers and active lengths are summarized in Section 3.4. 

 

Figure 4. Principal scheme of the experimental “Continuous Membrane Column” cascade. 1–3—
hollow-fiber membrane modules; MFC—mass flow controller; MFM—mass flow meter; P1, P2—
pressure measurement points. 
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The feed mixture for the cascade experiments was prepared from a pre-mixed dry 
three-component gas containing N2, O2, and CO2 in proportions corresponding to the dry 
fraction of the target flue-gas composition. The dry mixture was supplied through a mass-
flow controller to a water-filled bubbler, where it was humidified to obtain the required 
water-vapor content. The resulting gas humidity was monitored continuously using an 
in-line gas humidity sensor installed downstream of the bubbler. The final wet-gas com-
position corresponded to N2/O2/H2O/CO2 = 73.0/4.4/11.0/11.6 mol.%. Before the cascade 
experiments, the humidification conditions and gas flow rate were adjusted until a stable 
water-vapor concentration was obtained. Ten replicate chromatographic determinations 
of the prepared feed gave H2O concentrations of 10.94–11.07 mol.%, with a mean value of 
11.0 ± 0.04 mol.%. During the experiments, feed humidity was monitored continuously 
using an IVTM-7 M 2-V thermohygrometer (EKSIS JSC, Moscow, Russia) with absolute 
accuracy ±2% RH, while periodic chromatographic measurements were used as an inde-
pendent composition check. 

To maintain a stable water-vapor concentration and prevent condensation within the 
gas-distribution system, the feed-gas cylinder, the line upstream of the bubbler, the bub-
bler, membrane modules, and interconnecting gas lines were maintained at 51–53 °C. The 
membrane modules were positioned as close to one another as practically possible and 
interconnected using the shortest feasible tubing lengths in order to minimize dead vol-
ume, heat losses, and condensation within the recycle and permeate lines. 

The humidified feed mixture was supplied to the cascade at 1.5 atm, whereas the 
common permeate side of the first and second membrane modules was maintained at 
approximately 0.2 atm. The resulting transmembrane pressure difference provided the 
driving force for preferential permeation of CO2 and H2O through the polysulfone mem-
branes. 

The fresh feed entered the cascade at the junction between modules 1 and 2, where it 
was combined with the retentate stream recycled from module 2. The resulting mixed 
stream was introduced into module 1, which constituted the stripping section of the cas-
cade. Preferential permeation of CO2 through this module produced a retentate stream 
depleted in CO2 and therefore enriched predominantly in nitrogen. This stream was with-
drawn from the system as the N2-rich product. 

The permeate leaving module 1 was combined with the permeate generated in mod-
ule 2. The combined low-pressure stream was subsequently compressed using an N 922 
ST Ex diaphragm gas pump (KNF Neuberger, Germany) and supplied to module 3. 

Because water vapor preferentially permeated to the low-pressure streams and be-
came concentrated within the enrichment loop, excess moisture could condense during 
compression. Condensed water collected at the outlet of the N 922 ST Ex compressor was 
removed through an installed moisture filter before the compressed gas stream was sup-
plied to module 3. 

Module 3 served as the final CO2-enrichment stage. Its permeate was withdrawn 
from the system as the CO2-rich product stream, whereas the retentate was returned to 
the inlet of module 2. The retentate from module 2 was subsequently recycled to the fresh-
feed mixing point upstream of module 1. Consequently, modules 2 and 3 formed an in-
ternal recirculation loop connecting the enrichment and stripping sections of the cascade. 
This flow arrangement reproduced the characteristic operating principle of the “Continu-
ous Membrane Column”, in which continuous internal circulation progressively enriches 
one stream in the preferentially permeating component while simultaneously depleting 
the counter-current stream. 

The principal external flow rates were controlled using Bronkhorst FG-201 CV mass 
flow controllers (MFCs). MFCs were installed in the fresh-feed line, the N2-rich outlet from 
module 1, and the CO2-rich outlet from module 3. The internal recycle flow between the 
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fresh-feed mixing point and module 2 was monitored independently using a Bronkhorst 
FG-111 BP mass flow meter (MFM). This arrangement enabled continuous determination 
of the external material flows together with direct monitoring of the internal circulation 
rate, which is a key operating parameter of the membrane cascade. 

System pressure was monitored at two characteristic locations. The pressure on the 
high-pressure side of the cascade was measured upstream of the membrane modules us-
ing a WIKA S-20 pressure transmitter. The reduced pressure in the common permeate line 
of modules 1 and 2 was monitored using a WIKA S-11 pressure transmitter. 

During each experimental run, the feed composition, membrane areas, and operating 
pressures were kept constant, whereas the flow rates through the cascade were adjusted 
to investigate different operating regimes. After reaching steady state, the compositions 
of the two external product streams were determined. Samples of the N2-rich retentate 
from module 1 and the CO2-rich permeate from module 3 were directed to the gas chro-
matograph and analyzed according to the procedure described in Section 2.7. Steady-state 
operation was assumed after stabilization of the measured flow rates, pressures, and out-
let compositions. 

The experimentally measured flow rates and stream compositions were subse-
quently used to calculate the CO2 concentration in the product stream, CO2 recovery, and 
overall stage cut. These parameters were directly compared with the corresponding val-
ues predicted by the Aspen Plus model (Section 2.8), allowing the accuracy of the mathe-
matical description of the “Continuous Membrane Column” cascade to be assessed under 
experimentally reproduced operating conditions. 

The cascade experimental campaign was carried out over approximately one week 
using repeated daytime operating periods. During the daytime runs, steady-state separa-
tion data were collected at the selected flow conditions. At the end of each day, active gas 
circulation was stopped and the membrane modules and interconnecting lines were left 
filled with the humid model flue-gas mixture overnight; no intentional drying of the mem-
brane modules was performed. Before measurements were resumed on the following day, 
the system was evacuated to an absolute pressure of approximately 0.2–0.3 bar and then 
refilled with fresh humid gas mixture. 

2.7. Gas Chromatographic Analysis 

The compositions of the membrane cascade retentate and permeate streams were de-
termined using a two-channel gas chromatographic system equipped with thermal con-
ductivity detectors (Figure 5). The analytical scheme was designed to provide separate 
quantification of CO2 and the permanent gases, while helium was used as the carrier gas 
throughout the chromatographic system. 

Gas samples from the membrane unit were introduced into the chromatograph 
through an automated valve system. One analytical channel was equipped with a 
HayeSep Q column, which was used to separate CO2 from the permanent-gas fraction. 
The second channel included a molecular sieve 13X column for resolution of O2 and N2. 
The valve sequence was arranged so that sample injection, component separation, and 
back-flushing of the CO2-containing fraction were performed automatically during each 
analysis cycle. 

At the beginning of the chromatographic cycle, the sample filled the corresponding 
sampling loops. After valve switching, the gas entered the separation columns. In the first 
channel, the permanent-gas fraction was separated from CO2 on HayeSep Q, after which 
the flow direction was reversed to remove the retained CO2 from the column by back-
flushing. In parallel, the second channel provided additional separation of CO2 from O2 
and N2, while the O2/N2 pair was subsequently resolved on the 13X molecular sieve col-
umn. Detection of the separated components was carried out using TCDs. 
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The concentrations of CO2, O2, and N2 were calculated from the corresponding chro-
matographic peak areas using previously obtained calibration dependencies. For the cas-
cade experiments, the H2O concentration in each outlet stream was primarily determined 
by closure of the component balance on a wet basis, i.e., as the difference between 100 
mol.% and the sum of the measured CO2, O2, and N2 concentrations. The calculated water-
vapor content was periodically checked using a gas-humidity analyzer. In addition, se-
lected outlet samples were independently verified using our previously published chro-
matographic method, in which water vapor is quantitatively converted to acetylene on a 
CaC2 precolumn and the resulting acetylene is determined chromatographically; the orig-
inal H2O content is then obtained from the reaction stoichiometry [36]. All multicompo-
nent stream compositions reported in this work are expressed on a wet basis unless ex-
plicitly stated otherwise. The resulting component concentrations were used to determine 
the compositions of the retentate and permeate streams and to calculate the separation 
characteristics of the membrane modules and the complete cascade. 

 

Figure 5. Schematic diagram of the two-channel gas chromatographic system used for analysis of 
the retentate and permeate stream compositions. 

2.8. Mathematical Model and Process Simulation 

The membrane-separation process was simulated in Aspen Plus using a user-defined 
hollow-fiber membrane block developed in Aspen Custom Modeler (ACM). The block 
was based on the one-dimensional steady-state Hollow Fiber Gas Permeation model de-
veloped within the U.S. Department of Energy Carbon Capture Simulation Initiative 
(CCSI). The original HFGP formulation is intended for multicomponent gas separation in 
asymmetric hollow-fiber modules and combines membrane transport equations with ax-
ial component balances and pressure-drop relationships. In the present work, the govern-
ing equations were implemented in ACM and the resulting custom membrane block was 
integrated into Aspen Plus, where it was connected with conventional process units and 
recycle streams to reproduce the investigated “Continuous Membrane Column” cascade. 

The model assumes that the feed gas enters the shell side of the hollow-fiber bundle 
and permeates toward the fiber bores. The retentate and permeate streams are represented 
as counter-current one-dimensional plug flows. All fibers in a module are assumed to be 
identical, straight, cylindrical, and uniform in diameter. Radial concentration and velocity 
gradients are neglected, the gas mixture is treated as ideal, and the separation is 
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considered isothermal. The dense selective skin is located on the shell side, while the re-
sistance of the porous support is neglected. The local composition at the selective-
layer/porous-support boundary is therefore assumed to be equal to the bulk composition 
in the fiber bore. Pressure losses along both the shell and bore sides are included using 
Hagen-Poiseuille-type relationships for compressible gas flow. 

Transport through the selective layer was described using the solution-diffusion ap-
proach. Carbon dioxide was selected as the reference component, in accordance with the 
original HFGP formulation. The local molar flux density of component i was calculated as 𝑁௜ = 𝑄஼ைమ𝛼௜ ൫𝑃௥௘௧𝑍௥௘௧,௜ − 𝑃௣௘௥𝑍௕,௜൯, 
where 𝑁௜ is the molar flux density of component i; 𝑄஼ைమ is the CO2 permeance; 𝛼௜ is the 
CO2/i permeance selectivity; 𝑃௥௘௧ and 𝑃௣௘௥ are the local pressures on the retentate and per-
meate sides, respectively; 𝑍௥௘௧,௜ is the mole fraction of component i in the retentate; and 𝑍௕,௜ 
is its mole fraction at the dense-skin/porous-support boundary. Under the adopted assump-
tions, 𝑍௕,௜ is equal to the bulk mole fraction of component i in the fiber bore. 

The total local molar flux density was obtained from the sum of the individual com-
ponent fluxes: 

𝑁௧ = ෍𝑁௝௡
௝ୀଵ . 

The selectivity of the membrane relative to carbon dioxide was defined as 𝛼௜ = 𝑄஼ைమ𝑄௜ , 
where 𝑄௜ is the permeance of component i. In the calculations, the permeance and selec-
tivity values were specified from the experimentally determined mixed-gas transport 
characteristics of the produced polysulfone hollow fibers. 

The spatial coordinate 𝑥  was defined along the effective membrane length. The 
overall molar balance for the permeate flow in the fiber bore was written as 𝑑𝐹௣௘௥𝑑𝑥 = −𝐽௧ , 
where 𝐹௣௘௥ is the total molar flow rate in the permeate channel and 𝐽௧ is the total molar 
transfer rate through the membrane per unit module length. 

The pressure variation along the fiber bore was calculated from 𝑃௣௘௥ 𝑑𝑃௣௘௥𝑑𝑥 = 16𝑅𝑇𝜇𝐹௣௘௥𝜋𝑟ிூସ 𝑛ி , 
where 𝑅 is the universal gas constant, 𝑇 is the absolute temperature, 𝜇 is the gas viscos-
ity, 𝑟ிூ is the inner fiber radius, and 𝑛ி is the number of hollow fibers in the module. 

For each component, the molar balance in the permeate channel was expressed as 𝑑𝐹௖,௣௘௥,௜𝑑𝑥 = −𝐽௜ , 
where 𝐹௖,௣௘௥,௜ is the molar flow rate of component i in the permeate and 𝐽௜ is the molar 
transfer rate of that component through the membrane per unit module length. 

The corresponding overall balance on the shell side was 𝑑𝐹௥௘௧𝑑𝑥 = −𝐽௧ , 
where 𝐹௥௘௧ is the total molar flow rate of the retentate stream. 

The shell-side pressure drop was calculated using 
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𝑑𝑃௥௘௧𝑑𝑥 = 8𝜇𝑟ுଶ 𝑉௥௘௧ , 
where 𝑟ு is the hydraulic radius of the shell-side flow channel and 𝑉௥௘௧ is the superficial 
velocity of the retentate gas. 

The component balance on the shell side was written as 𝑑𝐹௖,௥௘௧,௜𝑑𝑥 = −𝐽௜ . 
The local component flux density was converted to the component molar transfer 

rate per unit module length according to 𝐽௜ = 2𝜋𝑟ிை𝑛ி𝑁௜ , 
where 𝑟ிை is the outer fiber radius. The total molar transfer rate per unit membrane length 
was then calculated as 

𝐽௧ = ෍𝐽௝௡
௝ୀଵ . 

Equations (1)–(11), together with the corresponding boundary conditions, physical-
property calls, membrane dimensions, and stream specifications, form the governing 
equation set of the hollow-fiber membrane block. The ACM implementation uses an equa-
tion-oriented formulation, allowing both rating and design calculations depending on 
which model variables are fixed to close the degrees of freedom. 

The axial domain was solved by the method of lines. Following the HFGP model 
structure, the membrane length was discretized using a second-order centered finite-dif-
ference approximation with 20 axial elements. The resulting nonlinear steady-state equa-
tion system was solved by ACM. The completed user block was subsequently exported to 
Aspen Plus and employed as the membrane module in the process flowsheet. 

The process calculations were performed for the wet model flue gas used in the ex-
perimental study, containing 73.0 mol.% N2, 4.4 mol.% O2, 11.0 mol.% H2O, and 11.6 mol.% 
CO2. The temperature was fixed at 50 °C. The shell-side feed pressure and bore-side per-
meate pressure were set to 150 and 20 kPa, respectively. The experimentally obtained 
mixed-gas permeances of CO2, N2, O2, and H2O were used as membrane input parameters. 
In the base-case simulations, the experimentally determined mixed-gas transport param-
eters were treated as composition-independent constants. To evaluate the sensitivity of 
the predicted process performance to this assumption, additional lab-scale calculations 
were performed with membrane permeance and selectivity varied independently by 
±10% and ±20% relative to the base case. For the permeance sensitivity analysis, the com-
ponent permeances were varied proportionally while preserving the baseline selectivity 
ratios. For the selectivity sensitivity analysis, the CO2 permeance was maintained at its 
baseline value, while the permeances of the less selectively permeating components were 
adjusted to obtain the prescribed ±10% and ±20% changes in CO2 selectivity. All other 
process parameters, including membrane areas, feed composition, pressure conditions, 
feed-flow range, and cascade topology, were kept unchanged. 

For analysis of individual membrane stages, the stage cut was defined as 𝜃 = 𝐹௣𝐹௙, 
where 𝐹௣ and 𝐹௙ are the total permeate and feed molar flow rates, respectively. 

Carbon-dioxide recovery in the product stream was calculated as 



Energies 2026, 19, 5352 16 of 36 
 

https://doi.org/10.3390/en19215352 

𝑅஼ைమ = 𝐹௣𝑦஼ைమ,௣𝐹௙𝑥஼ைమ,௙ ൈ 100%, 
where 𝑥஼ைమ,௙ and 𝑦஼ைమ,௣ are the CO2 mole fractions in the feed and product streams, re-
spectively. 

The CO2 purity of the product stream was expressed as 𝐶஼ைమ = 𝑦஼ைమ,௣ ൈ 100%. 
For the complete “Continuous Membrane Column” flowsheet, the same material-

transfer model was used for each membrane section, while the membrane areas of the 
stripping and enrichment sections were varied parametrically. Aspen Plus simultane-
ously solved the material balances of the interconnected membrane modules and recycle 
streams. For each combination of membrane areas, the product CO2 concentration, CO2 
recovery, residual CO2 concentration in the vent stream, and internal recycle flow rates 
were calculated. The resulting dependencies were used to identify the membrane-area 
combinations suitable for subsequent experimental validation of the cascade. 

3. Results and Discussion 
3.1. Single-Gas Permeation and Fiber Post-Treatment 

The single-gas permeation results revealed a pronounced dependence of the 
transport characteristics of the asymmetric PSF hollow fibers on the air-gap distance used 
during spinning (Figure 6). Measurements were performed for CO2, O2, and N2 according 
to the procedure described in Section 2.4, while the same membrane batches were charac-
terized both in the as-spun state and after defect healing with Sylgard™ 184. 

For the untreated fibers, increasing the air gap from 16 to 26 cm resulted in a contin-
uous and substantial decrease in gas permeance. The CO2 permeance decreased from ap-
proximately 448 GPU at an air gap of 16 cm to 322, 194, 88, 60, and 34 GPU at 18, 20, 22, 
24, and 26 cm, respectively. A similar trend was observed for the less permeable gases. 
The N2 permeance decreased from 115.4 to 1.5 GPU over the same range, while the O2 
permeance decreased from approximately 134 to 7 GPU. Thus, increasing the residence 
time of the nascent fiber in the air gap progressively increased the resistance of the outer 
selective layer. 

 
(a) (b) 



Energies 2026, 19, 5352 17 of 36 
 

https://doi.org/10.3390/en19215352 

 
(c) (d) 

Figure 6. Gas transport characteristics of spun PSF hollow fibers: as-spun and silicone treated sam-
ples. (a–c) hollow fiber permeance with regard to CO2, N2 and O2; (d) hollow fibers selectivity to 
CO2/N2 pair. 

The replicate CO2 permeance measurements yielded standard deviations of 13.4, 6.8, 
4.4, 3.4, 2.1, and 1.3 GPU for air gaps of 16, 18, 20, 22, 24, and 26 cm, respectively, corre-
sponding to relative standard deviations of approximately 2.1–3.9%. Thus, the overall de-
crease from 447.6 ± 13.4 GPU at 16 cm to 34.4 ± 1.3 GPU at 26 cm (approximately 92%) was 
far greater than both the experimental dispersion and the estimated instrumental uncer-
tainty. The monotonic dependence of CO2 permeance on air-gap distance was statistically 
significant (Spearman rank correlation ρ = −1.00, two-sided p = 0.0028). 

The simultaneous evolution of permeance and selectivity indicates that the effect of 
the air gap cannot be described solely as an increase in selective-layer thickness. At short 
air-gap distances, the outer skin remained highly permeable but contained a significant 
population of non-selective defects. This is particularly evident from the O2/N2 permeance 
ratio. For the fibers spun with air gaps of 16 and 18 cm, α(O2/N2) was only approximately 
1.2 and 1.4, respectively. These values are close to non-selective transport and are far be-
low the intrinsic O2/N2 selectivity of dense polysulfone. Consequently, the exceptionally 
high permeances of these batches cannot be attributed exclusively to an ultrathin but con-
tinuous PSF selective layer; a considerable fraction of the total gas flow must instead pass 
through pinholes or other highly permeable defects. 

This interpretation is consistent with the classical observations of Pinnau and Koros 
for integrally skinned asymmetric polysulfone membranes. They showed that wet-phase-
inverted PSF membranes containing skin defects can exhibit O2/N2 selectivities below 
unity or close to unity, whereas dry/wet phase inversion under conditions promoting for-
mation of a continuous skin produced membranes with selectivities approaching those of 
dense polysulfone films [37]. In their work, an asymmetric membrane was considered es-
sentially defect-free when its O2/N2 selectivity reached approximately 85% or more of that 
measured for the corresponding dense polymer. 

A distinct transition toward solution–diffusion-controlled transport was observed 
beginning at an air gap of approximately 20 cm. For this batch, the untreated fiber retained 
a relatively high CO2 permeance of approximately 194 GPU, while α(O2/N2) increased to 
approximately 2.3. Further extension of the air gap to 22, 24, and 26 cm progressively in-
creased α(O2/N2) to approximately 3.1, 3.8, and 4.7, respectively. The corresponding 
CO2/N2 selectivity increased even more markedly, from approximately 7.9 at 20 cm to 12.9, 
20.6, and 22.9 at 22, 24, and 26 cm. These results indicate a progressive transition from 



Energies 2026, 19, 5352 18 of 36 
 

https://doi.org/10.3390/en19215352 

defect-dominated permeation toward transport increasingly governed by the intrinsic 
sorption–diffusion properties of the PSF matrix. 

The observed behavior is physically consistent with the dry–wet spinning mecha-
nism. Increasing the air gap prolongs the period between extrusion and immersion of the 
nascent fiber into the coagulation bath. During this interval, preferential evaporation of 
the volatile THF component and redistribution of solvent and non-solvent near the exter-
nal surface promote polymer enrichment and consolidation of the outer skin. Conse-
quently, longer air gaps favor formation of a more continuous and less defective selective 
layer, but simultaneously increase its resistance to gas transport. This interpretation is 
particularly relevant to the PSF/DMF/THF/IPA system employed here, in which THF was 
intentionally introduced as a volatile co-solvent affecting skin formation. 

The gas-transport behavior of the more selective fibers can be compared with pub-
lished data for the same commercial polysulfone grade. Kluge et al. investigated P-3500 
LCD MB7 supplied by Solvay. For a dense reference membrane, they reported permeabil-
ities of 6.18 Barrer for CO2, 1.05 Barrer for O2, and 0.20 Barrer for N2, corresponding to 
α(CO2/N2) = 30.9 and α(O2/N2) = 5.4. Depending on membrane preparation conditions, PSF 
membranes in the same study exhibited CO2/N2 selectivities of approximately 30.9–37.5 
and O2/N2 selectivities of 5.4–7.1 [38]. These literature data provide a useful intrinsic-per-
formance benchmark but should not be regarded as a strict universal value, because mem-
brane morphology and formation history can substantially affect the transport properties 
of thin PSF selective layers. 

A similar conclusion was reached in the fundamental studies of Koros and co-work-
ers. Pesek and Koros obtained aqueous-quenched asymmetric PSF membranes with ul-
trathin, essentially defect-free selective layers of approximately 200–800 Å that retained 
intrinsic polymer permselectivity without requiring a silicone coating [39]. In a subse-
quent study specifically devoted to asymmetric PSF hollow fibers, Pesek and Koros re-
ported fibers with an approximately 120 nm selective skin, an O2 permeance of 8.8 GPU, 
and α(O2/N2) = 5.8, demonstrating that intrinsic-like selectivity can also be achieved in 
hollow-fiber geometry when the selective surface is essentially defect-free [40]. 

Silicone post-treatment caused a fundamentally different change in transport charac-
teristics than increasing the air gap. After Sylgard™ 184 treatment, the permeance of all 
gases decreased, but the decrease was strongly gas-dependent and was most pronounced 
for N2. For the 16 cm batch, for example, CO2 permeance decreased from approximately 
448 to 228 GPU, whereas N2 permeance decreased much more strongly, from 115.4 to 17.9 
GPU. Consequently, α(CO2/N2) increased from approximately 3.9 to 12.7. At an air gap of 
18 cm, CO2 permeance decreased from approximately 322 to 214 GPU, while N2 perme-
ance fell from 65.6 to 11.0 GPU, increasing α(CO2/N2) from approximately 4.9 to 19.5. 

Such disproportionate suppression of the N2 flux provides strong evidence that the 
silicone treatment primarily sealed non-selective transport pathways rather than simply 
adding a uniform additional resistance to the entire membrane surface. If a thick PDMS 
layer had become the principal separation medium, the measured selectivities would tend 
toward those characteristics of PDMS. Kluge et al., for example, reported α(CO2/N2) ≈ 10.3 
and α(O2/N2) ≈ 2.1 for the PDMS coating material itself [38]. The substantially higher se-
lectivities obtained here for the treated fibers with air gaps ≥ 20 cm therefore indicate that 
separation remained governed predominantly by the underlying PSF skin, whereas the 
silicone layer acted mainly as a defect-healing phase. 

The most favorable balance between productivity and separation efficiency was ob-
tained for the fibers spun at an air gap of 20 cm. Silicone treatment reduced the CO2 per-
meance from approximately 194 to 129 GPU, while N2 permeance decreased from 24.6 to 
5.6 GPU and O2 permeance from approximately 56 to 26 GPU. As a result, α(CO2/N2) in-
creased from approximately 7.9 to 23, whereas α(O2/N2) increased from approximately 2.3 



Energies 2026, 19, 5352 19 of 36 
 

https://doi.org/10.3390/en19215352 

to 4.6. The latter corresponds to approximately 85–86% of the O2/N2 selectivity of 5.4 re-
ported for dense P-3500 LCD MB7 polysulfone by Kluge et al. [38], satisfying the criterion 
proposed by Pinnau and Koros for an essentially defect-free asymmetric selective skin. 

Further increase in the air gap produced higher selectivities but at the expense of a 
pronounced decrease in membrane productivity. After silicone treatment, α(CO2/N2) in-
creased to approximately 28 and 29 for the 22 and 24 cm batches, respectively, while their 
CO2 permeances decreased to only approximately 74 and 49 GPU. For the 26 cm batch, 
the CO2 permeance decreased further to approximately 29 GPU, whereas α(CO2/N2) re-
mained around 26. Thus, beyond an air gap of approximately 20–22 cm, further improve-
ment in skin integrity provided progressively smaller benefits in selectivity relative to the 
loss in permeance. The slight decrease in CO2/N2 selectivity observed at 26 cm also sug-
gests that once the contribution of macroscopic defects becomes small, additional in-
creases in skin thickness or changes in the morphology of the near-surface polymer no 
longer necessarily improve the intrinsic discrimination between CO2 and N2. 

The same conclusion is supported by the O2/N2 results. After silicone treatment, 
α(O2/N2) increased from approximately 2.7 and 3.9 for the 16 and 18 cm fibers to approx-
imately 4.6, 5.0, 5.3, and 5.5 for the 20–26 cm batches. The latter values approach the range 
reported for dense and essentially defect-free polysulfone membranes. Pinnau and Koros 
reported that properly formed dry/wet asymmetric PSF membranes retained at least ap-
proximately 85% of dense-film O2/N2 selectivity [37], while Pesek and Koros obtained 
α(O2/N2) = 5.8 for defect-free aqueous-quenched PSF hollow fibers [40]. 

A quantitative comparison of Figure 6 data further illustrates this trade-off. For the 
untreated fibers, increasing the air gap from 16 to 26 cm decreased the CO2 permeance 
from 448 to 34 GPU (approximately 92%), the N2 permeance from 115.4 to 1.5 GPU (ap-
proximately 99%), and the O2 permeance from approximately 134 to 7 GPU (approxi-
mately 95%). For the 20 cm fiber, Sylgard treatment decreased CO2 permeance from 194 
to 129 GPU (approximately 34%), whereas N2 permeance decreased much more strongly, 
from 24.6 to 5.6 GPU (approximately 77%); consequently, α(CO2/N2) increased from 7.9 to 
approximately 23, i.e., by about 2.9-fold (approximately 191%). Further increasing the air 
gap from 20 to 24 cm raised α(CO2/N2) only from approximately 23 to 29 (about 26%), 
while CO2 permeance fell from 129 to 49 GPU (approximately 62%). At 26 cm, CO2 per-
meance decreased to approximately 29 GPU (approximately 78% below the 20 cm value), 
without any further gain in CO2/N2 selectivity. Thus, the 20 cm condition was selected 
because it preserved substantially higher productivity while already providing a largely 
defect-healed selective skin and near-intrinsic O2/N2 discrimination. 

Overall, the results demonstrate that the air-gap distance controls a clear permeance–
selectivity transition in the as-spun fibers, whereas silicone treatment provides an addi-
tional means of selectively suppressing defect-mediated transport. Short air gaps of 16–18 
cm yield highly productive but strongly defective fibers; long air gaps of 22–26 cm pro-
duce substantially more selective skins but at the cost of increasingly low permeance. The 
20 cm air gap therefore represents the most attractive compromise for further process de-
velopment: after defect healing, the fibers retained a CO2 permeance of approximately 129 
GPU, while achieving α(CO2/N2) ≈ 23 and α(O2/N2) ≈ 4.6. This batch and 22, 24 air gap 
batches were consequently selected for subsequent mixed-gas characterization and exper-
imental evaluation of the membrane cascade. 

The SEM micrographs (Figure 7) confirm the structural evolution of the hollow-fiber 
wall with increasing air-gap distance. Fibers prepared at 16 cm exhibit pronounced finger-
like macrovoids extending close to the external surface and a relatively open near-wall 
region, which is consistent with their very high permeance and low O2/N2 and CO2/N2 
selectivities. At 18 cm, the near-surface structure becomes somewhat denser, although 
large macrovoids remain clearly visible. A more substantial morphological change is 
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observed at 20 cm, where the wall contains a larger fraction of sponge-like structure and 
the outer region appears more consolidated. 

Quantitative analysis of the SEM cross-sections provides additional support for this 
interpretation. The lumen diameter remained nearly constant at approximately 320–330 
µm over the investigated range, whereas the outer fiber diameter and wall thickness de-
creased with increasing air-gap distance, indicating progressive elongational drawing of 
the nascent fiber before coagulation. The 18 cm air gap fiber also exhibited pronounced 
eccentricity of the lumen: the wall thickness was approximately 25–30 µm on the thinner 
side and approximately 80 µm on the opposite side. This asymmetry is consistent with a 
slight spinneret misalignment and/or non-uniform dope flow during spinning. For the 20 
cm air-gap fibers selected for the cascade experiments, the outer diameter was approxi-
mately 430–450 µm, while the lumen diameter remained approximately 320–330 µm. 

The internal morphology changed quantitatively from a macrovoid-rich to a predom-
inantly sponge-like structure. At an air gap of 16 cm, finger- and teardrop-shaped 
macrovoids were typically approximately 8–15 µm wide and extended for more than 30 
µm in the radial direction; the macrovoid-rich zone reached approximately 40–60 µm into 
the wall. At 18 cm, the macrovoids became less abundant and shorter, with typical dimen-
sions of approximately 5–15 µm and occasional larger cavities of approximately 30–40 µm. 
In contrast, the 20 cm fiber exhibited an almost entirely sponge-like wall with characteris-
tic pores of approximately 0.2–1 µm and only isolated cavities not exceeding approxi-
mately 5 µm. A compact region of about 1 µm is visible at the external surface; however, 
this apparent layer should not be interpreted as the true selective-skin thickness, because 
the SEM magnification used here is insufficient to resolve the ultrathin gas-selective layer 
reliably. The progressive suppression of macrovoids is consistent with increasing polymer 
enrichment and delayed phase separation during the longer residence time in the air gap, 
and it agrees with the simultaneous decrease in permeance and increase in selectivity ob-
served in Figure 6. 

This trend agrees with the gas-transport data: increasing the air gap reduces perme-
ance while increasing selectivity, indicating a transition from defect-dominated transport 
toward transport increasingly governed by the solution–diffusion mechanism. Similar ef-
fects of the dry-step duration on the formation and integrity of the selective skin in asym-
metric polysulfone membranes were reported by Pinnau and Koros [37,41]. 

The 20 cm fiber provides the most favorable balance between morphology and 
transport performance. After Sylgard treatment, its CO2 permeance remained relatively 
high at about 129 GPU, while α(CO2/N2) increased to approximately 23 and α(O2/N2) to 
about 4.6. These results indicate that the silicone layer mainly sealed residual surface de-
fects rather than acting as an independent selective layer. 

 
(a) (b) 
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Figure 7. SEM micrographs of asymmetric PSF hollow fibers prepared at air-gap distances of (a,b) 
16 cm, (c,d) 18 cm, and (e,f) 20 cm. Images (a,c,e) show the complete fiber cross-sections, whereas 
(b,d,f) show enlarged views of the external near-wall region. 

3.2. Mixed-Gas Permeation 

The mixed-gas permeation behavior of the selected Sylgard-treated PSF hollow fibers 
was evaluated using the humid model flue gas containing N2/O2/H2O/CO2 = 
73.0/4.4/11.0/11.6 mol.% at 50 °C and a feed-to-permeate pressure gradient of 130 kPa, re-
spectively (Figure 8). The results show that exposure to the multicomponent mixture 
caused a moderate but systematic decrease in the permeance of CO2 and O2, whereas N2 
permeance remained essentially unchanged. 

 
(a) (b) 
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Figure 8. Gas transport characteristics of spun PSF hollow fibers: single gas and mixed gases. (a–c) 
hollow fiber permeance with regard to CO2, N2 and O2; (d) hollow fibers selectivity to CO2/N2 pair. 

For the fiber prepared at an air gap of 20 cm, the CO2 permeance decreased from 129 
GPU for the pure gas to 117 GPU in the mixed-gas experiment, corresponding to a reduc-
tion of approximately 9%. The decrease became more pronounced for the denser fibers: 
from 74 to 61 GPU for the 22 cm batch and from 49 to 40 GPU for the 24 cm batch, i.e., 
reductions of approximately 18% in both cases. Oxygen showed a similar trend, with per-
meance decreasing from 25.8 to 22.5 GPU, from 13.2 to 11.5 GPU, and from 8.7 to 7.8 GPU 
for the 20, 22, and 24 cm fibers, respectively. In contrast, N2 permeance changed only mar-
ginally, from 5.6 to 5.5 GPU for the 20 cm sample and remaining essentially constant at 
2.6 and 1.7 GPU for the 22 and 24 cm samples. 

The reduction in CO2 permeance caused a corresponding decrease in effective 
CO2/N2 selectivity. For the 20 cm fiber, α(CO2/N2) decreased from approximately 23 under 
pure-gas conditions to 21.3 in the wet mixture. For the 22 and 24 cm samples, the selectiv-
ity decreased from approximately 28–29 to 23.5. Despite this reduction, all three mem-
branes retained substantial preferential transport of CO2 over N2, indicating that the de-
fect-healed selective layer remained effective under humid multicomponent conditions. 
The moderate loss in selectivity also illustrates why process simulations based only on 
pure-gas permeances can overestimate actual membrane performance under flue-gas con-
ditions. 

A particularly important feature of the mixed-gas experiments was the very high 
permeance of water vapor. Although H2O is not included in Figure 8 because its perme-
ance was substantially higher than that of the permanent gases, the measured values were 
525 ± 30, 390 ± 25, and 310 ± 20 GPU for the fibers spun at 20, 22, and 24 cm, respectively. 
These values correspond to H2O/CO2 permeance ratios of approximately 4.5, 6.4, and 7.8. 
High water-vapor transport through PSF has been reported previously and reflects the 
strong condensability and sorption affinity of water compared with N2 and O2. Measure-
ments of water-vapor/inert-gas mixtures through polysulfone films have likewise shown 
that water transport can greatly exceed that of permanent gases [42]. 

Possible capillary condensation of water within the porous hollow-fiber substructure 
and water-induced plasticization of the PSF selective region were not quantified inde-
pendently in the present study. Local condensation within the sponge-like porous support 
cannot therefore be completely excluded. Nevertheless, the experimentally observed 
transport response does not indicate a strongly pronounced effect of either liquid-water 
pore filling or plasticization under the investigated conditions. In the humid mixed gas, 
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CO2 permeance decreased by only approximately 9% for the 20 cm fiber and by about 18% 
for the 22 and 24 cm fibers, whereas N2 permeance remained essentially unchanged and 
CO2/N2 selectivity decreased only moderately. Thus, even if capillary condensation or wa-
ter-induced changes in the polymer structure were present locally, their overall influence 
on the measured membrane transport characteristics appears limited within the investi-
gated operating range. Dedicated experiments with systematically varied water activity 
would be required to quantify these effects separately. 

The decrease in H2O permeance with increasing air gap follows the same general 
trend observed for CO2 and O2 and is consistent with the progressive densification of the 
selective region discussed in Section 3.1. Similar behavior was observed for dry–wet-spun 
PSF hollow fibers tested with the same humid flue-gas composition, where water-vapor 
permeance remained the highest among all components and varied strongly with mem-
brane morphology [43]. Thus, increasing the air gap reduces the overall transport rate of 
all condensable species, but the relative preference for H2O becomes stronger as the mem-
brane becomes denser. 

From a process perspective, the high H2O permeance has two consequences. First, 
water vapor will preferentially follow CO2 to the permeate side of the cascade and there-
fore must be explicitly included in the membrane model rather than treated as an inert 
feed component. Second, the high H2O/CO2 permeance ratio means that the CO2-rich per-
meate can also become strongly enriched in water, which may affect downstream com-
pression and condensation. For this reason, the experimentally determined mixed-gas 
permeances, rather than the corresponding pure-gas values, were used as input parame-
ters for the process simulation. 

A strictly like-for-like comparison with literature data is difficult because only a lim-
ited number of studies report hollow-fiber or thin-film composite membrane performance 
using humid mixed gases at post-combustion-relevant CO2 concentrations. The closest 
PSF hollow-fiber benchmark is our previous study [43], in which the same wet 
N2/O2/H2O/CO2 = 73.0/4.4/11.0/11.6 mol.% mixture was used, although at 25 °C rather than 
50 °C. Table 2 therefore compares the present membrane with this closest PSF dataset and 
with representative thin-film composite membranes tested under humid mixed-gas or 
real wet-flue-gas conditions. 

Table 2. Comparison of CO2/N2 transport performance for the present PSF hollow fiber and selected 
membranes evaluated under humid or wet mixed-gas conditions. 

Membrane Wet Mixed-Gas Conditions T/P Q(CO2), 
GPU 

α(CO2/N2) 

PSF  
Present study 

N2/O2/H2O/CO2 
73.0/4.4/11.0/11.6 mol.% 50 °C; feed pressure 150 kPa 117 21.3 

PSF 
Țiuleanu et al. [43] 

N2/O2/H2O/CO2 
73.0/4.4/11.0/11.6 mol.% 25 °C; feed pressure 150 kPa 70.1–1047 3.3–18.8 

PolyActive/PDMS/PES 
Chou et al. [44] 

CO2/N2 
15/85 at 50% RH 25 °C; feed pressure 200 kPa 413 20.24 

GO-reinforced 
PAM/PVA/PSf 
Chen et al. [45] 

Humidified CO2/N2 
10/90 

30 °C; feed pressure 200 kPa 55 65 

Pohlmann et al. [26]  
PolyActive pilot module 

Real wet coal-fired power-
plant flue gas 20 °C; feed pressure 110 kPa ≈1062 ≈43 

The closest PSF comparison [43] shows that the present defect-healed fiber occupies 
the high-selectivity end of the PSF hollow-fiber performance range under the same wet 
feed composition. Relative to the most selective PSF sample reported in that study (Q(CO2) 
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= 70.1 GPU, α(CO2/N2) = 18.8), the present membrane provides approximately 67% higher 
CO2 permeance and approximately 13% higher CO2/N2 selectivity, although the different 
test temperatures (50 versus 25 °C) preclude a strict one-to-one comparison. The recent 
humid PolyActive/PDMS/PES TFC hollow fiber reported by Chou et al. shows a similar 
CO2/N2 selectivity (20.24 versus 21.3) but a substantially higher CO2 permeance (413 ver-
sus 117 GPU). In contrast, the GO-reinforced PAM/PVA/PSf thin-film composite mem-
brane reported by Chen et al. under humidified 10/90 CO2/N2 conditions exhibited a lower 
CO2 permeance of 55 GPU but a substantially higher CO2/N2 selectivity of 65, illustrating 
the usual permeance–selectivity trade-off. Established PolyActive pilot-scale TFC mem-
branes provide still higher transport performance, with representative values around 1062 
GPU and α(CO2/N2) ≈ 43 under wet flue-gas operation [26]. Accordingly, the present PSF 
hollow fiber should not be regarded as a record-performance membrane; its relevance lies 
in combining moderate but reproducible wet mixed-gas selectivity with a simple, scalable 
integrally skinned hollow-fiber architecture that can be directly incorporated into the ex-
perimentally validated cascade. 

Overall, the mixed-gas results confirm that the 20 cm fiber remains the most favorable 
compromise between productivity and selectivity. It retains a comparatively high CO2 
permeance of 117 GPU together with α(CO2/N2) = 21.3 and α(O2/N2) = 4.1, whereas the 22 
and 24 cm fibers provide only a modest gain in mixed-gas selectivity at the expense of 
substantially lower CO2 permeance. Consequently, the 20 cm membrane was selected for 
subsequent process calculations and experimental validation of the membrane cascade. 

3.3. Process Simulation 

The experimentally determined mixed-gas permeances of the PSF hollow-fiber mem-
brane were introduced into the Aspen Plus model to evaluate the performance of the 
“Continuous Membrane Column” cascade under conditions corresponding to the subse-
quent laboratory experiments in terms of pressure and temperature. A scaled-down rep-
resentative flue-gas flow rate of 100 L(N) min−1 was used as the overall feed flow in the 
process simulation. Other details of process simulation conditions are given in Table 3. 
Three process criteria were considered: a CO2 recovery above 80%, a CO2 concentration in 
the residual stream below 2 mol.%, and a CO2 concentration in the product stream above 
70 mol.%. These requirements are intentionally less stringent than the targets commonly 
adopted for post-combustion carbon capture, where CO2 recovery of at least 90%, product 
purity above 95 mol.%, and residual CO2 below 2 mol.% are typically considered. In our 
previous studies [34,35], however, it was demonstrated that achievement of these more 
demanding targets is strongly limited by membrane selectivity. For a binary CO2/N2 mix-
ture, a CO2/N2 selectivity of at least approximately 32 was required to obtain a product 
purity above 95 mol.%, whereas for the realistic four-component wet flue gas the required 
selectivity increased to approximately 48. 

Two complementary simulation cases were considered in the present work. The first, 
hereafter referred to as the process-scale simulation, was used for process analysis and 
membrane-area sensitivity calculations and employed a representative feed flow of 100 
L(N) min−1. The second, hereafter referred to as the lab-scale simulation, was introduced 
specifically for direct verification against the experimental cascade. In this case, the model 
used the actual membrane areas of the laboratory modules (5.17 m2 for M1, 0.55 m2 for 
M2, and 0.70 m2 for M3) together with the experimentally investigated feed-flow range of 
5.7–10 L(N) min−1. Feed composition, temperature, pressure conditions, membrane 
transport parameters, and cascade topology were kept identical in the two calculations. 
This additional lab-scale calculation therefore allowed the influence of absolute process 
scale and module geometry to be separated from deviations associated with the idealized 
description of the real experimental system. 
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Table 3. Process simulation parameters. 

Parameter Value 
Feed flow, L(N) min−1 100 

Pressure, MPa 0.15 
Temperature, °C 50 

Flue gas composition, mol.%  
N2 73 

CO2 11.6 
H2O 11 
O2 4.4 

The present PSF membrane exhibits substantially lower mixed-gas selectivity and 
therefore cannot be expected to reproduce the separation performance predicted previ-
ously for high-performance CO2-selective membranes merely by increasing membrane 
area. This point is important because the membrane area primarily controls the stage cut 
and the amount of gas transferred between the retentate and permeate streams, whereas 
insufficient intrinsic selectivity leads to simultaneous permeation of N2 and O2 together 
with CO2. In the previous four-component simulation, it was shown that membranes with 
CO2/N2 selectivity of approximately 20–21 were unable to meet the stringent residual-CO2 
specification while maintaining high product purity, and a selectivity close to 48 was re-
quired to reach 95 mol.% CO2 in the product stream. 

The effect of the membrane areas in the stripping and enrichment sections is illus-
trated in Figure 9 by two-dimensional response maps. Increasing the membrane area in 
module M1 produces the most direct effect on CO2 removal from the feed stream. A larger 
membrane area of first module increases the stage cut in the stripping section and, conse-
quently, increases the amount of CO2 transferred to the permeate side. As a result, CO2 
recovery increases and the CO2 concentration in the residual stream decreases. This be-
havior is consistent with the mechanism previously established for the “Continuous 
Membrane Column”: M1 determines the extent of CO2 removal from the original flue-gas 
stream and simultaneously controls the composition and flow rate entering the enrich-
ment part of the cascade. 

  
(a) (b) 
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Figure 9. Two-dimensional response maps showing the simultaneous effect of the stripping-section 
membrane area, A(M1), and the total enrichment-section membrane area, A(M2+M3), on (a) CO2 con-
centration in the product stream, (b) CO2 concentration in the residual stream, and (c) CO2 recovery. 
The highlighted contour lines indicate the corresponding process-performance limits. 

The recovery map shows that the recovery criterion is the least restrictive of the three 
considered requirements. CO2 recovery increases from approximately 79.5% at the lowest 
membrane areas to almost 84% at the upper end of the investigated range. The recovery 
rate of 80% boundary is reached already at relatively small membrane areas, after which 
further increases in either in membrane area of both sections provide only a gradual in-
crease in recovery. Thus, for the investigated PSF membrane, the 80% recovery target can 
be achieved over most of the considered membrane-area range. 

For quantitative reference, the response maps in Figure 9 cover a stripping-section 
membrane area A(M1) of approximately 47.5–52.5 m2 and a total enrichment-section area 
A(M2+M3) of approximately 10.5–14.0 m2. At the lower-area corner of this domain, the 
model gives a CO2 recovery of about 79.5%, a product CO2 concentration of approximately 
72.1 mol.%, and a residual CO2 concentration of about 2.4 mol.%. At the upper-area corner, 
the corresponding values are approximately 83.8%, 68.9 mol.%, and 1.94 mol.%, respec-
tively. The low- and high-utilization process-scale cases that bracket this range correspond 
to overall stage cuts of approximately 0.11 and 0.19, respectively. These numerical values 
make explicit the recovery–purity trade-off represented by the response surfaces. 

An increase in the membrane area of the enrichment section also increases CO2 re-
covery, but through a different mechanism. Larger membrane areas in M2 and M3 allow 
a greater fraction of the CO2 transferred from the stripping section to be retained on the 
product side of the cascade rather than returned through the internal recycle. Accord-
ingly, increasing membrane area of the M2 and M3 reduces CO2 circulation back toward 
M1 and lowers CO2 losses in the residual stream. Similar coupling between the stripping 
and enrichment sections was observed in the previous simulations: insufficient membrane 
area in the enrichment section increased the CO2 recycle load and consequently required 
a larger stripping-section area to obtain the same overall separation performance. 

The residual-stream composition is therefore governed by the simultaneous action of 
both membrane sections. Increasing module 1 membrane area directly removes a larger 
fraction of CO2 from the feed, while increasing M2 and M3 areas decreases the amount of 
CO2 returned to the stripping section through recycle. As shown by the corresponding 
response surface, the lowest residual CO2 concentrations are obtained only when both 
membrane areas are sufficiently large. In contrast to the recovery requirement, the condi-
tion of less than 2 mol.% CO2 in the residual stream is achieved only within a 
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comparatively narrow region of the investigated parameter space. Thus, the residual-
stream specification represents a substantially more restrictive criterion for the present 
PSF membrane. 

The influence of membrane area on product purity is qualitatively different. Increas-
ing the enrichment-section area decreases the CO2 concentration in the product stream. 
This trend was also observed in the previous studies of the cascade and is caused by the 
increase in stage cut in the final enrichment stage. At relatively low stage cut, the permeate 
is preferentially enriched in CO2. When the membrane area is increased, the amount of 
CO2 transferred continues to rise, but an increasing fraction of N2 and O2 also permeates 
through the membrane. Consequently, the total permeate flow increases faster than the 
selective enrichment of CO2, leading to dilution of the final product 

The same effect is visible, although less pronounced, when M1 area is increased. A 
larger M1 area increases the total permeate flow entering the enrichment section and pro-
motes additional co-permeation of the less permeable components. Therefore, increasing 
the stripping-section area improves recovery and decreases CO2 losses in the residual 
stream, but does not necessarily improve product purity. This illustrates the fundamental 
recovery–purity trade-off characteristic of membrane separations: increasing stage cut fa-
vors recovery, whereas lower stage cut generally favors permeate purity. 

Consequently, the membrane areas in the two sections cannot be increased inde-
pendently without considering the effect on all three process characteristics. The lower 
boundary of the acceptable operating region is determined mainly by the requirements 
for CO2 recovery and, more importantly, for residual CO2 concentration, whereas the up-
per practical membrane area of the enrichment section is limited by the decrease in prod-
uct purity. The intersection of these restrictions defines a relatively narrow feasible oper-
ating window in which the present PSF membrane can simultaneously provide more than 
80% CO2 recovery, less than 2 mol.% CO2 in the residual stream, and more than 70 mol.% 
CO2 in the product. 

The difference between these targets and the more conventional 90% recovery and 
95% purity requirements is primarily associated with membrane selectivity rather than 
with the cascade configuration itself. Previous calculations demonstrated that the “Con-
tinuous Membrane Column” can satisfy the more stringent requirements when a mem-
brane with sufficiently high CO2/N2 selectivity is used. For the binary system, the limiting 
selectivity was approximately 32, while for the wet four-component flue gas it increased 
to approximately 48. Thus, the present results should not be interpreted as an intrinsic 
limitation of the cascade concept, but rather as a consequence of using a technologically 
accessible PSF hollow-fiber membrane with moderate selectivity. 

A membrane with transport characteristics close to MTR Polaris would be suitable 
for meeting the higher separation targets. Polaris Gen-1 has been reported with a CO2 
permeance of approximately 1000 GPU and a CO2/N2 selectivity of around 50, i.e., close 
to the selectivity identified in our previous four-component simulations as necessary for 
achieving high-purity CO2 capture. However, Polaris is a proprietary thin-film composite 
technology rather than a generally available membrane material that can be inde-
pendently fabricated or purchased as a standard polymer membrane for laboratory mod-
ule production. 

This distinction was one of the reasons for using PSF hollow fibers in the present 
study. Although their separation performance is lower than that of Polaris-type mem-
branes, hollow fibers can be fabricated continuously using conventional phase-inversion 
technology, assembled into modules with high packing density, and directly integrated 
into the experimental cascade. The present simulation therefore serves primarily to deter-
mine a realistic operating window for the experimentally available membrane and to de-
fine membrane areas suitable for subsequent validation of the complete cascade. 
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3.4. Experimental CO2 Capture and Simulation Validation 

Experimental validation of the assembled Continuous Membrane Column cascade 
was performed by varying the operating flow rates while keeping the membrane mod-
ules, feed composition, temperature, and pressure conditions unchanged (Table 4), and 
the results are given in Figure 10. For comparison with the experiment, Figure 10 includes 
predictions from both simulation cases described above. The process-scale curves corre-
spond to the proportionally scaled configuration used for process analysis, whereas the 
lab-scale curves were calculated using the actual membrane areas and the same feed-flow 
range as in the experiments. The overall stage cut, θ, was used as the common comparison 
coordinate because it characterizes the fraction of the fresh feed transferred to the CO2-
rich product side and provides a dimensionless measure of membrane utilization. The 
experimental data reveal a consistent change in all three performance indicators with in-
creasing θ: the CO2 concentration in the product decreases, the CO2 concentration in the 
residual stream decreases, and CO2 recovery increases. 

Table 4. Experimental process study parameters. 

Parameter Value 
Feed flow, L(N) min−1 5.7–10 

Pressure, MPa 0.15 
Temperature, °C 51–53 

Module 1  
A, m2: 

Douter, mm: 
Dinner, mm: 
Lactive, mm: 

Nfibers: 

5.17 
63 

51.4 
595 

~6450 
Module 2  

A, m2: 
Douter, mm: 
Dinner, mm: 
Lactive, mm: 

Nfibers: 

0.55 
32 

26.2 
243 

~1650 
Module 3  

A, m2: 
Douter, mm: 
Dinner, mm: 
Lactive, mm: 

Nfibers: 

0.7 
32 

26.2 
310 

~1650 
Flue gas composition, mol.%  

N2 73 
CO2 11.6 
H2O 11 
O2 4.4 

At the lowest investigated stage cuts, the product stream contained approximately 
75–76 mol.% CO2, while the CO2 concentration in the residual stream remained close to 2 
mol.%. Increasing θ progressively intensified removal of CO2 from the N2-rich residual 
stream. In the intermediate operating region, residual CO2 decreased to approximately 
1.0–1.5 mol.%, and at the highest stage cuts it fell well below 1 mol.%. At the same time, 
the product purity decreased continuously. This behavior reflects the usual purity–recov-
ery trade-off of membrane separation: increasing the fraction of gas transferred through 



Energies 2026, 19, 5352 29 of 36 
 

https://doi.org/10.3390/en19215352 

the membrane promotes overall capture of the preferentially permeating CO2, but also 
increases co-permeation of the less permeable components, primarily N2 and O2, thereby 
diluting the CO2-rich product. 

(a) (b) 

 
(c) 

Figure 10. Experimental and simulated effects of the overall stage cut, θ, on (a) CO2 concentration 
in the product stream, (b) CO2 concentration in the residual stream, and (c) CO2 recovery in the 
“Continuous Membrane Column” cascade. Symbols represent experimental data; the two solid 
curves represent the process-scale and lab-scale Aspen Plus simulations, respectively; dashed lines 
indicate the target process values. 

The recovery data show the complementary part of the same trend. At low stage cut, 
the cascade operates in a high-purity but comparatively lower-recovery regime. As θ in-
creases, a larger fraction of the incoming CO2 is transferred to the product stream and the 
recovery rises from approximately 72% to more than 80%. Thus, the experimental cascade 
demonstrates the expected transition from a low-stage-cut regime characterized by higher 
product purity and lower recovery to a higher-stage-cut regime characterized by deeper 
CO2 removal from the residual gas and higher recovery, but lower product purity. 
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Considering the target values adopted in this work—CO2 concentration in the prod-
uct above 70 mol.%, CO2 concentration in the residual stream below 2 mol.%, and CO2 
recovery above 80%—the experimental operating window is relatively narrow. The resid-
ual-stream specification is satisfied over almost the entire investigated range and becomes 
increasingly easy to meet as θ increases. In contrast, the product-purity requirement limits 
the maximum practical stage cut, because the CO2 concentration in the product falls below 
70 mol.% at the upper part of the investigated range. The recovery requirement imposes 
the opposite limitation and is achieved only at sufficiently high stage cut. Consequently, 
the experimentally useful operating region is located near the intersection of these two 
opposing constraints, where the cascade provides approximately 70 mol.% or more CO2 
in the product while maintaining recovery close to or above 80% and residual CO2 below 
2 mol.%. 

For a direct quantitative comparison in the practically relevant operating region, Ta-
ble 5 summarizes the experimental results together with the process-scale and lab-scale 
simulations at overall stage cuts of approximately 0.16 and 0.17. The experimental perfor-
mance metrics had a relative uncertainty of approximately 0.7–1.1%. The Aspen Plus re-
sults are deterministic calculations for the specified model inputs and are therefore re-
ported without an experimental uncertainty. To quantify agreement, the table reports the 
absolute deviations between the lab-scale simulation and the corresponding experimental 
values. 

Table 5. Quantitative comparison of experimental and simulated cascade performance in the prac-
tical operating region. 

θ CO2 Experiment 
Process-Scale Simu-

lation Lab-Scale Simulation Absolute Deviation 

0.16 
Product, mol.% 73.58 ± 0.81 72.50 72.50 1.078 
Residual, mol.% 1.458 ± 0.02 2.12 2.16 0.702 

Recovery, % 80.05 ± 0.89 81.90 81.15 1.100 

0.17 
Product, mol.% 69.84 ± 0.77 71.75 71.40 1.560 
Residual, mol.% 1.123 ± 0.01 2.00 2.07 0.947 

Recovery, % 80.11 ± 0.88 82.81 81.90 1.790 

The experimental results were compared with both Aspen Plus calculations using the 
same overall stage cut as the comparison coordinate. The process-scale and lab-scale sim-
ulations are very close over the entire investigated range and reproduce the same charac-
teristic trends: increasing θ decreases the CO2 concentration in both the product and re-
sidual streams while increasing CO2 recovery. This behavior is fully consistent with the 
membrane-area response maps in Figure 9. In the process-scale sensitivity analysis, in-
creasing the membrane-area-to-feed-flow ratio increases membrane utilization and stage 
cut, which similarly promotes deeper CO2 removal and higher recovery at the expense of 
product purity. Thus, Figures 9 and 10 describe the same underlying operating trade-off 
using two different control variables. 

The close agreement between the process-scale and lab-scale predictions shows that, 
within the assumptions of the present model, the principal separation behavior is gov-
erned primarily by membrane utilization, pressure ratio, membrane transport properties, 
and recycle topology rather than by the absolute size of the apparatus. Reducing the feed 
flow together with the corresponding membrane areas therefore produces only minor 
quantitative changes in the predicted performance. These differences are mainly associ-
ated with geometry-dependent hydrodynamic terms, particularly the axial pressure-drop 
profiles included in the hollow-fiber model. Consequently, the remaining discrepancy 
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between the lab-scale simulation and the experimental data cannot be attributed primarily 
to the difference in process scale. 

Instead, the model–experiment deviations are more plausibly related to engineering 
and non-ideal effects that are not explicitly resolved by the one-dimensional constant-per-
meance model. In particular, the real modules contain a finite and spatially non-uniform 
hollow-fiber packing density, local variations in inter-fiber spacing and bundle compac-
tion, inlet/outlet manifold effects, and possible bypass or preferential-flow regions, 
whereas the model represents the shell and bore sides by idealized one-dimensional flow 
fields. Additional sources of deviation include finite connecting volumes, fluctuations of 
the internal recycle flow, local pressure variations, module-to-module variability, concen-
tration polarization, and possible composition-dependent changes in membrane perme-
ance as the local gas composition evolves along the cascade. The laboratory-scale recalcu-
lation therefore strengthens the validation result: the model correctly captures the quali-
tative response of the cascade and the relevant operating window, whereas the remaining 
quantitative differences reflect limitations of the idealized module description rather than 
an artefact of comparing systems of different absolute scale. 

Because the process-scale and lab-scale predictions nearly overlap, the quantitative 
model–experiment comparison was referenced primarily to the lab-scale simulation, 
which uses the actual membrane areas and experimental feed-flow range. For the CO2-
rich product, the magnitude and even the sign of the deviation depend on stage cut. At θ 
≈ 0.115, the experimental product concentration is about 76.0 mol.% compared with ap-
proximately 73.4 mol.% predicted by the lab-scale model, i.e., an experimental value 
higher by about 2.6 percentage points. Near the practical operating region at θ ≈ 0.158, the 
corresponding values are approximately 73.6 and 72.5 mol.%, respectively, reducing the 
difference to about 1.1 percentage points. At the highest investigated stage cut, θ ≈ 0.185, 
the experimental product concentration decreases to about 62.8 mol.% while the model 
predicts approximately 67.3 mol.%, corresponding to a difference of about 4.5 percentage 
points. Thus, the largest discrepancy in product purity occurs outside the preferred oper-
ating window, where the real cascade is more sensitive to increasing stage cut than the 
idealized calculation. 

For the residual stream, the experiment systematically shows deeper CO2 removal 
than predicted. At θ ≈ 0.115, the measured residual CO2 concentration is approximately 
2.0 mol.% compared with about 2.38 mol.% in the lab-scale model, a difference of approx-
imately 0.4 percentage points. Near θ ≈ 0.158, the measured residual concentration is 
about 1.46 mol.% versus approximately 2.16 mol.% predicted, so the experiment is lower 
by about 0.70 percentage points. At θ ≈ 0.185, the experimental residual CO2 content falls 
to approximately 0.20 mol.%, whereas the model predicts about 1.87 mol.%, increasing 
the difference to approximately 1.7 percentage points. Accordingly, the experimental cas-
cade consistently outperforms the model with respect to residual-gas CO2 depletion, and 
this advantage becomes more pronounced at high membrane utilization. 

The CO2-recovery comparison shows the opposite systematic tendency: the model 
predicts higher recovery than measured experimentally, but the discrepancy decreases 
markedly in the relevant operating region. At θ ≈ 0.115, the experiment gives approxi-
mately 72.0% recovery compared with about 78.3% predicted by the lab-scale model, cor-
responding to a difference of approximately 6.3 percentage points. At θ ≈ 0.130–0.148, this 
difference decreases to approximately 3.1–3.3 percentage points. Near θ ≈ 0.158, where the 
experimental cascade reaches the adopted recovery target while retaining product purity 
above 70 mol.%, the experimental and predicted recoveries are approximately 80.0% and 
81.1%, respectively, i.e., they differ by only about 1.1 percentage points. At the upper end 
of the investigated range, θ ≈ 0.185, the difference remains moderate: approximately 80.7% 
experimentally versus 82.9% predicted, or about 2.2 percentage points. These results show 
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that the quantitative agreement is best in the operating region of practical interest, while 
the larger deviations observed at non-optimal stage cuts are consistent with engineering 
effects and flow non-idealities that are not explicitly represented by the model. 

The sensitivity analysis in Figure 11 shows that the characteristic decrease in product 
CO2 concentration with increasing overall stage cut is preserved over the entire ±20% var-
iation range of the membrane transport parameters. Proportional variation in all compo-
nent permeances produces only a relatively narrow spread around the base-case curve 
when the results are compared at the same overall stage cut. This behavior is expected 
because a change in the absolute membrane permeance primarily shifts membrane utili-
zation and, consequently, the stage cut itself, while having a smaller effect on product 
composition at a fixed θ. 

(a) (b) 

Figure 11. Sensitivity of the predicted CO2 concentration in the product stream to variations in mem-
brane transport properties: (a) proportional variation in mixed-gas permeances by ±10% and ±20%; 
(b) variation in CO2 selectivity by ±10% and ±20%. The dark-blue curve represents the base-case lab-
scale simulation. 

In contrast, the predicted product composition is substantially more sensitive to 
changes in membrane selectivity. Variations of ±10% and ±20% in selectivity produce a 
progressively wider range of CO2 product concentrations, particularly at higher stage 
cuts, where co-permeation of the less selective components becomes increasingly im-
portant. Nevertheless, all sensitivity cases retain the same monotonic purity–stage-cut de-
pendence and the same general operating behavior as the base-case calculation. The ex-
perimental data in the practically relevant intermediate stage-cut region are close to the 
range predicted by the sensitivity calculations, whereas the larger deviations observed at 
the limits of the investigated range cannot be explained solely by reasonable variation in 
membrane transport properties. This result supports the use of experimentally measured 
constant mixed-gas permeances as a suitable first-order approximation for process simu-
lation, while also confirming that the remaining model–experiment discrepancies are 
likely associated with module-scale hydrodynamic and engineering non-idealities. 

Overall, the comparison demonstrates that the mathematical model reproduces the 
experimentally observed process trends and correctly identifies the trade-off between 
product purity, residual-stream purification, and CO2 recovery. The remaining discrep-
ancies are primarily quantitative rather than qualitative. The results therefore support the 
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use of the developed Aspen Plus model for process analysis and operating-window selec-
tion, while also indicating that further refinement of the module description—particularly 
with respect to composition-dependent transport and non-ideal hydrodynamics—could 
improve quantitative agreement with the experimental cascade. 

Several limitations must therefore be considered before scale-up of the present cas-
cade. First, pressure drop becomes increasingly important as module length, fiber num-
ber, packing density, and gas throughput increase; the resulting axial pressure loss re-
duces the local transmembrane driving force and may cause different sections of a large 
module to operate at different effective pressure ratios. Second, larger hollow-fiber bun-
dles are more susceptible to shell-side flow maldistribution arising from non-uniform fi-
ber packing, bundle compaction, channeling, bypass flow, and inlet/outlet manifold ef-
fects. Such effects can produce module-to-module deviations that are not captured by the 
present one-dimensional idealized flow description and therefore require dedicated dis-
tributor design and hydrodynamic validation at larger scale. Third, although no marked 
deterioration was observed during the approximately one-week experimental campaign, 
the present study does not establish the long-term stability of the Sylgard defect-healing 
treatment. Prolonged exposure to humid flue gas, repeated pressure cycling, and poly-
mer/coating aging may alter the effectiveness of defect sealing over extended operation. 
A rigorous assessment of this issue would require continuous tests of at least 100–500 h, 
accompanied by periodic measurements of permeance, selectivity, pressure drop, and 
stream composition. Such long-duration operation was outside the scope of the present 
experimental campaign. Accordingly, future scale-up work should combine validated 
pressure-drop correlations and improved flow distribution with dedicated long-term sta-
bility testing of the silicone-treated hollow-fiber modules. 

4. Conclusions 
This work demonstrates, within a single study, the complete development pathway 

from membrane fabrication to process-scale validation for post-combustion CO2 capture. 
Polysulfone hollow fibers were produced by dry–wet spinning, structurally and 
transport-characterized, defect-healed, and evaluated under both single-gas and humid 
four-component flue-gas conditions. The results showed that an air gap of 20 cm provided 
the most favorable balance between permeance and selectivity, with mixed-gas CO2 per-
meance of 117 GPU and CO2/N2 selectivity of 21.3. 

The experimentally measured multicomponent transport properties were success-
fully transferred into the Aspen Plus model of the three-module “Continuous Membrane 
Column” cascade. Process simulation showed that membrane-area distribution strongly 
affects CO2 recovery, residual CO2 concentration, and product purity, with the expected 
trade-off between deeper CO2 removal and decreasing product purity at increasing mem-
brane utilization. 

Experimental testing of the complete cascade with the humid N2/O2/H2O/CO2 mix-
ture confirmed the same qualitative trends predicted by the model. Increasing the overall 
stage cut increased CO2 recovery and decreased CO2 concentration in the residual stream, 
while reducing CO2 concentration in the product. Within the experimentally accessible 
operating range, the cascade achieved approximately 80% CO2 recovery, below 2 mol.% 
CO2 in the residual stream, and about 70 mol.% CO2 in the product. 

The product purity obtained with the present PSF membrane remains limited to ap-
proximately 70 mol.% CO2, and the practical significance of this value depends on the 
requirements of the downstream utilization route. If a CO2 concentration above approxi-
mately 90–95% is required, for example for high-purity transport, storage, liquefaction, or 
synthesis applications, the present membrane/cascade combination cannot meet this spec-
ification without an additional purification step. This limitation is primarily associated 
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with the moderate CO2/N2 selectivity of the experimentally fabricated PSF hollow fibers 
rather than with the cascade configuration itself. However, a 70 mol.% CO2 stream may 
already be suitable, from the standpoint of CO2 concentration, for utilization routes that 
tolerate substantially lower-purity carbon dioxide, including mineral carbonation and the 
production of carbonate-based materials such as precipitated calcium carbonate; biologi-
cal utilization routes can likewise employ CO2-containing gas streams after controlled di-
lution. In such cases, the «Continuous Membrane Column» can be considered not only as 
a final purification unit but also as a local CO2 capture and pre-concentration step inte-
grated between a nearby power plant and a CO2-consuming production facility. Such site-
specific integration could avoid unnecessary deep purification when the downstream pro-
cess does not require transport-grade CO2, although the acceptability of residual impuri-
ties must be assessed for each particular application. 

For industrial scale-up, the present results should therefore be regarded as a labora-
tory-scale validation rather than a demonstration of long-term module durability. Pres-
sure-drop control, uniform gas distribution through larger fiber bundles, and the stability 
of the Sylgard defect-healing treatment during continuous 100–500 h operation remain 
key issues for subsequent experimental development. 

Overall, the study validates the «Continuous Membrane Column» concept using in-
dependently fabricated hollow-fiber membranes and demonstrates that experimentally 
determined membrane properties can be used to predict the behavior of the complete sep-
aration process. The remaining deviations between simulation and experiment are mainly 
quantitative and indicate that further model refinement should focus on composition-de-
pendent transport, recycle behavior, and non-ideal module hydrodynamics. 
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