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Abstract: Biomass as a clean and renewable source of energy has immense potential to aid in solving
the energy crisis in the world. In order to accurately predict the fluidization behavior of biomass
particles using the Eulerian-Eulerian approach and the kinetic theory for granular flows (KTGF),
employing appropriate models that adapt to irregularly shaped particles and can precisely predict
the interaction between particles is crucial. In this study, the effects of varying radial distribution
functions (RDF), frictional viscosity models (FVM), angles of internal friction (¢), and stress blending
functions (SBF) on the performance of two-fluid models (TFM) were investigated. Simulation
predictions were compared and validated with the previous experiments in the literature on Geldart
B biomass particles of walnut shells. When applying sphericity to account for size irregularities of
biomass particles, the results of this study demonstrated that predictions of both the Ma—Ahmadi
and the Carnahan-Starling RDFs along with the Schaeffer FVM agree with experimental data. More
specifically, the bubbling behavior prediction slightly favored the use of the Ma—Ahmadi RDF for
biomass particles. The results also revealed the importance of using FVM regardless of the initial
void fraction. The use of the Schaeffer FVM became more important as time proceeded and particle
bulk density decreased. With the change of ¢ and the application of SBE, no significant differences
in the time-averaged results were observed. However, when ¢ ranges were between 30 and 40, the
predictions of bubbling behavior became more greatly aligned with experimental results.

Keywords: fluidized bed; Eulerian-Eulerian model; two-fluid model; kinetic theory for granular
flow; biomass

1. Introduction

Biomass is a carbon-neutral and clean source of energy. The amount of carbon dioxide
produced during combustion is absorbed by crops during photosynthesis [1,2]. Further,
biomass is abundant and renewable and can be found everywhere from trees to animal
waste. Globally, each year, over one billion tons of agricultural material (wheat, grain, corn,
etc.) are wasted [3], which can potentially provide billions of tons of producer gas. In
spite of all the advantages of biomass, according to data from the U.S. Energy Information
Administration (EIA) on April 2022, only about 4.7% of all energy consumption in the
United States is from biomass energy production [4].

To increase the share of biomass in energy production, the fluidization hydrodynamic
behavior of these particles must truly be understood. The profile of biomass particles can
change drastically from very fine grains to very long and thin particles. Biomass particles
in general are irregular in shape, size, density, and pliability and have low sphericity, which
could lead to problems in fluidization, such as particle agglomeration, elutriation, and
segregation [5]. To address these issues, a secondary inert material, such as sand or alumina,
can be added to the bed. However, the significant differences in the properties of biomass
and inert particles can lead to a non-uniform distribution of biomass particles within the
fluidized bed. This can cause major issues with particle interactions and mixing. Hence,
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gaining enough knowledge about the successful fluidization of biomass particles alone is
crucial and can be used in different industrial applications. For this purpose, numerical
models have been proven to be a powerful tool. Eulerian—Eulerian models as opposed
to Lagrangian models allow for modeling large industrial systems. Eulerian—-Eulerian
models treat both phases as an interpenetrating continuum, and the kinetic theory for
granular flows (KTGF) is used to model the solids phase constitutive equations. Due to
their nature, biomass particles have a tendency for agglomeration. However, KTGF only
explains the motion of particles and not the particle clusters. Hence, various closure laws
have been proposed to improve the performance of Eulerian-Eulerian models with KTGF
to successfully predict the fluidization behavior of this group of particles. Choosing a set of
granular models and properties that are adaptable to biomass particles with their irregular
properties is crucial in reliable simulations. There is some research focused on the effects of
particle irregularities on fluidization behavior and how to address this issue to successfully
predict the hydrodynamics of the process using Eulerian-Eulerian models.

Since the effect of these irregularities presents itself on the drag force exerted by the
fluid phase on the particles, some researchers focused on drag models. Nikku et al. [6]
applied a characterization method of an average drag force combined with the results of
an imaging analysis performed using a commercial image analysis software. The method
was applied to four different materials, and the results were compared with the data of a
single particle drag. The results demonstrated that irregularly shaped particles must be
approached in a different manner when it comes to their size and shape. It was found that
considering all dimensions of the particles as well as applying the characterization method
as a way to describe these particles was critical for determining the average gas—solid drag
force. Later, Hua et al. [7] proposed a new drag model that switches between the Ganser
correlation in the dilute solid concentration condition and the Ergun correlation in the dense
condition. Using the proposed drag model, Hua et al. [7] conducted a Eulerian—Eulerian
CFD model to predict the fluidization behaviors of irregular Geldart B particles, and
validated their results with a lab-scale experiment. The proposed drag model effectively
predicted the behavior of the particles, while it was found to be sufficiently stable to
the slight changes of U, and ¢, ¢. They also proposed a method to accurately estimate
particle sphericity using U,,r and ¢,,5 and suggested that this method accompanying the
proposed drag model was a reasonable and convenient way to predict the fluidization
behavior of irregular particles using Eulerian—-Eulerian models. Estejab and Battaglia [8]
studied the effect of drag models on the fluidization behavior of biomass particles and their
mixtures. They studied an assortment of drag models to improve the simulation of the
hydrodynamics of fluidization behavior. They found that for Geldart A biomass particles,
for both single and binary phase mixtures, the Gidaspow-blend drag model yielded the best
results compared to experimental data, that is, if the static regions that do not participate in
fluidization are considered.

To understand the effects of particle irregularities, some studies tested different simu-
lation methods and some focused on the important parameters. Elfasakhany and Bai [9]
studied the motion of irregularly shaped biomass particles in turbulent flows both numer-
ically and experimentally. In order to computationally model the flow of particles, both
one- and two-way coupling were employed for two-phase flows. In one-way coupling, the
fluid continuum affects solid particles via drag and turbulence, but the reverse effect was
not considered. In two-way coupling, however, the interaction occurs both ways, meaning
both phases affect one another. In addition, they proposed a shape function to account
for the irregulates of particles studied. It was found that the use of the shape function
was crucial to successfully predict the fluidization behavior of irregularly shaped particles
yielding no significant differences between the one-way and two-way coupling. Hence, it
was proposed that one-way coupling is sufficient to successfully predict the fluidization
behavior of biomass particles. Subsequently, Girimonte et al. [10] studied the fluidization
of binary mixtures of irregularly shaped biomass mixed with inert particles. The results in-
dicated that the theoretical models for determining the characteristic fluidization velocities



Energies 2023, 16, 2051

30f20

of two spherical solids in a binary mixture, including initial and final fluidization velocity,
can, in fact, be extended to binary mixtures of irregularly shaped particles. It should be
noted that the conclusion above was made by applying sphericity to correct the particle
size used in the developed equations. Through the theoretical equations, an optimal size
of the inert particles to promote the biomass distribution along the bed height was also
concluded. Consequently, better mixing of components in the bed was achieved. Later,
Rashid et al. [11] computationally researched the effects of the following three granular
solid properties in a two-phase riser in the fast fluidization regime: granular viscosity,
frictional viscosity, and solid pressure. The studied particles were categorized as Geldart A
and Geldart B particles, and the sub-grid drag model was employed. The simulations of the
Geldart A particles aligned well with the experimental results. However, the simulations of
the Geldart B particles significantly differed from the experimental results at higher heights,
whereas the change of solid granular properties had negligible effects on the results at
lower heights. Rashid et al. [11] also concluded that it is necessary to apply the turbulent
model for the fast fluidization regime, where simply assuming laminar flow predicted
unrealistic results.

Céceres-Martinez et al. [12] studied the importance of the physical properties of
biomass particles on the determination of the minimum fluidization velocity, U,,s. They
used various biomasses to test the accuracy of the correlation reported in the literature
to find U, Iz In all the cases tested, sand was present as the inert, and diverse mass
ratios of sand-biomass were considered. However, the highest biomass mass ratio in
the mixture tested was 10%. The significant impact of particle size, particle sphericity,
and the mass fraction of the biomass in the bed on the fluidization of the mixtures was
reported along with the observed importance of the Geldart classification on the satisfactory
performance of correlation reported in the literature to find Uy, s. He et al. [13] reviewed
the agglomeration of biomass particles in a fluidized bed. In their review, they attributed
biomass agglomeration to the existence of inorganic elements in the chemical composition
of biomass. The review specifically focused on the impact of various types of alkali salts on
biomass agglomeration. It was found that alkali salts behave differently throughout the
fluidization process and have varying effects on the agglomeration of biomass.

The properties of irregularly shaped particles deeply impact the fluidization pro-
cess. In order to successfully consider these irregularities in computer modeling, some
researchers have proposed new shape functions [9], while others have sought to explain
the effects by proposing new drag models or modifying commonly used ones [6,7]. Addi-
tionally, some researchers have suggested adjusting experimental data in computer codes
to achieve accurate simulation results [8,14]. While some researchers have studied the
effects of different functions embedded in Eulerian—Eulerian models [11], there is still a
lack of research on finding models that prevail in predicting the fluidization behavior of
irregularly shaped particles. Models, depending on their structure, perform differently
when applied to various shapes and sizes of particles. The novel aspect of this research is
to examine these effects and identify the models that excel in predicting the fluidization
behavior of irregularly shaped particles by solely using sphericity as the shape function
and commonly used drag models. The outcomes of this research will help improving
simulation results by identifying the most adaptable models for biomass particles. This
research will specifically focus on varying granular properties, including radial distribution
functions (RDEF), frictional viscosity models (FVM), angles of internal friction (¢), and
stress-blending functions (SBF) for irregular biomass particles of Geldart B. The results of
this study will present the best combination of models and properties to accurately predict
the fluidization behavior of biomass particles while considering the randomness in proper-
ties. Throughout the course of this research, a Eulerian-Eulerian model with embedded
KTGF called Multiphase Flow with Interphase eXchanges (MFIX) will be employed. To the
best of the authors” knowledge, no prior studies have specifically focused on embedded
functions in MFIX to determine the most effective models that can accurately predict the
fluidization behavior of irregularly shaped biomass particles without the need for adjusting
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experimental data, while utilizing a simple shape function (sphericity) and a commonly
used drag model. The simulation predictions are compared with experiments [5] when
possible. The experimental data, which was obtained through a series of 2D X-Ray imaging
that were subsequently constructed into a 3D image [5], was used to validate the results
of the current study. This paper makes significant contributions to the investigation of
the impact of irregularly shaped particles on the fluidization process. The objective is
to identify the most suitable models for predicting the fluidization behavior of irregular
biomass particles.

2. Numerical Model
2.1. Governing Equations

In the present study, MFIX is employed for all simulations [15]. MFIX employs a
Eulerian—Eulerian approach, where each phase is treated as an interpenetrating continuum
that has its own physical properties. The instantaneous variables are averaged over a region
larger than the space between particles but smaller than the flow domain. To track the
volume occupied by each phase in a two-phase model, MFIX uses a very straightforward
concept. Volume fraction for each phase is defined, where ¢, is the gaseous volume fraction
known as void fraction, and &5 is the solids volume fraction. The summation of the void
fraction and the solids volume fraction must be equal to one, such that all matter within the
control volume is considered. If there is more than one solid phase, the other phases can
easily be included as additional solids matter phases, and then the summation of the solids
volume fractions and the void fraction must still equal one as in the following relationship:

M
€g + Zm:l &sm =1, (1)

where m is the solids component index and M is the total number of solids phases in
the system.

Equations (2) and (3) show the continuity equation for non-reacting flows for gas and
solid phases, respectively. In these equations, p is the density and u is the velocity vector.

d
E(egpg) +V (egpgug) =0, 2

d
ﬁ(esmpsm) + v (gsmpsmusm) =0, (3)

Equations (4) and (5) represent the momentum equations for non-reacting flows for
gas and mth solid phase, respectively.

i (egpgug) + . (egogugitg) = — g7 g+ V-Tg + Loy Fom (tsm — 1) + @)
€¢Pg8

%(Esmpsmusm) + V. (SsmPsm”smusm)i
= —&m V. .Pg+ \V-Osm — Fgm (usm - ug) 5)
M
+ ZZ Fim (usl - usm) + €smPsm&,
=1
1#m
where p is pressure, T is the viscous stress tensor, g is gravitational acceleration, and ;sm,
the solid phase tensor as

;sm - _Psmf + ;SH’I/ (6)

Some parameters embedded in o, will be explained in more detail later.

The solid-solid momentum transfer is presented in the fourth term on the right-
hand side of equation (5). The coefficient, F,,, is derived from kinetic theory, and some
factors that affect F;,, will be explained later. The third term on the right-hand side of
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equations (4) and (5) represents the gas—solids momentum transfer known as the drag
model. Deza et al. [5] proposed the use of the Gidaspow-blend drag model [16], which
is employed in this study. The Gidaspow-blend drag model [16] combines the results of
Ergun [17] and Wen-Yu [18] drag models using a blending function, which smooths out
the transition between dilute and dense regions.

Fom = (1= @gs) Fom(Ergun) + PgsFgm(Wen—vu), @)
where
Pgs = {arctan[150 x 1.75(0.2 — &5] / 7t} + 0.5, ®)
150 &5 (1 — &) pg ( 1.75 pg €s>
Fon(E = I e ©)
gm(Ergun) ( &g dP2 dp } s g|
Eo& _
Fom(Wen—yu) = 0.75 CD< Pgd;g) s) e — g | € 2.65 (10)
0.687
12 {”0‘25 (Elj ;{3) | Re < 1000 o
D = €g Re N
0.44 Re > 1000

_ pg|us —ug| dp
Hg
where y and d, represent viscosity and particle diameter, respectively.

Equation (13) represents the equation for granular temperature, 8, for the mth solid
phase that is a form of the granular energy equation,

Re (12)

% {%(&mpsmem) + V- (fsmPsmem) Usim ] = Osm: VUsm — NGy — Yom + Pgm~+
XYy Pu (13)

l#m

where g, is diffusive flux for granular energy, vy is the granular energy dissipation due
to inelastic collisions, and ¢g, and ¢,,; are granular energy transfer to fluid phase and
between solid phases, respectively.

Using KTGF, different solid properties are considered in closure laws, which affect
the hydrodynamic behavior of fluidization. Further, biomass particles, due to their nature,
have a high tendency to clump together and create agglomeration during the fluidization
process. Hence, properties concerning the interaction between particles must be studied
further. The solid granular properties that are considered in this study are impacted by
irregularities of the biomass particles in the fluidization process.

2.1.1. Radial Distribution Function (RDF)

In dense particulate solid systems, the radial distribution function (RDF) is defined to
modify the probability of collisions between particles. A nondimensional distance between
particles, go, is defined as a function, where gy decreases as the distance between particles
increases. The function uses probability to determine how many particles lie within a
certain distance, r, from one particle in the system, using particle size and consequently
shape and system density.

The RDFs developed by Carnahan-Starling [19] and Ma—Ahmadi [20] are presented as

1 3 (Elz{\jzl S;Skk )

80, ss,Carnahan—Starling = (1 — Es) (1 e )2(51 1 d k)
s sj s

dskdsj/ (14)
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14 2.5e5 + 4.59¢,2 + 4.52¢,3

370678
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|:1 B (Ss,r;tax> :|

where k and j are the solids component index and & 4y is the volume fraction for a packed
bed. In both equations (14) and (15), the particle diameter is considered in calculating
go0- Hence, the method of incorporating particle irregularities has a crucial impact on the
results. The value for g is then used in calculating normal stress.

1 N €& k
80, ss, Ma— Ahmadi = + Edsj Zk:l 571 (15)

ds,k

2.1.2. Frictional Viscosity Model (FVM)

Granular viscosity is used to calculate viscosity of a particulate system. Particles
momentum and consequently shear viscosity are generated by the particles transitional
motion and collision. To quantify shear viscosity, all forms of viscosity including viscosity
due to the collision, kinetic viscosity, and frictional viscosity must be considered in the
following equation:

Hs = HUs, col + Us, kin + Hs, frr (16)

Frictional viscosity model (FVM), which is the last term in the equation (16), is used
to account for the high friction level between solid particles that occur when regions of
the fluidized bed become overpacked. Overpacking occurs when the solid phase volume
fraction exceeds the maximum packing fraction limit for that system. When a bed becomes
overpacked, particles begin to interact with each other to a greater extent; consequently,
friction increases. Selecting a suitable value for the maximum packing fraction limit as
the cutoff to activate the frictional viscosity model is crucial for acquiring the reliable
performance of the model. Particle irregularity is a parameter that needs to be considered
for this purpose, where particle irregularities can lead to lower values for the maximum
packing fraction limit. In order to appropriately account for this change in flow behavior,
the Schaeffer equation [15] was defined as

p riction SIN ¢
Hs, fr.Schaeffer = J}W/ (17)
where
1
Lp = ¢ [(Ds,ll — Ds22)* + (Ds2 — Dy 33)* + (D 33 — Ds,n)z] +Diy+ Doz + Dy, (18)

1 aus i aus ]
D...— = . . 19
S,1] 2 < ax] + aXi ( )
where i and j are first and second coordinate directions.
This model is important for the bubbling aspect of fluidized bed simulations as it more
closely reflects the real behavior of fluidized beds as the void fraction increases. It will be
evident that utilizing a friction model during simulations will increase the appearance of

emerging pockets in the flow where friction between solid particles would be the highest,
leading to formation of bubbles.

2.1.3. Stress-Blending Function (SBF)

Stress-blending function (SBF) blends the stress resulting from algebraic kinetic theory
with Schaeffer FVM results when the void fraction is close to the defined void fraction of
the packed bed. The goal of using the SBF is to smooth the transfer between the dilute bed
and the dense bed. The hyperbolic tangent blending function used here is defined as

P(eg) = {mnh<2n(e—s*)> + 1} /2, (20)

Eyu — €

where £* is the void fraction for the packed bed, ¢, = 0.99 €*, ¢, = 1.01 ¢*, ¢(g;) = 0.0, and
$(eyn) = 1.0.
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2.1.4. Angle of Internal Friction (¢)

Angle of internal friction (¢) helps identify the regime of the particulate system as
either a viscous or as a plastic regime. The angle closer to zero defines the system as a
more viscous system as opposed to a plastic system. It must be noted that the size of
the particles has an immense impact on the behavior of the particle, particularly on the
viscous regime [21]. To incorporate the effects of particle irregularities, sphericity is defined.
Consequently, particles of a smaller size rather than of the actual size are considered in
simulations. For biomass particles, sphericity is low due to the drastic change in profile of
biomass particles from very fine grains to very long and thin particles. Hence, the effects of
particle irregularities on ¢ become significant. ¢ presents itself in different equation.

2.2. Problem Descriptions

Our simulations analyze a fluidized bed reactor of irregular biomass particles. The
cylindrical fluidized bed reactor has a 9.52 cm diameter and a 40 cm height, which is based
on the experiments reported by Deza et al. [5]. Air is passed through the bed of walnut
shells (see solid particle properties presented in Table 1 [5]). To avoid jetting phenomena
in the fluidized bed, the air enters a plenum chamber before entering the reactor. The air
is then passed through a 100-hole distributor plate along with a mesh screen. Further, to
temporally control the inlet air flow rate, a pressure regulator and a 0-3300 cm®/s flow
meter with an accuracy of +2% were used [5]. Considering the combination of these
experimental set-ups, the mass flow rate and, consequently, gas velocity is considered
uniform at the inlet of the reactor. The air is discharged to the atmosphere from the top of
the reactor.

Table 1. Walnut shells particle properties. Reproduced from [5], Journal of Fluid Engineering.

Properties Walnut Shells
dy (cm) 0.063
pp (8/cm?) 13
pp (§/cm3) 0.62
" 0.6
£ 0.522
Ug (cm/s) 24.3

To model the behavior of biomass particles in a fluidized bed, simulations are per-
formed in MFIX [15], which is an open-source code developed by the National Energy
Technology Laboratory (NETL). To solve the governing equations, MFIX uses a modified
version of the semi-implicit method for the pressure-linked equations (SIMPLE) algorithm,
which decreases execution speeds and improves convergence. The modifications apply a
solid volume fraction equation as a correction equation and use a variable time-stepping
scheme. To reduce numerical instabilities, MFIX uses a finite volume approach for a stag-
gered grid, where vectors are calculated at the cell surfaces and scalars are calculated at the
center of the cell. Discretization of time derivatives and special derivatives are first order
and second order, respectively. To discretize convective terms, however, a higher-order
scheme known as Superbee method [22] is used.

The 2D simulations on a center plane of the cylindrical reactor are performed and a
cartesian coordinate system is employed. An illustration of the 2D center plane used in the
simulation is presented in Figure 1. The use of a 2D approach for the bubbling fluidization
regime, where velocity is less than 4 times of U, 7,18 validated by several studies [8,11,14].
To define boundary conditions at the inlet and outlet of the reactor, a uniform inlet velocity
and atmospheric pressure are defined, respectively, and to model gas—wall interactions,
the no-slip boundary condition is considered. The coefficient of restitution is considered
to be 0.9 and the Gidaspow-blend drag model is employed based on similar studies.
Deza et al. [5] executed an intensive grid study resolution, where the rectangular domain is
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discretized uniformly. It was found that 38 by 80 mesh along with x and y axis, respectively,
yielded accurate results that were not computationally expensive.

Pressure outlet

RN AN

Freeboard

9.54cm
40 cm
Bed ho

(NRRRNRARNN

Uniform flow
Figure 1. An illustration of the 2D center plane of the cylindrical reactor used in the simulation.

3. Results and Discussions

In order to successfully consider the irregularities of biomass particles in computer
modeling, researchers have suggested different solutions, such as developing new shape
functions [9], proposing new drag models or modifying commonly used ones [6,7], and
adjusting experimental data to be used in computer codes [8,14]. However, the results
of this study reveal that by selecting the right functions embedded in Eulerian—-Eulerian
models, these adjustments are unnecessary. The performance of models can vary greatly
depending on their structure when applied to particles of different shapes and sizes. The
preset research examines these effects and identifies the models that excel in predicting
the fluidization behavior of irregularly-shaped particles, relying solely on sphericity as the
shape function and commonly used drag models. Ultimately, the results determine the most
adaptable models to biomass particles and the best combination of models and properties,
which can significantly improve the simulation results. This research will specifically focus
on exploring the variation of granular properties, including radial distribution functions
(RDF), frictional viscosity models (FVM), angles of internal friction (¢), and stress-blending
functions (SBF) for irregular biomass particles.

Biomass particles have a broad profile, from very fine grains to very long and thin
particles, and consequently they have a high tendency to clump together and create agglom-
eration during the fluidization process. The particle irregularities also affect the orientation
of particles in the reactor, where non-spherical particles can reside in the bed at different
angles. This can affect the average distance between particles in the bed, and as a result,
can influence the size and location of voidages in the bed. Hence, void fraction and solids
volume fractions in binary beds are influenced greatly by particle irregularities. Conse-
quently, the changes in solid volume fraction affect the gas velocity, where gas particles’
path and speed are dictated by the dynamics of the bed. Gas particles pass through the
granular bed of material by detecting easy paths; therefore, particles agglomeration and
clumps hinder the gas flow. Further, the drag force exerted on the particles is a function of
particle shape and the way that a particle resides in the bed. Hence, the solid velocity is
also influenced by particle irregularities. The shape and size of particles also affect the bulk
density of the bed of material, which influences the pressure drop across the bed. In this
section, the effects of different models on each one of these properties are discussed.
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Height (m)

Void Fraction

3.1. Effects of RDFs and FVMs
3.1.1. Effects of RDFs and FVMs on Void Fraction

To study the effects of different RDFs and FVMs on the performance of irregularly
shaped biomass particles, simulation predictions are investigated and compared to the
results of experiments from Deza et al. [5] when possible. Figure 2 shows the effects of
using different RDFs and FVMs on time-averaged void fraction profiles between 2.5 s and
10 s. Figure 2a,b present the time-averaged void fraction versus the height of the reactor
averaged over the diameter, and Figure 2¢,d illustrate the time-averaged void fraction
versus the diameter of the reactor at two different heights of 5cm and 10cm to demonstrate
the performance of each combination of models. The experimental data for void fraction
were only available against the height of the reactor, which is used to validate simulations
in Figure 2a,b. For the course of this research, the numerical data are time-averaged from
2.5 s to 10 s using an equally spaced time interval of 0.001 s with 7500 time realizations.

0.13 T 5 0.13 7 7
i e . " '—"‘/ .—---—--“"’""—-‘J/ )
011 + /-——-—‘ - 0.11 /—-—" =T
009 £ A 009 el f
L . . = R
i 4 E 4
0.07 + s k=) 0.07 :
i 4 © \ i
0.05 -5 k - = Experiment (X-Slice) 0.05 L - = Experiment (X-Slice)
[ . l --------- Experiment (Y-Slice) / l --------- Experiment (Y-Slice)
0.03 B C.-S. RDF with no FVM 0.03 "9 J — - =C.-S. RDF with FVM
[ J = « « M.-A. RDF with no FVM \ '_- M.-A. RDF with FVM
0.01 + 0.01 P S S
0.5 0.6 0.7 0.8 0.9 1.0 0.5 0.6 0.7 0.8 0.9 1.0
Void Fraction Void Fraction
(a) (b)
0.8 0.8
[ C.-S. RDF with no FVM I
= + = C.-S. RDF with FVM
0.7 + = + + M.-A. RDF with no FVM 0.7 +
I M.-A. RDF with FVM < I
B L
© 0.6 T
LI_ -
© .
E C.-S. RDF with no FVM
0.5 1 = « = C.-S. RDF with FVM
= .« + M.-A. RDF with no FVM
M.-A. RDF with FVM
0.4 t t . t . t . 0.4 t t t t
0.00 0.02 0.04 0.06 0.08 0.00 0.02 0.04 0.06 0.08
Diameter (m) Diameter (m)
(c)h=5cm (d)h=10cm

Figure 2. Time-averaged void fraction versus the height averaged over the diameter of the reactor for
(a) RDFs’ predictions with no FVM compared to experimental data, reproduced from [5], Journal of
Fluid Engineering, (b) RDFs’ predictions with the Schaeffer FVM compared to experimental data,
reproduced from [5], Journal of Fluid Engineering, time-averaged void fraction versus diameter of
the reactor at (c) height = 5 cm, and (d) height = 10 cm. [The Carnahan-Starling RDF with no FVM
(solid line), the Ma—Ahmadi RDF with no FVM (dash-double-dot-line), the Carnahan-Starling RDF
with the Schaeffer FVM (dash-dot-line), and the Ma—Ahmadi RDF with the Schaeffer FVM (dash-line),
experimental x-slice (long-dash-line), experimental y-slice (dot.-line)].
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Throughout the entire height of the reactor, both RDFs, the Carnahan-Starling and the
Ma-Ahmadi, exhibit a more parabolic behavior with no FVM (Figure 2a), while using the
Schaeffer FVM with these RDFs (Figure 2b) demonstrates more oscillation, which is also
characteristic of the experimental data. While the results of all cases are promising, using
the Schaeffer model slightly improves the predictions. Despite the slight difference in the
void fraction values for these simulations and the experimental data at the same height
in the reactor, the use of the Schaeffer FVM aids in predicting the flow more effectively,
with the characteristic void fraction oscillation along the height of the fluidized bed before
smoothing out toward the value of one in the freeboard. For all simulation cases, the bed
height predictions are in agreement with experimental data, where the predicted bed height
in all cases is about 1cm lower than the experimental bed height. The effects of using
FVM on time-averaged void fraction versus the diameter of the reactor (Figure 2c,d) is also
evident. Although the use of the Schaeffer FVM alters the void fraction predictions, both
RDFs show consistent behavior across the diameter of the reactor. The predictions using
FVM are smoother at both heights, implying the reactor is predicted to be more stable. As
height increases from 5 cm to 10 cm, the range of the void fraction changes increases, which
is expected considering the fluidization regime.

To further analyze the effects of using different models on the behavior of the flow, the
instantaneous void fraction contours at 10s for all four cases are presented in Figure 3. To
determine the efficacy of these models, both the Carnahan-Starling and the Ma—Ahmadi
RDF with and without the Schaeffer function are compared with the experimental X-Ray of
the fluidized bed flow extracted from Deza et al. [5]. Looking at the experimental X-Ray of
the bed, it is evident that the bed contains multiple bubbles. Simulation contours reveal
that both RDFs, with the addition of the Schaeffer FVM properly account for the bubbling;
however, the number and size of bubbles is better captured using the Ma—Ahmadi RDF. It is
also worth mentioning that using the Carnahan-Starling RDF with no FVM shows no signs
of any bubbling. However, the use of the Ma—Ahmadi with no FVM predicts the onset of
some bubbles. Accordingly, the use of FVM is only recommended for overly packed beds
to account for the higher friction level between solid particles. Considering the initial void
fraction in this study, the simulated beds are not initially overly packed, which illustrates
that the use of FVM is still favorable for beds with low solid concentrations.

(e)

Figure 3. Instantaneous void fraction contours for using (a) the Carnahan-Starling RDF with no
FVM, (b) the Carnahan-Starling RDF with the Schaeffer FVM, (c) the Ma~Ahmadi RDF with no FVM,
(d) the Ma—Ahmadi RDF with the Schaeffer FVM, and (e) experimental data [5].

The void fraction contours at multiple timepoints for various combinations of models
are presented in Figure 4. The study of these contours demonstrates the advancement of
flow and the bubbling within the flow with time. For all the model combinations, by the
time of 1 second from the beginning of the process, the flow has already fluidized.
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Figure 4. Instantaneous void fraction contours at different timepoints (1s,2.5s,5s,7.5 s, and 10 s) using
(a) the Carnahan-Starling RDF with no FVM, (b) the Carnahan-Starling RDF with the Schaeffer FVM,
(c) the Ma—Ahmadi RDF with no FVM, and (d) the Ma—Ahmadi RDF with the Schaeffer FVM.

In the cases with no FVM, some bubbles are present at early times in the flow; however,
all bubbles completely disappear by 7.5 seconds. This could be due to the change of the
injtially uniform solid concentration in different regions of the bed, as initial bubbles form.
These changes, consequently, affect particle distances from one another and can create
clumps of particles, which potentially affect friction between particles. For the cases with
the Schaeffer FVM, bubbles are present throughout the entire flow during the whole time of
simulations, which mimics the experimental results. A qualitative comparison between the
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predictions of the two RDFs accompanying the Schaeffer FVM (Figure 4b,d) reveals that the
Ma-Ahmadi RDF predicts more bubbles during the simulation, which is comparable to the
experimental data reported by Deza et al. [5] shown in Figure 3e. No significant difference
in the size of bubbles is detectable.

3.1.2. Effects of RDFs and FVMs on Pressure Drop

To further investigate the effects of using different RDFs and the effects of applying
Schaeffer FVM, pressure drop across the bed is investigated. For Geldart B particles, as
the inlet gas velocity increases, the pressure drop across the bed increases linearly until
the gas inlet velocity reaches the U,,s and the bed is fully fluidized. In the fully fluidized
region, the pressure drop remains constant. At the inlet gas velocity, Uy, of 24.3 cm/s,
which is the U, for the rest of this work, the bed is fully fluidized and the fluidization
experiments [5] predicted the pressure drop across the bed to be equal to 570 Pa. At the
same velocity, simulations predict a very close pressure drop regardless of the utilized
models, where the deviation of simulations from experiments is trivial (less than 2%). To
further investigate the behavior of models, Figure 5 presents the predicted pressure drops
by simulations compared to the experimental results at different Ug’s. For all Ug’s, the
simulation predictions are in good agreement with experiments. The averaged experimental
pressure drop in the fully fluidized region is 551 Pa where the value is 555 Pa and 549 Pa
for the Carnahan-Staling and the Ma—Ahmadi RDFs with no FVM, respectively. The error
associated with both RDFs is less than 1%. However, the utilization of the Schaeffer FVM
increases the error associated with the simulations. The averaged pressure drop is 586 Pa
and 580 Pa when employing the Carnahan-Starling and the Ma—Ahmadi RDFs with the
Schaeffer FVM, respectively. The error associated with the former is 6.5% and the latter is
5(70.
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Figure 5. Pressure drop versus inlet gas velocity comparing experiments, Reproduced from [5],
Journal of Fluid Engineering, with the simulations in the fully fluidized region.

3.1.3. Effects of RDFs and FVMs on Velocity

The dynamics of the flow can be estimated by investigating the gas and solid velocity
contours. Figures 6 and 7, respectively, contain the gas and solid particle velocity magnitude
contours along with the velocity vector at 10 s to better demonstrate the hydrodynamics
of the fluidized bed. The use of RDFs with no FVM (Figure 6a,c) predict similar gas flow,
where gas velocity is higher near the center of the reactor close to the left wall in the bed
and veers toward the right wall in the freeboard region all the way to the top of the reactor,
where gas would leave the reactor. Similarly, predictions of solid velocity for both RDFs
(Figure 7a,c) exhibit similar patterns, where solid particles experience high velocities near
the center of the reactor in the vicinity of the left wall. The high velocity regions are also
predicted near the left wall, along with the bed entrance and at the right top corner of the
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bed. The solid velocity vectors show some rotational movement of solid particles where
particles are pulled up in the center of the bed and dragged back down into the bed at the
right top corner of the reactor where the solid velocity is the highest. This region is where
gas flow leaves the bed and leaves the solid particles behind. Although the solid velocity
patterns are similar using the two RDFs, the predicted velocity magnitude at different
regions are slightly different.
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Figure 6. Instantaneous gas velocity contours with velocity vectors using (a) the Carnahan—Starling
RDF with no FVM, (b) the Carnahan-Starling RDF with the Schaeffer FVM, (c) the Ma—Ahmadi RDF
with no FVM, and (d) the Ma—Ahmadi RDF with the Schaeffer FVM.
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Figure 7. Instantaneous solid velocity contours with velocity vectors using (a) the Carnahan-Starling
RDF with no FVM, (b) the Carnahan-Starling RDF with the Schaeffer FVM, (c) the Ma—Ahmadi RDF
with no FVM,, (d) the Ma—Ahmadi RDF with the Schaeffer FVM.
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The addition of the Schaeffer FVM (Figure 6b,d) breaks down the region of higher
gas velocities near the center of the bed. The gas flow then oscillates between two walls in
the freeboard before leaving the reactor, which varies from the cases without the Schaeffer
FVM, which predict a high velocity flow just along the right wall of the reactor (Figure 6a,c).
In spite of the similarities between the predictions of the two RDFs with and without
the Schaffer FVM, the predicted gas velocity magnitude is slightly higher using the Ma—
Ahmadi RDFE. Applying the Schaeffer model also affects the solid velocities (Figure 7b,d),
where higher solid velocities are predicted at some regions near the top of the bed, while
within the bed, it predicts pockets of higher solid velocity corresponding to the location
between the bubbles in the flow. Although some similarities can be detected between cases
with the Schaeffer model (Figure 7b,d), the predicted solid velocity vectors exhibit different
results. The rotational motions are detectable in both cases; however, it is less discernable
when using the Carnahan-Starling RDFE. The predicted solid velocity magnitude is also
lower using this RDF.

To investigate the effects of using different RDFs and applying FVM more elaborately,
Figure 8 illustrates the time-averaged gas and solid velocity magnitude profiles between
2.5 s and 10 s versus the diameter of the reactor. The profiles are presented in two heights,
5 cm and 10 cm, which are the initial bed heights. Regardless of height, the use of the
Schaeffer model predicts significantly lower velocity magnitudes almost everywhere along
the diameter of the reactor. This is specifically noticeable in solid velocity magnitude
predictions (Figure 8c,d), where the average solid velocity magnitudes at both heights are
about one-third of the predicted value with no FVM. The use of the model also smooths the
velocity magnitude predictions at each height, where no significant overshot or undershot
of velocity is predicted. At the lower height (h = 5 cm), the range of predicted gas velocity
magnitudes are higher for all models compared to h = 10 cm. This can be attributed to the
loss of gas momentum, as gas flows higher through the granular bed of materials.

3.2. Effects of ¢

Biomass particles are irregular in shape, and to consider the effects of these irregulari-
ties, sphericity is defined and applied to the particle diameter, which results in modeling
smaller spherical particles. Considering that particle size has a significant impact on the
transitioning between viscous and plastic regimes in a granular system, applying sphericity
can change the behavior of the fluidization process. Hence, the value of ¢ that dictates
the transfer between viscous and plastic regimes can be affected by particle size. To better
understand the effects of ¢ on the simulation predictions, four values of ¢ are tested and
the results of these simulations are compared with experimental data [5]. The variation in
¢ is visualized in Figure 9 through the void fraction contour plots at 10 s for both RDFs for
¢ between 20 and 50, in increments of ten. These changes were only reported for the cases
using the Schaeffer model due to the efficacy of the simulation results of the Schaeffer cases
reported previously. The experimental data for void fraction were only available against
the height of the reactor, which is used to validate simulations in Figure 9a,b. Figure 9
qualitatively illustrates that increasing the value of ¢ enlarges the size of the bubbles. For
¢ = 20, the bubbles are small and dispersed, while for ¢ = 50, the smaller bubbles merge
together and form larger bubbles. Considering that none of these two behaviors are the
characteristic of the experimental X-Ray of the bed, the intermediate values of ¢ of 30 and
40 seem to provide the best results in comparison, where the bubbling within the flow is
similar to that of the experimental bed. Regardless of the value of ¢, bubbling behavior
predictions of the bed slightly favor the use of the Ma—Ahmadi RDF.

For both RDFs, Figure 10 presents the time-averaged void fraction profiles between
2.5 s and 10 s versus the height of the reactor averaged over the diameter (Figure 10a,b) and
versus the diameter of the reactor at h = 10 cm (Figure 10c,d). The plots of the averaged
void fraction versus height are compared to the experimental data. In spite of the effects of
¢ on the bubbling behavior of the fluidized bed, Figure 10 shows no significant effect of
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¢ on the time-averaged value of the void fraction. In general, no significant trend and no
differences are detected in these results.
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Figure 8. Time-averaged gas velocity versus the diameter of the reactor at (a) height = 5 cm,
(b) height = 10 cm, time-averaged solid velocity versus the diameter of the reactor at
(c) height = 5 cm, (d) height = 10 cm. (The Carnahan-Starling RDF with no FVM (solid-line),
the Ma—Ahmadi RDF with no FVM (dash-double-dot-line), the Carnahan-Starling RDF with the
Schaeffer FVM (dash-dot- line), and the Ma—Ahmadi RDF with the Schaeffer FVM (dash-line)).

3.3. Effects of SBF

The effects of the hyperbolic tangent (tanh) SBF is investigated to determine the effi-
cacy of including the function in future fluidization simulations. The SBF is a smoothing
function used to transfer and blend the results between plastic and viscous regions within
the fluidized flow. The effects of including the tanh SBF on the instantaneous void fraction
contours at 10 s are shown below in Figure 11. For all simulations performed in this
section, the Schaeffer FVM is employed and ¢ was 30 to be able to compare the effects
of the smoothing function on previous simulations that were deemed the most success-
ful. A qualitative investigation of the instantaneous void fraction contours reveals that
employing the tanh SBF increases the number of bubbles while decreasing the size of the
bubbles. The Ma—Ahmadi RDF in combination with the tanh SBF, as compared to the
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Carnahan-Starling RDF, was a better predictor of the bubbling behavior when compared to

experimental results.

-A

(b) The Ma-Ahmadi with the Schaeffer FVM

¢ =30 ¢ =40 ¢ =50 _-—

I
o
©

L

EP_g

Figure 9. Instantaneous void fraction contours for using different ¢ in comparison to experimental
data [5], for (a) the Carnahan-Starling with the Schaeffer FVM, and (b) the Ma—Ahmadi with the
Schaeffer FVM.

Using the same cases, the results are visualized in Figure 12, using time-averaged plots
of void fraction values between 2.5 s and 10 s presented versus the height and the diameter
of the reactor. The void fraction is averaged over the diameter when presented against
height (Figure 12a,b), and presented at the height of 10 cm from the reactor inlet, while
presented against the diameter of the reactor (Figure 12¢,d). The plots of the averaged void
fraction versus height are compared to the experimental data that were available. These
plots are less oscillatory in the main area of the bed, making the curve appear flatter when
using tanh SBF, particularly at lower heights (up to ~h = 4 cm). The void fraction versus
diameter plots does not show any discernible differences with this addition, displaying the
same oscillatory behavior as in the previous plots with no SBE. For all plots, the general
void fraction values hold true between the plots with and without the addition of the SBF.
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Figure 10. Time-averaged void fraction versus the height averaged over the diameter of the reactor
compared with experimental data, reproduced from [5], Journal of Fluid Engineering, for (a) the
Carnahan-Starling RDF with the Schaeffer FVM, (b) the Ma—Ahmadi RDF with the Schaeffer FVM,
time-averaged void fraction versus the diameter of the reactor at h = 10 cm for (c) the Carnahan—
Starling RDF with the Schaeffer FVM, (d) the Ma—Ahmadi RDF with the Schaeffer FVM for ¢ = 20
(solid-line), ¢ = 30 (dash-double-dot-line), ¢ = 40 (dash-dot-line), ¢ = 50 (dash-line) [experimental
x-slice (long-dash-line), experimental y-slice (dot-line)].

()

Figure 11. Instantaneous void fraction contours for the Carnahan-Starling RDF (a) with the tanh SBE,
(b) without SBF, the Ma—Ahmadi RDF (c) with the tanh SBF, (d) without SBF, and (e) experimental data.
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Figure 12. Time-averaged void fraction versus the height averaged over the diameter of the reactor
compared with experimental data, reproduced from [5], Journal of Fluid Engineering, for (a) the
Carnahan-Starling RDF with and without the SBE, (b) the Ma—Ahmadi RDF with and without the
SBF, time-averaged void fraction versus diameter of the reactor at h = 10 cm for (c) the Carnahan-
Starling RDF with and without the SBF, (d) the Ma—Ahmadi RDF with and without the SBE. [The
Carnahan-Starling RDF with the tanh SBF (dash-dot-line), the Carnahan-Starling RDF with no SBF
(solid-line), the Ma—Ahmadi RDF with the tanh SBF (dash-double-dot-line), the Ma—Ahmadi RDF
with no SBF (dash-line), experimental x-slice (long-dash-line), and experimental y-slice (dot-line)].

4. Conclusions

Numerical simulations of a fluidized bed for walnut shells were evaluated using
varying RDFs, while studying the effects of FVM, ¢, and SBF on simulation predictions. A
Eulerian—Eulerian two-fluid model was used to simulate and analyze biomass fluidization.
The results of this study revealed that when accounting for the effects of size irregular-
ities of biomass particles using sphericity and commonly used drag models, both the
Ma-Ahmadi and Carnahan-Starling RDFs in combination with the Schaeffer FVM demon-
strate good performance that agrees well with the experimental data reported in the
literature. However, the bubbling behavior predictions slightly favor the use of the Ma-
Ahmadi RDF for biomass particles. The results also revealed the importance of using the



Energies 2023, 16, 2051 19 of 20

FVM regardless of the initial void fraction, especially for predictions at later timepoints
when solid bulk density in the bed decreased. The Schaeffer FVM particularly affected
velocity predictions, with the magnitude of solid velocity being affected more significantly.
The magnitude of solid velocity predicted without applying the Schaeffer FVM was more
than 3 times greater than predictions when using the Schaeffer FVM. The change of ¢
and the application of SBF did not affect the time-averaged results significantly. However,
choosing a value of ¢ between 30 and 40 provided the optimal results for bubbling be-
havior that agreed better with the experimental results. Further, applying SBF smoothed
the predictions; however, the effects are more discernible at lower bed heights for both
RDFs. The use of tanh SBF in combination with the Ma—Ahmadi RDF, as compared to the
Carnahan-Starling RDEF, was a better predictor of bubbling behavior when compared to
experimental results.
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