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Abstract: In this study, a mathematical model of hydrogen production from glycerol gasification
in supercritical water was established based on the CFD-DEM method. The fluidization process
of a supercritical water fluidized bed and the effects of bed height and feed structure on particle
distribution and residence time of feedstock were analyzed. Additionally, the temperature field in
the fluidized bed, the reaction rate distribution of each reaction and the influence of wall temperature
on gas yields were also studied. The simulation results show that the bubble channel is easy to
form along the wall at one side of the feed inlet. When the initial bed height is high, and the double
symmetric feed inlet structure is used, the residence time of the feedstock is prolonged. The pyrolysis
of glycerol mainly occurs in the middle and lower part of the fluidized bed reactor, and the reaction
rate of the water gas shift reaction and methanation reaction are highest near the outlet, and a high
wall temperature is conducive to the glycerol gasification.

Keywords: CFD-DEM; glycerol; supercritical water gasification; fluidized bed

1. Introduction

The massive use of fossil fuels has caused serious energy and environmental problems.
It is urgent to develop renewable energy technologies. As a renewable and green energy,
hydrogen is regarded as a good alternative fuel because of its advantages, such as high com-
bustion stability, zero-emission, and high calorific value [1]. Recently, hydrogen production
from biomass gasification in supercritical water has attracted more and more attention [2–5].
Supercritical water refers to water whose temperature and pressure are higher than the
critical point (374 ◦C, 22.1 MPa). Supercritical water is a solvent with low viscosity, high dif-
fusion and low dielectric constant, and good solubility, which are beneficial to improve the
reaction rate [6]. To solve the problems of reactor blockage and low gasification efficiency
in tubular reactors, Lu et al. [7] successfully developed a fluidized bed reactor for hydrogen
production from biomass gasification in supercritical water. However, due to the lack of
perfect theories to guide the operation methods and parameters, the current supercritical
water fluidized bed still has problems such as uneven temperature distribution, unstable
gas products, and bed material outflow [8]. Therefore, it is very important to study the
flow and reaction behavior in supercritical water fluidized beds to optimize the reactor
parameters, improve the gasification efficiency, and promote the industrial application of
fluidized beds.

Due to the extreme conditions of high temperature and high pressure of supercritical
water and the lack of measurement method of reaction particle flow, it is difficult to observe
the flow details in the fluidized bed reactor with the experiments. With the development
of computer technology, numerical simulation has been more and more applied in the
study of reactors [9–12]. At present, the two main methods for simulating fluid dynamics
in fluidized beds are the Euler-Euler method and the Euler-Lagrange method.
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In the Euler-Euler method, both the fluid phase and the particle phase are considered
continuous phases, and the fluid and particle are considered as a continuous medium that
exists together and permeates each other. The Euler-Euler method is not only widely used
in industrial applications, but also can obtain good calculation results in some complex
or fine small-scale geometric simulations. The most important model of the Euler-Euler
method is the two-fluid model (TFM), which is usually used in conjunction with the kinetic
theory of granular flow (KTGF) to give particles properties like fluids, such as viscosity
and pressure. Wei et al. [1] used the TFM-KTGF method in Fluent to simulate the particle
distribution and residence time distribution in a supercritical water fluidized bed reactor
and studied the influence of different feeding methods and feeding rates on the solid
particle distribution. The results show that the structure of the double symmetrical inlet
with 45 degrees downward is the best, and the residence time of the inlet is affected by the
number of large bubbles and the expansion height of the bed. Su et al. [13] established a
comprehensive three-dimensional hydrodynamic numerical model to simulate the process
of glucose gasification in a supercritical water fluidized bed reactor and predicted the flow
behavior of particles, the distribution of reaction rates, and the distribution of gas products.
Yao et al. [14] used the TFM-KTGF method to describe the process of glucose gasification in
supercritical water and studied the temperature field in the fluidized bed, the influence
of operating conditions and reactor structure on the gas yield and residence time of gas
products. Based on the TFM model, Wu et al. [15] designed the velocity partition zones for
the slant distributor structure of a supercritical water fluidized bed reactor and improved
the predictive correlation of the minimum fluidization velocity proposed by Lu et al. [8].

However, because the Euler-Euler model considers the particle phase as quasi-fluid,
the discrete character of the particle phase is lost, and the details of the particle scale cannot
be obtained from the numerical simulation. Additionally, TFM is more sensitive to particle
kinetic parameters, and some data of TFM depends on the distribution of solid particles in
the fluidized bed rather than on the real properties of the particles (static, dynamic, and
rotational friction quantity, etc.) [16]. However, the Euler-Lagrange model includes the
static, dynamic, and rotating quantities of the particle, which define the main characteristics
of the solid particle. The Euler-Lagrange models mainly include Dense Discrete Phase
Model (DDPM), Multiphase Particle-in-cell (MP-PIC) Model, and the Discrete Element
Method (DEM). DEM can track a specific particle, accurately simulate the interaction force
between particles, and fully reflect the discrete properties of particles. Thus, the heat and
mass transfer and chemical reaction process in a fluidized bed can be better simulated by
using DEM. However, DEM needs more computational resources, so it is more used to
simulate fluidized beds with fewer particles.

Lu et al. [17] compared the flow structure and bubble dynamics of supercritical water
fluidized bed and gas fluidized bed under different operating conditions based on a DEM,
and observed the fluidization transition, particle mixing and kinetic characteristics, and
bubble characteristics in the two fluidized beds. By adopting Fluent coupled with EDEM,
Zhao et al. [18] simulated the glucose gasification in supercritical water, studied the bed
dynamic behavior and chemical reaction kinetics and explored the influence of operation
parameters on gas production rate and carbon gasification efficiency. Zhang et al. [19]
studied the influence of particle size distributions (PSD) on the minimum fluidization
velocity of a supercritical water fluidized bed reactor based on the CFD-DEM method. The
results show that the minimum fluidization velocity of Flat-type PSD is the smallest. Mono-
type PSD has the highest minimum fluidization velocity. Zhang et al. [20] also studied
the effect of the particle aspect ratio of cylindrical particles on the minimum fluidization
velocity. The increase of aspect ratio leads to the increase of bed void fraction and finally
to the increase of minimum fluidization velocity. Based on the CFD-DEM method, Lu
et al. [21,22] proposed a method to deal with the boundary conditions of constant wall
flux in a fluidized bed and applied it to a supercritical water fluidized bed reactor. They
studied the influence of operating conditions and particle properties on the heat transfer
characteristics of the wall bed in a supercritical water fluidized bed. It is verified that this
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method is more accurate than the Lattanzi method in predicting the heat transfer coefficient
of a fluidized bed.

At present, there is little published literature on the exploration of hydrogen produc-
tion from biomass gasification in supercritical water fluidized bed based on the CFD-DEM
method, and no simulation results of CFD-DEM for hydrogen production from glycerol
gasification in supercritical water are available. The innovative research contents of this
study include:

(1) A supercritical water fluidized bed reactor model considering flow, heat transfer, and
glycerol gasification reaction was established, and the model was verified by using
the predictive correlation of the minimum fluidization velocity of the supercritical
water fluidized bed.

(2) The effect of initial bed height and feeding method on the characteristics of bed particle
distribution and residence time distribution in fluidized bed reactor were studied.

(3) CFD-DEM was coupled with the reaction kinetic model of supercritical water gasifica-
tion of glycerol to predict the gasification results under different wall temperatures.

2. Model Description
2.1. Fluid Phase

In supercritical water, organic compounds and gases can be completely dissolved.
Therefore, the fluid phase can be considered as a homogeneous mixture, which can be
described by a set of CFD equations, as follows:

Continuity equation:

∂

∂t

(
α f ρ f

)
+∇ ·

(
α f ρ f

→
v f

)
= 0, (1)

where α f , ρ f ,
→
v f are the volume fraction, physical density, and velocity of the fluid phase,

respectively.
Momentum equation:

∂

∂t

(
α f ρ f

→
v f

)
+∇ ·

(
α f ρ f

→
v f
→
v f

)
= −α f∇ · p +∇

(
α f τf

)
+ α f ρ f g− K f p

(→
v f −

→
v p

)
, (2)

where p is the pressure, τf is the fluid corresponding force tensor, g is the gravitational

acceleration,
→
v p is the particle phase velocity, and K f p is the phase momentum exchange

coefficient between the particle phase and the fluid phase. The value of K f p comes from
the Gidaspow model, which will be described below.

Energy equation:

∂

∂t

(
α f ρ f H f

)
+∇

(
α f ρ f

→
v f H f

)
= ∇

(
λ f∇Tf

)
+ Qp f + Sq, (3)

where H f is the specific enthalpy of the fluid phase, λ is thermal conductivity, T is tempera-
ture, Qp f is the intensity of heat exchange between fluid and particle, and Sq is a source
term that includes sources of enthalpy.

Species transport equation:

∂

∂t

(
α f ρ f Yi

)
+∇ ·

(
α f ρ f Yi

→
v f

)
= −∇ · α f Ji + α f Ri, (4)

where Yi is the mass fraction of specie i, Ji is the diffusion flux of specie i, Ri is the net
production rate due to fluid phase chemical reactions, and

Ji = −ρ f Di,m∇Yi, (5)

where Di,m is the diffusion coefficient of the specie i in the mixture.
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The heat transfer between fluid and particle is calculated using the Ranz-Marshall model.

Nup = 2.0 + 0.6Re1/2
p Pr1/3, (6)

Q f p,j = h f pπd2
p

(
Tf − Tp,j

)
, (7)

Qp f = −
n

∑
j=1

Q f p,j/Vcell , (8)

h f p =
λ f Nup

dp
, (9)

where Rep is the relative Reynolds number, Pr is the Prandtl number, h f p is the heat transfer
coefficient between fluid and particle, j represents the particle index, n is the number of
particles in a fluid cell, Vcell is the volume of a fluid cell.

The expression Rep is calculated as follows

Rep =
ρ f dp

∣∣∣→v p −
→
v f

∣∣∣
µ f

, (10)

2.2. Particle Phase

Each particle in the particle flow has 6 degrees of freedom, including translational
and rotational motions. In the DEM method, Newton’s second law is used to solve the
translational acceleration and rotational acceleration of each solid particle respectively.

The translational motion equation:

m
dvp

dt
= Fg + Fc + Fnc, (11)

where vp is the translational velocity of the particle, m is the mass of the particle, Fg is the
resultant gravitational force acting on the particle, Fc and Fnc are the resultant contact and
noncontact forces between the particle and surrounding particles or walls.

The rotational motion equation:

I
dω

dt
= M, (12)

where I is the moment of inertia, ω is the angular velocity, M is the resultant contact torque
acting on the particle, and t is time.

For materials with a small particle size and high thermal conductivity, the internal
thermal conductivity of the particles can usually be ignored [23], so the internal heat
transfer of the particles is not considered in this paper. The heat flux between particles is
defined by [24]

Qp1p2 = hc∆Tp1p2, (13)

where Qp1p2 and Tp1p2 are the heat flux and temperature difference between particles one
and two, respectively. The contact area is added to the heat transfer coefficient hc, which is
expressed as

hc =
4kp1kp2

kp1 + kp2

[
3FNr∗

4E∗

]1/3
, (14)

where FN is the normal force, r∗ is the particle geometric mean radius calculated from Hertz
elastic contact theory [25], and E∗ is the effective Young’s modulus. The bracketed term on
the right side of the equation is used to model the contact area between particles.

The Soft-sphere model [26] was used to calculate the interaction force between particles.
In the soft-sphere model, particles are assumed to be rigid, and tiny overlaps are used to
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represent the deformation during particle contact. The contact force between two spherical
particles can be modeled by using a simple system of springs, dashboards, and sliders.

2.3. Interphase Force

The Gidaspow model has been extensively verified by experimental data, and the
applicability of the Gidaspow model in supercritical water fluidized beds was also demon-
strated by Lu et al. [27,28]. In this study, Gidaspow’s [29] drag model was used to simulate
the interaction force between the two phases.

When α f > 0.8,

K f p =
3
4

CD

αpα f ρ f

∣∣∣→v p −
→
v f

∣∣∣
dp

α−265
f , (15)

When α f ≤ 0.8,

K f p = 150
αp

(
1− α f

)
µ f

α f d2
p

+ 1.75
ρ f αp

∣∣∣→v p −
→
v f

∣∣∣
dp

, (16)

where αp,
→
v p and dp are the particle volume fraction, velocity, and diameter, respectively,

and µ f is the fluid dynamic viscosity. CD is the drag coefficient, which is defined by

CD =
24

α f Rep

[
1 + 0.15

(
α f Rep

)0.687
]

, (17)

2.4. Chemical Reaction Kinetics Model

A kinetic model of supercritical water gasification of glycerol-based on lumped pa-
rameter method proposed by Guo et al. [30] was used in this paper to simplify the whole
gasification process into a combination of multiple reactions. Because it is very difficult to
take all intermediates into account in chemical reactions, the average molecular formula of
the intermediate “Int” in the model of Guo et al. was assumed to be C2H4O. The gasification
process involves four types of chemical reactions:

(1) Glycerol pyrolysis.

Reaction 1 : C3H8O3
K1−→ Int + CO2+2H2 (18)

Reaction 2 : C3H8O3
K2−→ Int + CO + H2+H2O (19)

(2) Intermediates steam reforming.

Reaction 3 : Int + H2O
K3−→ 2CO+3H2 (20)

Reaction 4 : Int + 3H2O
K4−→ 2CO2+5H2 (21)

(3) Intermediates pyrolysis.

Reaction 5 : Int
K5−→ CO + CH4 (22)

(4) Reaction between gases.

Reaction 6 : CO + H2O
K6−→ CO2+H2 (23)

Reaction 7 : CO + 3H2
K7−→ CH4+H2O (24)
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Although the water gas shift reaction and methanation reaction are reversible reactions,
the rate constants of the above-mentioned reverse reactions are very small. Thus, the reverse
reactions of those two reactions are ignored in the kinetic simulation. The specific rate
kinetic parameters of the chemical reaction are shown in Table 1.

Table 1. Kinetic parameters for supercritical water gasification of glycerol.

Reaction Number A (s−1) Ea (kJ·mol−1) Reaction Rate Expression

Reaction 1 102.60 53.3 K1 = 102.60 exp (−53.3 × 107/RT) [C3H8O3]
Reaction 2 102.76 59.8 K2 = 102.76 exp (−59.8 × 107/RT) [C3H8O3]
Reaction 3 106.63 114.1 K3 = 106.63 exp (−114.1 × 107/RT) [Int][H2O]
Reaction 4 106.15 109.6 K4 = 106.15 exp (−109.6 × 107/RT) [Int][H2O]
Reaction 5 104.13 66.7 K5 = 104.13 exp (−66.7 × 107/RT) [Int]
Reaction 6 102.11 76.5 K6 = 102.11 exp (−76.5 × 107/RT) [CO][H2O]
Reaction 7 104.42 74.3 K7 = 104.42 exp (−74.3 × 107/RT) [CO][H2]

2.5. Analysis Method
2.5.1. Probability Density Function and Cumulative Distribution Function

The probability density function (PDF) is a function that describes the probability of a
random variable near a certain value, which is nonnegative and has the integral of 1 over
the whole range of values. The cumulative distribution function (CDF) is the integral of the
probability density function, which can completely describe the probability distribution
of a random variable. For discrete variables, CDF represents the sum of the occurrence
probabilities of all values less than or equal to a certain value. In this paper, the PDF and
CDF of the time-averaged particle volume fraction at each location are used to characterize
the expansion degree of the bed particles and the area of the channel zone.

2.5.2. Residence Time Distribution

Residence time refers to the time taken by the feedstock from the inlet to the outlet
of a fluidized bed. Residence time distribution (RTD) is an important parameter in the
design and operation of a fluidized bed reactor. The method of obtaining residence time
distribution by CFD simulation is similar to the experimental tracer technique. When the
pressure drop between the inlet and outlet of the bed and the flow rate is stable, a certain
amount of tracer whose physical properties are the same as that of the feedstock is added
into the fluidized bed. Then, the residence time distribution function E(t) can be calculated
by monitoring the variation of tracer concentration c(t) at the outlet of the bed with the
fluidization time:

E(t) =
c(t)

∞∫
0

c(t)dt
≈ c(ti)

∞
∑

i=0
c(ti)∆ti

, (25)

where c(t) is the concentration of the tracer at the time of t.
The distribution function of cumulative residence time is the proportion of the feed-

stock with residence time less than t in the fluidized bed, which is defined as:

F(t) =
t∫

0

E(t)dt, (26)

τ50 is used to characterize the residence time of particles, which is defined as follows:

τ50 =
t50

tmax
, (27)

where t50 is the time when 50% of the tracer is collected at the outlet, and tmax is the time
when all tracers are collected.
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2.5.3. Nonuniformity Index

To quantify the degree of inhomogeneity of the flow field, an inhomogeneity index
(NI) is introduced, which is defined as follows [31,32]:

NI =

√
1

n− 1

n
∑

i=1

(
εp,i − εp

)2

√
εp

(
εp,m f − εp

) , (28)

where the numerator is the particle volume fraction standard deviation and the denomi-
nator is the maximum possible value for the particle volume fraction standard deviation.
εp,i is the average value of the particle volume fraction in the ith specific ring region, εp is
the average particle volume fraction over the whole domain, εp,m f stands for the particle
volume fraction at minimum fluidization condition.

2.5.4. Expansion Ratio

Expansion ratio =
H − HS

HS
, (29)

where H is expanded bed height, HS is the initial static bed height [33].

2.5.5. Gas Yield

Gas yield is used to evaluate gasification characteristics and is calculated as follows [6]:

Gas-yield =
molar amount of a certain component of the gaseous products

quality of glycerin
, (30)

3. Numerical Method and Model Validation

In this paper, the coupling method of CFD and DEM was adopted for numerical
simulation. A fluidized bed reactor with a height of 915 mm and a thickness of 5 mm was
studied. The width of the fluidized section and expanded section is 30 mm and 40 mm,
respectively. The specific size and shape are shown in Figure 1. A uniform grid of 2.5 mm
(W) × 2.5 mm (T) × 3 mm (H) was used in the calculation domain. The particles used in
the simulation are inert particles with a diameter of 1 mm and a density of 2650 kg/m3.
All entries were set as velocity entry, and the exit of the fluidized bed was set as outflow.
IAPWS-IF97 [34] was used to calculate the physical properties of water, the RK equation
of state [35] was used to estimate the density and specific heat of gases, and the method
proposed by Chung et al. [36] was used to calculate the viscosity and thermal conductivity of
gas products. The method proposed by He [37] was used to calculate the diffusivity of gases
in supercritical water. The density of the mixture was calculated by the volume-weighted
mixing law, and the viscosity, specific heat, and thermal conductivity of the mixture were
calculated by the mass-weighted mixing law. The specific simulation parameters used in
the simulation are shown in Table 2.
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Figure 1. Sketch of the fluidized bed.

Table 2. Computational conditions and model parameters.

Term Parameter Value

Particle phase

Particle shape Spherical
Particle density 2650 kg/m3

Particle diameter 1 mm
Number of particles 20,000/25,000/30,000

Poisson‘s ratio 0.25
Coefficient of Restitution 0.9

Coefficient of Static Friction 0.15
Coefficient of Rolling Friction 1 × 10−5

Heat capacity 630 J/kg·K
Thermal conductivity 10 W/m2·K

Fluid phase

Pressure 25 MPa
Temperature at the feed inlet 699 K
Temperature at the SCW inlet 300 K

Velocity at the feed inlet 0.0262 m/s
Velocity at the SCW inlet 0.12 m/s

Concentration of feed (wt%) 1

Operating condition
Solid phase time step 8 × 10−6 s
Fluid phase time step 8 × 10−4 s

Grid size 2.5 mm × 2.5 mm × 3 mm

The minimum fluidization velocity is an important parameter in the design and
operation of the fluidized bed. The minimum fluidization velocity can be obtained by
plotting the apparent velocity against the bed pressure drop. When the apparent velocity
is less than the minimum fluidization velocity, the bed pressure drop of the fluidized bed
increases with increasing the apparent velocity. However, when the apparent velocity is
greater than the minimum fluidization velocity, the bed pressure drop of the fluidized bed
is basically unchanged and equal to the effective bed weight of the fluidized bed. In this
study, the initial value of inlet velocity was 0.02 m/s. The velocity increments are spaced
at 0.01 m/s intervals, while each velocity step is held constant for 1 s. Lu et al. [2] and
Zhang et al. [19] have both used this method and demonstrated its feasibility. As shown in
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Figure 2, the apparent velocity corresponding to the turning point of pressure drop is the
minimum fluidization velocity of the fluidized bed.
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In this paper, the minimum fluidization velocity calculated by simulation was com-
pared with the minimum fluidization velocity predicted by the correlation proposed by
Lu et al. [8] to verify the accuracy of CFD-DEM simulation. The minimum fluidization
velocity under four conditions was calculated by the simulation. The density and viscosity
of fluid under different conditions are shown in Table 3. Figure 3 shows the comparison
between the numerical simulation of the minimum fluidization velocity and the prediction
results from the relationship proposed by Lu [8]. It shows that the simulation results are
in good agreement with the predicted results under different conditions. The calculation
errors are all within 10%, which meets the accuracy requirements of the model.
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Table 3. Physical properties of SCW under different pressure and temperature conditions.

Condition Density Viscosity

23 MPa 699 K 108.49 kg/m3 2.79 × 10−5 Pa·s
25 Mpa 699 K 125.87 kg/m3 2.86 × 10−5 Pa·s
25 MPa 749 K 97.42 kg/m3 3.00 × 10−5 Pa·s
25 MPa 799 K 83.32 kg/m3 3.18 × 10−5 Pa·s

4. Result and Discussion
4.1. Based Case

Figure 4 shows a snapshot of the particles during fluidization build-up. After the
supercritical water starts to flow steadily from the inlet at the bottom of the fluidized bed,
when the supercritical water reaches a certain fluid resistance, the particles in the bed
begin to loosen. At the beginning of the bed expansion, the particles in the fluidized bed
can be observed to rise uniformly as a whole. After that, under the entrainment of small
bubbles, the particles rise and float under the action of supercritical water buoyancy. When
reaching the upper interface of the bed, the bubbles break, the particles sink by gravity and
are carried by the bubbles again, and the cycle goes back and forth. The particles move
upward as a whole, and the height of the bed expands stably with time until the dynamic
stability is basically maintained, and the fluidization is successfully established. During
this process, bubbles form, rise, grow, merge and collapse. The bubbles are formed in the
near-wall area at the bottom of the bed, move up to the central area gradually with the flow
of supercritical water, and finally merge at a certain height of the bed.
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From the instantaneous particle velocity vector diagram shown in Figure 5, two
different hydrodynamic behaviors can be observed: the formation of vortices and gulf
streams. In the trend of particle flow in the whole bed, different degrees of vortices are
formed from the bottom to the top of the bed, which drive the exchange of particles at the
center and the near-wall of different bed heights. Different from the randomness of the
position of the gulf stream in the fluidized bed without the feed pipe [38], in the model
presented in this paper, the gulf stream is formed near the wall on the side without the
feed pipe. This is because the resistance near the wall is small, and the particles will have
a downward trend. As shown in Figure 5a, near the wall of the side of the feed pipe, the
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inflow fluid tends to flow upward, so the particles must flow back from top to bottom
through the wall of the other side, thus forming a gulf stream in the middle and lower
sections of the fluidized bed. The bubbles generated by the feed pipe gradually tend to
move to the center. In part b of the fluidized bed, the bubbles rise from the center, so
the particles move downward on both sides of the wall in this section. Figure 5c shows
the phenomenon of particles falling along the wall after the bubble collapse at the top of
the bed.
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Figure 5. Instantaneous particle velocity vectors. (a) The velocity vector at feed pipe. (b) The velocity
vector of the upper and middle sections of the fluidization section. (c) The velocity vector of top of
the fluidized bed.

For better expression, we refer to the upper part of the fluidized bed feed pipe as the
upper zone of the fluidized bed and the lower part as the lower zone of the fluidized bed.
We find that large bubbles are more likely to appear in the upper zone, which is a big feature
different from the fluidized bed without a feed pipe. Because of this bubble characteristic,
the volume fraction of particles in the upper and lower zones are different. Figure 6 shows
the radial distribution of the time-averaged solid fraction at different bed heights in the
fluidized bed. It is easy to see that the particle volume fraction in the lower zone of the
fluidized bed is relatively uniform, while the upper zone tends to be inhomogeneous with
a lower particle volume fraction in the middle and a higher particle volume fraction on
both sides because the bubbles tend to merge in the center. It shows that the feed pipe has
a great influence on the particle flow in the upper zone, but a small influence on the lower
zone. Due to the inflow of the fluid at the feed pipe, the bubble channel is easily formed
near the wall at the height of 100 mm, resulting in insufficient mixing and a small volume
fraction of solids.
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4.2. The Influence of Initial Bed Height

In this part, the influence of initial bed height on the flow behavior of the fluidized
bed is discussed. In this section, fluidized beds with initial particle numbers of 20,000,
25,000, and 30,000 are selected for comparative study. Figure 7 shows the PDF distribution
of solid volume fractions for different initial bed heights. The results show that with the
increase of bed height, the solid volume fraction corresponding to the peak value of the
curve is basically the same, but the peak value of the curve decreases, indicating that in
this reactor structure, with the decrease of particle number, the particle distribution is
more concentrated.
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According to previous work [1,15], the channel zone is defined as the part with a
particle volume fraction less than 0.4, so the CDF value corresponding to the particle
volume fraction of 0.4 can represent the proportion of the channel zone. In the channel
zone, since the contact area between the fluid and the particles is greatly reduced, the
mixing degree of the two phases is reduced, and the residence time of the feed in the bed
will be shortened. It can be seen from Figure 8 that the area of the channel zone increases
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with the increase of bed height, which is different from the fluidized bed without the feed
pipe structure. The formation of the channel zone is closely related to the easy formation of
bubbles at the inlet of the feed pipe. The inlet of the feed pipe continuously generates small
bubbles, which move upward and merge to form a channel. It is precise because the fluid
flow in the feed pipe has a great influence on the upper zone of the fluidized bed, and the
higher the bed height, the larger the proportion of the upper zone. Therefore, the larger the
number of particles, the larger the proportion of the channel zone.
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In Figure 10, the RTD of the supercritical water fluidized bed is compared with the 
RTD experimental data of a tubular stirred reactor [39]. The residence time of the fluidized 
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that the channel zone area is the largest for the 30,000-particle bed. This may be the result 
of a combination of factors. The two key factors that determine residence time are bed 
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Figure 9 shows the PDF of the feed RTD for different initial bed heights. It can be
observed that with the increase of the initial bed height, the peak value of PDF increases,
and the residence time corresponding to the peak value also increases. The residence time
τ50 corresponding to the CDF value of 0.5 is used to characterize the relative residence time.
The smaller the value of τ50, the larger the conveying feed, depending on the bed height,
and the shorter the residence time.
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In Figure 10, the RTD of the supercritical water fluidized bed is compared with the
RTD experimental data of a tubular stirred reactor [39]. The residence time of the fluidized
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bed is longer than that of the tubular stirred reactor, which is more conducive to the full
reaction of reactants. Figure 10 also shows the CDF of the feed RTD for different initial
bed heights. The results show that the relative residence time of the 20,000 particles bed is
the shortest, and that of the 30,000 particles bed is the longest. However, Figure 9 shows
that the channel zone area is the largest for the 30,000-particle bed. This may be the result
of a combination of factors. The two key factors that determine residence time are bed
expansion height and channel area. On the one hand, as shown in Figure 11, a higher initial
bed height corresponds to a larger bed expansion ratio and longer feed residence time. On
the other hand, in the case of high initial bed height, the channel zone is larger, which leads
to the shortening of residence time. The results after synthesizing multiple factors are as
follows: the higher the initial bed height, the longer the residence time of feed. Figure 11
shows the magnitude of the global nonuniformity index (NI) of fluidized beds for three
initial bed heights. The smaller the NI, the more uniform the flow field in the fluidized bed.
The results show that the greater the initial bed height, the greater the uniformity of the
flow field in the supercritical water fluidized bed.
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4.3. The Influence of Feeding Structure

In this section, the influence of three different feeding structures on the flow charac-
teristics of the fluidized bed is discussed, respectively, single inlet feeding structure (Type
A), symmetric double inlet feeding structure (Type B), and single side double inlet feeding
structure (Type C). The structure of three different feeding methods is shown in Figure 12. It
should be noted that the total flow rate of the three structures is consistent in the simulation.
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Figure 12. Structure diagram of different feeding structures.

Figure 13 shows the instantaneous velocity vector at the inlet of different feed struc-
tures. The results show that the fluid at the inlet tends to move upward along the wall.
Compared with other types, the type B symmetrical double inlet feeding structure can
inhibit the formation of large bubbles by forming more and smaller vortices. The type
C feeding structure forms a gulf stream on the side of the non-feeding pipe, which is
consistent with the type A feeding mode discussed in Section 4.1. Moreover, the area of
the gulf stream formed by the type C feeding structure is larger due to the double inlet on
one side.
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Figure 14 shows the PDF of the solid volume fraction of different feeding structures.
It shows that the particle volume fractions corresponding to the peaks of the PDF curves
of the three feeding structures are basically the same. Compared with type A, type B and
type C feeding structures have more concentrated particle distribution. Figure 15 shows
the CDF of solid volume fraction of different feeding structures. As can be seen, when the
particle volume fraction is 0.4, the CDF value corresponding to type A feeding structure
is larger, indicating that the channel area in the fluidized bed of type A structure is larger.
This is because there are more large bubbles in the type A fluidized bed, and the vortex
is larger.
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Figure 16 shows the NI of a fluidized bed of different feeding structures. The results
show that the NI of the type A feeding structure is the highest and that of the type C feeding
structure is the lowest. Compared with the type A feeding structure, the type B structure of
the fluidized bed has better uniformity due to the interaction of two convection currents,
which inhibits the formation of some large bubbles. As discussed in Section 4.1, the feed
pipe fluid has a large effect on the upper zone of the fluidized bed, but a small effect on
the lower zone. The type C feeding structure can improve the distribution of the feed in
the axial direction, so that the influence area of the feed pipe fluid is enlarged, thereby
improving the uniformity of the entire bed.
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Figure 17 shows the CDF of the feed RTD of different feeding structures. The results
show that the relative residence time of the type B structure is the longest, and the relative
residence time of the type C structure is the shortest. This is because the symmetric
double inlet feeding structure of type B can suppress the formation of large bubbles
through convective interaction, which is beneficial to prolong the residence time of the
feed. Although the Type C structure makes the bed material more uniform by improving
the axial distribution of the feed, the design of the axial high and low inlets significantly
reduces the distance between the high inlet and the outlet, making a portion of the feed
flow out of the outlet more quickly, which may be the reason for the final smaller τ50.
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4.4. Chemical Reaction
4.4.1. Typical Reaction Case Analysis

To verify the validity of the model, the simulation results of gas products generated
by gasification reaction of 300 K 1% low concentration glycerol with 699 K supercritical
water under the pressure of 25 MPa were compared with the experimental results of
Guo et al. [30]. Among them, the thermal boundary condition is 873 K isothermal condition,
the mass flow rate of the supercritical water is 0.00321 kg/s, and the flow ratio of the
supercritical water inlet to feed inlet is 4:1. The results show that the simulated value of
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the outlet temperature is slightly lower than the experimental data, with an error of 8.7%.
However, considering that the mass flow rate set in the simulation is 3 times that of the
experimental conditions, the reaction will be more violent, the total heat absorbed by the
reaction will increase, and the residence time of the fluid in the reactor will be significantly
shortened. Moreover, Since the height of the fluidized bed in this paper is 3/4 of the height
of the reactor under experimental conditions, the heating time of the fluid is also shortened,
so we believe that the error is acceptable. Considering the differences in the reactor model
and operating parameters, the chemical kinetic model was also verified by comparing
the proportions of each component of the gas products at the reactor outlet gas products.
Figure 18 shows that the simulation results are basically consistent with the experimental
results, indicating that the model in this paper can accurately describe the gasification
reaction process of glycerol in supercritical water. In addition, the value of the Biot number
of heat transfer between fluid and solid particles is 0.22, far less than 1, which proves that
the temperature distribution inside particles is uniform, so it is reasonable to ignore the
heat transfer inside particles in this simulation.
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Figure 18. Comparison of mole fractions of components in experimental and simulated gas yield.

Figure 19 shows the temperature distribution along the central axis of the fluidized
bed. The results show that the supercritical water flowing from the bottom inlet is first
heated by the wall, and then mixed with the low-temperature feed around the inlet, forming
a low-temperature region, and finally continues to be slowly heated by the wall surface as
it flows to the outlet. It can be seen from Figure 19 that the temperature of the bed with
reaction is lower than that without reaction, indicating that the total thermal effect of all
reactions in the whole bed is endothermic.

Figure 20 shows the reaction rate distribution of each chemical reaction along the
axis of the fluidized bed. The results show that the pyrolysis reaction of glycerol mainly
occurs in the middle and lower part of the reactor due to the influence of the concentration.
And in the direction of fluid flow, the pyrolysis reaction rate decreases gradually with
the decrease of glycerol concentration. The consumption reaction rate of the intermediate
increases with the increase of the height of the fluidized bed and the highest reaction rate is
found at the outlet. This may be due to the insufficient reaction of the intermediate. The
height of the fluidized bed can be appropriately increased to promote the full reaction of
the intermediate and increase the gas production rate. The water gas shift reaction increases
with the height of the fluidized bed, which is affected by the concentration of reactants and
high temperature. The reaction rate of the methanation reaction is highest at the outlet,
which is also due to the high concentration of reactants there.
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4.4.2. Influence of Wall Temperature

As a typical characteristic parameter of a chemical reaction, temperature plays an
important role in the process and result of a chemical reaction. The heat sources inside the
fluidized bed include the heat from each inlet material itself, the heat released during the
reaction process, and the heat provided by the wall of the fluidized bed. In this section, the
influence of wall temperature on the temperature field and the composition of gas products
is studied by setting different wall temperatures in fluidized beds.

Figure 21 shows the distribution of the temperature field inside the bed when the
wall temperature of the fluidized bed is 873 K, 898 K, and 923 K, respectively. The bulk
temperature inside the bed increases as the wall temperature increases. Figure 22 shows
the outlet gas product composition at different wall temperatures of the fluidized bed.
The results show that with the increase of the wall temperature, the overall temperature
inside the bed rises, the chemical reaction rate increases with the increase of the overall
temperature in the fluidized bed, and the yield of each gas product increases. According
to the simulation results, the higher the bed wall temperature, the better, but in actual
production, issues such as catalyst activity and bed heat distribution uniformity need to
be considered.
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5. Conclusions

Based on the CFD-DEM method, a mathematical model of glycerol gasification in a
supercritical water fluidized bed coupled with flow, heat transfer, and gasification reactions
was established in this paper. Firstly, the minimum fluidization velocity was compared
with the experimental results to verify the reliability of the fluidized bed model. Then,
the fluidization process and the distribution of particle velocity field in the fluidized bed
were studied, and the effects of bed height and feed structure on the particle distribution
and feed residence time were discussed. Finally, the gasification process of glycerol in
supercritical water was simulated. The distribution of temperature field and reaction rate in
the fluidized bed was discussed, and the composition of gas products in the fluidized bed
at different wall temperatures was studied. The conclusions can be summarized as follows:

(1) The feed pipe of the fluidized bed has a greater influence on the particle flow in the
upper zone but has less influence on the lower zone. The bubble channel is easy to
form on the feed pipe side of the fluidized bed, and the gulf stream is easy to form on
the side without the feed pipe.
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(2) The higher the initial bed height of the fluidized bed, the more uniform the internal
flow field, and the longer the residence time of the feedstock in the fluidized bed.

(3) The residence time of the fluidized bed with the symmetric double inlet structure is
longer because the convective interaction can inhibit the formation of large bubbles.
However, the fluidized bed with a single-side, double inlet, feeding structure shows
better uniformity due to the improved feed distribution in the axial direction.

(4) The total thermal effect of supercritical water gasification of glycerol is endothermic.
The pyrolysis reaction of glycerol mainly occurs in the middle and lower part of the
fluidized bed, while the water gas shift reaction and methanation reaction have the
highest reaction rates near the outlet. The production of each gas at the outlet of the
fluidized bed increases with the increase of wall temperature.
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