
energies

Article

A Novel Generator Design Utilised for Conventional Ejector
Refrigeration Systems

Anas F. A. Elbarghthi , Mohammad Yousef Hdaib * and Václav Dvořák
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Abstract: Ejector refrigeration systems are rapidly evolving and are poised to become one of the
most preferred cooling systems in the near future. CO2 transcritical refrigeration systems have
inherently high working pressures and discharge temperatures, providing a large volumetric heating
capacity. In the current research, the heat ejected from the CO2 gas cooler was proposed as a driving
heating source for the compression ejector system, representing the energy supply for the generator
in a combined cycle. The local design approach was investigated for the combined plate-type heat
exchanger (PHE) via Matlab code integrated with the NIST real gas database. HFO refrigerants
(1234ze(E) and 1234yf) were selected to serve as the cold fluid on the generator flowing through
three different phases: subcooled liquid, a two-phase mixture, and superheated vapour. The study
examines the following: the effectiveness, the heat transfer coefficients, and the pressure drop of the
PHE working fluids under variable hot stream pressures, cold stream flow fluxes, and superheated
temperatures. The integration revealed that the cold fluid mixture phase dominates the heat transfer
coefficients and the pressure drop of the heat exchanger. By increasing the hot stream inlet pressure
from 9 MPa to 12 MPa, the cold stream two-phase convection coefficient can be enhanced by 50% and
200% for R1234yf and R1234ze(E), respectively. Conversely, the cold stream two-phase convection
coefficient dropped by 17% and 37% for R1234yf and R1234ze(E), respectively. The overall result
supports utilising the ejected heat from the CO2 transcritical system, especially at high CO2 inlet
pressures and low cold channel flow fluxes. Moreover, R1234ze(E) could be a more suitable working
fluid because it possesses a lower pressure drop and bond number.

Keywords: ejector; CO2; plate heat exchanger; refrigeration system; pressure drop

1. Introduction

An ejector is a flow device that mixes streams of primary and secondary inlet flows
then discharges them to an intermediate pressure referred to as backpressure. The refriger-
ation cycle could be supported with two types of ejectors based on the application and the
purpose: the expansion ejector refrigeration cycle, where the ejector replaces the expansion
valve as represented in CO2 (denoted R744) transcritical refrigeration systems, and the
compression ejector, where it replaces the compressor [1]. For the compression ejector
refrigeration cycle (CERC), the generator’s heat source type is essential for improving
the cycle coefficient of performance. Several studies considered different low-grade heat
sources used to drive the cycle and perform the generation process, such as solar collectors,
an absorption cycle, geothermal energy, and waste heat from power plants [2–7]. However,
multiple eco-friendly solutions have been developed in the refrigeration sector, and the
market is witnessing an increase in commercial CO2 refrigeration systems worldwide.
Therefore, utilising the gas cooler heat ejected at high discharge temperatures from the
transcritical cooling system can represent an energy source for the compression ejector
refrigeration system, which has not been identified in the open literature as a solution.

Plate heat exchangers (PHEs) are commonly used for design considerations in refrig-
eration cycles due to the performance enhancement, ease of installation, low refrigerant
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charge, and large heat transfer area per volume [8]. A plate heat exchanger is a heat
exchanging device that consists of closely packed plates that represent alternative flow
channels for the cold and hot streams [9]. Two approaches can be used for PHE design:
the first is the lumped analysis, in which the whole heat exchanger is considered to be
one control volume. The second one is the local analysis, in which the control volume is
divided into artificial portions to consider a multiple-phase flow or a nonlinear change in
the flowing fluid properties [10,11]. The heat transfer has three stages for the generator
side: forced convection of subcooled liquid, flow boiling of two-phase mixture, and forced
convection of superheated vapour. The flow boiling heat transfer has three regimes: a
nucleate boiling regime, a two-phase convective boiling regime, and a transition regime.
For the evaporation process, the two-phase convective boiling regime is dominant [12].

In previous studies, the frictional pressure drop and the heat transfer coefficient were
thoroughly investigated for single and two-phase flows. Plenty of single-phase flow cor-
relations have been theoretically discussed in terms of the Nusselt number and friction
coefficient [13,14]. On the other hand, many other authors have proposed similar corre-
lations based on experimental data [15–18]. In the case of two-phase flow, Lockhart and
Martinelli [19], followed by Chisholm [20], presented a correlation for frictional pressure
drop based on the flow regime. Recent studies calculated the two-phase frictional pressure
drop by the kinetic energy per unit volume or the two-phase fanning friction coefficient [12].
Amalfi et al. [8,21] proposed numerical correlations for the Nusselt number and friction
coefficient. The correlations revealed by the authors could predict 90.9% and 92.3% of
1513 and 1903 experimental data points with a mean absolute error of 21.5% and 22.1% for
the friction coefficient and the Nusselt number, respectively.

Some of the crucial factors that should be considered in the design procedures of the
PHE for refrigeration systems is the environmental regulations of the working fluids. The
main regulations are represented by the two common definitions: the ozone-depleting
potential (ODP) and the global warming potential (GWP). The former represents the ratio
of the global loss of ozone to the discharged unit mass of the ozone-depleting gas with
respect to R11 as a reference [22]. The latter means the cumulative radiative force due to
discharge of the unit mass of a specific global warming gas with respect to a reference gas;
usually, CO2 is used as a reference [23]. At present, the general allowable values of ODP
and GWP are less than 0.4 and 2500, respectively [24,25]. The used HFOs and the R744
have values lower than the allowable ones with zero ODP and GWP < 4 [26–28]. Therefore,
the early studies of evaporation heat transfer in PHEs were performed onCO2 refrigerants
with high ODP and GWP [29–31]. In contrast, the recent studies have focused more on
environmentally friendly refrigerants due to the restrictions imposed by the international
regulations on the allowable ODP and GWP [25]. Huang et al. [32] presented correlations
for two-phase heat transfer coefficients and the pressure drop of R134a and R507 with
three different chevron angle combinations (28, 28/60, and 60). The mean absolute errors
of the proposed correlations were 7.3% and 6.7% for the heat transfer coefficients and the
frictional pressure drop, respectively. Longo and collaborators studied recently released
HFOs [25,33–35] and investigated the heat transfer coefficients and frictional pressure drop
during the evaporation process for different mass and heat fluxes, saturation temperatures,
and outlet conditions. Their most essential conclusion was that the heat transfer coefficients
are slightly dependent on the saturation temperature. The result indicated that the frictional
pressure drop has a linear dependence on the refrigerant’s kinetic energy per unit volume
and R1234yf has lower heat transfer coefficients and a lower frictional pressure drop than
R134a. Moreover, R1234ze(e) substitutes for R134a and R1234yf as they have similar heat
transfer coefficients and a slightly lower frictional pressure drop.

The transcritical CO2 is preferably used for refrigeration systems because of its low
critical temperature and pressure, which overcome the inefficiency problems [36]. Heat
transfer coefficients and the pressure drop of CO2 have been analysed in many types
of research. However, most of the mentioned studies in the literature were applied to
channel or tube heat exchangers [37]. In contrast, Zendehboudi et al. [12] experimentally
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investigated supercritical CO2 as a hot fluid in brazed PHEs of a tri-partite gas cooler. The
authors found that the correlations mentioned in the literature for the Nusselt number were
not applicable for their case. These correlations are either based on a different supercritical
fluid or derived for a channel or tube heat exchanger. Moreover, their results proved that
buoyancy forces significantly influenced the heat transfer process and they proposed a
new correlation for the Nusselt number with a relative error of 11.61% and 12.82% for a
one-pass and a two-pass PHE, respectively. Therefore, a correlation to estimate the fanning
friction coefficient and the Nusselt number of CO2 should be chosen carefully since the
thermophysical properties of R744 change nonlinearly in the supercritical region [37].

This study provides a novel design for the generator in compression ejector refrigera-
tion technologies using the ejected heat from the CO2 transcritical system as the driving
energy source based on a local analysis. The two cycles were emphasised and discussed
by Elbarghthi et al. [38–40]. Matlab software was used to develop the PHE analytical
model and integrated the NIST database for real gas properties [41]. The supercritical CO2
represented the hot stream in the heat exchanger, while two cold streams were studied and
compared as the working fluids (R1234yf and R1234ze(E)) flowing from subcooled liquid
to superheated vapour. Moreover, the total pressure drop, Nusselt numbers, Reynold
numbers, and effectiveness were determined and are discussed at various channel mass
fluxes, superheating temperatures, and plate sizes.

2. System Description

Figure 1 illustrates the proposed system diagram using a compact plate heat exchanger
and the principal components. The PHE layout in the dashed line area contains the
supercritical CO2 as the hot working fluid that supplies the ejected heat to the generator
from the refrigeration cycle as the heat sink. The generator side uses HFO refrigerants
(1234ze(E) and 1234yf) for three different phases of flow: subcooled liquid, a two-phase
mixture, and superheated vapour.
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HFO refrigerants were chosen based on their dry-expansion property, which provides
a positive slope of the saturation vapour curve. This function will avoid condensation
inside the compression ejector where the expansion process ends in the superheated vapour
region [1,39]. Moreover, these refrigerants are classified as having low toxicity and non-
flammable to comply with the EU Council regulations on environment-friendly F-gases [42].
In addition, these refrigerants were selected for investigation through the compression
ejector cooling cycle experimentally and numerically due to their promising alternatives
and their significant impact on the overall system performance [40,43–45].

Two different sizes of the compact plate heat exchangers were put up for study.
Figure 2 shows the schematic view and an actual photograph of the chevron plate heat
exchanger examined in this paper. All geometrical characteristics and the principal dimen-
sions of the PHE are listed in Table 1.
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Table 1. Geometrical characteristics of the PHEs.

Geometry Parameters
Plate Size

PHE#A PHE#B

Effective flow length, L (mm) 485 250
Plate thickness t_p (mm) 0.60 0.60
Port diameter D_p (mm) 55 30
Corrugation angle, β (◦) 60 60

Plate Pitch, P (mm) 2.8 2.50
Mean Channel Gap, b (mm) 2.2 1.90

Plate width, W (mm) 245 95
Corrugation pitch, λ (mm) 6.80 6.80

• the heat exchanger operated under steady-state conditions and was considered as
one-pass counterflow;

• heat losses to the environment are negligible;
• the maldistribution phenomenon inside the PHE was neglected;
• for the cold stream with a phase change, the plate was divided into three portions;
• a linear temperature difference was considered between the two flow streams;
• the cold stream was modelled at a saturation temperature of 87 ◦C and an inlet

temperature of 25 ◦C;
• the effect of the saturation temperature was ignored since it does not significantly

affect the heat transfer coefficients or the pressure drop [25,33–35];
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• effectiveness was estimated using the ε-NTU method; and
• all the thermophysical properties were estimated based on the NIST fluid database

(REFPROP v.10).

The analysis accounted for the cold stream superheat temperature differences (∆TSH,c)
that vary from 5 K to 20 K. The hot stream was modelled under different inlet pressures (Ph),
namely from 9 MPa to 12 MPa with a 1 MPa step. In the transcritical CO2 refrigeration cycle,
a semi-hermetic reciprocating compressor model, manufactured by the Dorin company
(Dorin CD1400H), was employed [46]. The compressor’s electric power supply and the
discharge mass flow rate were determined according to polynomial functions provided by
the manufacturer at a nominal frequency of 50 Hz.

3. Theoretical Analysis
3.1. Data Reduction

The thermal balances were considered equal for both hot and cold streams as shown
in Equation (1):

Qc = Qh = Q =
.

mc(Hc,o −Hc, i) (1)

The log mean temperature difference (LMTD) cannot be used for the CO2 side of
the setup. This is because the R744’s thermophysical properties change nonlinearly with
temperature. In comparison, the LMTD considers that both cold side fluids have a constant
specific heat. Therefore, the actual temperature difference was estimated as mentioned by
Zendehboudi et al. [10] as follows:

∆T =
Q

U Aeff Np
(2)

where Np represents the number of plates. The effective area (Aeff) considers the effect of
corrugation on the total heat transfer area by multiplying the plate area (Ap = b·Lw) by
the enlargement factor (∅) [11] as shown in Equations (3) and (4).

Aeff = ∅ b Lw (3)

∅ =

(
1 +

√
1 + x2 +

√
(1 + x2)/2

)
/6 (4)

where
x =

π b
λ

(5)

The overall heat transfer coefficient (U) can be determined by using the summation of
thermal conductances between both streams as shown in Equation (6):

U =

(
1
hc

+
1

hh
+ F +

tp

κp

)−1
(6)

where F and κp are the fouling factor for both streams and the plate conductivity, respec-
tively, and hc and hh are the thermal convection coefficients for both cold and hot streams,
respectively. The convection coefficients can be estimated from the Nusselt number Nu as:

Nu =
h Dhy

κ
(7)

where Dhy is the channel’s hydraulic diameter. For single-phase flow of the cold stream,
Martin et al.’s model [14] was used for the estimation of the Nusselt number (Nuc,sp) and
the fanning friction coefficient (fc,sp), as shown in Equations (8) and (9):

Nuc,sp = 0.205Pr
1
3

(
µm
µw

) 1
6
(f Re2 sin 2β)

0.374
(8)
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1√
f
=

cosβ√
0.045 tanβ+ 0.09 sinβ+ fa/ cosβ

+
1− cosβ√

3.8fb
(9)

where fa and fb are the constants of the Martin model and mainly depend on the flow type.
For Re < 2000, calculated from Equation (10), the constant value could be found as follows:

Re =
GchDh
µ

(10)

fa =
16
Re

, fb =
149
Re

+ 0.9652 (11)

where Gch is the channel mass flux (Gch =
.

mc/AchNch). On the other hand, Amalfi et al.
correlations [21] were used for estimating the Nusselt number (Nuc, tp) and the fanning
friction coefficient (fc,tp) of the cold stream two-phase flow because their correlation was
constructed based on experimental data on the PHE as shown in Equations (12) and (13).

Nuc,tp = 18.495β*0.248 Re0.135
v Re0.351

lo Bd0.235 Bo0.198 ρ*−0.223 (12)

ftp =
(

33.2583β∗9.993 + 14.9916
)

We−0.475 Bd0.255 ρ∗−0.571 (13)

where

Rev = X Revo =
X GchDh
µv

, Rel = (1− X)Relo =
(1− X) Gch Dh

µl
(14)

β∗ =
β

βmax
, ρ∗ =

ρ1
ρv

(15)

Moreover, Amalfi et al. correlations include the effect of heat flux between the
two streams (q) and the channel mass flux (Gch) on the Nusselt number by adopting
the boiling number (Bo). In addition, it includes the impact of the buoyancy forces on the
fanning friction coefficient (f) by adopting the Weber number (We). Moreover, their model
considers the turbulence effect by using the Bond number (Bd).

Bo =
q

Gchilv
=

U∆T
Gchilv

(16)

We =
G2

chDh

σρavg
(17)

Bd =
(ρl − ρv) g D2

h
σ

(18)

where ρavg is average density according to the two-phase homogeneous model:

ρavg =

(
Xm

ρv
+

1− Xm

ρl

)−1
(19)

In the case of the hot stream supercritical flow, as Zendehboudi et al. [5] mentioned,
most models in the literature are not applicable for Nusselt number calculation when
dealing with a PHE. In this regard, the new correlation stated by the authors was used,
in which they consider the buoyancy force effect and performed their experiment on a
brazed PHE. Equation (20) illustrates their correlation for the supercritical phase Nusselt
number (Nuh,sc), while for the fanning friction coefficient (fh,SC) the Martin model was
used as follows:

Nuh,sc = 0.33Re0.804
m ·Pr0.1

m

(
ρw
ρm

)−0.1(Cpw
Cpm

)0.093( Gr
Re2.7

m

)0.1
(20)
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where (Gr) is the Grashof number, representing the buoyancy forces to the viscous forces,
as shown in Equation (21).

Gr =
(ρw − ρm)ρmgD3

h
µ2

m
(21)

The subscript (m) represents the mean property calculated from all artificial inlets
and outlets of one stream. In comparison, the subscript (w) represents the property value
adjacent to the wall. This study approximates properties close to the wall considering a
linear change in the temperature between hot and cold streams [16]. For both streams,
the estimated total pressure drop includes the frictional pressure drop (∆Pfr), and the
port pressure drop (∆Pp) was determined as shown in Equation (22). All thermophysical
properties were obtained from the NIST database.

∆P = 0.75Nch

(
G2

p

2 ρi
−

G2
p

2 ρo

)
+ 2f

LvG2
c

Dhρ

(
µm
µw

)−0.17
(22)

The evaluation of the heat exchanger’s effectiveness was calculated by the e−NTU
method, as shown in Equations (23)–(25) [47], where Cmin is the minimum heat capacity
between both flow streams.

NTU =
U Aeff
Cmin

(23)

Cmin = min
( .
mc Cpc,

.
mh Cph

)
(24)

ε = 1− exp(−NTU) (25)

3.2. Calculation Procedures

Since a phase change occurred on the cold stream flow side, both streams in the heat
exchanger were divided into k artificial sections, where the k-th component is (1, 2, 3), as
shown in Figure 3. The previously mentioned equations were evaluated using Matlab code,
and the modelling procedures can be seen in the flow chart in Figure 4. The following steps
demonstrate the flow chart calculation procedure.
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• The inputs are the hot stream pressure (Ph) and the superheat difference (∆Tsh,c).
Afterwards, the saturation pressure (Pc) was calculated according to the refrigerant
name (Ns) at 87 ◦C.

• The enthalpies were estimated for all artificial inlets and outlets of the cold stream.
• The total heat rate (Qk) was evaluated for each artificial section according to the

enthalpy difference multiplied by the mass flow rate of the cold stream, Equation (1).
• The inlet enthalpy and the temperature of the hot stream (Hh3i and Th3o ,respec-

tively) were estimated using the compressor model and the hot stream pressure
(Ph). Subsequently, the other enthalpies and temperatures were evaluated using the
corresponding heat rate (Qk) from each artificial section.
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• If the outlet temperature of the hot stream’s second section (Th2o) is higher than the
cold stream saturation temperature (Tc.sat), then the required dimensionless numbers
of each stream can be evaluated directly except for the boiling number (Bo), as it
requires information on the heat flux between the hot and cold streams (qk). Based on
Amalfi’s review [22], the average between the maximum and the minimum Boiling
number was taken as an initial guess with a value of 0.002.

• In the next step, the overall heat transfer coefficient (Uk), the heat flux (qk), the number
of transfer units (NTU), and the effectiveness (εk) will be estimated. When all the data
are calculated, the boiling number (Bo) will be updated according to the new heat flux
(qk) as well as the overall heat transfer coefficient (Uk), the number of transfer units
(NTU), and the effectiveness (εk). Then, the mass flow rate (

.
mc) will be updated.

• Alternatively, if the outlet temperature of the hot stream’s second section (Th2o) is
lower, then the calculation will be stopped for the current cold stream mass flow rate,
and the name (Ns) will be updated to the next step.

• Finally, the output is stored as the effectiveness, the convection coefficients, and the
pressure drop matrices at various channel mass fluxes.

The previously mentioned steps were repeated at different cold stream superheating
temperatures, different hot stream pressures, and two different plate sizes.

4. Discussion

The constructed analytical model was repeated at various hot stream pressures (Ph)
with values of 9, 10, 11, and 12 MPa. The cold stream superheat differences (∆Tsh,c) were
set to vary between 5, 10, 15, and 20 K for two different plate sizes. The results demonstrate
the hot stream inlet pressure effect, the superheat difference effect, and the impact of the
heat exchanger plate sizes.

4.1. Effect of Hot Stream Inlet Pressure

Figure 5 illustrates the cold stream liquid-phase and gas-phase convection coefficients
against various cold channel mass fluxes from 0.1 kg/m2·s to 7.8 kg/m2·s at a hot stream
inlet pressure of 10 MPa and a cold stream superheat temperature difference of 3 K. For
all cases, the convection coefficients increase with the cold channel mass flux because
of the increment in the Reynolds number. For the cold stream liquid phase, the convec-
tion coefficients increased from 41 to 262 and 270 W/m2·K for R1234yf and R1234ze(E),
respectively. For the cold stream gas phase, the convection coefficients increased from
36 and 25 to 378 and 269 W/m2·K for R1234yf and R1234ze(E), respectively. The differ-
ence is more apparent for the gas-phase convection coefficients because the viscosity is
ten times lower at the gas phase for both HFOs, resulting in a more apparent difference
in the Reynolds number. The slope for the liquid phase is more horizontal because the
viscosity ratio decreases from 1.9 to 1.2 for R1234yf and from 1.6 to 1.1 for R1234ze(E),
while it is almost constant for the gas phase. Moreover, the convection coefficients of the
cold stream gas-phase of R1234ze(E) are less than the liquid ones at a cold channel mass
flux less than 6.8 kg/m2·s because the conductivity is relatively low in the gas phase in
comparison with R1234yf. On the other hand, a less than 4% increase in the liquid phase
convection coefficients and a less than 1% decrease in the gas phase convection coefficients
were observed as the hot stream inlet pressure was increased from 9 MPa to 12 MPa. This
can be explained by the effect of the hot stream inlet temperature on the viscosity at the
surface, which decreases in the liquid phase and increases in the gas phase, according to
the Martin model.
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In contrast, the two-phase convection coefficient was influenced steeply by the hot
stream inlet pressure. Figure 6 demonstrates the cold stream two-phase convection coef-
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stream inlet pressures of 9 MPa and 12 MPa and a cold stream superheat temperature
difference of 3 K. The result reveals that the cold-stream two-phase convection coefficient
at high pressure increases from 592 W/m2·K to 2110 W/m2·K for the R1234ze(E) and
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the peak at 1334 W/m2·K and then decreased significantly to 673 W/m2·K. The two-phase
convection coefficient also showed parabolic tendencies for R1234yf from 959 W/m2·K
to the peak at 2857 W/m2·K and then decreased slightly to 2785 W/m2·K. As shown
in Figure 6, the convection coefficient is much higher at higher pressures due to the in-
creased heat flux between the two streams, resulting in higher boiling numbers. For most
cases, the R1234ze(E) had higher two-phase convection coefficients due to the higher bond
number than for R1234yf. According to Amalfi et al.’s correlation for the macro-scale
plate heat exchanger, the flow in the two-phase region is very turbulent even at a low
vapour quality [21]. This turbulence is represented by the Bond number (Bd) with a critical
value of 4. In this study, the bond number was estimated to be 90 for R1234ze(E) and
24 for R1234yf by using Equation (18) [21]. This difference in turbulence leads to higher
convection coefficients for the R1234ze(E). The observed two-phase convection coefficients
show good agreement with the results of Longo et al. [34].

On the other hand, the parabolic tendency of the two-phase convection coefficients
at 9 MPa was due to the significant decrease in the hot stream temperature and the con-
vergence of the overall heat transfer coefficient to a constant value. The peak occurs when
the overall heat transfer coefficient converges to a constant value, and the significant re-
duction after the peak appears when the hot stream temperature drops and gets closer to
the cold stream saturation temperature, leading to a considerable decrease in the Boiling
number, as shown in Equation (16). This effect of the overall heat transfer coefficient and
the temperature drop on the Boiling number is illustrated in Figure 7 for both HFOs.
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Figure 7. The boiling number at various cold channel mass fluxes.

Figure 7 demonstrates the boiling number with a broader range of cold channel
mass fluxes. For all curves, it is clear that the boiling number decreases significantly at
a particular flow flux when the temperature difference in Equation (16) approaches zero,
which explains along with the overall heat transfer coefficient the parabolic tendency of
the two-phase convection coefficient.

The results illustrated in Figure 8 show how the hot stream convection coefficients
change with the mean hot stream temperature and the variation in the cold channel
mass flux from 0.1 kg/m2·s to 7.8 kg/m2·s at hot stream inlet pressures of 9 MPa and
12 MPa and a cold stream superheat temperature difference of 3 K. At a high pressure,
the hot stream convection coefficients increased from 951 to 1009 and 998 W/m2·K for
R1234yf and R1234ze(E), respectively. In addition, the temperature drops from 138 ◦C to
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113 ◦C and 117 ◦C for R1234yf and R1234ze(E), respectively. At a lower pressure, the hot
stream convection coefficients increased from 896 to 958 and 946 W/m2·K for R1234yf and
R1234ze(E), respectively. In addition, the temperature drops from 107 ◦C to 88 ◦C and
84 ◦C for R1234yf and R1234ze(E), respectively. The results show good agreement with
Zendehboudi et al. [5]. The hot stream convection coefficients and mean temperature drops
at different pressures were found to have identical differences between the hot stream
inlet and outlet, even though the CO2 was operating in the supercritical region. This is
explained by the idea that the CO2 temperature is relatively high and far from the critical
value at which the thermophysical properties change linearly in this region.
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Conversely, as the supercritical phase approaches the critical point, the deviation
between the R1234yf and R1234ze(E) curves becomes more pronounced with the tempera-
ture drop because of the increase in the nonlinearity of the thermophysical properties. In
contrast, hot stream convection coefficients have higher values with R1234ze(E) because it
has a lower specific heat, resulting in a higher temperature drop.

Figure 9 illustrates the cold stream liquid-phase, two-phase, and gas-phase pressure
drops against various cold channel mass fluxes from 0.1 kg/m2·s to 7.8 kg/m2·s at a hot
stream inlet pressure of 11 MPa and a cold stream superheat temperature difference of 3 K.
The liquid-phase pressure drop for both gases has the same tendency, with a maximum
value of 0.3 kPa/m. This is because they have similar values of the Reynolds number,
which is dominant in the Martin fanning friction model. In contrast, R1234yf has a higher
pressure drop in the gas phase than R1234ze(E), with a value of 27 kPa/m, because of the
difference in surface tension. This difference affects the Weber number as illustrated in
Equation (17). For the gas phase, the maximum pressure drop equals 0.7 kPa/m for R1234yf
and 1.1 kPa/m for R1234ze(E). The difference in pressure drop for the gas phase illustrates
the deviation between R1234yf and R1234ze(E) more clearly than the liquid phase due to
the difference in the Reynolds number as explained above for the convection coefficients.
In contrast, the effect of the hot stream pressure on the pressure drop is negligible because
the Weber and Bond numbers are functions of the cold stream temperature. According to
the used model, these numbers remained constant at different hot stream pressures because
an identical temperature increase in the cold fluid was considered. The vapourisation
pressure drop showed good agreement with Longo et al.’s experimental study [34] and
Amalfi et al. review [21].
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On the other hand, Figure 10 shows how the hot stream pressure drop changes
with the mean hot stream temperature and a cold channel mass flux that varies from
0.1 kg/m2·s to 7.8 kg/m2·s at hot stream inlet pressures of 9 MPa and 12 MPa and a cold
stream superheat temperature difference of 3 K. At a high pressure, the total hot stream
pressure drop decreased from 7.44 KPa/m to 6.46 KPa/m and 6.14 KPa/m for R1234yf
and R1234ze(E), respectively, while at a lower pressure, it decreased from 10.27 KPa/m
to 8.75 KPa/m and 8.33 KPa/m for R1234yf and R1234ze(E), respectively. The pressure
drops decreased with the mean hot stream temperature drop because of the decrease in the
Reynolds number with the temperature at the supercritical phase. The viscosity increased
with the temperature drop in the supercritical phase, unlike in the gaseous phase. On the
other hand, the pressure drop increased at a lower hot stream inlet pressure because of the
increase in the mass flow rate, which the used compressor model estimates.

Figure 11 demonstrates the effectiveness versus cold channel mass fluxes from
0.1 to 7.8 kg/m2·s at a hot stream inlet pressure of 10 MPa and a cold stream super-
heat temperature difference of 3 K. The effectiveness is 100% at cold channel mass fluxes
less than 1 and 2 kg/m2·s for R1234yf and R1234ze(E), respectively. The effectiveness then
decreases to 95.5% and 98.5% for R1234yf and R1234ze(E), respectively.
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Moreover, the R1234yf showed lower effectiveness than the R1234ze(E) and an earlier
deviation from 100% effectiveness because the specific heat of R1234yf is approximately
one time higher than R1234ze(E) at each phase, which leads to higher heat capacity values
and lower effectiveness [47]. In addition, the effect of the hot stream pressure on the
effectiveness is negligible because, for the investigated flow fluxes, the cold stream was
dominant at the minimum heat capacity since it has a lower flow rate than the hot stream.
Moreover, the hot stream convection coefficients did not change significantly with pressure
because the hot stream flow flux slightly decreased with increasing pressure.

4.2. Effect of Superheat

Generally, the effect of superheat was negligible on the effectiveness, the single-phase
convection coefficients, and the pressure drops. In contrast, it was slightly effective on
the two-phase convection coefficient. This ensures stable operation of the proposed cycle
under different operating conditions.

Figure 12 demonstrates the cold stream two-phase convection coefficients versus
various cold channel mass fluxes from 0.1 kg/m2·s to 16 kg/m2·s at a hot stream inlet
pressures of 12 MPa and cold stream superheat temperature differences of 5 K and 20 K.
The cold-stream two-phase convection coefficient at a temperature difference of 5 K in-
creases from 591 W/m2·K to 2175 W/m2·K for the R1234ze(E) and from 1182 W/m2·K to
4518 W/m2·K for the R1234yf. At a temperature difference of 20 K, the two-phase convec-
tion coefficient showed parabolic tendencies for R1234ze(E) from 589 W/m2·K to the peak
at 1954 W/m2·K and then decreased significantly to 820 W/m2·K. The two-phase convec-
tion coefficient also showed parabolic tendencies for the R1234yf from 1183 W/m2·K to
the peak at 3904 W/m2·K and then decreased to 2710 W/m2·K. The convection coefficient
decreased to about 12–15% when the superheat temperature difference increased from 5 K
to 20 K. This can be explained by Longo et al. observations [33] using IR thermography.
The authors reported that the heat transfer area covered with a single-gas flow increases
significantly with the superheat difference. According to these observations, lower heat
fluxes will occur in the two-phase region, leading to lower Boiling numbers and a lower
two-phase convection coefficient.
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Figure 12. Cold stream two-phase convection coefficient at various cold channel mass fluxes and
different superheat temperature differences.

Figure 13 demonstrates the effectiveness versus cold channel mass fluxes from
0.1 to 15 kg/m2·s at a hot stream inlet pressure of 12 MPa and cold stream superheat
temperature differences of 5 K and 20 K. The effectiveness is 100% at cold channel mass
fluxes less than 1 and 2 kg/m2·s for R1234yf and R1234ze(E), respectively. The effectiveness
then decreases to 91% and 95% for R1234yf and R1234ze(E), respectively. Additionally, the
effectiveness at a 20 K superheating difference was slightly lower for channel mass fluxes
less than 9 and 15 kg/m2·s for R1234yf and R1234ze(E), respectively. However, the effect
of the cold stream superheating difference is negligible, which provides a considerable
advantage for a broader range of operations for the CERC.

4.3. Effect of Heat Exchanger Size

The effectiveness, convection coefficients, and pressure drops were investigated with
two different sizes of plates: A and B. Table 1 describes the geometrical specifications of
each plate. The following sections illustrate the difference between using the two different
plates. The number of plates for the size B PHE was determined based on an effective area
identical to the size A PHE.
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Figure 14 shows the cold stream two-phase convection coefficients versus various
cold channel mass fluxes from 0.1 kg/m2·s to 7 kg/·s at a hot stream inlet pressure of
10 MPa, a cold stream superheat temperature difference of 3 K, and two different plate sizes:
size A (marked with solid lines) and size B (marked with dashed lines). For size A, the
cold-stream two-phase convection coefficient increases from 538 W/m2·K to 1696 W/m2·K
for the R1234ze(E) and from 1069 W/m2·K to 3491 W/m2·K for the R1234yf. When using
plate B, the two-phase convection coefficient showed parabolic tendencies for R1234ze(E)
from 431 W/m2·K to the peak at 1386 W/m2·K and then decreased to 1099 W/m2·K.
The two-phase convection coefficient also showed parabolic tendencies for R1234yf from
863 W/m2·K to the peak at 2937 W/m2·K and then decreased to 2877 W/m2·K. The cold
stream two-phase convection coefficient for the size A PHE is higher than that for the size
B PHE, with a maximum percentage of 50%.
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Figure 14. Cold stream two-phase convection coefficient at various cold channel mass fluxes and
different plate sizes.

The cold stream two-phase convection coefficients were approximately the same for
both sizes at a low channel flow flux, and then the curves deviated when the heat flux
approached the peak value. At this peak, the reduction in the temperature in Equation
(16) becomes more dominant than the increment in the overall heat transfer coefficient.
After that, the convection coefficient increased continuously until it reached a particular
peak; then, it started to decrease. This topmost value occurred when the overall heat
transfer coefficient converged to a constant value. The decrement occurred because the
enthalpy of the vaporisation product by the channel mass flux shown in Equation (16)
regularly increased with the flow rate. Generally, the plate B heat exchanger has a lower
heat flux between the streams because it has a higher number of channels, resulting in a
more distributed total heat rate.

The results illustrated in Figure 15 show how the hot stream convection coeffi-
cients change with the mean hot stream temperature and cold channel mass fluxes from
0.1 kg/m2·s to 7 kg/m2·s at a hot stream inlet pressure of 10 MPa, a cold stream superheat
temperature difference of 3 K, and two different plate sizes: size A (marked with solid
lines) and size B (marked with dashed lines).
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and size B (marked with dashed lines) at various mean hot stream temperatures.

For size A, the hot stream convection coefficients increased from 917 W/m2·K to
972 W/m2·K and 968 W/m2·K for R1234yf and R1234ze(E), respectively. In addition, the
temperature drops from 118 ◦C to 89 ◦C and 84 ◦C for R1234yf and R1234ze(E), respectively.
At a lower pressure, the hot stream convection coefficients increased from 686 W/m2·K to
727 W/m2·K and 725 W/m2·K for R1234yf and R1234ze(E), respectively, and the tempera-
ture dropped from 118 ◦C to 89 ◦C and 84 ◦C for R1234yf and R1234ze(E), respectively. The
two investigated sizes have identical differences in the hot stream convection coefficients
and temperature drops because the CO2 temperature is relatively high and far from the
critical one. In addition, the peak of both HFOs is more apparent than the one illustrated
in Figure 8 because of the wider range of the y-axis. This peak represents the point at
which the viscosity changes its tendency from a decrease to in increase in the supercritical
region. Additionally, it was observed for the Reynolds number at the same temperature.
The hot stream convection coefficients were 20% higher for size A due to the difference in
the Grashof number and the Reynolds number since size A has a higher hot channel mass
flux. We maintained an identical hot channel mass flux for both sizes, which was possible
because the hot stream flow rate was estimated using the compressor model. Moreover,
the number of plates was chosen to maintain equivalent cold channel mass fluxes for
both sizes.

Figure 16 demonstrates the effectiveness versus cold channel mass fluxes from
0.1 to 7 kg/m2·s at a hot stream inlet pressure of 10 MPa, a cold stream superheat tempera-
ture difference of 3 K, and two different plate sizes: size A (marked with solid lines) and
size B (marked with dashed lines). For size A, the effectiveness decreases to 96% and 99%
for R1234yf and R1234ze(E), respectively, while for size B, the effectiveness decreases to
87% and 93% for R1234yf and R1234ze(E), respectively. The lower effectiveness for size
B is due mainly to the lower effective plate area, leading to a lower NTU. Moreover, as
explained before, the size A exchanger had higher overall heat transfer coefficients and
heat fluxes.



Energies 2021, 14, 7705 18 of 22Energies 2021, 14, x FOR PEER REVIEW 19 of 23 
 

 

 
Figure 16. Effectiveness at different plate sizes: size A (marked with solid lines) and size B (marked 
with dashed lines) at various cold channel mass fluxes. 

According to the achieved results, the effectiveness is relatively high, especially at a 
larger plate size, leading to a higher compression ejector refrigeration cycle COP. In addi-
tion, the PHE pressure drop is strongly influenced by the cold-stream two-phase flow. 
However, the pressure drops are relatively low and seem to converge at a high pressure, 
which is crucial for estimating the mass flow rate of the compression ejector inlet in the 
CERC. On the other hand, the applicable flow rate range was limited only by the HFO 
saturation temperature in the two-phase flow region (k = 2). In this region, the limitation 
is due to the difference in temperature between the two streams. The flow rate must be 
modified to a value that guarantees that the CO2 temperature is higher than the HFO sat-
uration temperature. Once a good flow range is specified, a stable and smooth variation 
in the convection coefficient would be observed for the three different phases, resulting in 
a smooth operation of the overall combined cycle. For the gas-cooler side, the relatively 
high temperature of the CO2 negates the nonlinearity in the CO2’s properties, making it a 
suitable driving heat source for the generator in the combined cycle.  

5. Conclusions 
CO2 transcritical refrigeration systems have inherently high working pressures and 

discharge temperatures, providing a large volumetric heating capacity. Therefore, the 
heat ejected from the CO2 gas cooler was proposed to be utilised as a driving heating 
source for the compression ejector system, representing the energy supply for the gener-
ator in a combined cycle. The study was based on the local theoretical approach to a 
brazed plate heat exchanger. The theoretical model was constructed by a Matlab code with 
analysis procedures illustrated through flow chart stages. The main parameters for the 
assessment of the heat exchanger, including the convection coefficients, the effectiveness, 
and the pressure drops, were evaluated and discussed at various CO2 inlet pressures, dif-
ferent cold-side refrigerant superheat temperatures, and two different plate sizes.  

The results indicate that the two-phase convection coefficient of the refrigerants was 
the most dominant parameter in the heat transfer process between the two streams. The 
most relevant findings can be summarised as follows: 

Figure 16. Effectiveness at different plate sizes: size A (marked with solid lines) and size B (marked
with dashed lines) at various cold channel mass fluxes.

According to the achieved results, the effectiveness is relatively high, especially at
a larger plate size, leading to a higher compression ejector refrigeration cycle COP. In
addition, the PHE pressure drop is strongly influenced by the cold-stream two-phase flow.
However, the pressure drops are relatively low and seem to converge at a high pressure,
which is crucial for estimating the mass flow rate of the compression ejector inlet in the
CERC. On the other hand, the applicable flow rate range was limited only by the HFO
saturation temperature in the two-phase flow region (k = 2). In this region, the limitation
is due to the difference in temperature between the two streams. The flow rate must be
modified to a value that guarantees that the CO2 temperature is higher than the HFO
saturation temperature. Once a good flow range is specified, a stable and smooth variation
in the convection coefficient would be observed for the three different phases, resulting in
a smooth operation of the overall combined cycle. For the gas-cooler side, the relatively
high temperature of the CO2 negates the nonlinearity in the CO2’s properties, making it a
suitable driving heat source for the generator in the combined cycle.

5. Conclusions

CO2 transcritical refrigeration systems have inherently high working pressures and
discharge temperatures, providing a large volumetric heating capacity. Therefore, the heat
ejected from the CO2 gas cooler was proposed to be utilised as a driving heating source
for the compression ejector system, representing the energy supply for the generator in a
combined cycle. The study was based on the local theoretical approach to a brazed plate
heat exchanger. The theoretical model was constructed by a Matlab code with analysis
procedures illustrated through flow chart stages. The main parameters for the assessment
of the heat exchanger, including the convection coefficients, the effectiveness, and the
pressure drops, were evaluated and discussed at various CO2 inlet pressures, different
cold-side refrigerant superheat temperatures, and two different plate sizes.

The results indicate that the two-phase convection coefficient of the refrigerants was
the most dominant parameter in the heat transfer process between the two streams. The
most relevant findings can be summarised as follows:
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• when increasing the hot stream inlet pressure from 9 to 12 MPa, the two-phase
convection coefficients of the HFOs increase significantly with a range of 20–50% and
20–200% for R1234yf and R1234ze(E), respectively;

• increasing the cold stream superheat temperature difference from 5 K to 20 K allows
the two-phase convection coefficients of the HFOs to increase steeply with a value of
1–20% at low cold channel flow fluxes;

• the two-phase convection coefficient is significantly influenced by the boiling and
bond numbers. The working fluid type affects the bond number, while the heat flux
dominates the boiling number;

• increasing the plate size influenced both the two-phase convection coefficient and
the effectiveness significantly. The two-phase convection coefficients of the HFOs
increased with a range of 1–20% and 1–50% for R1234yf and R1234ze(E), respectively.
In contrast, the effectiveness increased by 10% for R1234yf and 5% for R1234ze(E);

• the two-phase convection coefficient dominates the frictional pressure drop as the
flow is turbulent even at a low vapor quality.

In addition, the gas cooler of the CO2 transcritical cycle operates at a relatively high
temperature far from the critical point, causing a smooth variation in the thermophysical
properties. This effect provides stable operation and distinguishes the use of supercritical
CO2 as a heat source.

According to previously mentioned findings, the CO2 transcritical cycle can be used
efficiently as a heat source for the CERC generator since the heat transfer coefficients,
the effectiveness, and the pressure drops have smooth variations at different flow fluxes,
superheat temperature differences, and plate sizes.
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Nomenclature

Units and Symbols
.

m Mass flow rate (Kg/m2)
A Area (m2)
b Mean channel gap (m)
Bd Bond number (-)
Bo Boiling number (-)
C Heat capacity (KW/K)
Cp Specific heat (Kj/Kg.K)
D Diameter (m)
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f Fanning friction coefficient (-)
F Fouling Factor (m/s2)
g Gravity acceleration (m/s2)
G Mass flux (Kg/m2·s)
Gr Grashof number (-)
H Enthalpy (Kj/Kg)
I Enthalpy of vapourization (Kj/Kg)
h Convection coefficient (-)
L Effective flow length (m)
NTU Number of transfer units (-)
Nu Nusselt number (-)
p Plate pitch (m)
P Pressure (MPa)
PHE Plate heat exchanger (-)
Pr Prandtl number (-)
q Heat flux (KW/ m2)
Q Heat rate (KW)
Re Reynolds number (-)
t Thickness (m)
W Plate width (m)
Greek symbols
∅ Enlargement factor (-)
µ Dynamic Viscosity (kg/m.s)
β Corrugation Angle (◦)
∆ Difference (-)
ε Effectiveness (-)
κ Conductivity (-)
λ Corrugation Pitch (kg/m3)
ρ Density (kg/m3)
σ Surface tension. (N/m)
Subscripts
* Reduced
a Martin first constant
1 First partition
b Martin second constant
2 Second partition
3 Third partition
c Cold
ch Channel
eff Effective
h Hot
hy Hydraulic
i Inlet
l Liquid
lo Liquid only
lv Liquid vapour difference
m Mean
k Artificial partition index
l Liquid
lo Liquid only
lv Liquid vapour difference
m Mean
o Outlet
p Plate
s Refrigerant type index
sat Saturated
SH Superheated
sp Single phase
tp Two phase
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v Vapour
vo Vapour only
w Wall
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