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Abstract

:

Carbon dioxide recycling is one of the possible contributions to CO2 mitigation and provides an opportunity to use a low-cost carbon source. Methanol is a commodity chemical that serves as an important basic chemical and energy feedstock with growing demand. For each of the four types of industrial methanol production processes from natural gas (methane), i.e., steam reforming (SR), autothermal reforming (ATR), combined reforming (CR), and two-step reforming (TSR), CO2 utilization cases of (A) no utilization, (B) as reforming step feedstock, and (C) as methanol synthesis step feedstock were designed based on common industrial operation conditions and analyzed for energy consumption, exergy loss (EXloss), net CO2 reduction (NCR) and internal rate of return (IRR). The utilization of CO2 can reduce energy consumption. The processes with the lowest and the highest EXloss are SR and ATR, respectively. All SR processes give negative NCR. All the B-type processes are positive in NCR except B-SR. The highest NCR is obtained from the B-ATR process with a value of 0.23 kg CO2/kg methanol. All the processes are profitable with positive IRR results and the highest IRR of 41% can be obtained from B-ATR. The utilization of CO2 in the industrial methanol process can realize substantial carbon reduction and is beneficial to process economics.
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1. Introduction


To meet the Paris 1.5 °C target, 3.75 gigatons per year of concentrated CO2 will be generated from carbon capture facilities [1]. As CO2 is a stable chemical, the utilization of this CO2 source as a raw material for the chemical industry is a challenging task [2]. There are many articles on the reaction pathways or techno-economic assessment of large-scale technologies for the conversion of CO2 into chemicals and fuels [2,3,4,5]. Some identified chemicals which can be produced from CO2 with existing mature or emerging technologies including urea, methanol, salicylic acid, formaldehyde, formic acid, cyclic carbonates, ethylene carbonates, di-methyl carbonate [5]. Among these chemicals, methanol is the feedstock for the production of formaldehyde, methyl tertiary-butyl ether and acetic acid. Methanol can also be used as a fuel or fuel blend. [6,7]. In addition, the methanol-to-olefins and methanol-to-propylene processes allow for the production of feedstock for consumer plastics. Methanol is a building-block commodity chemical with an annual production of over 100 million tons but the annul utilization of CO2 as its feedstock is only 2 million tons [8]. It is worthwhile to investigate the possibility to increase the use of CO2 for methanol production.



The process technology of methanol synthesis is very mature and can be classified into high-pressure, low-pressure, and liquid-phase technology [9]. Industrial production of methanol mainly uses the steam reforming of methane. A new development of methanol production technology is by direct hydrogenation of CO2 using green hydrogen obtained from renewable energy [10,11] and has been demonstrated in a capacity of 1 ton/day [12]. The technology still needs to overcome the hurdles of high cost of obtaining green hydrogen.



Two fundamental types of methane reforming processes are steam reforming (SR) and autothermal reforming (ATR) [9]. The reactions involved are:


    CH  4  +    H   2   O  ↔  CO  +    3 H   2          Δ  H  298 K  o  = 206    kJ  /  mol       (   steam   reforming   reaction   )   



(1)






    CH  4  +    1 / 2 O   2  ↔  CO  +    2 H   2          Δ  H  298 K  o  = − 38    kJ  /  mol       (   partial   oxidation   reaction   )   



(2)







The SR reaction is endothermic and external heat supply is necessary. Thermal balance can be obtained in the ATR reactor via partial oxidation followed by the steam reformation of methane. The former reaction of partial combustion generates exothermic heat, which can be utilized by the endothermic reforming reaction; as such, an energy balance is achieved for the reactor. Two variations of integrating SR and ATR are the two-step reforming (TSR) and combined reforming (CR) [13]. TSR uses a steam reformer followed by an autothermal reformer, i.e., the two reformers are connected in series. On the other hand, in CR configuration, the two reformers are connected in a series-parallel way. Part of the methane feed is added to the steam reformer and the other part is sent directly to the autothermal reformer. The output from the steam reformer is sent to the autothermal reformer for further reaction. On methane reforming, much literature has reported the industrial operation conditions of various reforming processes [6,7,9,14].



The utilization of CO2 in natural gas reforming, by the dry reforming reaction, has been extensively studied.


    CH  4  +    CO   2  ↔  2 CO  +    2 H   2          Δ  H  298 K  o  = 247    kJ  /  mol       (   dry   reforming   )   



(3)







However, the carbonaceous deactivation of the catalyst due to high CO2 concentration is a critical problem [15,16]. The concept of combining steam reforming, dry reforming, and partial oxidation of methane, i.e., tri-reforming, was proposed for the production of syngas with desired H2/CO ratios [17]. The selection of appropriate reforming technologies has been conducted by an optimization study for maximum economic profit with the product H2/CO ratio constraint [18].



The reactions involved in methanol synthesis are [9]:


     CO + 2 H   2  ↔    CH   3   OH     Δ  H  298 K  o  = − 90.7    kJ  / mol  



(4)






    CO  2  +    3 H   2  ↔    CH   3  OH +    H   2   O     Δ  H  298 K  o  = − 49.5    kJ  / mol  



(5)







In industrial practice, the syngas feedstock for the methanol process is specified to have a CO2/CO ratio of about 0.5 or lower and an M module value of 2.04–2.06, in order to limit H2O formation and carbon deposition [7]. The M module is defined as   M =  (   H 2  −   CO  2   )  /  (  CO +   CO  2   )   .



On the use of CO2 as a raw material for methanol synthesis, Wiseberg et al. [19] compared the direct methanol production process via the hydrogenation of CO2 and the bi-reforming (steam reforming plus dry reforming) of natural gas process. The study concluded that the direct hydrogenation process is economically viable if the hydrogen price is lower than 1000 USD/t but the bi-reforming process is not feasible. Direct hydrogenation can reduce 87% of emissions from the CO2 source but bi-reforming results in the increase of emissions. For the direct hydrogenation of CO2 process, compared to the conventional methanol process, Pérez-Fortes et al. [20] concluded that there is a net but small potential for CO2 emissions reduction. Luu et al. [21] compared different syngas production configurations, including steam reforming, dry reforming, bi-reforming, and tri-reforming, and concluded the dry reforming scheme with H2 addition configuration significantly outperformed others in CO2 emission intensity and methane reliance. A study reported that the methane uptake and the combined CO2 emissions of the power plant and methanol plant can be reduced by adding high-purity CO2 to the syngas feedstock for the methanol plant [22]. The exergy analysis of a similar integrated process, i.e., steam reforming with CO2 addition to the syngas for gas conditioning, with a steam cycle for energy recovery revealed that the major exergy losses come from the reformer, steam cycle, and methanol synthesis reactor [23]. Zhang et al. [24] focused on the methanol plant using tri-reforming syngas production, optimal reforming conditions in terms of reaction temperature, methane/flue gas ratio and pressure were determined by a simulation study. They concluded the plant is economic.



For the natural gas-based methanol processes, alternative process schemes can be evolved via the employment of (1) various methane reforming, i.e., SR, ATR, CR or TSR, which are applied in industry, and (2) different types of CO2 addition. The alternative processes are depicted in Figure 1. In addition to the major feedstock of methane and the CO2 input, the steam and oxygen inputs are shown. Three types of CO2 addition to the process can be identified. Type A processes use only methane as the carbonaceous feedstock of the plant, in other words, there is no utilization of CO2. Type B processes use CO2 as part of the feedstock of the reforming step. Type C processes add CO2 to condition the syngas fed to the methanol synthesis step. Note that the addition of CO2 to the SR reactor makes it involve not only steam reforming but also dry reforming. However, for easy identification, the process is referred to as B-SR in this paper.



The paper presents the comparison of various industrial natural gas-based methanol processes, each operated with different arrangements of CO2 utilization as feedstock, as shown in Figure 1, in terms of the KPIs (key performance indicators) of energy consumption, exergy loss, CO2 utilization, and economic profit. Adopting industrial common operation conditions and process/product constraints, heat integrated design of each process was determined. Rigorous process simulation results were used for the analysis of KPIs.




2. Process Design


The methanol process steps include feed purification, reforming, syngas compression, methanol synthesis, methanol distillation, and recycle and recovery. In this study, feed purification was not included in the process design and simulation. The process simulation employed Aspen Plus® V10 (Aspen Technology, Inc., Bedford, MA, USA) [25] with the Redlich-Kwong equation of state model for the gaseous processing units and NRTL model for the methanol-water distillation column. On the process simulation, the equilibrium rector model RGibbs was used for both reforming and methanol synthesis reactors; the RadFrac model with a tray efficiency of 0.7 was used for the distillation column.



All the alternative processes were designed for producing 99 wt%, 828,000 t/y methanol based on 8000 h/y operation. The raw materials fed into the processes include CH4, CO2, and O2 gases at 20 bar and 20 °C and saturated steam at 30 bar. The design constraints and the process variables adjusted to meet those constraints are listed in Appendix A for each process and the stream table of a representative process, B-ATR, is given in Appendix B. In this section, the description of four representative alternative processes, including the SR process of Type A (A-SR), the ATR process of Type B (B-ATR), the CR process of Type C (C-CR), and the TSR process of Type C (C-TSR), are presented.



2.1. Type A—Steam Reforming (A-SR) Process


Type A processes are the conventional natural gas-based methanol processes, in which no CO2 is used as feedstock. The process flow diagram of the A-SR process is shown in Figure 2, where the feedstock includes only methane and steam. Based on common industrial operation conditions [6,7,9,14], the pressure and temperature of the steam reformer (R-1) were set to be 30 bar and 1000 °C. The methane and steam feed rates were adjusted to obtain the methanol production rate and the methane conversion specifications. The heat required for isothermal operation of the reactor is provided by natural gas combustion. In this study, the low-pressure methanol synthesis technology using Cu-based catalysts is adopted. The operation pressure and temperature of the methanol synthesis reactor (R-2) were chosen to be 70 bar and 260 °C and the reactor was designed to operate isothermally by releasing the reaction heat to boiler feed water for medium pressure steam generation. The methane feed is first compressed to the reformer pressure followed by being combined with steam and preheated together by the reformer effluent to 520 °C prior to entering the reformer, where 90% of the methane feed is converted. The reactor effluent is recovered for its thermal energy and separated for the water produced from reforming. The syngas is then compressed to serve as the feed gas to R-1. In order to meet the optimal M value of 2.05 of R-2 make-up-gas (MUG), a portion of the hydrogen in the syngas must be removed and a pressure swing adsorption unit (PSA-1) is used for the hydrogen separation. The MUG is then preheated by the methanol reactor effluent and mixed with the recycled unreacted syngas prior to being fed to the methanol reactor. After a series of heat exchanges, a high-pressure phase separator, and a low-pressure phase separator, the methanol reactor effluent is separated into several parts, including the recycle gas sent back to the methanol reactor, the hydrogen byproduct recovered from a PSA unit (PSA-2), a purge gas, and the methanol-water liquid mixture. A distillation column (D-1) is used to separate the liquid mixture into a high purity methanol product and a waste water stream. The heat exchange arrangements depicted in Figure 2 were determined using a pinch design method [26].




2.2. Type B—Autothermal Reforming (B-ATR) Process


Type B processes utilize CO2 as part of the carbon source for reforming. The process flow diagram of B-ATR process is shown in Figure 3, in addition to the feed stream composed of 70 mol% methane and 30 mol% CO2, the operation of the autothermal reformer requires steam and oxygen inputs. Based on common industrial operation conditions [6,7,9,14], the pressure and temperature of the autothermal reformer (R-1) are set to be 40 bar and 1000 °C. The steam and oxygen feed rates were adjusted to meet the constrains set for the methane conversion and adiabatic operation of ATR. The flowsheet is similar to that of A-SR presented in Section 2.1. Because the H2/CO ratio of the syngas generated from ATR is lower, it is not necessary to purge hydrogen before the syngas is sent to the methanol synthesis reactor (R-2). Hence, there is only one PSA unit, which is located downstream of R-2, in the B-ATR process. The M value of the MUG is controlled by the hydrogen purge rate. The stream table of the B-ATR process obtained from simulation is presented in Appendix B.




2.3. Type C—Combined Reforming (C-CR) and Two Step Reforming (C-TSR) Processes


Type C processes directly utilize CO2 at the methanol synthesis step. The process flow diagram of C-CR process is shown in Figure 4. The reforming step employs a SR (R-1) and an ATR (R-2) in series-parallel connection, that is the methane and steam are both fed into the SR and ATR, in addition, the product stream leaving the SR is sent to the ATR for further reaction. Hence, the connection is both in parallel and in series. The oxygen feed, which is needed for the ATR, is fed to the ATR only. The operation pressures and temperatures of the SR and the ATR are the same as that described in Section 2.1 and Section 2.2, respectively. The steam feed rates to the two reformers were adjusted to meet their methane conversion targets. The methane and oxygen feed rates were adjusted to meet the constrains of the methanol production rate and adiabatic operation of ATR. Note that an equal amount of methane is fed to the two reformers. Fresh CO2 is combined with the syngas generated from the reforming section to form the MUG sent to the methanol synthesis reactor (R-3). The CO2 feed rate was determined in order to meet the specified M value. The methanol synthesis and product separation section of the process is the same as that presented in Section 2.2. Similar to B-ATR, because the H2/CO ratio of the syngas generated from the CR reforming step is lower, it is not necessary to purge hydrogen before the syngas is sent to R-3. Hence, there is only one PSA unit, which is located downstream of R-3, in the C-CR process.



The process flow diagram of the C-TSR process is shown in Figure 5. The process is the same as C-CR, except that the two reformers, SR and ATR, are connected in series. The SR (R-1) is followed by the ATR (R-2). The total methane feed is fed to the SR, however, fresh steam is fed into both reformers in an appropriate amount to keep the methane conversions of R-1 and R-2 at 0.3 and 0.9, respectively. The part of process following the reforming step is the same as that of the C-CR process.





3. Evaluation and Comparison of Performance Indicators


This section presents the analysis results of the performance indicators, including energy consumption and exergy loss, net carbon dioxide reduction, and cost and economic profit.



3.1. Energy Use and Exergy Loss


The reforming reactions are endothermic while the methanol synthesis reaction is exothermic. In the reforming part of the process, heat is supplied to the SR reactor by the combustion of natural gas and the ATR reactor is operated adiabatically by partial oxidation of the methane feed. In the methanol synthesis reactor, the reaction heat is recovered to generate medium pressure steam. For each process, heat integration was included in the design. The net energy consumptions of all alternative processes are summarized in Figure 6. In addition to the heat effects of reactors, the energy consumption calculation takes into account the energy requirements of heat exchangers, the power consumption of compressors and the energy recovery from purged fuel gas streams. Note that the hydrogen streams leaving the processes are not considered as energy streams, rather they are accounted for as byproduct streams. Energy consumption is presented as equivalent work (We), that means the thermal energy is converted to equivalent work by the Carnot factor (  1 −  T o  /  T Q  )   based on its temperature (   T Q   ) and the environmental temperature (   T o   ).



All the SR processes require net consumption of energy, while other processes can have net generation of energy because of the adoption of the thermally self-sufficient ATR. Compared to CR and TSR processes, both incorporate SR, more energy can be exported from pure ATR processes. Because the addition of CO2 feedstock reduces the excess hydrogen or the required syngas generation from the reforming step, less energy is exported from B-SR or C-SR than A-SR. Type B and Type C processes have a close net energy consumption.



The exergy balance for each equipment gives the exergy loss of the equipment.


    Ex   loss   =  (    ∑      H  in    −    ∑      H  out    )     − T   o   (    ∑      S  in    −    ∑      S  out    )   +    ∑      Q ( 1 −     T o     T Q     ) −    ∑     W  



(6)







The results of exergy loss analysis for all the alternative processes are depicted in Figure 7, including the exergy losses from different types of equipment. For all the processes, the major sources of exergy loss are heat exchangers and reactors. The reason that the SR processes have a higher energy consumption but lower exergy loss is because the exergy loss associated with the natural gas combustion to supply heat to the steam reformer is excluded in the exergy analysis. However, for the processes employing the autothermal reformer, the exergy loss associated with the heat supply via partial oxidation of methane is included in the exergy analysis. These can also explain why the exergy loss of reactors is greater than other equipment for the processes using the autothermal reformer, i.e., ATR, CR, and TSR.



When utilizing CO2 in the reforming step or methanol synthesis step, the combined results of syngas composition and reaction heat effects lead to much higher feed rates required for the ATR reactor, as shown later in Table 1. The exergy losses of B-ATR and C-ATR are hence increased significantly compared to A-ATR. For the CR and TSR processes with CO2 utilization, the combined effects of SR and ATR result in a less significant change of exergy loss compared to the corresponding Type A processes.




3.2. Carbon Dioxide Utilization


The feedstock flow rates of all alternative processes are listed in Table 1. Except for the SR processes, the CO2 feed rates of Type B processes are much higher than that of Type C processes. This result indicates that the capability of utilizing CO2 is higher in the reforming step than in the methanol synthesis step of the process. The process that uses the highest CO2 feed rate is B-ATR with a CO2/CH4 ratio of 3/7, which is fixed in this study for the Type B processes.



Table 1 also reveals the changes of feed rate of other feedstock relative to the Type A processes. Methane feed rate can be significantly reduced for SR process by utilizing CO2 via Type B or Type C processes. However, for the ATR processes, the utilization of CO2 results in higher methane and oxygen feed rates. For the CR and TSR processes, due to the combination of the SR and ATR configuration, mixed effects on feedstock flow rates are obtained.



Because the energy consumption of each process contributes to CO2 generation and the outlet streams from each process might carry with some CO2, the net carbon dioxide reduction for unit production of methanol (NCR) is determined by:


     NCR ( ton   CO   2  /    ton   methanol ) = ( CO     2   consumption    −      CO     2   generation    ) /  Methanol   production   



(7)






    CO    2   consumption    =   ∑       CO   2 , in   −   ∑       CO   2 , out    



(8)






    CO    2   generation     = EF   (    ∑      W  Q , in   −   ∑      W  Q , out   +   ∑      W  comp   +      W    ASU    )   



(9)




where the net consumption of CO2 is determined by the difference between the total inlet flow of CO2 and the total outlet flow of CO2. CO2 generation is calculated using an emission factor, which is the amount of CO2 emission per unit work consumption. A value based on natural gas fueled power generation of 0.15 kg/MJ [27] was adopted. The total work effects taken into account include the equivalent work of total heat input (   ∑   W  Q , in    ), equivalent work of total heat output (   ∑   W  Q , out    ), total compression work (   ∑   W  comp    ), and the work consumption of the air separation unit (ASU) for oxygen feedstock production (   W  ASU    ). The power required for unit oxygen production is 0.42 kWh/kg [28].



The NCR results are shown in Figure 8. The excess hydrogen generation from the SR processes result in highly negative NCR values, in particular in the A-SR process. The addition of CO2 feedstock, via B-SR or C-SR, can reduce excess hydrogen generation and hence improve the NCR. Type B processes give better performance in terms of NCR than Type A and Type C processes. Except the ATR process, Type C processes have higher NCR than Type A process. Hence, one can make the remark that utilization of CO2 in both the reforming step and methanol synthesis step of the methanol process is beneficial to carbon dioxide reduction. The process with the highest NCR value is B-ATR process with a value of 0.23 kg CO2/kg methanol.




3.3. Cost Analysis and Economic Profit Evaluation


Cost analysis is based on the plant operation of 8000 h/y and the CEPCI of March 2017 [29]. The assumed unit prices of materials, including raw materials, byproducts, product, and utilities are listed in Table 2 based on the information obtained from [28,30,31,32,33,34,35]. For the SR, ATR, and methanol synthesis reactors and the PSA unit, capital investment costs were estimated using data available in the literature which include the scaling factors to account for the equipment capacity [36,37,38,39]. The equipment costs of all other process units were estimated using the correlations provided in [31].



The capital costs and annual manufacturing costs of all alternative processes are shown in Figure 9. The utilization of CO2 in methanol production, i.e., Type B and Type C processes, does not necessarily lead to the increase of capital cost or manufacturing cost. The processes with the highest and the lowest capital cost are B-TSR and B-ATR, respectively. The processes with the highest and the lowest manufacturing cost are A-SR and B-SR, respectively. Use B-ATR as a sample process, the distributions of the equipment cost and the raw material and utility cost are shown in Figure 10. The reformers constitute 63% of the total equipment cost. The costs of compressors and the methanol reactor counts for 14% and 8%, respectively. The costs of the PSA unit and heat exchangers are both 7% of the total equipment cost. With respective to the total operation cost, the proportions of the costs of raw materials, namely methane, steam, oxygen, and CO2 are 51%, 22%, 17%, and 1.37%, respectively. Because only the transportation cost of CO2 is considered, the share of CO2 cost is very small. Because B-ATR is net exporting in energy, as shown in Figure 6, the utility cost involves only the electricity cost and contributes to 7.06% of the total operation cost.



Internal rate of return (IRR) of the alternative processes is analyzed to compare the economic profit. The IRR results, based on the plant life of 20 years and tax rate of 35%, are presented in Figure 11. The same remark as for the Figure 9 can be made. The utilization of CO2 in methanol production, i.e., Type B and Type C processes, does not necessarily lead to a reduction of the profit. For SR processes, the IRRs are B-SR > C-SR > A-SR. For the ATR processes, the IRRs are B-ATR > C-ATR > A-ATR. For the CR processes, the IRRs are A-CR > C-CR > B-CR. For the TSR processes, the IRRs are A-TSR > C-TSR > B-TSR. B-ATR process has the highest IRR with a value of 41%. The lowest IRR process is B-TSR and the value is 12.5%.





4. Conclusions


As methanol is a key building-block commodity chemical and energy feedstock, the utilization of CO2 in the production of methanol is an important research topic. For the industrial low-pressure methanol production process with different synthesis gas generation reactors, i.e., SR, ATR, CR, and TSR, employing two CO2 utilization approaches, i.e., to serve as feedstock to reforming or methanol synthesis, this paper presents a comprehensive and in-depth study. The study accomplishes the process design with energy integration and the performance index analysis, including the energy consumption and exergy loss, net CO2 utilization, and cost and profit.



The results of this study show that:




	
With the utilization of CO2 in the methanol process, the major energy effects are on the SR and ATR processes. Less energy input to the process is needed (SR) or more energy output from the process (ATR) can be obtained.



	
With the utilization of CO2 in the methanol process, the total exergy loss is increased significantly for the ATR processes, in particular from the reactors.



	
The use of CO2 as part of the reforming feedstock (Type B processes) can utilize more CO2 than the direct use of CO2 as the methanol synthesis feedstock (Type C processes). The process uses the highest CO2 feed rate is B-ATR.



	
The utilization of CO2 in both the reforming step and methanol synthesis step of the methanol process is beneficial to the carbon dioxide reduction. The process with the highest NCR value is the B-ATR process with a value of 0.23 kg CO2/kg methanol.



	
The utilization of CO2 in methanol production does not necessarily lead to the increase of capital cost or manufacturing cost.



	
The utilization of CO2 in methanol production does not necessarily lead to a reduction of the profit. The B-ATR process has the highest IRR with a value of 41%. The process with the lowest IRR is B-TSR with a value of 12.5%.








The use of CO2 as the feedstock to the autothermal reforming in the methanol production process gives the best performance index, including the highest amount of CO2 usage, the highest net carbon dioxide reduction (0.23 kg CO2/kg methanol) as well as the highest internal rate of return (41%). This study concludes that the utilization of CO2 in the industrial methanol process can realize substantial carbon reduction and is beneficial to process economics.
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Appendix A


The design constraints of each alternative process with the corresponding process variables adjusted to meet the constraints are listed in Table A1.
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Table A1. Design constraints and adjusted variables of Type A processes.






Table A1. Design constraints and adjusted variables of Type A processes.





	
Design Specification

	
Adjusted Variable






	
A-SR




	
SR-methane conversion = 90%

	
Steam feed rate




	
Methanol production rate

	
Methane feed rate




	
M value of make-up-gas to methanol synthesis = 2.05

	
Hydrogen purge rate from PSA-1




	
Overall process mass balance of methane

	
Split fraction of F-2 vapor outlet




	
A-ATR




	
Adiabatic operation of ATR

	
Oxygen feed rate




	
Methanol production rate

	
Methane feed rate




	
ATR-methane conversion = 90%

	
Steam feed rate




	
M value of make-up-gas to methanol synthesis = 2.05

	
Hydrogen purge rate from PSA




	
Overall process mass balance of methane

	
Split fraction of F-2 vapor outlet




	
A-CR




	
Adiabatic operation of ATR

	
Oxygen feed rate




	
Methanol production rate

	
Methane feed rate




	
ATR-methane conversion = 90%

	
Steam feed rate




	
SMR-methane conversion = 30%

	
Steam feed split ratio




	
M value of make-up-gas to methanol synthesis = 2.05

	
Methane feed split ratio




	
Overall process mass balance of methane

	
Split fraction of F-2 vapor outlet




	
A-TSR




	
Adiabatic operation of ATR

	
Oxygen feed rate




	
Methanol production rate

	
Methane feed rate




	
ATR-methane conversion = 90%

	
Steam feed rate




	
SMR-methane conversion = 30%

	
Steam feed split ratio




	
M value of make-up-gas to methanol synthesis = 2.05

	
Hydrogen purge rate from PSA-1




	
Overall process mass balance of methane

	
Split fraction of F-2 vapor outlet
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Table A2. Design constraints and adjusted variables of Type B processes.






Table A2. Design constraints and adjusted variables of Type B processes.





	
Design Specification

	
Adjusted Variable






	
B-SR




	
SR-methane conversion = 90%

	
Steam feed rate




	
Methanol production rate

	
Methane feed rate




	
M value of make-up-gas to methanol synthesis = 2.05

	
Hydrogen purge rate from PSA-1




	
Overall process mass balance of methane

	
Split fraction of F-2 vapor outlet




	
B-ATR




	
Adiabatic operation of ATR

	
Oxygen feed rate




	
Methanol production rate

	
Methane feed rate




	
ATR-methane conversion = 90%

	
Steam feed rate




	
M value of make-up-gas to methanol synthesis = 2.05

	
Hydrogen purge rate from PSA




	
Overall process mass balance of methane

	
Split fraction of F-2 vapor outlet




	
B-CR 1




	
Adiabatic operation of ATR

	
Oxygen feed rate




	
Methanol production rate

	
Methane feed rate




	
ATR-methane conversion = 90%

	
Steam feed rate




	
SMR-methane conversion = 30%

	
Steam feed split ratio




	
M value of make-up-gas to methanol synthesis = 2.05

	
Hydrogen purge rate from PSA-1




	
Overall process mass balance of methane

	
Split fraction of F-2 vapor outlet




	
B-TSR




	
Adiabatic operation of ATR

	
Oxygen feed rate




	
Methanol production rate

	
Methane feed rate




	
ATR-methane conversion = 90%

	
Steam feed rate




	
SMR-methane conversion = 30%

	
Steam feed split ratio




	
M value of make-up-gas to methanol synthesis = 2.05

	
Hydrogen purge rate of PSA-1




	
Overall process mass balance of methane

	
Split fraction of F-2 vapor outlet








1 Methane feed split ratio to the SR was fixed at 0.5.
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