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Abstract: The Organic Rankine Cycle (ORC) is a promising form of technology for recovering
low-grade waste heat. In this study, a regenerative ORC system is established to recover the waste
flue gas of 160 ◦C. Focusing on thermodynamic and economic performance while simultaneously
considering the limitations of volume flow ratio (VFR) and the effect of superheat, working fluid
selection and parameter optimization have been investigated. The optimization of the evaporation
temperature is carried out by analyzing the variation of net power output and specific investment
cost (SIC). Then, the net power output, specific net power output, total exergy destruction rate, VFR,
total capital cost, and levelized electricity cost (LEC) are selected as criteria, and a fuzzy multi-criteria
evaluation method is adopted to select a more suitable working fluid and determine the optimal
degree of superheat. In addition, the preheating coefficient, latent heat coefficient, superheating
coefficient, and internal heat coefficient were proposed to explore the effect of working fluid critical
temperature on thermal efficiency. Research studies demonstrate that there is an optimal evaporation
temperature, maximizing net power output and minimizing the SIC. Isohexane and butane have
greater specific net power output due to greater latent heat. A suitable degree of superheat is not
only conducive to improving the working capacity of working fluids, but also reduces the VFR,
total capital cost, SIC, and LEC for different working fluids. Thus, the system’s thermodynamic and
economic performance—as well as the operational stability—are improved. Among the six working
fluids, butane exhibits the best comprehensive performance, and its optimal evaporation temperature
and degree of superheat are 100 ◦C and 5 ◦C, respectively.

Keywords: Organic Rankine Cycle; volume flow ratio; degree of superheat; critical temperature;
operational stability; comprehensive performance; fuzzy multi-criteria evaluation

1. Introduction

The Organic Rankine Cycle (ORC) has been widely investigated due to its advantages with respect
to the recovery of low-grade heat sources such as waste flue gas heat, solar energy, and geothermal
energy. The key superiority of such technology is that organic fluids generally have a lower boiling
temperature and higher evaporation pressure compared with water, which can be reached more easily;
therefore, it is much easier for the ORC to convert low-grade heat into electricity [1–6].

ORC technology is more mature in terms of the utilization of waste heat than other options,
including Stirling [7], thermofluidic heat engines [8], and the Up-THERM heat converter [9]. However,
there are still inherent limitations to the amount of energy that can be extracted from the waste heat
sources due to the low temperature. Challenges, like low thermal efficiency and low maximum
power-producing potential, result from low heat source temperature. Thus, in order to address
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these challenges, extensive research studies have been performed on working fluid selection and
optimization of the system. Roy et al. [10,11] conducted a study of a basic ORC and a regenerative
ORC using R12, R123, R134a, and R717as working fluids under different heat source temperature
conditions. The thermal efficiency and net power output were the optimization indicators, and it was
found that of the four working fluids, R123 produced the maximum net power output and thermal
efficiency. A novel design method called the “thermodynamic inverse problem” was proposed by
Chen et al. [12], which directly relates the turbine power output with thermal efficiency. The new
method provides a new strategy for fully coupling the ORC with the low-grade waste heat sources.
Gao et al. [13] investigated the performance of both superheated and saturated ORC systems using
nine working fluids. The entire heating process of working fluids was divided into three parts
(preheating, latent heat, and superheating) to compare the thermal efficiency of different working
fluids. Several investigations focusing on the effect of working fluid properties on thermal efficiency
have been carried out [14–17], and it was concluded that the higher critical temperature of working
fluids, the greater thermal efficiency of the ORC system. Larjola [18] indicated that higher power
output and lower irreversibility were obtained when the heating curve of the working fluids ‘follows’
better the cooling curve of the heat source. Therefore, two methods including replacing subcritical
ORC with supercritical ORC [19,20] and replacing pure working fluids with zeotropic mixture working
fluids [21–24] were put forward to enable a closer thermal match between the heat source and
working fluids.

In order to improve ORC system thermal efficiency, both regeneration and turbine bleeding
was incorporated to modify the basic ORC [25]. For dry working fluids, the expansion process in
turbines terminates in the superheat region. Hence, prior to directing the superheated vapor to the
condenser, it is beneficial to incorporate an internal heat exchanger (IHE) in the system to regenerate
the working fluid exiting the pump. In this method, the average evaporating temperature increases,
while the condensation temperature decreases. According to Carnot, a higher thermal efficiency is
obtained [15,26–28]. Javanshir et al. [2] evaluated the thermal efficiency and net power output of
the regenerative ORC using 14 different dry working fluids. The results showed that regeneration
can decrease the difference in thermal efficiencies among different working fluids but it does not
change the specific net power output. In a small-scale ORC system, simpler system architectures are
usually preferred due to the limitations of capital cost and safety factors [29]. Thus, turbine bleeding
regeneration is not appropriate for a small-scale ORC system because of its complicated system
architecture. In this paper, the regenerative ORC system is adopted for recovery of low grade-waste
flue gas.

The brief reviews presented above are mainly focused on thermodynamic performance, however
working fluid selection and parametric optimization are not merely determined by thermodynamic
performance. Economic factors should be considered simultaneously. Lemmens [30] estimated
the price of an ORC based on cost-engineering techniques. The investment of heat exchangers
account for a large proportion of the total system capital cost [31]. Zhang et al. [32] compared the
thermo-economic performance of an ORC system based on different heat exchanger configurations.
Heberle [24,33], Feng et al. [22], and Oyewunmi and Markides [34] carried out thermo-economic
comparison between zeotropic mixtures and pure working fluids. The results showed that the mixtures
present better thermodynamic performance but worse economic performance than the pure working
fluids. Wang et al. [35] took exergy efficiency and overall capital cost as optimization objectives
simultaneously, and the non-dominated sorting genetic algorithm II (NSGA-II) was used to solve the
multi-objective optimization problems. The net present value (NPV) and payback period (PBP) as
technology–economy indicators were applied to evaluate the economic performance of an Organic
Rankine Cycle in cement production [36]. Integration of the ORC system with other thermal systems
attracted the attention of some researchers, and thermo-economic analyses of these integration systems
were carried out [37,38].
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Many efforts have been made with respect to working fluid selection and parametric optimization,
considering thermodynamic or economic factors. However, very few similar works focus on discussing
the limitation of volume flow ratio (VFR) [28,39,40], a factor which has a significant influence on turbine
design and manufacture. In this study, a turbine is selected as expander in the investigated regenerative
ORC system. The limitations of VFR need to be considered in the working fluid selection and in
parametric optimization. The optimization of the evaporation temperature and the degree of superheat
is carried out by analyzing the variation of thermodynamic and economic criteria. A suitable working
fluid is determined simultaneously. Moreover, the preheating coefficient, latent heat coefficient,
superheating coefficient, and internal heat coefficient were put forward to reveal the link between the
working fluid critical temperature and the thermal efficiency.

2. Mathematic and Physical Models

2.1. Structure and Working Principles of the System

The basic layout of the components of a regenerative ORC system for waste heat recovery is
depicted in Figure 1. The system consists of an evaporator driven by the waste flue gas, a turbine,
an internal heat exchanger (IHE), a condenser, and a working fluid pump. The thermodynamic process
for such a regenerative ORC system is illustrated in a typical T–s diagram, as shown in Figure 2. Firstly,
the organic working fluid from a condenser is compressed by the pump to become a high-pressure
liquid, and then it is heated in an internal heat exchanger by utilizing the sensible heat of turbine
exhaust. Secondly, the working fluid is fed to the evaporator, where it is vaporized and converts to
superheated vapor. In the above-mentioned processes, the organic working fluid consecutively passes
through a subcooled liquid state, a saturated liquid state, a saturated vapor state, and a superheated
vapor state. The high-pressure superheated vapor enters a turbine and its enthalpy is converted into
mechanical work with a decrement in pressure and temperature. Ideally, this is an isentropic expansion
process of 1–2 s. However, because the turbine efficiency never reaches 100%, the real state at the exit
of turbine is demonstrated by point 2. Afterwards, turbine exhaust flows through the internal heat
exchanger and condenser to be liquefied and condensed into a saturated liquid.
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Figure 2. Typical T–s diagram for the regenerative ORC system.

2.2. Thermodynamic Model

To simplify the thermodynamic analysis of the regenerative ORC, a set of general assumptions is
introduced in this study:

(1) The regenerative ORC system is under steady state.
(2) Heat losses to or from the environment as well as the kinetic and potential energy changes

are neglected.
(3) A saturated liquid state is supposed at the condenser outlet.
(4) Pressure drops in the evaporator, condenser, internal heat exchanger, and related pipelines

are ignored.

Based on the above assumptions as well as mass and energy balances, the mathematical model
of each component of the regenerative system was established. According to the models, the ORC
simulation is performed with a combination of MATLAB (R2013a, MathWorks, Natick, MA, USA) and
REFPROP 8.0 (NIST, Gaithersburg, MD, USA) software. The net power output, thermal efficiency,
heat recovery efficiency, VFR, specific net power output, total exergy destruction rate, total capital cost,
SIC, and LEC are calculated as the system performance indicators.

Evaporator (6-1): Working fluid absorbs heat from the waste flue gas, which is an isobaric process.
The heat transfer rate from the heat source is:

Qeva = mf(h1 − h6) = mgascp(Ta − Tb) (1)

The exergy destruction rate in the evaporator can be written as:

Ieva = Tambmf[(s1 − s6)− (h1 − h6)/TH] (2)

where TH is the temperature of the heat source, taking the arithmetic mean temperature of the flue gas
inlet and outlet temperature.

TH = (Ta + Tc)/2 (3)

Turbine (1-2): The superheated vapor expands in the turbine to generate power. The isentropic
efficiency of the turbine is given by:

ηs,T = (h1 − h2)/(h1 − h2s) (4)
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The power generated the turbine is expressed as:

WT = mf(h1 − h2) = mf(h1 − h2s)ηs,T (5)

The exergy destruction rate in the turbine can be expressed as:

IT = mfTamb(s2 − s1) (6)

Internal heat exchanger (2-3/5-6): In this process, the high pressure working fluid exiting from
the pump is heated by the turbine exhaust. The energy balance for the internal heat exchanger can be
expressed as:

QIHE = mf(h2 − h3) = mf(h5 − h6) (7)

The effectiveness of internal heat exchanger can be written as:

ε = (T2 − T3)/(T2 − T5) (8)

The exergy destruction rate in the internal heat exchanger is evaluated as:

IIHE = mfTamb[(s6 − s5) + (s3 − s2)] (9)

Condenser (3-4): The low pressure vapor flows out the internal heat exchanger and is led to the
condenser where it is condensed to the saturated liquid. The condensation heat is expressed as

Qconmf(h3 − h4) (10)

The exergy destruction rate in the condenser can be given as:

Icon = mfTamb[(s4 − s3) + (h3 − h4)/TL] (11)

where TL is the temperature of the cold source, taking the arithmetic mean temperature of the cooling
water inlet and outlet temperature.

TL = (Tg + Te)/2 (12)

Pump (4-5): In an ideal case, it is an isentropic pumping process (4–5 s). Because the
pumping isentropic efficiency never reaches 100%, the practical process is an entropy-increasing
one. The isentropic efficiency of the pump is defined as:

ηs,p = (h5s − h4)/(h5 − h4) (13)

The power consumed by the pump is expressed as:

Wp = mf(h5 − h4) = mf(h5s − h4)/ηs,p (14)

The exergy destruction rate in the pump is given by:

Ip = mfTamb(s5 − s4) (15)

The total exergy destruction rate of the cycle is calculated by:

IToatl = Ieva + IT + IIHE + Icon + Ip = mfTamb[−(h1 − h6)/TH + (h3 − h4)/TL] (16)

The net power produced by the ORC is expressed as:

Wnet = WT − Wp (17)
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In order to evaluate the working capacities of various working fluids objectively, the specific net
power output as a new index is introduced.

Pnet = Wnet/mf (18)

The ORC thermal efficiency is the ratio of the net power output to the input heat.

ηthe = Wnet/Qeva (19)

The power consumed by the pump is relatively small compared with the turbine power output
and input heat, thus it can be neglected to simplify the theoretic analysis of thermal efficiency. The ORC
thermal efficiency can be expressed as Equation (20) according to the first law of thermodynamic.

ηthe ≈ (Qeva − Qcon)/Qeva = 1 − Qcon/Qeva (20)

Qeva = Ql + γH + Qsup − QIHE (21)

where Ql is the heat received by the liquid working fluid, γH is the latent heat at evaporating
temperature, and Qsup is the heat transfer to the superheated vapor.

Ql = mf(h1b − h5) (22)

γH = mf(h1d − h1b) (23)

Qsup = mf(h1 − h1d) (24)

Therefore, the thermal efficiency of the cycle can be written as:

ηthe ≈ 1 − Qcon/(Ql + γH + Qsup − QIHE) (25)

There is a low degree of superheat at the condenser inlet because of the incorporation of an
internal heat exchanger. Therefore, the most part of the heat transferred to the cold source is the latent
heat at condensing temperature. For a given condensing temperature, the latent heat is constant for
each working fluid. Through thermodynamic derivation Equation (25) is further expressed as:

ηthe ≈ 1 − 1/(δl + δH + δsup − δIHE) (26)

The power consumed by the pump is neglected in the thermal efficiency theoretical analysis
process, and this simplification does not lose generality. Therefore, Equation (26) can be used to analyze
the variation of the thermal efficiency.

The heat recovery efficiency is defined as the heat received from the waste heat divided by the
maximum usable energy released by the waste heat source.

φ = Qeva/Qmax = (Ta − Tc)/(Ta − T5) (27)

Substituting Equation (10)–(18) yields:

Wnet = Qeva · ηthe = Qmax · φ · ηthe (28)

The volume flow ratio (VFR) is very important for turbine design, which has a significant influence
on turbine efficiency and geometry [40]. This factor accounts for the effects of volume expansion and
compressibility [28,39]. Then, the parameter was investigated in other works to study the characters
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of the turbine in the ORC system [28,39,40]. The VFR is defined as the specific volume variation of
working fluid across the turbine [28], and a moderate VFR is preferred in the ORC system.

VFR = vout/vin (29)

2.3. Economical Model

In the ORC system, the overall capital cost is assigned to each individual component. Shell-tube
heat exchangers are employed in the regenerative ORC system. Due to the various heat transfer
coefficients caused by different working fluid phase state, the evaporator is divided into two
single-phase flow regions and one two-phase flow region, and the condenser is divided into one
single-phase flow region and one two-phase flow region [41]. The heat transfer area can be calculated by

Ai = Qi/(Ui × ∆Tm) (30)

where ∆Tm is the logarithmic mean temperature difference which is expressed as:

∆Tm =
∆Tmax − ∆Tmin

ln(∆Tmax/∆Tmin)
(31)

where ∆Tmax and ∆Tmin are the maximum and minimum temperature difference at the inlet or outlet
of heat exchangers, respectively.

The mean overall heat transfer coefficient of each heat exchanger, Ui, is defined as [33]:

1
Ui

=
1

αi,out
+

1
αi,in

dout

din
+

dout

2λ
ln(dout/din) (32)

For the single-phase region in the tube side, the heat transfer coefficient is calculated according to
the correlation from [42]:

Nu = 0.027Pr0.33Re0.8 (33)

For the single-phase region on the shell side, the heat transfer coefficient is predicted according
to [43]:

Nu = 0.36Pr0.33Re0.55 (34)

For the two-phase region of evaporator, a correlation derived from Stephan and Abdelsalam [44]
is applied:

Nu = 207 ·
(

q · d
λl · Ts

)0.745
·
(

ρg

ρl

)0.581
·
(

µl
al

)0.533
(35)

The condensation heat transfer coefficient in plain tubes is calculated by [45]:

Nu = 0.032 · Prl
0.4Rel

0.8

[
(1 − x)0.8 +

3.8 · x0.76 · (1 − x)0.04

p∗0.38

]
(36)

where x is the vapor mass quality and p* is the reduced pressure (p* = pORC/pcrit).
The capital cost estimation for each component of the regenerative ORC system is expressed

as [20,32]
CBM = CbFbm (37)

log10 Cb = K1 + K2 log10 Z + K3(log10 Z)2 (38)

Fbm = B1 + B2FmFp (39)

log10 Fp = C1 + C2 log10 P + C3(log10 P)2 (40)
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In these equations, Z is the related parameter representing capacity or size of the ORC components.
To be specific, Z refers to the heat transfer area for the heat exchanger, while it corresponds to power
input or output for the pump or turbine respectively. K1, K2, K3, B1, B2, C1, C2, and C3 represent
constant coefficients for the cost evaluation of different components and are listed in Table 1. Generally,
there are inherent uncertainties resulting in deviations between actual and estimated capital costs. The
preliminary cost estimation techniques mentioned have an accuracy ranging from −20% to +30% [30].

Table 1. Coefficients required for cost evaluation of each component [46,47].

Components K1 K2 K3 C1 C2 C3 B1 B2 Fm Fbm

Heat exchanger 3.2138 0.2688 0.0796 −0.0649 0.0502 0.01474 1.80 1.50 1.25 -
Pump 3.3892 0.0536 0.1538 −0.3935 0.3957 −0.0022 1.89 1.35 1.5 -

Turbine 3.5140 0.5890 0 0 0 0 0 0 0 3.50

Therefore, the total capital cost of the ORC system in 1996 was:

C1996 = CBM,eva + CBM,con + CBM,IHE + CBM,T + CBM,p (41)

According to the chemical engineering plant cost index (CEPCI) values at different periods and
considering the time value of money simultaneously, the total capital cost of the ORC system in 2014
was calculated by:

C2014 = C1996 × CEPCI2014/CEPCI1996 (42)

where CEPCI1996 and CEPCI2014 are the chemical engineering plant cost index in 1996 and 2014
respectively, CEPCI1996 = 382, and CEPCI2014 = 586.77 [48].

The specific investment cost (SIC) is the cost of ORC per net power output:

SIC =
C2014

Wnet
(43)

The capital recovery cost (CRF) is estimated as the following relation [49,50]:

CRF =
i(1 + i)Ty

(1 + i)Ty − 1
(44)

where i is the interest rate and is set as 5%, and Ty is the plant life time and is set as 20 years [22,32,36].
The levelized electricity cost (LEC) is defined as the cost of generating electricity for a particular

system. It is merely an approximate evaluation of the main components’ investment and the cost
of operation and maintenance. The LEC is usually selected as evaluation criterion to optimize the
system economic performance. Its calculation ignores the field capital cost and the field O&M cost for
simplification, and it can be expressed as [51,52]:

LEC =
CRF × C2014 + Com

Wnet × Top
(45)

where Com is the operation and maintenance cost of the system which is set as 1.5% of the total capital
cost, and Top is the system annual operation time and is set as 8000 h/a.

Thermodynamic and economic performance are two important factors in the working fluid
selection and parametric optimization. In this paper, the optimization of the evaporation temperature
is carried out by analyzing the variation of net power output and specific investment cost (SIC).
Then, the net power output, specific net power output, total exergy destruction rate, VFR, total
capital cost, and levelized electricity cost (LEC) are selected as criteria, and a fuzzy multi-criteria
evaluation method is adopted to select a more suitable working fluid and determine the optimal
degree of superheat.
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3. Working Fluid Selection and Basic Calculation Parameters

The low-grade waste flue gas is used as heat source to drive the regenerative ORC system.
The waste flue gas parameters and other basic simulation conditions are summarized in Table 2.

The organic working fluids are of key importance in the regenerative ORC system, which has
a significant influence on the optimal achievable performance. Six working fluids: R236ea, butane,
R245fa, R245ca, R365mfc, and isohexane with an increasing critical temperature have been selected as
working fluid candidates, and their characteristics are shown in Table 3. The thermodynamic properties
of working fluids are taken from the REFPROP 8.0 (NIST, Gaithersburg, MD, USA) software developed
by National Institute of Standards and Technology [53]. Figure 3 shows the T–s plots of the selected
working fluids. The six working fluids have zero ozone depletion potential, and the autoignition
temperatures of isohexane and butane are higher than the waste heat flue gas temperature.

Table 2. Waste flue gas parameters and simulation conditions assumed for the ORC System.

Item Unit Value

Waste flue gas temperature ◦C 160
Mass flow of waste flue gas temperature kg·s−1 10

Pinch point temperature difference in evaporator ◦C 5
Pinch point temperature difference in IHE ◦C 5

Pinch point temperature difference in condenser ◦C 5
Condensing temperature ◦C 30

Cooling water inlet temperature ◦C 20
Environmental temperature ◦C 20
Turbine isentropic efficiency % 85
Pump isentropic efficiency % 85

Table 3. Properties of the six organic working fluids.

Working
Fluids

Molecular Weight
(g·mol−1)

Normal Boiling
Point (◦C)

Critical
Temperature (◦C)

Critical Pressure
(MPa)

Isohexane 86.175 60.21 224.55 3.040
R365mfc 148.075 40.15 186.85 3.266
R245ca 134.049 25.13 174.42 3.925
R245fa 134.048 15.14 154.01 3.651
Butane 58.122 −0.49 151.98 3.923
R236ea 152.039 6.19 139.29 3.502

Note: Normal boiling point: boiling at 1 bar.
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4. Results and Discussion

In this section, the influences of evaporation temperature and degree of superheat on the system
performance are evaluated. 5 ◦C is selected as calculation step in the optimization process. The net
power output, thermal efficiency, heat recovery efficiency, VFR, specific net power output, total capital
cost in 2014, SIC and LEC are calculated to select a suitable working fluid and optimize the operation
parameters. For the source of waste heat, adding the evaporator to the exhaust stack will increase
the back pressure, and the increasing value is about 300–600 Pa [32] which is only 0.29–0.59% of
atmospheric pressure. The increment of blower power to circulate the exhaust is much less than the
power consumed by the pump. Therefore, the effect of adding the ORC on the source of the waste heat
is neglected in this paper.

4.1. Thermodynamic Performance Analysis

Figure 4 presents the variation trends of the net power output, thermal efficiency, and heat
recovery efficiency with the evaporation temperature at four different degrees of superheat conditions.
The regenerative ORC system net power output is the product of the enthalpy gradient in the turbine
and the working fluid mass flow rate. At each given degree of superheat, an increment in evaporation
temperature results in a higher pressure drop between the turbine inlet and outlet, and the enthalpy
gradient in the turbine increases accordingly. However, the mass flow rate of working fluid decreases as
the evaporation temperature increases, as shown in Figure 5. Thus, the combined effect of increasing the
enthalpy gradient and decreasing the mass flow rate of the working fluid will lead to a curve that has
a maximum point of net power output as shown in Figure 4. According to Equation (28), the variation
trends of the net power output curve can also be explained through comparing the slope between
the thermal efficiency curves and heat recovery efficiency curves. The thermal efficiency generally
increases while the heat recovery efficiency decreases with increment in evaporation temperature.
In addition, as the evaporation temperature increases, the slope of thermal efficiency curves reduces
but that of heat recovery efficiency curves increases. In the low evaporation temperature range, the
slope of the thermal efficiency curves is greater than that of heat recovery efficiency curves, thus the
net power output increases. As the evaporation temperature increases, the slope of thermal efficiency
curves and heat recovery efficiency curves equal each other, hence partial derivatives of the product of
thermal efficiency and heat recovery efficiency (Φ·ηthe) to the evaporation temperature become zero,
and then the maximum net power output is obtained. The slope of the heat recovery curves is greater
than that of thermal efficiency curves as the evaporation temperature increases further, and therefore
the net power output is reduced.

With an increment in the degree of superheat, the enthalpy gradient in the turbine increases
while the mass flow rate of the working fluid decreases, as shown in Figure 5. The enthalpy gradient
increases slower than the decrease in mass flow rate, and thus the net power output decreases with
the increase of degree of superheat. Additionally, the net power output curves become flatter as the
degree of superheat increases, which is conducive to improving operational stability.

As mentioned above, an increment in evaporation temperature or degree of superheat leads to a
decrease in mass flow rate of working fluids, as shown in Figure 5. Therefore, the temperature of waste
flue gas at the evaporator outlet increases due to the limitation of pinch point temperature difference.
According to Equation (27), the heat recovery efficiency decreases accordingly.

It can also be found that under the same operation conditions, the higher critical temperature
of working fluids is, the higher thermal efficiency will be obtained, which is consistent with the
previous studies carried out by Liu et al. [14] and Aljundi [15]. The reason lies in the fact that the
higher the critical temperature of working fluids is, the greater latent the heat of evaporation becomes.
The working fluid latent heat coefficient (δH) becomes larger accordingly, as shown in Figure 6. It is
worthwhile noting that thermal efficiency acts as an increasing function of the latent heat coefficient
according to Equation (26). Therefore, as the critical temperature of working fluid increases, the latent
heat coefficient increases and the thermal efficiency simultaneously rises.
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Figure 4. Variations of net power output, thermal efficiency, and heat recovery efficiency with 
evaporation temperature at four different degrees of superheat: (a) 0 °C degree of superheat; (b) 5 °C 
degree of superheat; (c) 10 °C of superheat; and (d) 15 °C degree of superheat. 
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Figure 5. Variations of mass flow rate with evaporation temperature at four different degrees of 
superheat: (a) 0 °C degree of superheat; (b) 5 °C degree of superheat; (c) 10 °C degree of superheat; 
and (d) 15 °C degree of superheat. 

Figure 4. Variations of net power output, thermal efficiency, and heat recovery efficiency with
evaporation temperature at four different degrees of superheat: (a) 0 ◦C degree of superheat; (b) 5 ◦C
degree of superheat; (c) 10 ◦C of superheat; and (d) 15 ◦C degree of superheat.
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Figure 4. Variations of net power output, thermal efficiency, and heat recovery efficiency with 
evaporation temperature at four different degrees of superheat: (a) 0 °C degree of superheat; (b) 5 °C 
degree of superheat; (c) 10 °C of superheat; and (d) 15 °C degree of superheat. 
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Figure 5. Variations of mass flow rate with evaporation temperature at four different degrees of 
superheat: (a) 0 °C degree of superheat; (b) 5 °C degree of superheat; (c) 10 °C degree of superheat; 
and (d) 15 °C degree of superheat. 

Figure 5. Variations of mass flow rate with evaporation temperature at four different degrees of
superheat: (a) 0 ◦C degree of superheat; (b) 5 ◦C degree of superheat; (c) 10 ◦C degree of superheat;
and (d) 15 ◦C degree of superheat.
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more. 

Figure 6. Latent heat coefficients of different working fluids.

The VFR is an important parameter for the turbine, which has a major impact on the turbine
isentropic efficiency and dimensions. Built-in VFR refers to the VFR under nominal working conditions,
and the turbine will be manufactured according to this value. A low built-in VFR is desirable since it is
advantageous to improve the mass flow rate of working fluid through the turbine, and the leakage loss
decreases accordingly [54]. Furthermore, a lower built-in VFR is conducive to reduce the structural
complexity and the manufacturing costs of the turbine. However, a too-low built-in VFR will lead
to the turbine exhaust vapor at a high pressure state, hence the under-expansion phenomenon of
working fluid appears in the turbine. As a result, the system irreversibility increases and thermal
efficiency reduces. A high built-in VFR needs a large variation rate of rotor blade height between the
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inlet and outlet, and manufacturing costs and difficulties increase [40]. Therefore, a moderate VFR
which achieves a tradeoff between lower structural complexity and less under-expansion irreversibility
is essential [39]. Figure 7 displays the variations of VFR with evaporation temperature at four different
degrees of superheat conditions. In order to validate the correctness and reliability of the VFR
calculation results, the VFR values of isohexane, R365mfc, R245ca, R245fa, and butane (R600) with 0 ◦C
degree of superheat were compared with their respective results in Li and Ren [39]. A good agreement
between the present VFR values and the results of Li and Ren [39] was noted. VFR = 8.0 represented
by dashed lines as shown in Figure 7 was taken as a reference value [39], and the VFR values of the
selected working fluids should not exceed it much more.Energies 2017, 10, 1593 13 of 22 
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Figure 7. Variations of variation flow ratio with evaporation temperature at four different degrees of 
superheat: (a) 0 °C degree of superheat; (b) 5 °C degree of superheat; (c) 10 °C degree of superheat; 
and (d) 15 °C degree of superheat. 
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Figure 7. With the degree of superheat increasing, the variation rate of VFR with evaporation 
temperature reduces slightly, which improves the operational stability under off-design operating 
conditions. As can be seen from Figure 7, butane has the lowest VFR and VFR increase rate among 
the six working fluids. 
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maximum net power output, and the optimal evaporation temperature for all working fluids is 
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the working capacities of different working fluids objectively. Evidently, the specific net power 
output of isohexane and butane is much greater than the other four working fluids. This can be 
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of butane is less than half of that of R236ea in the same operational conditions, while the net power 
output difference between these two working fluids is within 25%. Thus, the specific net power 
output of butane is much greater than that of R236ea. It can also be noticed that there is a slight 
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Figure 7. Variations of variation flow ratio with evaporation temperature at four different degrees of
superheat: (a) 0 ◦C degree of superheat; (b) 5 ◦C degree of superheat; (c) 10 ◦C degree of superheat;
and (d) 15 ◦C degree of superheat.

Since the condensing temperature is given in the regenerative ORC system, the condensing
pressure is constant for each working fluid. Additionally, the evaporation pressure increases with
the evaporation temperature. Therefore, the VFR increases with evaporation temperature, as shown
in Figure 7. With the degree of superheat increasing, the variation rate of VFR with evaporation
temperature reduces slightly, which improves the operational stability under off-design operating
conditions. As can be seen from Figure 7, butane has the lowest VFR and VFR increase rate among the
six working fluids.

It can be observed from Figure 4 that there is an optimal evaporation temperature producing
the maximum net power output, and the optimal evaporation temperature for all working fluids
is between about 95 and 100 ◦C. In addition, the VFR of all working fluids except isohexande and
R365mfc is less than 8 within this temperature range. Therefore, taking the evaporation temperature at
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95 ◦C and 100 ◦C as examples, the specific net power output is depicted as in Figure 8 to compare the
working capacities of different working fluids objectively. Evidently, the specific net power output
of isohexane and butane is much greater than the other four working fluids. This can be explained
by the fact that the latent heat of these two working fluids is much greater than the other four at the
same evaporation temperature, as shown in Table 4. Therefore, the mass flow rates of both isohexane
and butane are far less than those of the remaining four working fluids in the identical heat source
conditions, as shown in Figure 5. Taking butane and R236ea as examples, the mass flow rate of butane
is less than half of that of R236ea in the same operational conditions, while the net power output
difference between these two working fluids is within 25%. Thus, the specific net power output of
butane is much greater than that of R236ea. It can also be noticed that there is a slight improvement in
specific net power output with an increment of the degree of superheat. This is mainly due to the fact
that an increase in the degree of superheat results in an increment of enthalpy gradient in the turbine.
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Figure 9. Comparisons of total exergy destruction rate for different working fluids at two evaporation 
temperatures: (a) Evaporation temperature at 95 °C; and (b) Evaporation temperature at 100 °C. 
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Table 4. Latent heat of working fluids at two evaporation temperature.

Working Fluids Latent Heat at 95 ◦C (kJ/kg) Latent Heat at 100 ◦C (kJ/kg)

Isohexane 295.54 291.17
R365mfc 157.38 154.04
R245ca 155.59 151.44
R245fa 139.32 134.48
Butane 267.66 258.26
R236ea 107.57 102.76

Figure 9 shows the total exergy destruction rate for different working fluids at a 95 ◦C and
100 ◦C evaporation temperature. It is shown that the total exergy destruction rate decreases with the
increasing degree of superheat. It can be explained by the fact that the temperature difference between
the heat source and working fluid narrows with the increasing degree of superheat, which reduces
the exergy destruction rate in the evaporator. Additionally, the increasing of the degree of superheat
allows mass flow rate to decrease. These two factors result in lower total exergy destruction. The total
exergy destruction rate also decreases with the increasing of evaporation temperature as shown in
Figure 9.
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4.2. Economic Performance Analysis

Figure 10 depicts the variations of total capital cost and specific investment cost (SIC) with
the evaporation temperature using four different degrees of superheat conditions. First, the total
capital cost increases slightly with the evaporation temperature, and then it reaches a maximum.
Finally, the total capital cost decreases with the evaporation temperature. In the low evaporation
temperature range, the net power output increases with the evaporation temperature as shown in
Figure 4. According to Equation (38), the capital cost of turbine increases. The mass flow rate of the
working fluid decreases as the evaporation temperature increases as shown in Figure 5. The required
heat exchanger area is reduced. Therefore, the capital cost of the heat exchanger decreases. In the low
evaporation temperature range, the increase in capital cost of the turbine is slightly faster than the
decrease in capital cost of the heat exchanger, and thus the total capital cost increases slightly with the
evaporation temperature. As the evaporation temperature increases, the net power output starts to
decrease, and the capital cost of turbine decreases accordingly. Therefore, the total capital cost decreases
with the increment of the evaporation temperature. As the degree of superheat increases, both the net
power output and mass flow rate decrease, and thus the total capital cost decrease accordingly.

In the evaluation of the specific investment cost (SIC) in the ORC system, as the evaporation
temperature increases, the values of SIC first are reduced for these working fluids, reaching a minimum
at certain evaporation temperatures. Then, the SIC tends to increase at a relatively higher evaporation
temperature. It is noteworthy that both the net power output and the total capital cost decrease with
an increasing degree of superheat. Moreover, the decrease in net power output is slower than that of
the total capital cost for smaller evaporation temperature. Thus, the SIC decreases with an increment
in the degree of superheat in smaller evaporation temperatures. However, at a higher evaporation
temperature, the decrease in net power output is faster than that of the total capital cost. Thus, the SIC
increases with the increment in degree of superheat for higher evaporation temperature. It is obvious
that isohexane and butane have smaller values of SIC due to their low total capital cost.

Level electricity cost is an efficient criterion for evaluating the regenerative ORC system economic
performance. It can be observed from Figure 10 that there is an optimal evaporation temperature
giving a minimum SIC, and all working fluid optimal evaporation temperatures are between about
95 ◦C and 100 ◦C. Figure 11 presents variation of LEC with degree of superheat for six working fluids
at 95 ◦C and 100 ◦C evaporation temperatures, respectively. Obviously, the LEC of the six working
fluids has the same behavior, decreasing with the increment of degree of superheat. Furthermore,
the decreasing rate decreases gradually. The maximum reduction of LEC is obtained with degrees of
superheat ranging from 0 ◦C to 5 ◦C. The six working fluids, ordered in accordance with LECs from
highest to lowest, are as follows: R236ea, R245fa, R245ca, butane, R365mfc, and isohexane.
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Figure 11. Variation of LEC with degree of superheat for six working fluids at two evaporation 
temperatures: (a) Evaporation temperature at 95 °C; and (b) Evaporation temperature at 100 °C. 
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4.3. Suitable Working Fluids and Optimal Parameters

Working fluid selection is a cumbersome process since there is no general criterion for evaluating
the working fluid properties and its ORC system performance. As for working fluid selection and
parameter optimization, not only thermodynamic and economic performance but also VFR limitation
should be considered. Therefore, a fuzzy multi-criteria evaluation method is adopted to select a
suitable working fluid, and the criteria weights are determined using entropy weight [55–57]. The net
power output, specific net power output, total exergy destruction rate, VFR, total capital cost, and LEC
are selected as criteria. Taking the evaporation temperature at 100 ◦C as example, the six working fluids
are compared using the fuzzy multi-criteria evaluation method. The criteria weights are determined
using entropy weight according to the following steps:

Step 1: Normalize the evaluation criteria value to obtain the evaluation matrix R = (rij)n*m.

Step 2: Calculate the proportion of criteria j of each working fluid i pij = rij/
m
∑

i=1
rij.

Step 3: Calculate the entropy sj and the entropy weight wj of the jth criteria.

sj = − 1
ln n

m

∑
i=1

pij ln pij (46)

wj = (1 − sj)
n

∑
j=1

(1 − sj) (47)

Step 4: Calculate the evaluation matrixes for different working fluids at each degree of superheat.

B = (w1, w2, . . . wn)×


r11 r12 . . . r1m

r21 r22 . . . . r2m

. . . . . . . . . . . . . .
rn1 rn2 . . . . rnm

 (48)

Assume that the i corresponding to different working fluids, and the isohexane, R365mfc,
R245ca, R245fa, butane, and R236ea are numbered 1, 2, 3, 4, 5, and 6 respectively. Assume that
the j corresponding to different evaluation criteria, and the net power output, specific net power
output, total exergy destruction rate, VFR, total capital cost, and LEC are numbered 1, 2, 3, 4, 5, and
6 respectively. The evaluation matrixes for different working fluids are: 0 ◦C degree of superheat:
B0 = [0.573, 0.336, 0.271, 0.250, 0.798, 0.259]; 5 ◦C degree of superheat: B5 = [0.581, 0.334, 0.282, 0.265,
0.814, 0.266]; 10 ◦C degree of superheat: B10 = [0.571, 0.316, 0.288, 0.288, 0.844, 0.285]; 15 ◦C degree of
superheat: B15 = [0.573, 0.309, 0.293, 0.301, 0.861, 0.290];
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It can be seen that the fifth working fluid (butane) is more suitable for the regenerative ORC
system than other working fluids. As shown in Figure 4, the thermal efficiency of butane is lower
than that of isohexane, R365mfc, and R245ca, while its heat recovery efficiency is higher than for these
three working fluids. A good tradeoff is obtained between the thermal efficiency and heat recovery
efficiency, making the net power output of butane keep a high level. The ‘high thermal efficiency,
low net power output’ phenomenon in the conventional working fluids selection process is avoided
successfully. The VFR of butane is the lowest among the six working fluids at the same evaporation
temperature; additionally, its VFR variation rate is the lowest as well. Both characteristics not only
reduce the difficulty of turbine design and manufacture, but also improve the operational stability.
Compared with remaining working fluids, the low VFR of butane can enlarge the operation range
of evaporation temperature under the same VFR limitations (dashed lines as depicted in Figure 7).
As far as specific net power output is concerned, butane has a slightly lower output than isohexane,
while it is much greater than that of R365mfc, R245ca, R245fa, and R236ea, which indicates its superior
working capacity. Butane has the lowest total exergy destruction among the selected working fluids.
In terms of economic performance, butane has the second smallest total capital cost and SIC among
the six working fluids. As far as LEC, butane is superior to R245ca, R245fa, and R236ea but is
inferior to isohexane and R365mfc. As for net power output, specific net power output, total exergy
destruction rate, VFR, total capital cost, and LEC, butane is not able to attain every single criterion
optimum value simultaneously. However, a reasonable compromise is attained by butane, leading
to it obtaining a better comprehensive performance among the six working fluids. The optimum
evaporation temperature for butane is 100 ◦C.

The fuzzy multi-criteria evaluation method is also adopted to determine the optimal degree of
superheat. i corresponds to different degree of superheat, and 0, 5, 10, and 15 ◦C are numbered 1,
2, 3, and 4, respectively. The evaluation criteria are not changed. The evaluation matrixes of butane
for different degrees of superheat are [0.649, 0.828, 0.432, 0.272]. It is obvious that the 5 ◦C degree of
superheat (the second) is more suitable for butane. A slight degree of superheat is conducive to an
improvement of the ORC system’s comprehensive performance. The net power output decreases, while
thermal efficiency and specific net power output increase with the increment in degree of superheat.
Therefore, a proper degree of superheat is beneficial to improving the working capacity of working
fluids. Superheat is also conducive to reducing the total exergy destruction rate. As mentioned above,
the increase in degree of superheat results in a decrease in VFR and its variation rate. Therefore, a
proper degree of superheat not only reduces the difficulty in turbine design and manufacture, but also
improves the operational stability under off-design operating conditions. Superheat reduces the total
capital cost, SIC, and LEC as well, improving system economic performance.

5. Conclusions

Based on thermodynamic and economic performance, simultaneously considering the limitations
of VFR and the effect of superheat, the working fluid selection and parameter optimization have
been investigated with respect to a regenerative ORC system. The optimization of the evaporation
temperature is carried out by analyzing the variation of net power output and specific investment cost
(SIC). Then, the net power output, specific net power output, total exergy destruction rate, VFR, total
capital cost, and LEC are selected as criteria, and a fuzzy multi-criteria evaluation method is adopted
to select a more suitable working fluid and determine the optimal degree of superheat. The main
conclusions drawn from the present study are summarized as follows:

(1) There is an optimal evaporation temperature giving a maximum net power output and a
minimum SIC. The specific net power output of isohexane and butane is much greater than the
other four working fluids due to their greater latent heat.

(2) The evaporation temperature operation range is affected by the VFR. Butane has the lowest VFR
and the largest evaporation temperature operation range among the six working fluids.
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(3) A suitable degree of superheat is necessary since it is not only conducive to improving the
working capacity of working fluids, but also reduces the total exergy destruction rate, VFR,
total capital cost, SIC, and LEC for different working fluids. The system’s thermodynamic and
economic performance, as well as the operational stability, are improved.

(4) Compared with other working fluids, butane shows the best comprehensive performance for
the regenerative ORC system. Furthermore, the optimal evaporation temperature and degree of
superheat are 100 ◦C and 5 ◦C, respectively.
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Abbreviations

CEPCI Chemical engineering plant cost index
Com Operation and maintenance cost
CRF Capital recovery cost
GWP Greenhouse warming potential
LEC Level energy cost
NPV Net present value
NSGA-II Non-dominated sorting genetic algorithm II
ODP Ozone depletion potential
ORC Organic Rankine Cycle
PBP Payback period
SIC Specific investment cost
Top System operation time
VFR Volume flow ratio
Nomenclature
a Thermal diffusivity
A Area (m2)
B Evaluation matrixes
C Investment cost ($)
Cb Basic cost of each equipment ($)
CBM Bare module equipment cost ($)
cp Specific heat (kJ/kg·K)
d Diameter (m)
Fbm Aggregate multiplication
Fm Material factor
Fp Pressure factor
h Specific enthalpy (kJ/kg)
i Interest rate
I Exergy destruction rate (kW)
K1, K2, K3, B1, B2, C1, C2, C3 Constant coefficients for cost evaluation
m Mass flow rate (kg/s)
Nu Nusselt number
p
P Pressure
p* Reduced pressure
Pnet Specific net power output (kJ/kg)
Pr Prandtl number
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q Heat flux density (J/m2·s)
Q Heat transfer rate (kW)
Re Reynolds number
s Entropy (kJ/kg·K); Shannon Entropy
T Temperature (◦C)
Top System operation time
Ts Saturation temperature (◦C)
Ty Plant life time
U Overall heat transfer coefficient (W/m2·K)
v Specific volume (m3/kg)
w Entropy weight
W Power work (kW)
x Vapor mass quality
Subscripts
1-6 State points corresponding to Figures 1 and 2
1b, 1d, 2s, 4d, 5s, a-g State points corresponding to Figure 2
amb Ambient
con Condenser
eva Evaporator
f Working fluid
g Gaseous
gas Waste flue gas
H Heat source
IHE Internal heat exchanger
i Different regions in heat exchanger
in Inlet; inside
l Liquid
L Cold source
max Maximum
min Minimum
net Net
out Outlet; outside
p Pump
s Isentropic
sup Superheated vapor
Total Total exergy destruction rate
T Turbine
the Thermal
Greek Letters
α Heat transfer coefficient (W/m2·K)
γH Latent heat (kJ/kg)
δH Latent heat coefficient
δIHE Internal heat coefficient
δl Preheating coefficient
δsup Superheating coefficient
ε Effectiveness of internal heat exchanger
η Efficiency
λ Thermal conductivity(W/m·K)
µ Viscosity (m2/s)
ρ Density (kg/m3)
∆Tm Logarithmic mean temperature (◦C)
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