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Abstract: A simple reactor design for the conversion of CO, methanation into synthetic methane
based on free convection is an interesting option for small-scale, decentralised locations. In this work,
we present a heat-management design of a multi-tubular reactor assisted by CFD (Ansys Fluent®)
as an interesting tool for scaling-up laboratory reactor designs. The simulation results pointed out
that the scale-up of an individual reactive channel (d = 1/4/, H = 300 mm) through a hexagonal-
shaped distribution of 23 reactive channels separated by 40 mm allows to obtain a suitable decreasing
temperature profile (T = 487-230 °C) for the reaction using natural convection cooling. The resulting
heat-management configuration was composed of three zones: (i) preheating of the reactants up to
230 °C, followed by (ii) a free-convection zone (1 m/s air flow) in the first reactor section (0-25 mm)
to limit overheating and, thus, catalyst deactivation, followed by (iii) an isolation zone in the main
reactor section (25-300 mm) to guarantee a proper reactor temperature and favourable kinetics. The
evaluation of the geometry, reactive channel separation, and a simple heat-management strategy by
CFD indicated that the implementation of an intensive reactor cooling system could be omitted with

natural air circulation.

Keywords: CFD modeling; reactor design; heat-management; reactor scale-up; CO, methanation

1. Introduction

In the scenarios assessed by the IPCC, limiting global warming to temperatures below
1.5 °C has been estimated to be possible via the reduction of carbon dioxide (CO;) emissions
by 40-60% in 2030 and net zero close to 2050 [1]. The installation of a massive number of
variable renewable energy generation devices, such as wind and solar, could be decisive
for achieving this target. However, fossil fuels need to be substituted in all energy sectors,
including transport, heating, and cooling, while at the same time power systems require
being able to cope with a large variability in generation.

Chemical storage implementation of variable types of renewable electrical energy has
been proposed as a potential alternative to confront this challenge. Power-to-gas (PtG),
which refers to the production of synthetic fuels, such as hydrogen (H;) and methane (CH,),
has been suggested as a key concept for chemical energy storage [2,3]. This concept uses
excess electrical energy for water (H,O) electrolysis. One of the products obtained during
this process is Hp, which can react with CO, to form synthetic methane (CHy), also known
as synthetic natural gas (SNG). The main advantage of synthetic methane is that this gas
allows renewable energy to be stored in and transported through the existing extensive
natural gas system with less restriction than Hy. It is well known that CHy (0.657 kg/m?)
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has a higher volumetric energy density compared to H (0.089 kg/m?) and, thus, it can be
used as an effective fuel for the transport sector [4].

The thermochemical CO, methanation process carried out via an exothermic Sabatier
reaction (Equation (1)) is considered a competitive process to produce SNG at an industrial
PtG scale [5]. Recently, the integration of this concept into existing decentralised CO,
carbon stock plants, for example, biogas from municipal solid (e.g., food, wood, and
yard) and liquid (e.g., sewage sludge) waste plants, has been explored to recycle biogenic
CO, and increase renewable CHy production [6-8] as well as to reduce external energy
dependency. However, the most challenging aspect for widespread SNG implementation is
its economic competitivity, being more notable in PtG applications on a small scale. From
this aspect, SNG plants with small-sized capacities (<100 Nm?/h) require a reduction in the
engineering complexity of the overall process to keep the investment costs at a reasonable
level [9]. The solution for these distributed locations could be the implementation of “as
simple as possible” technology. An innovative compact modular reactor design with simple
maintenance and operation could be an interesting alternative to the currently available
advanced reactor technologies.

COy(g) +4Hy(g) = CHy () +2HpO(y) AHSgg = —165 kJ-mol ! )

Several reactor configurations have been proposed to carry out the CO, methanation
process including a fixed-bed reactor under adiabatic (single fixed-bed reactor [10]) or
polytropic operation (multi-tubular fixed-bed reactor [11,12]), fluidised bed reactor [13,14],
three-phase reactor operation [15,16], and microreactor [17-22]. Currently, fixed-bed reac-
tors represent a useful and available design for large-scale, commercial SNG production in
PtG applications [23]. Multi-tubular fixed-bed heat-exchanger reactors operating under
polytropic conditions are attractive for conducting the Sabatier process due to the fact of its
cost-effective design. In this reactor approach, the heat of the reaction is transferred from
the reactive tube to a coolant. In addition, its configuration is simple, flexible, and easy
to scale-up. However, reaching its optimum temperature profile remains a technological
challenge, since the formed hot spots (T > 500 °C) influence both the thermodynamics and
kinetics of the reaction [24].

The modelling and simulation of multi-tubular fixed-bed exchanger reactors are
crucial for the design and scaling-up of this technology, as it allows for the recognition
of the role of the most relevant design parameters and operational conditions. In recent
years, various one- [25,26], two- [27-29], and even three-dimensional [30-32] mathematical
models based on computational fluid dynamics (CFD) have been developed to study the
CO; methanation process and propose reactor designs able to achieve high CO, conversion
under safe conditions. Although great efforts have been made to propose an optimal
multi-tubular catalytic exchanger reactor design, its heat-management approach usually
involves the implementation of complex cooling systems and several auxiliary devices to
achieve effective temperature control of the Sabatier reaction [33-35], which makes this
reactor design less efficient for decentralised small PtG applications.

Recently, a novel heat-management strategy based on free convection was proposed
by our group to reduce the overall investment cost for small-sized CO, methanation
units [36]. With this heat-management strategy, heat-exchange equipment and operational
requirements are omitted. In our proposed heat-management approach, the heat released
from the Sabatier reaction is controlled by adjusting its reaction parameters and transferring
them into the environment through natural convection cooling. This proof-of-concept was
explored via CFD simulation and validated in a single reactive channel at the lab-scale.
However, in order to propose a scaled-up multi-tubular reactor design with free-convection
heat-management, further research should be performed to determine a compact reactive
channel distribution in which the multi-tubular catalytic reactor operates with natural
convection cooling in order to solve the new challenges associated with the interaction
between individual tubes.
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Therefore, the goal of this work was to propose an advanced multi-tubular catalytic
fixed-bed reactor design with heat-management based on free convection for small-scale,
decentralised SNG production. With this aim, a simulation-based study, assisted by a
3D CFD model, was performed using Ansys Fluent® software to analyse the effect of
the geometry distribution and spacing of the reactive channels, environmental air con-
ditions, and reactor insulation zone. Finally, based on the simulation results, a compact
module of 1 Nm?/h is proposed as a simple modular unit able to operate under natural
convection cooling.

2. CFD Model Description
Scale-Up of the Multi-Tubular Reactor Geometry

The scale-up of a single reactive channel reactor to a multi-tubular reactor was eval-
uated by adjusting the dimensions of the previous single reactive channel [36] to the
dimensions of a commercial tube (d = 17 0D, wall thickness = 0.049”) [37]. The new
inner diameter selection was performed in order to adjust to the standard dimensions of
industrial tubes currently available on the market and that can be used to manufacture
economic chemical reactors. Therefore, each reactive channel was designed considering an
inner diameter of 5.11 mm, an outer diameter of 6.4 mm, and a total height of 250 mm. The
material used for the tube was conventional 316 stainless steel. From an economic point
of view, the implementation of standard dimensions and the use of conventional material
is positive, since the cost of the reactor’s fabrication can notably be reduced. Therefore,
a strategy to minimize the costs of scaling-up a CO, methanation reactor, apart from not
using a cooling system, is that the material used for its manufacturing are standard and can
be easily purchased. Form these standard reactive channel dimensions, a first multi-tubular
reactor geometry composed of two reactive channels (see Figure S1) was designed to iden-
tify the free-convection heat-management reactor strategy. In this preliminary geometry, a
length separation of 25 mm was used. The two reactive channels were assumed to be fully
exposed to contact with the air of the environment. Each reactive channel was considered
to be completely filled with a millimetre-sized Ni-CeO;/Al,O3-based catalyst. For the
proposal of the free-convection heat-management reactor strategy, a temperature profile
between 230 and 500 °C was considered to be the desired reactor temperature profile, taking
into consideration that the catalytic material used in this work requires, on the one hand,
maintaining temperatures higher than 230 °C to ignite the reaction, and on the other hand,
avoiding temperatures higher than 500 °C to reduce sintering, coke, and CO formation.

In view of the preliminary simulation results (Supplementary Materials), and as the
goal of this work was to propose a compact module, three main zones were considered as
part of the scaled-up multi-tubular reactor design approach. As can be seen in Figure 1,
the first was named the preheating zone, where the reactants were heated at a selected
inlet temperature. At this point, the inlet temperature of the reactive mixture (CO, + Hy)
was considered to be the same for each reactive channel. The second was defined as a
free-convection zone, and it was located in the first reactor section (0-50 mm). This zone
was implemented considering that hot spots (T > 500 °C) typically form close to the reactor
inlet [36], it being a key reactor zone for the analysis of heat-management by means of
natural convection cooling. Therefore, in the geometry of the multi-tubular reactor design,
it was defined that the first reactor section was exposed to contact with the air of the
environment. For each reactive channel, it was considered that the heat of the catalytic bed
was transferred to the air flow that surrounded the reactive channels. Finally, the third
zone was denoted as the isolation zone, which began from a reactor height of 50 mm until
the reactor outlet at 250 mm. This last zone was insulated to reduce heat losses along this
reactor zone, avoiding the cooling down of the reactor to below 230 °C, which may cause
its deactivation.
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Figure 1. Geometry, boundary conditions, and mesh of the multi-tubular fixed-bed reactor de-
sign. Specifications for the reactor design: number of reactive channels = 10; geometry configura-
tion = circular-shaped distribution; reactive channel length separation = 50 mm; free-convection
zone = 50 mm; insulation zone = 200 mm.

For the multi-tubular geometry shown in Figure 1 as well as the rest of the evaluated
reactor geometries (Figures S2 and S3), the scaled-up steady-state CFD model comprised
three distinct cell zones (domains): a catalytic bed (fluid (reactive zone)), a free-convection
zone (fluid (air)), and an insulation zone (solid (insulator)). The following boundary
conditions were specified:

(1) Aninlet velocity was applied at the gas inlet to define the inlet velocity of the reac-
tive mixture. This reaction condition was the same and constant for each reactive
channel (Vipjet = 0.8 m/s). The inlet reactive mixture was composed of H, = 0.20 and
CO, = 0.80, and their temperature inlet was assumed to be preheated at Tj,jef = 230 °C;

(2) Aninlet velocity was applied at the air inlet to define the air velocity (V,ir = 0-5m/s),
where 0 m/s refers to natural convection with no predefined air movement, and
5 m/s refers to forced air convection. The air flow was defined to circulate in only one
direction, which was perpendicular to the reactive channel positions;

(3) An outlet pressure condition was applied at the air outlet to evaluate the pressure drop
along the free-convection zone. The air outlet was fixed to be open to the atmosphere;



Catalysts 2022, 12, 1053

50f19

(4) An outlet pressure condition was applied at the gas outlet to evaluate the pressure
drop along each catalytic bed. It is important to note that the catalytic bed inside each
reactive channel was homogenous. This catalytic volume was mainly composed of a
millimetre-sized Ni-CeO,/Al,O3-based catalyst (dp = 450 um [38,39]) and the gases
(i.e., reactants and products). The pressure of the multi-tubular reactor was fixed at
5 atm.

From this scaled-up multi-tubular reactor approach, the adaptation of the geometry
design to the addition of more reactive channels (i.e., 10, 16, 19, and 23), the implementation
of different reactor configurations (i.e., circular- and hexagonal-shaped distributions), the
length of the separation between the reactive channels (i.e., 25, 40, and 50 mm), and the
height of the free-convection zone (i.e., 25 and 50 mm) were studied. For simplification
purposes, depending on the simulated reactor geometry, symmetry boundary conditions
were implemented to reduce the simulation time. For multi-tubular reactor geometry with
a circular-shaped reactive channel distribution, as shown in Figure 1, the reactive channel
separation was fixed at 50 mm, assuming that the reactive channels were at the same
distance from the main tube. The mesh of this 3D geometry model was created with a total
of 139,465 nodes and 725,127 elements.

The pressure drop in the catalytic bed was calculated by approximation using the
Ergun equation (Equation (2) [40].

—AP _ uV(1—¢)? pfV2(1—¢)
=150 3,70 +1.75 4%

@)

where AP is the pressure loss through the catalytic bed; H is the height of the catalytic
bed (m); p is the gas viscosity (Pa-s); V is the velocity of the reactive mixture (m/s); dp, is
the particle diameter (m)—spherical equivalent; ps is the density of the reactive mixture
(kg/m?); e represents the fractional void volume of the catalytic bed (-).

For the simulation of the temperature profiles in this scaled-up CFD model, it is impor-
tant to mention that the thickness of the reacting tubes was not meshed with solid elements,
but heat transfer by conduction through this thickness was considered by applying a shell
conduction condition to the external walls of the tubes. Therefore, the thickness of the shell
was implemented to be the same as the reactive channel (0.049 mm). After the heat of the
catalytic bed was transferred by conduction through the shell, it reached the free-convection
zone, and it was dissipated by air convection. In the insulation zone, the heat of the catalytic
bed was also transferred by conduction into the solid insulating material.

The apparent kinetic parameters for the Sabatier reaction were obtained from previous
experimentation [30]. The power law rate expressions (Equations (3) and (4)) found over a
Ni-CeO, /Al O3 catalyst were as follows:

The kinetic expression for a forward reaction:

—6.20107

rp = 8.38:107-e R - (Ccop) 71 (Cpyp ) 653 -

The kinetic expression for a backward reaction:

—2.33-108

1y = 8.78:107.e "R (Ccop) "8 (Cppp) 331 @

where r; is the forward reaction (mol/m?-s); ry, is the backward reaction (mol/m?-s); R is
the gas constant (L-atm/K-mol); T is the temperature (K); Cco, is the concentration of CO,
(mol/m?3); Cypp is the concentration of H, (mol/m?).

The physical properties of the catalytic bed (CB), such as the specific heat
(Cpcp = 6433]/kg-K), thermal conductivity (Acg = 0.34 W/m-K), and viscosity
(ucg =1.23-107° kg/m-K), were obtained through the NIST database [41] and defined
as constant values. The species (i.e., Hy, CO;,, CHy, and HyO) were modelled as ideal gases,
and their mass diffusivity were calculated by the kinetic theory. Steel was selected as the
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material for the reactive channels, and its thermal conductivity (Ag) was 16.27 W/m-K.
Stone wool was used as the insulation material and its thermal conductivity (Agy) of
0.040 W/m:-K was defined in the CFD model according to a description in a commercial
reference [42]. A summary of the reactor dimensions, properties, and operating parameters
used also for the simulations of the multi-tubular reactor with a circular-shaped distribu-
tion are presented in Table 1. In the case of the two-reactive channel and multi-tubular
reactor with a hexagonal-shaped distribution, the values related to the reactor dimensions
were previously adapted to carry out the simulations. In particular, hexagonal-shaped
distribution was selected considering that the complexity of the model’s resolution can be
reduced thanks to its geometric symmetry.

Table 1. Dimensions, thermophysical properties, and operating parameters used in the simulation of
a multi-tubular fixed-bed reactor with circular-shaped distribution for CO, methanation reaction.

Dimensions Symbol Value Unit
Inner diameter of the reactive channel D; 5.11 (mm)
Outer diameter of the reactive channel Do 6.4 (mm)
Height of the reactive channel H 250 (mm)
Height of the free-convection zone Hgcz 0-50 (mm)
Height of the insulation zone Hyz 50-250 (mm)
Length of the reactive channel separation Ls 50 (mm)
Properties Symbol Value Unit
Thermal conductivity of the reactive channel As 16.27 (W/m-K)
Thermal conductivity of the insulating material Asw 0.040 (W/m:-K)
Specific heat of the catalytic bed 2 Cpcn 6433 (J/kgK)
Thermal conductivity of the catalytic bed ? ACB 0.34 (W/m-K)
Viscosity of the catalytic bed ? UCB 1.23 x 1076 (kg/m-K)
Particle diameter dp 45 x10~* (m)
Volumetric flow rate of the reactive channel Quub 1.63 x 1075 (m3/s)
Area of the reactive channel S 2.05 x 1072 (m?)
Viscosity of the reactive mixture ? v 1.77 x 1075 (Pa-s)
Density of the reactive mixture Pt 1.36 (kg/m?3)
Apparent density of the catalyst P Papparent,cat 0.90 (g/mL)
Skeletal density of the catalyst ¢ Pskeletal cat 3.50 (g/mL)
Fractional void volume of the catalytic bed € 0409 and 0.74 ¢ )
Operating Parameters Symbol Value Unit
Molar ratio of the H, /CO, - 4 )
Mole fraction of the Hj My 80 (%)
Mole fraction of the CO, mcop 20 (%)
Temperature of the reactive mixture Tinlet 230 “O)
Pressure P 5 (atm)
Velocity of the reactive mixture Vinlet 0.8 (m/s)
Temperature of the air Tair 25 “O)
Velocity of the air Vair 0-5 (m/s)

2 Calculated using the NIST database [41]. P Experimentally estimated over a microsphere catalyst based on
Ni-CeO,/Al, O3 [38]. © Experimentally estimated using a helium pycnometry technique. ¢ Refers to the space
between the microspheres and considering the wall [43]. ¢ Calculated using helium pycnometry data.

The set of partial differential equations involved in the mathematical model are speci-
fied in Table 2. A steady-state pressure-based Navier-Stokes algorithm was used to solve
the equations of the CFD model. Pressure-velocity coupling with a SIMPLEC (SIMPLE-
Consistent) scheme was selected as a solution method. The SIMPLEC algorithm used
increased underrelaxation factors, which aided in the speed-up of the convergence.
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Table 2. Governing equations of the CFD model.

Mass Balance
Conservation equation:
2 2 Y
5(pY)) +V'<P VYi) =-VIJi+R
Diffusion flux of the species:
7 : VT
Ji =- <pD1Lm + s%) VY; = Drit
Net rate of production by the chemical reaction:

Ri =My, 21 Riy

r=
Energy Balance
Gas phase:

—
5(E) + V-(V (pE+p)) = V-(keffVT—Zihi it (T v )) +5

P 2
E=h-L+%
Enthalpy for ideal gases:
h =¥ Yih;
Solid phase:

2 (oh) +v-<? h) = V-(kVT) + S
ot \pP p s
Enthalpy for solid:
h=f{ cpdT
Momentum Balance
Turbulence kinetic energy (k):
50) + % (k) = 2 [ (w+ £) 3] + G+ Gy — pe — Yaa + Si
Dissipation rate (¢):

2
5(pe) + (piuj> = a%j [(u + %) 3—;] + Cie(Gk +C3eGp) — Coep - +Se
Turbulence viscosity:

2
e = Cupk?
Cie =144, C, =1.92and C, = 0.09, 0 = 1.3 and o = 1.0

3. Simulation Results
3.1. Multi-Tubular Fixed-Bed Reactor Geometry

On the basis of the described reactor design strategy, a series of simulations were
performed to determine a suitable reactor design. In this section, two reactor geometries
with a circular- and a hexagonal-shaped distribution are evaluated.

3.1.1. Circular-Shaped Distribution

At first, a multi-tubular fixed-bed reactor geometry configured with a total of 10 re-
active channels under a circular-shaped distribution was evaluated considering a height
of 50 mm for the free-convection zone and 200 mm for the insulation zone. The temper-
ature behaviour of the air, the temperature of the catalytic bed, and the temperature of
the insulating material were analysed at different air velocities (i.e., 0, 2, and 5 m/s). As
a representative example, Figure 2 shows the influence of the inlet air velocity on the
temperature profile of the multi-tubular reactor with a circular-shaped distribution. For
the used air velocity of 5 m/s, the air temperature shown in Figure 2a increased from 25 to
200 °C. This increase in the air temperature was also observed in the rest of evaluated
cases, being more notable under a natural convection condition, without velocity. Figure
54 suggests that this increased air temperature behaviour can be associated to the thermal
interaction produced by the reactive channel configuration.
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Figure 2. Influence of the air velocity on the temperature of the (a) air flow, (b) catalytic bed,
(c) insulating material, and (d) exterior of the multi-tubular reactor. Specifications of the reactor design:
number of reactive channels = 10; geometry configuration = circular-shaped distribution; reactive
channel length separation = 25 mm; free-reactive zone = 50 mm; insulation active zone = 200 mm.

On the other hand, in the catalytic bed (see Figure S5), the temperature change along
the reactor height was significative and dependent on the existence of air circulation in the
first zone of the reactor. As can be observed in Figure 2b, the lowest temperature values
on the catalytic bed (T = 483-111 °C) were observed at 5 m/s. This was due to the forced-
convective heat transfer produced between the air and the catalytic bed. In this condition,
the heat released from the catalytic bed was successfully removed by the air circulation.
With the reduction of the air velocity to 2 m/s, the increases in the maximum temperatures
were only inferior by 2%. In the three evaluated cases, the maximum temperatures were
inferior to 500 °C, indicating that the forced-convective air heat transfer was excessive,
as the temperatures along the catalytic bed were not appropriate (<230 °C) at the reactor
outlet. In the case of the temperatures of the insulating material, their temperatures were
also high via the implementation of a low air velocity (see Figure S6). Compared to the
free-convection zone (Figure 2c), a heterogeneous temperature distribution was observed
in the insulation zone of the reactor.

In the interior of the reactor (see Figure S7), the two zones can clearly be differentiated:
a colder area where there was air (25-45 °C) and a hotter area where there was the insulating
material (45-122 °C). The temperature was less homogeneous when there was no air
circulation and when certain air temperature profiles were created in the free-convection
zones. Similar behaviours were identified in the exterior of the reactor (see Figure 2d
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and Figure S8). The temperatures of the insulating material were much higher when a
low air circulation was used (Vi = 0 m/s). With regard to the air velocity behaviour at
5 m/s (Figure S9), the values of this evaluated parameter ranged between 0 and 7.37 m/s.
The minimum values were observed in the shadow area of the reactor channels. These
were associated with the cylindrical shape of the reactor channels, which created local
recirculation areas with low air movement.

A summary of the most relevant simulation data at the evaluated air velocity range of
0-5m/s is presented in Table 3. According to these simulation results, it was inferred that
a proper temperature profile (T = 300480 °C) can be achieved using natural air circulation
(<2 m/s), while forced air circulation excessively removes the heat of the reaction and cre-
ates low temperatures in the insulation zone (Tmax < 126 °C). Thermal interaction between
the reactive channels was only identified without air circulation, causing a variation in
the temperature between them (AT~40 °C) (see Figure S10). Furthermore, the reactor at
this condition showed it had a harder time reaching maximum CO, conversion due to the
higher temperatures, which limited the chemical equilibrium. The CHy mass fraction was
the same in each of the reactive channels with forced air circulation (see Figure S11), while
there were slight differences with no air circulation (see Figure S12). This last fact was due to
the variation in the temperature profiles observed in each reactive channel (see Figure S13).
The increase in the number of reactive channels to achieve a more homogenous thermal
interaction was considered for this type of reactor design but, as a result, an asymmetric
reactive channel separation was achieved (See Figure 514).

Table 3. A summary of the most relevant simulation data obtained for the multi-tubular fixed-bed
geometry configured with a total of ten reactive channels under a circular-shaped distribution.

Tmax of the Tmin of the Thermal Interaction Tmax of the Tmax of the Interior  Tpax of the Exterior
A\ Reactive Reactive between Reactive Insulating of Insulating of Insulating
Channels Channels Channels Material Material Material
(m/s) °Q) Q) ) (@) Q) (@)
0 493 230 Yes 371 340 313
2 485 140 Not 162 153 147
5 483 111 Not 126 122 119

3.1.2. Hexagonal-Shaped Distribution

A multi-tubular fixed-bed reactor geometry (see Figure S2) configured with a total of
19 reactive channels under a hexagonal-shaped distribution was also evaluated. In this
case, a free-convective air velocity of 1 m/s was selected considering that the difference in
the maximum temperature values achieved between the two previously evaluated forced
air circulations were negligible. The height of the free-convective zone and the reactive
zone was kept at 50 and 200 mm, respectively. The reactive channel separation was fixed at
25 mm. Furthermore, it is important to note that the selected air velocity was representative
of a reactor installed inside a container/closed space that had appropriate air circulation,
with a total renewal of air every 5 min, in order to avoid the purchase of ATEX equipment
(DIN1946-7 safety guidelines) throughout the reactor and, thus, significantly reducing the
costs of all auxiliaries.

Figure 3 shows the temperature profiles of the different zones of the multi-tubular
reactor with a hexagonal-shaped distribution. The air circulation through the noninsulated
part of the reactor showed specific maximum velocities of 1.67 m/s (see Figure 515). At the
selected distance separation of 50 mm, the thermal interaction between the reactive channels
was controlled by the air flow direction and the reactive channel position (see Figure 3a).
The reactive channels that were located in the same direction as the air and behind a
channel (i.e., 4, 5, and 6) received an air flow that was slightly above 40 °C, and for the
reactive channels that were located behind two reactive channels (i.e., 7 and 8), it was 60 °C.
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Therefore, it can be deduced that the hexagonal-shaped distribution of the reactive channels
was beneficial for achieving a more homogeneous compact configuration with no significant
thermal interactions. On the other hand, the temperature profiles of the reactive channels,
as presented in Figure 3b, showed maximum temperatures of 487 °C, which were close to
the desired range (i.e., Tmax < 500 °C). On the contrary, the temperature in the isolated zone
was too low for the reaction to be effective. This temperature decreased to 162 °C, when the
minimum desired values should be similar to the selected inlet temperature (Tp,in > 230 °C)
to avoid kinetic limitations. This fact could be solved with a higher insulation height, for
example, up to 225 mm, instead of 200 mm. With this strategy, the tube would arrive hotter
at the isolated zone, and then the temperature loss would be negligible, because it would be
considered adiabatic. As it can be observed in Figure 3¢, in the solid zone of the insulating
material, the maximum temperatures were 200 °C and located in the section where the
tubes achieved higher thermal interaction. However, before the insulating material, there
were local variations, since it was the air circulation zone (see Figure 516). Furthermore,
the wall temperature of the insulating material was identified to be different on the side
where the air enters (lower) than in the area where the air leaves (higher) (see Figure 517).
This was because of the higher temperature of the reactive channels in that area.

a)

Temperature [C]

N 2
25 82 140 198 255

Temperature

! 200

152

g115

77

P

[C]

Figure 3. Influence of the increase in the number of reactive channels on the (a) air flow, (b) catalytic
bed, and (c) insulating material. Specifications of the reactor design: number of reactive channels = 16;
geometry configuration = hexagonal-shaped distribution; reactive channel length separation = 25 mm;
free-reactive zone = 50 mm; insulation active zone = 200 mm.
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In the XZ mid-plane, at 125 mm, it was observed that the temperature profile of
the insulating material had a clear distribution of approximately 29 °C between one side
and the other (see Figure 4). The temperature profiles in the catalytic bed were higher
in the reactive channels 4, 5, and 6, which were affected by 1, 2, and 3, and the reactive
channels 7 and 8 were affected by all the others. According to these simulation results,
the reactive channels can be classified into three groups: (i) a first set of reactive channels
(1-3) with lower temperatures (T~170 °C); (ii) a second set of reactive channels (4-6) at
medium temperatures (T~180 °C); (iii) a third set of reactive channels (7-8) at higher
temperatures (T~190 °C). Consequently, it is important to emphasize that the more reactive
channels added in this type of geometry, the transmission of heat in the last lines will
surely be higher. The implementation of a two-way air circulation can be an alternative
to avoid these thermal problems. However, it involves the implementation of auxiliary
devices, undesirable for our goal. Therefore, with the view that the temperatures of the
free-convective zones are key for achieving an appropriate temperature in the insulation
zone and that the adjusting the reactive channel separation can be a solution to reduce the
local thermal interaction, an evaluation of these geometry parameters was subsequently
considered to determine the most suitable multi-tubular reactor with heat-management
based on free convection.

a) Temperature [C]
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Figure 4. Temperature profiles of the (a) insulating material in the XZ plane performed at the middle
of the reactor (125 mm); (b) each reactive channel along its Y height (0-250 mm).

In this hexagonal-shaped geometry (See Figure S3), the height of the free-reactive
zone was reduced from 50 to 25 mm and, thus, the height of the insulation zone increased
from 200 to 225 mm. Concerning the reactive channel separation, it increased from 25 to
40 mm. The air velocity was the same as the previous one (1 m/s). At these conditions, the
maximum velocity was 1.55 m/s, slightly lower (—7%) than when the relative channels
were at a shorter distance (see Figure 518). This fact was associated to the Venturi effect,
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where the velocity of a fluid increases in a system when the flow of this fluid is constant
and crosses a space with a smaller area.

The influence of the reactor channel separation and reactive free-convective zone
are shown in Figure 5, as well as the thermal interaction between the reactive channels.
The maximum air temperatures achieved were 372 °C, located at the reacting channel/air
interface. With the increase in the reactive channel separation, a significant reduction in
the thermal interaction was achieved. Furthermore, a lateral thermal interaction between
the reactive channels was not identified. This maximum air temperature was significantly
higher than in the previous geometry (+117 °C) because of the shorter free-convection
zone. On the other hand, the temperature profile of the catalytic bed, as presented in
Figure 5b, showed maximum temperatures of 487 °C, which were close to the desired range
(Tmax <500 °C) and identical to the previous model. Therefore, it can be concluded that the
separation between the reactive channels and the distribution of these had no influence on
the maximum temperature of the catalytic beds, since the reaction heat generation capacity
at these initial positions was much higher than the ability to remove it. With this strategy;,
the temperature of the reactive channels in the isolated zone significantly increased (+68 °C).
This behaviour was due to the use of a greater height of the insulating material, causing
the reactive gas mixture to arrive hotter at the insulation zone.

a) Temperature [C]
A e
25 112 198 285 372
X
")
b)
Temperature S
488 :
423 234
359 174
294 111
230 33
[C] [C]

Figure 5. Influence of the reactive channel separation and height of the free-convective zone on the
() air flow, (b) catalytic bed, and (c) insulating material. Specifications of the reactor design: number
of reactive channels = 16; geometry configuration = hexagonal-shaped distribution; reactive channel
length separation = 40 mm; free-reactive zone = 25 mm; insulation active zone = 225 mm.
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In the solid zone of the insulating material, as shown in Figure 5c, the maximum
temperature was 315 °C (+115 °C) and displaced in the direction of the natural convection
cooling air. This temperature range should be considered as the most suitable for the
insulating material. In the interior (see Figure S19), the temperature of the insulation
zone was 290 °C and, thus, the goal of having a temperature for the insulating material of
approximately 300 °C was achieved. The temperature of the wall of the insulating material
was identified to be different on the side where the air enters (lower) than in the area where
the air leaves (higher) (see Figure 520).

Figure 6 suggests that the temperatures of the insulating material were better dis-
tributed between one side and the other (AT~20 °C). Compared to the previous hexagonal-
shaped distribution, the main difference was that the temperatures in the reactive channels
were much higher (between 273 and 294 °C), such that the reaction took place optimally.
Regarding the temperature profiles of each reactive channel along their total axial height,
the maximum temperature was identical in all of the reactive channels, below 500 °C, which
is preferable due to the minimal degradation of the materials (i.e., reactive channel and
catalyst). Then, the temperatures dropped rapidly and unevenly. The reactive channels
with the lowest temperatures were 1 and 2, since they did not have thermal interactions
with any other reactive channel. Very close was reactive channel 3 in which the thermal
interaction was negligible, since it did not take place laterally. The reactive channels 4, 5,
and 6 achieved a higher temperature. The maximum temperature difference was +20 °C
with respect to the noninteraction. Finally, reactive channels 7 and 8 were at maximum
temperatures, +30 °C compared to the conditions of reactive channels 1 and 2. Therefore, a
remarkable fact of this behaviour was the nonlinear increase in the temperature differences.
In the first gradient, it only increased by +20 °C and later by +10 °C. This temperature
difference did not affect the simulated CHy mass fraction composition (see Figure S21).

a) Temperature [C]
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Figure 6. Temperature profiles of the (a) insulating material in the XZ plane performed at the middle
reactor (125 mm); (b) each reactive channel along its Y height (0-250).



Catalysts 2022, 12, 1053

14 of 19

Therefore, from these simulation results, it was inferred that the optimal temper-
ature profile (T = 315-488 °C) in the hexagonal reactor geometry was achieved with
free-convective air circulation (1 m/s) by adjusting both the reactive channel separation
(40 mm) and the height of the free-convection (0-25 mm) and insulation zones (25-275 mm).
The increase in the reactive channel separation favoured positively the reduction in the
lateral thermal reactive channel interactions, while the decrease in the free-convection zone
and increase in the insulation zone were identified to achieve suitable temperatures at
the reactor outlet. The temperature variation between the reactive channels (AT~20 °C)
was reduced by 50% compared to the circular geometry. With respect to the possibility of
increasing the number of tubes to dimension, for this geometry, in a real small-sized CO,
methanation case, it is recommended that the reactive channels are added laterally and not
in the airflow direction.

3.2. Reactor Basic Unit Proposal
3.2.1. Strengths and Weakness Analysis of the Reactor Geometries

A comparison of the advantages and disadvantages between the two scaled-up multi-
tubular fixed-bed reactor designs is presented in Table 4. For the case of the multi-tubular
reactor geometry configured under a circular-shaped distribution, the main benefits of the
scale-up of this design were exclusively related to its fabrication. The simple mechanical
design of a basic unit allowed for the assembly of the reactor and maintenance of the reactive
channel to be straightforward. However, a low reactive channel density and an asymmetric
reactive channel separation were identified as the main drawbacks of this design. An
asymmetric reactive channel separation leads to a heterogeneous thermal interaction.
Furthermore, the implementation of a basic unit next to another one is limited by its circular
design and, thus, placing several reactors in a parallel shape is not feasible. Compared to the
circular-shaped distribution, the implementation of a hexagonal-shaped distribution was
advantageous to obtain a highly compact reactor. With this reactor configuration, a high flux
density was mainly achieved. Furthermore, as all the reactive channels were configured at
the same distance, the use of several units is easy thanks to its simple adaptation geometry.
A triangular basic unit configured under a hexagonal-shaped distribution is a practical
reactor design for overcoming asymmetric reactive channel separation and the difficulty
of placing several basic units next to each other. Although a more compact reactor can
be designed with this reactive channel configuration, it is important to mention that the
maintenance of the reactive channels and the preferential flow are the main disadvantages
of this design. With this reactor geometry, the thermal interaction between the reactive
channels was highly reduced. Only small thermal interactions could be achieved in the
reactive channels located in the air flow direction and parallel to other reactive channels.
Therefore, between the two evaluated multi-tubular fixed-bed reactor designs, the geometry
designed with a hexagonal-shaped distribution is the most promising configuration to
scale-up a highly compact basic unit with minimum thermal interactions between the
reactive channels.

Table 4. Pros and cons of the scaled-up multi-tubular fixed-bed reactor designs simulated for CO,
methanation reaction.

Circular Hexagonal

Advantages

e  High flux density and maximum
compactness.

e  All reactive channels are configured at the
same distance when joining several basic
units.

o  Compactness also achieved when using
several basic units due to the fact of its
easy adaptation geometry.

e  Simplicities in the assembly of the reactor
and maintenance of the internal reactive
channels.

° All reactive channels exhibit the same
mechanical resistance to flow.

e  The construction of a unit is mechanically
very simple.
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Table 4. Cont.

Circular Hexagonal
Disadvantages

Low reactive channel density. o  Difficulties in the assembly of the reactor

Asymmetric reactive channel separation and maintenance of the internal reactive

with this scale-up. channels.
e  Heterogeneous thermal interaction e DPreferential flux for the internal reactive

between the reactive channels. channels and, thus, the implementation of
e  Difficulty of placing several basic units a flow distributor is required.

next to each other. e  Small thermal interaction in the reactive
e  Noninsulated empty space between basic channels located in the air flow direction

units. and parallel to other reactive channels.

3.2.2. Sensitive Analysis

With respect to the effects of each variable on the performance of the multi-tubular
fixed-bed reactor designs (See Table 5), it can be claimed that the length separation, the
air velocity, and the height of the free-convection zone and insulating zone were key to
achieving scaled-up free-convention heat-management for a CO, methanation reactor. In
the case of the length separation, an increase in this variable above 40 mm was found
to be favourable for reducing the thermal interactions between the reactive channels. A
more compact rector can be designed with the reduction of the length separation (25 mm),
but a greater complexity in the assembly and maintenance of the reactive channels can be
achieved. On the other hand, the implementation of a forced air velocity (5 m/s) caused
an excessive loss of heat, and the flow of the air entered the insulated area too cold. The
interaction between the reactive channels was practically zero. On the contrary, strong
interactions between the reactive channels were identified at no forced air velocity (0 m/s).
At this condition, there was a higher difficulty of thermal control due to the formation of
hot spots (T > 500 °C). Finally, adjusting of the height between the free-convection zone
and the insulating zone was beneficial, since the desired temperature profile (230-500 °C)
could be achieved. The decrease in the height of the free-convection zone (25 mm) and the
increase in the height of the insulating zone (225 mm) caused a more effective temperature
distribution between the reactive channels and the temperature, enough to sustain the
reaction along the catalytic bed (T > 230 °C).

Table 5. The effect of each variable on the performance of the scaled-up multi-tubular fixed-bed
reactor designs simulated for the CO, methanation reaction.

Variable Effect Selection

Circular: All reactive channels were located at the
same distance from the centre; ease of construction;
Geometry very complex to pack different consecutive units. Hexagonal
Hexagonal: The most compact geometry possible;
ease of packing different units.

1 (40 mm): The increase in T decreased in the reactive
channels aligned in the direction of the air. The lateral
thermal interaction between the reactive channels was
almost completely reduced.

4(25 mm): Greater complexity in the assembly and
maintenance; the device was more compact.

Length separation 40 (mm)
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Table 5. Cont.

Variable Effect Selection

1 (5 m/s): The interaction between the reactive
channels was practically zero; the loss of heat was
excessive; the flow of gases entered the insulated area
Air velocity too cold; power consumption. 1 (m/s)
1(0 m/s): Strong interactions between the reactive
channels; no heat removal; difficult thermal control
due to the fact of hot spots; zero energy consumption.

J (25 mm) and 1(225 mm): Fully adiabatic,
temperature too high throughout the reactive
Height of the channels; the maximum temperature was not affected
free-convection zone by this parameter.
and insulating zone 1(50 mm) and | (200 mm): Too much heat was lost in
the noninsulated area; there was not enough
temperature to sustain the reaction.

50 (mm)
225 (mm)

3.2.3. Prototype Design

For the proposal of a basic unit of 1 Nm?/h of SNG, the hexagonal-shaped distribution
was selected as the most promising geometry design to scale-up a compact and modular
multi-tubular fixed-bed reactor with a simple free-convection heat-management. With this
reactive channel distribution, the scaled-up unit was adapted to a rectangular geometry
composed by 23 reactive channels (See Figure 7), according to the dimensions of the
catalytic bed (d = %” OD and L = 250 mm). Furthermore, the separation of the reactive
channel was selected to be 40 mm, since this length was identified to be optimal to achieve
low thermal interactions between the reactive channels. Regarding the total height of the
reactive channels, it was selected to build a 300 mm height reactor, larger than the one
simulated (+20%). The additional 50 mm can act as a back-up section where the unreacted
carbon dioxide can be converted or cases where the temperature profile is displaced by
long-time catalyst utilisation.

I
Pre-heating
zone

Di 5.11 mm D, 6.4 mm i

Free convection
© e y @ o zone
Y r/ 4“2"".
®--® (0 o
‘/ NVZRN
Sk 0 0 O o

275 mm

Figure 7. A schematic representation of the scaled-up multi-tubular fixed-bed reactor.
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In this multi-tubular fixed-bed reactor prototype, three zones were defined to guar-
antee its operation under free-convection heat-management. The first zone was located
before the inlet reactor and was denominated as the preheating zone. Here, the reactive
mixture was first preheated to 230 °C and then injected into each reactive channel at a
velocity of 0.8 m/s (composed of 80% Hj and 20% CO;). The second zone was located in
the first section of the reactor (0-25 mm) and was denoted as the free-convection zone. An
air velocity of a 1 m/s was selected as the suitable value to control the hot spot formation
(<500 °C). Finally, the last zone was denoted as the insulation zone and can be considered
as the main reactor section (25-300 mm). The implementation of the insulation material was
beneficial to achieve the desired temperatures at the reactor outlet (>230 °C). As a pressure
of 5 atm was required to achieve the equilibrium of the reaction, it can be controlled by a
valve to the outlet reactor. A summary of the dimensions and reaction conditions of the
scaled-up multi-tubular fixed-bed reactor are presented in Table 6. In real PtG applications,
this reactor approach can be located on the exterior to guarantee its natural air cooling or
on a closed space (container) under a controlled air circulation to avoid the ATEX zone,
according to safety guidelines (DIN1946-7). The weather conditions can play a decisive
role on the location of this reactor device, e.g., temperature, wind, and humidity. This
simulation work has shown that it is possible to operate with this design, and now onsite
experimental evaluations will be key to determining its practical feasibility.

Table 6. Dimensions and operating parameters of the scaled-up multi-tubular fixed-bed reactor.

Dimensions Symbol Value Unit
Inner diameter of reactive channel Dy 5.11 (mm)
Outer diameter of reactive channel Do 6.4 (mm)
Length of the reactive channel separation Lg 40 (mm)
Height of the reactive channel L 300 (mm)
Height of the free-convection zone Hgcxz 0-25 (mm)
Height of the insulation zone Hiz 250-300 (mm)
Operating parameters Symbol Value Unit

Molar ratio of the H, /CO, H,/CO, 4 )

Mole fraction of the Hp myp 80 (%)

Mole fraction of the CO, mcoy 20 (%)
Temperature of the reactive mixture Tinlet 230 @)
Pressure P 5 (atm)
Velocity of the reactive mixture Vinlet 0.8 (m/s)
Gas Hourly Space Velocity GHSV 11,520 (h=1
Velocity of the air Vair 1 (m/s)

4. Conclusions

In this work, a simulation-based study assisted by a 3D CFD model was performed to
propose a simple methanation reactor technology for decentralised SNG production. The
multiphysical simulation proposed coupled thermal fluid dynamics and species transport
modelling, and it was developed to identify a free-convective heat-management strategy
for a multi-tubular reactor configuration. The developed thermal model was based on
a kinetic model and on optimised reaction conditions, which were achieved by experi-
mentation over a Ni-CeO,/Al,O3 catalyst. The reactive channel separation, the height
of the free convection, and the insulation zone were the main geometry parameters to be
evaluated to propose a scalable multi-tubular reactor geometry able to operate with natural
convective cooling.

The simulations demonstrated that the scale-up of the multi-tubular reactor geometry
was more effective under a hexagonal-shaped distribution than under a circular-shaped
distribution. Furthermore, a reactor unit of 1 Nm3/h was proposed on the basis of the
simulation results. A compact and modular design was achieved using a hexagonal-shape
distribution. The selected multi-tubular reactor geometry was composed of 23 reactive
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channels (d = 1/4’, H = 300 mm), and three main zones were defined as the preheating zone,
free-convection zone, and insulation zone. The optimisation of the length of the reactive
channel separation (40 mm) and the height of the free-convective (0—25 mm) and insulation
zone (25-300 mm) were found to be key to achieving the free-convection heat-management
approach. In this proposed multi-tubular reactor unit, a decreasing temperature profile
(T = 487-230 °C) for the reaction using natural convection cooling was achieved at the
selected reaction conditions (Tjnjer = 230 °C, P = 5 atm, and Vet = 0.8 m/s). The successful
simulation results allow to conclude that the CFD models are a useful engineering tool to
predesign scalable catalytic reactors.

Supplementary Materials: The following supporting information can be downloaded at: https://
www.mdpi.com/article/10.3390/catal12091053/s1, Preliminary simulation results and Figures 51-522.
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