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Abstract: Micro-fluidized bed has aroused much attention due to its low-cost, intensified-process
and fast-screening properties. In this paper, a micro-fluidized bed (15 × 15 mm in cross-section) was
designed and fabricated with the use of the stereolithography printing technique, for the investigation
of bubbles’ hydrodynamics and comparison of the solids (3D-printed particles VS fungal pellets)
fluidization characteristics. In a liquid–gas system, bubble flow regime started from mono-dispersed
homogeneous regime, followed by poly-dispersed homogeneous regime, transition bubble regime
and heterogeneous bubble regime with increasing gas flowrates from 3.7 mL/min to 32.7 mL/min.
The impacts from operating parameters such as gas flowrate, superficial liquid velocity and gas
sparger size on bubble size, velocity and volume fraction have been summarized. In liquid–solid
fluidization, different solid fluidization regimes for both particles bed and pellets bed were identified.
From the bed expansion results, much higher Umf of 7.8 mm/s from pellets fluidization was observed
compared that of 2.3 mm/s in particles fluidization, because the hyphal structures of fungal pellets
increased surface friction but also tended to agglomerate. The similar R–Z exponent n (5.7 and 5.5
for pellets and particles, respectively) between pellets and particles was explained by the same solid
diameter, but much higher Ut of 436 µm/s in particles bed than that of 196 µm/s in pellets bed is a
consequence of the higher density of solid particles. This paper gives insights on the development of
MFB and its potential in solid processing.

Keywords: micro-fluidized bed; 3D-printing; bubble flow regimes; fungal pellets

1. Introduction

Fluidized beds use the liquid and/or gas flows instead of moving parts to improve
mixing, thus exhibiting the advantages of sufficient multiphase contact but less energy
consumption and mechanical stress [1–3]. In recent years, micro-fluidized bed (MFB)
has attracted more attention due to its fast screening and process-intensifying proper-
ties [4,5]. Therefore, MFB has been applied to different areas such as solid processing [6,7],
chemical conversions [8–10], CO2 capture [11], wastewater treatment [12,13], bioproduc-
tion [14,15], etc.

With more novel designs and applications of MFB being reported, the hydraulic
diameter of the bed column used as the defining principle is becoming broader and fuzzier.
Initially, Potic et al. [16] proposed the concept of MFB with an inner diameter (ID) of 1 mm.
The asserted boundary for MFB witnessed a gradual increase from the submillimeter
scale [17,18] to millimeter scale [19,20] and the current centimeter scale [21]. For instance, a
fluidized bed reaction analyzer with a 2 cm ID developed by Xu and his colleagues for their
thermochemical studies was regarded as micro-scale by them due to the distinguished
reactor flow characteristics [22,23]. Furthermore, Gao et al. [24] called a fluidized bed
reactor with 7.5 cm ID as MFB when using it for pyrolysis of three Iranian waste oils. This
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might be the largest fluidized bed so far which was specifically defined as MFB by the
authors. Recently, Zhang et al. [4] defined the term of MFB by the reactor residence time
characteristics principle to be the systems with sub-50 mm ID as well as the bed-to-particle
diameter ratio (dB/dP) within 100. In summary, the inevitable wall effects, residence time
characteristics and surface force unique to the micro-fluidization over the classical larger
fluidization systems would define the MFB, meaning that such a fuzzy boundary can
include most fluidized beds that possess up to centimeter-scale bed column to the range of
MFB [20,25,26].

To date, varieties of fabrication methods and materials have been reported for the
construction of MFB. The most widely used approach is the quartz/glass capillaries with
transparent walls, which allow for the visualization analysis [18,27,28]. Similarly, MFB
made by micro-milling Perspex can meet the demand of clear visualization and improve
the mechanical strength of the bed column [20,29]. To make bed ID within micrometer
scale, soft lithography techniques with advantages of low cost and rapid manufacturing
have been proposed [17,30]. However, for the experiments involving thermochemical
reactions and strong corrosivity, the materials such as Perspex or polydimethylsiloxane
(PDMS) may not endure the extreme conditions, giving rise to the development of fluidized
bed made of stainless steel [31]. In recent years, the fabrication of MFB via 3D-printing
techniques has become a hot topic, as the additive manufacturing produces highly complex
and/or bespoke geometries in a much cheaper and faster way compared to the traditional
workshops [32]. For instance, McDonough et al. [33] used the stereolithography printing
technique to fabricate a toroidal fluidized bed (50 mm ID), allowing to minimize the
particle entrainment by the swirling fluidization, and do Nascimento et al. [19] developed
a liquid–solid micro-circulating fluidized bed of 2 × 2 mm2 cross-sections by using digital
light processing (Miicraft+ printer, Young Optics Europe GmbH, Jena, Germany) and
stereolithography (Form2 printer, Formlabs GmbH, Berlin, Germany), which successfully
reduced the circulating fluidized bed size to the micro-bed dimensions.

Nowadays, one of the main applications of MFB is for bioprocessing and biopro-
duction such as wastewater treatment, cell cultivation, fungal fermentation based on the
liquid–solid and gas–liquid–solid systems [4]. The multiphase fluidized bed bioreactors
present excellent gas/liquid–solid mixing and lower mass transfer limitation compared to
the conventional packed bed reactor [34]. More importantly, the liquid–solid/gas–liquid–
solid systems can mitigate the cell damage/death due to mechanical stress which is caused
by the agitated impellers in stirred-tank bioreactor. To allow the fluidization of tiny micro-
bials, the cell immobilization methods such as attachment and encapsulation are used to
make the microorganisms to be fluidizable with the carriers by the upward liquid and/or
gas flow [35]. In liquid–solid fluidized bed systems, for instance, Chowdhury et al. [36]
used a liquid–solid circulating fluidized-bed (LSCFB) bioreactor to identify that the overall
removal rates for organic (chemical oxygen demand, COD), nitrogen (N), and phosphorous
(P) could be up to of 91%, 78% and 85%, respectively, with the fluidization of the Lava
rock particles incorporated with biomass. Kuyukina et al. [37] studied the petroleum-
contaminated water treatment with the use of MFB (14 mm ID, 120 mm length) containing
different immobilized biocatalysts on the hydrophobized carriers such as sawdust, poly
(vinyl alcohol) cryogel (cryoPVA) and poly (acrylamide) cryogel (cryoPAAG), which re-
ported to remove 70%–100% of n-alkanes (C10–C19) and 66%–70% of 2–3-ring PAHs from
wastewater. In fact, the gas–liquid–solid systems are more widely used in bioproduction,
as the cells require the oxygen to grow and the anaerobic microbial can produce the biogas
(i.e., CO2) in the form of bubbles. For instance, Wu et al. [38] combined the immobilized
anaerobic sludge and a MFB bioreactor (27 mm ID and a height of 120 cm) to produce
biohydrogen and bioethanol production, the formed gas–liquid–solid MFB system reached
a maximum H2 production rate of 59 mmol /h/L with the sugar substrate of sucrose at the
liquid velocity of 0.91 cm/s and a largest H2 yield of 1.04 mol mol hexose−1 with glucose
at the liquid velocity of 0.55 cm/s. In addition, by using the expanded clay (2.8–3.35 mm)
as a support material for biomass immobilization, Cavalcante de Amorim et al. [39] demon-
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strated that the hydrogen content increased significantly as the hydraulic retention time
(HRT) decreased in their three-phase MFB system fed with glucose-based synthetic wastew-
ater. However, compared to the immobilized cells/enzymes, the fungal pellets could be
directly fluidized by the liquid/gas flow without the procedures of immobilization in a
biocarrier, but the gradually increased size as well the morphology largely impact pellet
fluidization. The change of pellet size means a fixed flowrate could not maintain a good
fluidization, which could result in pellet sedimentation or elutriation when the flowrate
was too low or too high. Therefore, it is important to adjust the gas/liquid flowrate to
maintain a good fluidization state.

Our previous study has investigated the fungal pellets fluidization in MFB, indicating
the unique bed expansion properties and the effects of bubble flows on pellets fluidiza-
tion [40]. However, the bubbles’ characteristics (size, velocity, etc.) in our MFB system
remain unclear. In addition, the unique solid properties of pellets can be further explored
by comparing its fluidization performance with conventional solids with relative smooth
surface. Therefore, in the present study, we used the same MFB for a systematic inves-
tigation of the bubble characteristics in gas–liquid fluidization system under different
gas sparger sizes, liquid/gas flowrates are presented. In addition, 1.5 g of mature fungal
pellets and 3D-printed particles which have the same diameter (2 mm) but different solid
density, solidity and surface structure are used for liquid–solid fluidization study, which
highlighted the significance of solid properties on solid expansion and fluidization quality,
thus providing foundations for potential application of MFB involving unique solids (such
as pellets, surface functionalized particles, immobilized cells, etc.)

2. Materials and Methods
2.1. Fluidized Bed Design and Fabrication

The MFB comprises two main sections: the lower section containing liquid/gas inlets
and distribution plate (Figure 1a,b) and the upper bed column section (Figure 1c). In
general, the lower section is a square manifold (15 × 15 mm in cross section, 5 mm in
height) with an 8 × 8 hole array (size of hole: 1 × 1 mm), which is used for the liquid
distributor. Meanwhile, the single gas sparger is a hole drilled at the center of the distributor,
to accommodate a tight-fitting glass capillary tubing (CM Scientific, Bradford, UK) with
~3 mm OD and the different micrometer-scale IDs (50, 100 and 150 µm). The different gas
sparger ID can alter the bubble hydrodynamics such as bubble size and velocity. The bed
column, fabricated using a 3D printer (Form2 SLA printer, Formlabs, Somerville, MA, USA),
has a rectangular geometry with a 150 mm column height and a 15 × 15 mm square cross
section. The Form2 used a 405 nm UV laser (140 lm spot size, 250 mW) to cure a translucent
methyl acrylate based proprietary resin (FLGPCL02) comprising methyl acrylate monomer
(55–75% w/w), methyl acrylate oligomers (35–40% w/w) and photoinitiator additives
(10–15% w/w), which ensures the solidity of the parts and prevents gas/liquid leakage [41].
The upper and lower sections are assembled using the flat flange plates, which featured
a circular groove (as can be seen in Figure 1a,c) fitted with an O-ring rubber gasket (to
prevent liquid/gas leakage) as well as 4 holes (for bolts), as shown in Figure 1d.

2.2. Materials and Procedures

In the gas–liquid system experiments, the glass capillaries whose IDs ranged from
50 to 150 µm were used as gas sparger. The gas phase was air, and the liquid phase was
air and ultrapure water. In liquid–solid fluidizations, 1.5 g of the 3D-printed particles
(the same methyl acrylate based proprietary resin used for MFB fabrication) and mature
fungal pellets (from the Basidiomycete Nidula niveo-tomentosa) were used as the solid phase.
The images showing the different morphology of 3D-printed particles and fungal pellets
(photographed by using a Scan 1200, Interscience, Saint-Nom-la-Bretèche, France) were
presented in Figure 2. Detailed properties of the solids are listed in Table 1.
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Table 1. Details of the solid phases used in liquid–solid fluidization study.

Materials Density (g/cm3) Diameter (mm) Sphericity

Printed particles 1.20 ± 0.02 2.0 0.99
Fungal pellets 1.09 ± 0.09 1.80 ± 0.55 0.82 ± 0.12

The experimental setup used for both the gas–liquid and liquid–solid fluidizations
is illustrated in Figure 3. In gas–liquid fluidization, compressed air was supplied and
then regulated by the pressure regulator (R07-200-RNEG, IMI Norgren, Birmingham,
UK) to reach a desired flowrate using the gas rotameter (FL-3635G, Omega Engineering,
Manchester, UK), while the liquid phase of ultrapure water was pumped through the liquid
inlet tubing and reached the fluidization column by a peristaltic pump (Watson Marlow
530U, Wilmington, MA, USA) and supplied to the fluidization column using soft tubing
(FSA121869, Sartorius, Göttingen, Germany). For the liquid flow, the investigated flow rate
ranged from 0 to 34.04 mm/s. After the liquid flow was introduced into the MFB with
fixed velocity, the gas flowrate was gradually increased until the coalesced bubble flow
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occurred, thus ensuring the accurate visualization of bubbles instead of slug flow [18]. For
the liquid–solid fluidization study, the gas phase was switched off, but the solid phase
was inoculated in the bed. The solid expansion was then achieved by the upward liquid
flows. Both the bubbles movements and solid fluidization were recorded by the Basler
acA640-750uc camera (100 fps for gas–liquid fluidization system, 20 fps for liquid–solid
fluidization, exposure time in 0.003 s) combined with a fixed focal length Lens (12 mm/F1.8
Lens, Edmund Optics Inc., Barrington, NJ, USA), and was monitored using the Pylon
Viewer software for off-line analysis [40].
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2.3. Bubbles’ Characterization
2.3.1. Bubble Size

The bubble size measurement is based on the bubbles in the image sequences captured
by high-speed camera. In the calculation of average bubble diameter, the Sauter mean
diameter equation was applied to give more weights to the larger bubbles in the multi-
bubble flows [18,42]. The equation is given as:

db =
∑ nid3

i

∑ nid2
i

(1)

where db, ni and di are the bubbles’ Sauter mean diameter, number of bubbles and individual
bubble diameter, respectively.

2.3.2. Bubbles’ Velocity

The bubbles rising paths were usually an upward spiral rather than straight-lines
rises because of the physicochemical properties of liquid phase (i.e., viscosity, surface
tension, density, etc.) [43,44]. Therefore, the bubble velocity Ub in the experiments refer to
the bubble rising velocities (or vertical component of velocities). To characterize Ub, the
function of Manual Tracking Plugin in Fiji ImageJ is applied [45]. The operational principle
for a bubble velocity measurement is to record the bubble’s displacement in Y direction
(from the bed bottom to the top liquid/gas interface) and the corresponding time for the
bubble’s movement. Here, the Y-displacement is the height of fluidized bed, while the time
can be obtained based on the number of frames for the bubble to move from the bottle to
top, as the high-speed camera takes images at the speed of 10 ms/frame (100 fps).
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2.3.3. Gas Volume Fraction

The gas volume fraction, εG, is a dimensionless quantity that is defined as the ratio
of gas volume to the volume of the column [46]. The measurement of εG is an effective
method to predict the gas supply in a reactor. It is obvious that the bubble size and velocity
would vary with the changes of liquid velocity, gas velocity and gas sparger diameter,
leading to the variation of εG. This part of experiments is to investigate gas volume fraction
under the parameters of gas/liquid velocity, gas orifice size. Gas volume fraction εG is
calculated though the equation below:

εG =
∑ Vb

VB
(2)

where Vb is the volume of each bubble, VB is the volume of bed column. The sum of bubble
volume in each frame was obtained by the total volume of the bubbles in the column. The
column volume is a fixed value of 33.75 mL with the bed geometry of 15 × 15 mm in
cross-section and 150 mm in height.

2.4. Bed Voidage Characterization

The initial bed voidage ε0 is a key parameter which impacts the fluidization perfor-
mance. The calculation of ε0 for printed particles was based on the typical equation [26]:

ε0 = 1 − m
ρS H0 A

(3)

where H0, A, m and ρS is the initial bed height, bed cross-sectional area, solid mass and
density, respectively, while ε0 for pellets bed would be complex, because the volume of
submerged pellets was 1.4 times bigger than the filtered volume. Thus, a revised equation
for calculating ε0 for fungal pellets is listed below [40]:

ε0 = 1 − 1.4m
ρS H0 A

(4)

3. Results and Discussion
3.1. Gas–Liquid System
3.1.1. Bubble Flow Regimes

The representative images showing the gradual transitions of bubble flow regimes are
presented in Figure 4 for the 100 µm gas sparger system with no liquid flow. The operating
parameters of different operation modes, design parameters and working fluids of the
fluidized bed system would determine the gas flow regimes. Among these parameters,
the bubble flow regimes are highly dependent on the bed column size (dB), gas sparger
size (dG) and the gas flowrate (QG). For instance, Li et al. [18] identified three distinctive
flow regimes including the dispersed bubble flow, the coalesced bubble flow and the slug
flow in three-phase MFB of 0.8 mm ID with the increase of gas flowrate. The formation of
slug flow in their study was mainly due to the narrow column, whose cross section could
be fully occupied by the coalesced bubbles to form the gas slugs. However, no slug flow
was observed in our study, as the bed column size of 15 mm in our MFB was sufficient to
contain the multiple bubbles. In the relatively larger-diameter column, Besagni et al. [47]
classified the bubble flow regimes into homogenous bubble regime (including mono-
dispersed homogeneous and poly-dispersed homogeneous), transition bubble regime and
heterogeneous bubble regime, which well described the regimes of bubble flows observed
in the experiments of this study.
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Here, the bubble flow regimes started from mono-dispersed homogeneous flow at low
gas flowrate (Figure 4a) and turned into poly-dispersed homogeneous regime (Figure 4b–d)
with the increase of gas flowrate. Regardless of whether it is mono-dispersed or poly-
dispersed, the homogeneous regime means that discrete bubbles are uniformly distributed
without coalescence [48]. In addition, the bubble density as well as bubble size in homoge-
neous bubble regime increased linearly with gas flowrate, which are discussed in the later
section. However, the continual increase of gas flowrate facilitated the emergence of coa-
lesced bubbles, which remained discrete with uniform bubble size distribution (Figure 4e).
This discrete coalesced bubble flow is regarded as transition bubble regime. At high gas
flowrate, larger bubbles with wider size distribution are encountered but the distance
between individual bubbles decreased [49]. More bubbles coalesced as they ascended to
form the heterogeneous bubble regime, in which the coalesced bubbles were interspersed
between the small ones [50], as shown in Figure 4f. Apart from the gas flowrates, the gas
orifices sizes can also influence the bubble flow regimes. In general, the smaller sparger size
(i.e., 50 µm) needs a lower gas flowrate than 100 and 150 µm sparger to reach the transition
point from mono-dispersed homogeneous flow to poly-dispersed homogeneous regime
and coalesced flow because the single bubble flow tended to be split into multi bubbles by
the smaller orifice, forming the mono-dispersed homogeneous flow, further poly-dispersed
homogeneous regime and final coalesced flow. In this paper, the investigated bubble flow
regimes starting from mono-dispersed flow to coalesced flow ensure the individual bubbles
could be clearly distinguished by the two-dimensional measurement of high-speed camera
due to small intrinsic dimension of the MFB; therefore, the optical disturbance is not an
issue [51]. Although three-dimensional measurement of the local bubbles’ properties by
multiple probes might be more accurate, the probes are reported to cause the destruction of
the rising bubbles instead of a precise determination of the local state of fluidization [52].

3.1.2. Bubbles’ Size

Bubbles’ size distributions (from dispersed bubble flows to coalesced bubble flows)
under the parameters of gas sparger sizes, gas flowrates and liquid velocities were char-
acterized (Figure 5). Under the certain ranges of gas and liquid flowrates, bubble size
distributions were 1.5–2.3 mm, 1.8–2.8 mm and 2.3–3.8 mm when gas orifice was 50, 100
and 150 µm, respectively. The results indicated that sparger size was a predominant factor
to determine db, as larger gas orifices promote bigger bubbles’ expansion and formation
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before they are detached from the gas nozzle [53]. Alternatively, it is noted that db increased
with increasing gas flowrate, which was explained by the high gas flowrate for introducing
more gas in liquid column at the certain time to enhance the formation and expansion of
bubbles. The same conclusions that the mean bubble diameter increased with gas orifice
size and superficial gas velocity (similar to the gas flowrate investigated in this paper) were
reported and correlated by Akita and Yoshida [54]. They also pointed out that mean bubble
diameter decreased with increasing column diameter for a given superficial gas velocity,
which was not confirmed in this paper but could be further explored using our bubble
column system in the future.
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In contrast, db decreased with the increase of liquid velocity, as the co-current liquid
flow accelerated bubbles detachment, thus shortening the time for bubble expansion.
However, the influence from liquid velocity on bubble size was relatively insignificant,
which could be reflected from the small descent slopes of the curves in Figure 5. Therefore,
this section not only confirmed that the bubble size is primarily enhanced by the orifice
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diameter and gas flowrate [55] but also revealed that the co-current liquid flow accelerates
bubble detachment to inhibit bubble growth.

3.1.3. Bubbles’ Velocity

For the range of gas and liquid flowrates studied, the values of Ub were determined
to range from 1.46 to1.86 m/s, 1.86 to 2.30 m/s and 1.91 to 2.36 m/s when gas orifice
size was 50, 100 and 150 µm, respectively (Figure 5). The increased bubble velocities with
increasing gas orifices size indicated that micro-channels of the submerged orifice inhibited
the bubble rising velocities. The kinetic energy of gas was regarded to be the same at a
given gas flowrate, but the different orifice size resulted in the energy consumption due
to pressure drop when the gas passing through the gas sparger tubing was varied [56].
The smaller orifice required a higher pressure drop and consumed more kinetic energy,
thus leading to the lower bubbling velocity. In addition, the bubble velocity was observed
to increase with the increase of gas flowrate, which was consistent with the previous
studies [57,58]. Furthermore, it is obvious that the upward liquid flows can promote bubble
rising velocity because of the co-current flows. However, this promotion from liquid flow
was not drastic when the bubble regime changed from the homogenous bubble regime
to the heterogeneous bubble regime at a high gas flowrate, indicating the importance of
bubble regime transitions. Finally, the relative larger error bars with the fluctuated curves
in Figure 6 indicated the rise velocity of bubbles could be also affected by other factors
besides the investigated operating parameters of gas orifice size, gas flowrates and liquid
velocity. These unexpected factors could be the following:

(1) The proximity and size of neighboring bubbles influenced the individual rising
bubbles [59].

(2) During the flow regime transition from homogenous bubble regime to heteroge-
neous bubble regime, bubbles tended to coalesce which impacted each other’s rise
velocity [60].

(3) The variations of bubbles’ velocity were observed even for single bubbles of the one
size rising in an infinite medium [61].

Here, in our experiments, the high-speed camera with 100 fps speed could precisely
capture the corresponding bubble and its rapid variation, but it is still quite difficult to
detect every velocity variation of individual bubble’s movement from the bottom of bed
column to the top liquid/gas interface, compared to the previous study, which used two
probes with one of them mounted above others so that the rise velocity of the bubble
was measured by the vertical distance of two probes divided by the pulse separation
time [62,63]. However, it is difficult to identify the specific bubbles due to the splitting or
coalescence of bubbles between two probes [51,64]. Hence, our experiments with the use
of high-speed camera can improve the accuracy of bubbles measurement.

3.1.4. Gas Volume Fraction

Bubbles’ volume fraction εG is the ratio of total bubbles volume to the bed volume,
where the total bubbles volume is not only related to the average bubble size but also the
number of bubbles. The characterization of εG under the effects of different gas flowrate,
liquid velocity and gas orifice size are illustrated in Figure 7. It is noticed that εG increased
significantly with the increase of gas flowrate, as high gas flowrate meant more gas pumped
into the chamber per unit time to produce more bubbles. This observation is consistent with
Zenit et al. [65], who reported a positive correlation between superficial gas velocity and
mean gas volume fraction measured by an impedance probe. However, εG was observed to
significantly increase when the high gas flowrate turned the homogenous flow regime into
the heterogeneous regime (e.g., εG significantly increased when gas flowrate increased from
9.9 mL/min to 1.5 mL/min in Figure 7a), where coalesced bubbles largely increased the
total bubbles volume. The big error bars in heterogeneous bubble flow regimes suggests
the existence of numbers of dispersed bubbles. On the other hand, the relatively horizontal
curves of εG with the increase of liquid velocity indicated that the co-current liquid flow
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had no impact on εG, although its effects on bubble size and velocity have been confirmed.
Finally, at a fixed gas and liquid flowrate, εG was observed to increase with increasing gas
sparger size. A larger gas sparger can allow for the growth of bubble size, thus contributing
to the higher εG. For instance, in the homogeneous flow regimes with 9.9 mL/min of
gas flowrate and no liquid flow, εG reached 0.20%, 0.31% and 0.33% when gas sparger
size was 50, 100 and 150 µm, respectively. Besides, the higher εG from the larger gas
spargers were also witnessed in heterogeneous flow regime, as εG in conditions of 100 and
150 µm gas sparger was 0.53%–0.57% and 0.71%–0.73% respectively, with the gas flowrate
of 32.7 mL/min (Figure 7b,c). Therefore, this section has concluded that εG was increased
with increasing the gas flowrate and the gas sparger size, but independent of liquid flows.
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3.2. Liquid–Solid Fluidizations

To compare the effects of particles on liquid–solid fluidization, 1.5 g of 3D-printed
particles and fungal pellets are fluidized by ultrapure water in the liquid–solid MFB system.
Both liquid–solid fluidization regimes and the particulate solid bed expansion properties
have been investigated and compared.

3.2.1. Flow Regimes

The snapshots of 1.5 g of particles fluidization by ultrapure water were presented in
Figure 8. With the increase of superficial liquid velocity, different flow regimes including
packed bed regime, creeping fluidization, particulate fluidization and parvoids fluidiza-
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tion were observed in this study. The main classifications for the different regimes are
discussed below:

• Packed bed. Fixed particle bed structure with no bed height changes at low superficial
liquid velocity (Figure 8a,b).

• Creepingly fluidization. The packed bed became loose, and the bed height started
to expand creepingly when the superficial liquid velocity reached the minimum
fluidization velocity (Figure 8c,d).

• Particulate fluidization. Followed by minimum fluidization, there was little motion of
the particles across the bulk of the cross-section, although some porous gaps in the
particles’ bed were observed along the walls (Figure 8e,f).

• Parvoids fluidization. With a further increase of liquid velocity, particles fluidized and
circulated in the bed resulted in the partial voids bed [66] (Figure 8g–i).

The pellets fluidization, however, exhibited distinctive flow regimes. Based on our
previous study [40], the flow regimes for pellets fluidization started from static bed to
extended bed, followed by partially fluidized bed and fully fluidized bed, as shown in
Figure 9. The existences of the extended bed and partially fluidized bed regimes were
due to the filamentous structures of the floccose pellets. Specifically, the extended bed
regimes were due to the pellet agglomeration, as the upward liquid flow loosened the
interacted aggregates instead of breaking them up, which was reflected by the extended
bed height with no dispersed pellet fluidization. With the continuously increase of liquid
flow, part of the aggregated pellets was dispersed and fluidized along the column to form
partially fluidized bed, which eventually reached the fully fluidized bed regime. A more
detailed descriptions with representative snapshots for pellet fluidization were reported by
Zhang et al. [40].
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(i) UL = 22.0 mm/s.
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3.2.2. Bed Expansion Study

In the liquid–solid fluidization study, solid bed expansion was expressed by the ratio
of the increased bed height to static bed height, (H − H0)/H0. Figure 10 plots the solid bed
expansion versus superficial liquid velocity based on the defluidization process, which
avoided pressure overshoot and hysteresis effects [67]. The relationship between the bed
expansion ratio of 3D-printed particles and UL is linear, from which the Umf for particles
could be obtained from the intersect by extrapolating the fitting line to the abscissa [26].
The linear expansion behavior of pellets again UL was also reflected by the fitting lines, but
there was an apparent slope change at a different liquid flow. Such a slope transition was
initially reported by Smith et al. [68], who observed the gradual transition from packed
bed to fluidized bed during the fluidization studies of flocs and pellets. Based on our
previous report, the smaller slope was due to the extended bed regime where pellets were
agglomerated together and bed height increased slowly at low UL, while the larger slope
has resulted from the fluidization regime changed from the extended bed into the partially
fluidized bed that pellets started to fluidize. Therefore, Umf for pellets fluidization should
be defined as the liquid velocity which led to the expansion and detachment of the pellets
from the base, with good overall fluidization [40].
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Based on the different definitions of Umf for 3D-printed particles and fungal pellets,
the determined experimental values of Umf for particles and pellets was 2.3 mm/s and
7.8 mm/s, respectively. The gap between the results indicated the importance of surface
force on solids fluidization. Compared to the relatively smooth surface of the printed
particles, the fluidization of fungal pellets was strongly inhibited by the outer filamentous
hyphae, which not only agglomerated and interacted to form the fungal clumps but also
increased the surface friction. Thus, higher liquid flow was required to break the fungal
clumps into dispersed pellets and fluidize these floccose pellets.

3.2.3. Richardson–Zaki Expansion Curves Fitting

The calculated initial bed voidage ε0 for 1.5 g of printed particles and pellets was 0.51
and 0.57 using Equation (3) and Equation (4), respectively. Consequently, the logarithmic
expansion curves were described by the well-known Richardson–Zaki equation [69]. As
shown in Figure 11, the R–Z exponents n for particles and pellets were the slope of the
linear fitting line A and line B, respectively. R–Z exponents for pellets fluidization had two
distinctive values of 5.7 and 15.1 corresponding to the partially fluidized and fully fluidized
bed regime, respectively. However, the exponent value of n for particles fluidization kept
constant at ~5.5, which was clearly greater than that of the original R–Z value of 4.65 [69]
but close to the value of 5.1 reported by Zivkovic. et al. [67] for the fluidization of soda
lime glass microspheres (30.5 µm in diameter) in ethanol. Although the n value of pellets
could be up to 15 at a low liquid flowrate, but it decreased to the same level as particles.
The same level of n between pellets and particles was because of the same size (~2 mm,
shown in Table 1). Tang et al. [26] concluded that the increase of size of solids had apparent
effects on the extrapolated n, as the increase of particles size from 104 µm to 287µm led the
extrapolated n to increase from 5.02 to 5.90. However, in our experiments, both solids have
a same size (~2 mm, shown in Table 1), giving the same level of extrapolated n.
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The extrapolated terminal velocity Ut was obtained by extrapolating the fitting lines
to a voidage of unity. Based on the fitting line A and line B, Ut reached up to 95.5 mm/s
and 31.6 mm/s for particles and pellets, respectively, which were much higher than the
theoretical Stokes law terminal velocity of 436 µm/s and 196 µm/s for particles and
pellets, respectively. This again indicates the influence of wall effects and surface force of
particles on solid fluidization. Compared to the fungal pellets, the higher theoretical and
extrapolated Ut for particles fluidization was due to the higher density of printed particles,
which could be explained from Stokes Law [19]. In addition, different from the dense and
solid particles, pellet is actually a core of packed hyphae surrounded by the hairy region
that contains the radially growing portion of the hyphae [70].
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3.3. Fluidizations by Bubbles in Gas–Liquid–Solid System

The effects of solid density on fluidization performance were also investigated using
the gas–liquid fluidization system. In the gas–solid fluidization system, the 3D-printed
particles could not be well fluidized by the single bubble flow but formed a gas channel-
ing [4], because the smaller bubbles (<3 mm in size) were insufficient to suspend the whole
high-density particles in a 15 × 15 mm cross-sectional bed.

In contrast, fungal pellets with hollow structures would be easier to be elutriated,
namely, have a lower fluidization velocity. Based on our previous study of pellet fluidiza-
tion by gas only [40], the pellet bed was turned from the partially fluidized bed (Figure 12a)
into fully fluidized bed (Figure 12b,c) when increasing the gas flowrate from 9.9 mL/min
to 43.8 mL/min, because the bubble flow not only increased pellets upward expansion
but also decreased pellet agglomeration. Therefore, for future fungal fermentation using
fluidized bed reactor, it is important to adjust liquid/gas flowrate, not only to maintain a
good pellet fluidization but also to avoid pellet elutriation.
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Figure 12. Representative snapshots of different flow regimes for fungal pellets fluidization with
increasing gas flowrate: (a) QG = 9.9 mL/min, (b) QG = 22.9 mL/min, (c) QG = 43.8 mL/min [40].

4. Conclusions

This paper reported the hydrodynamics of bubbles and solids (fungal pellets and
printed particles) fluidization in a 3D-printed MFB. The bubbles’ movement and solid
fluidization were recorded with a high-speed camera system, which was placed in front
of the bed. Compared to the inserted probes reported by other researchers, the external-
positioned recording system in this paper could capture the whole bed region, detect rapid
variations of bubbles/solids and avoid disturbing the state of fluidization.

In the gas–liquid system, bubble flow regimes including mono-dispersed homoge-
neous regime, poly-dispersed homogeneous regime, transition bubble regime and hetero-
geneous bubble regime were identified when increasing the gas flowrate from 3.7 mL/min
to 32.7 mL/min. Bubble size primarily increased with increasing orifice diameter and
gas flowrate but slightly decreased with the liquid velocity, as the co-current liquid flow
enhanced bubble detachment to inhibit bubble growth. Bubble velocity was increased
with the increase of gas flowrate as well as the upward liquid flow, but the promotion
from liquid flow was insignificant in heterogeneous bubble regime. Gas volume fraction
increased with gas flowrate and gas sparger size but was independent of liquid flowrate.

In liquid–solid fluidization, different fluidization regimes were identified between
particles and pellets fluidization. During the bed expansion study, higher surface force and
pellet agglomeration pellets fluidization induced larger Umf. The similar n during pellets
and particles bed expansion was due to the same solid diameter of 2 mm, but the higher Ut
from particles bed was explained by the higher density of particles than pellets. This paper
highlights the different fluidization hydrodynamics of fungal pellets, thus contributing to
the development of MFB and its potential application in the bioprocessing area.
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Nomenclature

A Cross-sectional area of bed column
db Bubbles’ Sauter mean diameter
dB Diameter of internal bed
dG Gas sparger size
di Individual bubble diameter
dS Solid diameter
H0 Static bed height
H Bed height
ID Inner diameter
MFB Micro-fluidized bed
m Solid mass
n Exponent of Richardson–Zaki equation
ni Number of bubbles
QG Volumetric gas flowrate
R2 Coefficient of determination
Ub Bubble rising velocity
UL Liquid velocity
Umf Minimum fluidization velocity
Ut Extrapolated terminal velocity
Vb Individual bubble volume
VB Volume of bubble column
Greek Letters
ε Bed voidage
εG Gas volume fraction
ε0 Initial/static bed voidage
ρS Solid density
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