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Abstract: AbstractThe integration of reaction and extractive distillation system is beneficial for
reducing the process cost. A systematic method is proposed to identify the optimal solvent, solvent-
to-feed ratio, extractive distillation sequence and reactor operating conditions based on the integration
of reactor and extractive distillation. The non-key component matrix method is used to generate the
extractive distillation sequences. The proposed method can be used to evaluate different solvents,
solvent-to-feed ratios, as well as the extractive distillation sequences; the optimal extractive distillation
parameters corresponding to the minimum total annualized cost (TAC) can be identified considering
different operating conditions. For the selective hydrogenation of benzene to cyclohexene process,
the minimum total annualized cost of unit desired product, 4.01 $-kmol~!, is achieved when the
reactor’s inlet temperature is 333 K, solvent N-Formylmorpholine and sequence S2 are employed,
and the solvent-to-feed ratio is 4.

Keywords: reactor; extractive distillation; distillation sequence; solvent; optimization

1. Introduction

Extractive distillation can be applied to separate mixtures that are difficult to separate
by common distillation. Different solvents can be used to increase components’ relative
volatility to different levels, and multiple distillation sequences can be used to achieve the
separation. A solvent can make separation easier, while its application might lead to an
undesired growth of the heat load of the distillation columns. Different solvent-to-feed
ratios lead to varied energy consumption. In view of these characteristics, it is important to
select the optimal extractive solvent, solvent-to-feed ratio and distillation sequence.

In chemical process, the mixture to be separated is generally the reactor’s effluent
or part of it, which changes along reactor operating conditions. Because of this, the total
annualized cost (TAC) of the reactor and that of the extractive distillation system changes as
well. The identification of optimal extractive solvent, solvent-to-feed ratio and distillation
sequence should be based on the integration and optimization of the reactor and the
extractive distillation system.

Research on extraction distillation mainly focuses on the choice of solvent and its
flowrate. De Figueiredo et al. evaluated the effect of solvent on the separation efficiency and
energy consumption [1]. Zhao et al. identified the optimal composition of mixed solvent
for a tetrahydrofuran-ethanol-water ternary system [2]. Zhang et al. proposed a method
for identifying the optimal solvent on the basis of isovolatility curves [3]. Based on vapor—
liquid equilibrium diagrams and infinite dilution factors, Wang et al. selected the feasible
solvent to separate the specified mixture and targeted the optimal distillation sequence
with minimum TAC [4]. In view of controllability and economy, Wang et al. simulated two
possible extractive distillation sequences for separating toluene-methanol-water ternary
azeotropic mixture to identify suitable flowrate of solvent [5]. Woo and Kim presented a
new procedure to search for new solvent using molecular simulation, and evaluated the
procedure’s performance using highly energy-intensive processes [6]. A multi-objective
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optimization-based molecular design method was developed by Zhou et al. [7] and can be
applied to find a list of Pareto-optimal solvents. With the thermodynamic analysis com-
bined with residue curve maps, isovolatility line, univolatility line and material balance
lines, Sun et al. determined the optimal solvent and extractive distillation sequence for
acetonitrile-ethanol-water ternary azeotropic mixture [8]. In these studies, the optimal
solvent and its flowrate were selected based on the isovolatility curves, vapor-liquid equi-
librium diagrams, etc., and the effects of the solvent on components’ volatility and energy
consumption of extractive distillation columns were studied. However, the synthesis
methods of extractive distillation sequences are seldom studied. Most of the studies are
enumerated by exhaustive method and compared by simulation calculation.

Multiple distillation sequences can be used to separate the same mixture; their repre-
sentation and evaluation are the key to optimization. Gutierrez-Guerra et al. designed the
conventional and thermally coupled extractive distillation sequences, and minimized their
energy consumption [9]. Skvortsova et al. proposed algorithms to generate extractive dis-
tillation flowsheets for separating n-component mixtures with single binary azeotrope [10].
Wang et al. proposed a methodology to automatically optimize the distillation sequences
including simple columns and dividing wall columns [11]. In this method, the mixed inte-
ger nonlinear programming (MINLP) problem is decomposed into integer programming
(IP) and nonlinear programming (NLP) problems. Ozgelik and Mert developed a genetic-
algorithm-based solver to make an exergoeconomic multi-objective optimization in terms
of targeting the optimal distillation sequence [12]. Kong and Maravelias proposed a novel
approach to synthesize distillation networks with more than one feed source [13], and con-
nections between feed sources and distillation columns are automatically determined
according to this approach.

Some studies considered the intersection between reactor and separation system [14,15].
Recker et al. presented an approach for screening alternative reaction-separation flow-
sheets with the shortcut method first and then using the rigorous optimization method
to determine the best one [16]. Bertran et al. presented a framework for synthesizing
the processing route with reaction and separation subsystems [17]. In fact, it is more
of an exhaustive method to enumerate all processing routes in the superstructure repre-
sented by the Processing Step-Interval Network. Kong and Shah proposed a mixed integer
linear programming (MILP) optimization model to scan all reaction paths and different
distillation sequences [18]. Nezhadfard et al. presented a comprehensive algorithm to
generate all feasible flowsheets by reaction/distillation matrix [19], and extended it to
identify complicated systems involving multiple reactions [20]. Considering the variation
of reactor operating conditions, Lv and Liu presented a matrix method to illustrate splits
and distillation sequences and identify the optimal distillation sequences with minimal
vapor flowrate [21].

In the open literature, a lot of studies have been done on the extractive distillation and
distillation sequences, and some of these studies concentrate on the integration of reaction
and separation systems. However, the synthesis of extractive distillation sequences, as well
as the integration of reactor and extractive distillation system are rarely reported.

This paper aims to propose a method for identifying the optimal extractive distillation
sequence based on the integration of the reactor and the extractive distillation system.
Procedures will be developed to analyze the impact of variations in reactor operating
conditions, solvent and solvent-to-feed ratio to the cost; and the reactor and extractive
distillation systems composed of different sequences will be evaluated based on the TAC.
A selective hydrogenation of benzene to cyclohexene process will be studied to illustrate
the application of proposed method.

2. Governing Equations
2.1. Identification of Distillation Sequences Based on Non-Key Component

Various distillation sequences with simple columns are feasible to separate an n-
component mixture, and their number (S,) equals [2(n —1)]!/[n!(n —1)!]. They have
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the same key components, while different non-key components. With the separation
of four components as an example, there are five possible distillation sequences, the key
components and non-key components corresponding to each sequence are shown in Table 1.
This difference of non-key components leads to different energy consumption.

Table 1. Five distillation sequences separating four-component mixture.

Distillation Sequences

Number of Times as Non-Key Components

Number of Times as Key Components

A A, A, Aq Ay A, A, Ay
A1/ArA3A—Ay [ AsAy— A3/ Ay 0 0 1 2 1 2 2 1
A1/ AyAsAg—ArAy ) Ag—Ay ] Ag 0 1 1 1 1 2 2 1
A1Ay/ AzAg— A1/ Ay— Az Ay 1 0 0 1 1 2 2 1
A1ArA3/ Ag— A1 ] AyAs— Ay [ As 1 1 1 0 1 2 2 1
A1AyAs ) Ag—A1Ay ] Ay—Ar ] Ay 2 1 0 0 1 2 2 1

The non-key component matrix, NNy, as shown by Equation (1), can be used to repre-
sent all distillation sequences with columns performing sharp split [22]. Rows represent
distillation sequences, columns represent components, and each element represents the
time that the corresponding component acts as a non-key component.

A AN A
1 [ Mg Mp o My My ]
2 A2 Aap Ay Ao
NN, = : : : : : (1)
i Aig Aig o Ay A
Su LAsa Asp As, i O sy

According to the non-key component matrix and the method proposed by Yin and
Liu [22], the matrix representing all distillation sequences can be generated, as shown by
Equation (2). In this matrix, rows and columns correspond to distillation sequences and
splits, respectively, and each element represents a split point.

1 [ Gin G2 - G o Cined
2 a1 G2 0 Lo Qo
Do : : : : )
" i Cin Gz 0 Cij oo Gina @)
Sn | Cs,n Csy2 o0 Gsmj 0 Csyn—1 |

Herein, {; ; is the jth split in distillation sequence i.

2.2. Calculation of Relative Volatility

The relative volatility between components A; and A; is the ratio of their gas-liquid
equilibrium constant, as shown in Equation (3). Under atmospheric or low pressure, the gas
can be considered as ideal mixture, and the liquid can be taken as non-ideal, the gas-liquid
equilibrium constant can be calculated by Equation (4).

Substituting Equation (4) into Equation (3), Equation (5) is obtained to calculate the
relative volatility between components A; and A; after the addition of the solvent, (a;;) e

K;
(aij) g = K ®)
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P
K=" 4
=1 @
PP i
()5 = 557, (5)

where K; is the gas-liquid equilibrium constant of component A;; P denotes pressure.
For components A;and Aj, y; and 7 are their activity coefficients and can be calculated by
modified UNIFAC model [23]; P;° and P]-S are their saturated vapor pressures and can be
calculated by Equation (6).

B:
Ig(P?) = Aj + 7 +Gilg(T) +DiT +ET? (6)

where Aj, B;, C;, D; and E; are Antoine constants, and T is temperature.

2.3. Shortcut Design of Distillation Column

For extractive distillation column, the mixture to be separated and the solvent are
inlet separately, and the latter is added to the upper part of the feed stage. The Fenske
equation [24], Underwood equations [25] and Gilliland correlation [26,27] can be used to
calculate the plate number and reflux ratio of each column, and these equations are shown

in Equations (7)—(10).
ik o 1=Cpk
_ lg<5hk X 1—§1k) 1

min — (7)
g (ttavg) 5
(o) gXE (i)
SUSTRO g 8)
Lag,—0 17 (
(ai)sxp i)
- Rmin +1 (9)
= (aj)s— 0
4 o N 05668
Nr = Nanin _ s ll B (R%) ] 10)
Nt +1 R+1

Herein, Ny is the minimum number of theoretical plates; ¢j; represents the recovery
of light key component at the top, and §;x represents that of heavy key component at
the bottom; (zx,wg) S is the average relative volatility of the light-to-heavy key component,
and can be calculated by Equation (11); («p)g, (#r)g and (ap)g are the relative volatility at
the top, feed and bottom. Rpn is the minimum reflux ratio; («;)g is the relative volatility
of A; to the heaviest component at the average temperature of column; xy(;y and xp ;) are
the mole fraction of A; in feed stream and distillate; 6 is the root of Underwood equations.
g represents the feed thermal state. Nt denotes the number of theoretical plates. R is the
reflux ratioand R = 1.1 ~ 2Rin.

(#avg)s = [(ap)g(ar)g(ap)g])” (11)

The position of the feed stage can be estimated by Equation (12) and the Kirkbride
equation [28], as shown by Equation (13).

Np + Ng = Nt (12)
57 0.206
x x
Np _ B [ XE(nk) B(1k) (13)
Np D\ xpax) ) \ XD(n)
where Np and Np are the numbers of theoretical plates above and below the feed, B is
the flowrate at the bottom and D at the top. x is the mole fraction, subscripts F, D and B
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represent the flowrates of the feed, top and bottom products, respectively; subscripts Ik
and hk represent the light and heavy key components.

3. Effect of Solvent and Distillation Sequence
3.1. Generation of Extractive Distillation Sequence

When solvents are added, extractive distillation columns and solvent recovery columns
should be added in each distillation sequence, and the latter usually follows the former.
According to this, the extractive distillation sequences can be generated in two steps. In the
first step, the separation order of the components (excluding solvent) is generated based
on the non-key component matrix introduced in Section 2.1. In the second step, the solvent
is added to the column separating the components with smaller relative volatilities, and
this column changes to an extractive distillation column; the solvent recovery column is
added following this column. The specific steps are as follows:

(1) Generate non-key component matrix according to the components to be separated,
and identify the separation order;

(2) Identify the extractive distillation columns in each sequence, and add the solvent
to the column; accompany a solvent recovery column after each extractive distilla-
tion column.

The separation of the three-component mixture is taken as an illustrative example.
For each pair of components in this mixture, the relative volatility is quite small, and the
addition of a solvent is necessary. With a solvent added, the volatility order of these
components might be A1 > Ay > As.

In the first step, the non-key component matrix is identified, as shown by Equation (14).

A1 Ay Az
NN;=1 [0 o0 1 (14)
2 1 0 0

The mixture needs two extractive distillation columns to separate them, i.e., solvents
should be added in each column to form extractive distillation. Finally, two extractive
distillation sequences are generated, as shown in Figure 1. In Sequence 1, A; is separated
first, and then A; and A3, while in Sequence 2, A3 is separated first, and then A; and Aj.

Sequence 1 Sequence 2
Solvent recycle
T A Solvent recycle
| Ay A, A2 :
|
Solvent I\ Ar A
recycle [~ T[T T 1 ——===
| Solvent
Solvent ! Solvent
—_— |
A, Az, As |
| A1, Az, As
| As, Solvent
|
| A, Solvent
A, As, Solvent | As, Solvent
e | 3 solvent Solvent recycle
D —  Extractive distillation column Q —  Solvent recovery column

Figure 1. Distillation sequences of separating three-component mixture.

If the solvents used in two extractive distillation columns are the same, there is the
possibility of merging two solvent recovery columns into one. In Sequence 1 shown
in Figure 1, if the solvent used for separating A, and A3 is same with that used in the
first extractive column, the first solvent recovery column with the red dotted box can be
omitted, the bottom product of the first extractive distillation column can be directly sent
to the second extractive distillation column, and the solvent recovered by the remaining
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08

0.6 |

Ymethanol

02

08

0.6 |

Yimethanol

02

solvent recovery column is recycled to the first extractive distillation column to be reused.
The change of flowsheet is shown by a red line.

3.2. Effect of Solvent to Extractive Distillation

Since solvent can increase the relative volatilities between components, the reflux
ratio of an extractive distillation column will decrease after its addition, as well as the
energy consumption and cost. Different solvents and their flowrates have different effects
on components’ vapor-liquid equilibrium, even the volatility order. This can be used to
evaluate solvents’ performance and their flowrates.

The solvent-to-feed ratio (SF) is defined as the ratio of the molar flowrate of solvent
(Fs) to that of the mixture (Fys), as shown by Equation (15).

SF = Is (15)
Fum
According to Equations (4), (6) and (15), the vapor-liquid equilibrium curves can be
plotted to demonstrate the influence of solvent and solvent-to-feed ratio. The acetonitrile—
methanol-benzene ternary mixture with three binary azeotropes is taken as an illustrative
example; aniline (AN) and chlorobenzene (CB) are candidate solvents. The vapor-liquid
equilibrium of pairwise combination among three components are plotted in Figure
2. It can be seen that when solvents are added, the vapor-liquid equilibrium curves
are obviously modified, and the binary azeotrope disappears when solvent-to-feed ratio
increases. When the solvent is AN, the volatility order from light to heavy is methanol,
benzene, acetonitrile; but when CB is used, the order is methanol, acetonitrile, benzene.

04 |

04

1 1
,/
Z 08 | 08 |
/
06 06
e Azeotrope é g
P £ e Azeotrope <] e Azeotrope
—— SF=0 Eoar —— SF=0 S04r == SF=0
—=—  SF=1 —=—  SF=1 —#= SF=1
—— SF=3 02 e SF=3 02 —— SF=3
™ SFsS —— SF=5 —— SF=5
. . . . 0 . . . A 0 . . h
0.2 0.4 0.6 0.8 1 0 0.2 0.4 0.6 0.8 1 0 0.2 0.4 0.6 0.8 1
Xmevhanul xmethanul xbenzene
a (1) methanol-benzene a (2) methanol-acetonitrile a (3) benzene-acetonitrile
= 1 1
= »
/ —
=~ 08 | o 08 | A
A A~
,/
EO.G r @ 06
e Azeotrope ?g e Azeotrope 'g e Azeotrope
——  SF=0 >04 —e—  SF=0 g 04 —e—  SE=Q
——  SF=1 —=—  SF=1 > —s—  SF=1
——  SF=3 02 | —+— SF=3 02 —+— SF=3
—4— SF=5 —— SF=5 —— SF=5
. . . . 0 . . . . 0 . . . .
0.2 0.4 0.6 0.8 1 0 0.2 0.4 0.6 0.8 1 0 0.2 0.4 0.6 0.8 1
Xmethanol Xmethanol Xacetonitrile

b (1) methanol-benzene

b (2) methanol-acetonitrile b (3) acetonitrile-benzene

Figure 2. Vapor-liquid equilibrium curves with solvent AN (a) and CB (b) added.

To give a more intuitive representation, the variations of relative volatilities along the
solvent-to-feed ratio are shown by Figure 3. In the calculation, the molar composition of
the mixture to be separated is 40% methanol, 30% benzene and 30% acetonitrile. As can be
seen, with solvent AN, the relative volatility between benzene and acetonitrile increases
slightly along the solvent-to-feed ratio, while that between methanol and benzene increases
first and then decreases; with solvent CB, both relative volatilities increase significantly.
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Relative volatility
~
3

- N
o o
S S

1.20

1 2 3 o 4 5 6

—e—methanol-benzene with AN —e—henzene-acetonitrible with AN
—e—methanol-actonitrible with CB  —e—acetonitrile-benzene with CB

Figure 3. Variations of relative volatilities at different solvent-to-feed ratios.

For a given solvent, its flowrate affects both relative volatilities and the load of sep-
aration. For different solvents and SFs, the volatility order and the increment of relative
volatility are different. In order to identify the optimal extractive distillation sequence and
solvent, the intricate influence of solvent to the cost of each extractive distillation sequence
needs to be analyzed carefully.

3.3. Effect of Solvent on Extractive Distillation System

The extractive distillation sequence together with feed preheater, reboilers and con-
densers compose the extractive distillation system. The selection of solvents and extractive
distillation sequences have a great impact on its cost. It is worth conducting an in-depth
analysis of their effect based on the TAC, which is shown by Equation (16).

TAC = BCcapr + Cop (16)

where Ccap is the capital cost of equipment, j is the annual depreciation coefficient; Cop
denotes the annualized operating cost of extractive distillation sequence, including the
energy cost of the feed heater, reboilers and condensers, and the cost of solvent material.

For each column, the shortcut method shown in Section 2.3 is used to calculate reflux
ratio and theoretical plates’ number. To simplify the optimization, the feed can be taken as
a saturated liquid. Detailed calculation of the capital and operating costs of the equipment
are introduced in the Appendix A. For the separation of a given mixture, the optimal
extractive distillation sequence, suitable solvent and solvent-to-feed ratio can be identified
by analyzing the effect of solvent and comparing distillation sequences.

For the methanol-acetonitrile-benzene mixture, when the solvent is AN, A1, Ay, A3
correspond to methanol, benzene and acetonitrile, respectively; when the solvent is CB, they
correspond to methanol, acetonitrile and benzene, respectively. The TACs of all distillation
sequences are calculated according to Equation (16) and the detailed calculation procedure
introduced in the Appendix A; the variation curves of TAC along the solvent-to-feed ratio
are plotted in Figure 4.

1.70

165 —e—Sequence 1 150 —e—Sequence 1

160 4 —e—Sequence 2 140 —s—Sequence 2
g §130 |
2155 B

@ L

2 150 210
S T110
gt g
S 140 =100

1.35 % 0.90

1.30 0.80

1 2 3 4 5 6 1 2 3 4 5 6
SF SF
@ (b)

Figure 4. Variation of the total annualized costs (TACs) along the solvent-to-feed ratio with solvents
AN (a) and CB (b).
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Figure 4 shows that the TACs of all distillation sequences decrease first and then
increase along the solvent-to-feed ratio. By comparing TACs corresponding to different
solvents, solvent-to-feed ratios and extractive distillation sequences, the minimum TAC is
achieved when solvent is CB, solvent-to-feed ratio is 2, and Sequence 2 is applied.

4. Optimization of Reaction and Extractive Distillation System

In chemical process, the mixture to be separated by distillation sequence is generally
the reactor effluent; reactor operating conditions affect its composition, and further affect
the separation system. When the extractive distillation is used, solvent and the distillation
sequence affect the system’s cost. To achieve economic optimization, all these factors
should be considered together.

For a reactor with m reactions and n components (A, Ay, ..., An, arranged in the
order of decreasing volatility), all reactions can be expressed as Equation (17).

n
Y vAi=0(k=1,2,---,m) (17)
i=1

Herein, v represents the stoichiometric coefficient of component A; in reaction k.
According to reaction kinetics, the reaction rate of each component is a function of a
reactor’s temperature and concentration, as shown by Equation (18).

ri = f(Tr,c) (18)

where 7; is the reaction rate of A;, T is the reactor temperature, and c represents compo-
nents’ concentration.

The flowrate of the reactor effluents can be calculated according to the mass and
energy balance equations. Two ideal reactors, plug flow reactor (PFR) and continuous
stirred tank reactor (CSTR), are illustrated. For PFR reactor, its mass and energy balances
are shown by Equations (19) and (20), respectively. With these two equations integrated,
the composition of the reactor effluent can be obtained.

dF;
ﬁ =71 (19)
n dT m
; Pic,,id—‘f = Ua(T, — Tg) + ws — klek(AHR)k (20)
i= =

where F; represents the flowrate of A;; V is the effective volume of reactor; C,; represents
the molar heat capacity of A; at constant pressure; U is the heat transfer coefficient; a is the
effective heat transfer area per unit of reactor volume; T, is utility temperature for heat
exchange of the reactor. w; is the shaft work per unit volume; Ry and (AHR); denote the
reaction rate and reaction heat of reaction k.

For CSTR reactor carried out under the isothermal condition, the mass and energy
balance are shown by Equations (21) and (22). Similarly, the composition of reactor effluent
can be obtained based on these equations.

X
v S (21)
Fpo  —1p
m
FoCpt(Tr — To) + V') _ Ri(AHR) = US(T, — Tg) + ws (22)
k=1

where Fpo is the flowrate of key reactant Ap before the reactions, Xp is the conversion of
key reactant Ay, rp is the reaction rate of Ay, Fy is the feed flowrate, S is the heat transfer
area, Ty is the feed temperature.

When operating reactor conditions change, the energy consumption and investment
of the reactor will change accordingly, as well as the reactor’s effluent. The latter affects the
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extractive distillation sequence. At the same time, the application of different solvents and
solvent-to-feed ratios leads to different relative volatilities, different energy consumptions
and different costs of the reaction and extractive distillation system.

The TAC of the reaction and extractive distillation system can be calculated according
to Equation (16). The investment cost of the system includes the cost of the reactor,
distillation column, feed preheater, reboilers and condensers; the operating cost covers the
cost of energy supplied to the equipment and the cost of solvent.

In the integration of the reactor and the extractive distillation system, the separation
order of the reactor effluent is identified first based on the non-key component matrix
method. Then, the addition of solvent is considered, and the extractive distillation columns
and solvent recovery columns are configured to form extractive distillation sequences. For a
set of given reactor operating conditions, the composition of reactor effluent with maximum
desired product is identified through adjusting other reactor operating conditions; then the
volatility orders of components are determined after the solvent is added, and the extractive
distillation sequences are generated. The reactor and identified extractive distillation
sequences constitute different configurations. The TACs of the systems with different
reactor operating conditions, candidate solvents, solvent-to-feed ratios and extractive
distillation sequences are calculated, and the optimal system with minimum TAC and
the corresponding parameters can be identified. The procedure is shown in Figure 5.
The calculation can be implemented by MATLAB R2020b.

Generate non-key component matrix, output the separation order ‘

|

Add a solvent recovery column to accompany each extractive
distillation column and generate all extractive distillation sequences

Two neighboring
extractive distillation columns
2

No

Remove the first solvent recovery column

Adjust reactor operating conditions to get the maximum desired
products, and calculate the flow rate of components

Identify the volatility order of components after adding a candidate
solvent and all extractive distillation sequences

Calculate TACs of different reaction and extractive distillation
systems with different extractive distillation sequences

E)per limit o

1s reached?

Adjust the SF

All candidate
solvents are
calculated?

Select another
candidate solvent

No

The upper limi
Of reaction parameter
is reached?

Identify appropriate solvent, solvent to feed ratio and the optimal distillation sequence
corresponding the minimum TAC under different reactor operating conditions

End

Figure 5. Procedure for identifying the optimal solvent and distillation sequence.
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It should be noted that the proposed method cannot be applied to the system when the
distillation column has side stream or the column performs non-sharp split. The reason is
that the non-key component matrix can only be used for the simple column with sharp split.
Besides, in the integration of the reactor and the extractive distillation system, the recycling
of unreacted reactants is not taken into account. These limitations will be improved in
further studies.

5. Case Study

Cyclohexene (HE, C¢Hjp) is generally produced by selective hydrogenation of benzene
(BZ, C¢Hg). The reactions are shown below [29]:

Ce¢Hg + 2H> —1> Ce¢H19CeHyp + Hp 3) Ce¢Hpn

where CgHjy is cyclohexane (HA).

When catalyst Ru-M-B/ZrO2 is used, the reaction rates under high pressure (>4 MPa)
are shown by Equations (23) and (24) [29]. The feed flowrate and the inlet concentration of
benzene (BZ) are taken as 33.33 mol-s~! and 0.078 mol-m 3, respectively.

rpz = 12.25 exp(_g’;;;”)clgz (23)
—2541.
rga = 7.97 exp (]S,R5> (24)

where rgz and rg 4 are the reaction rates of BZ and HA, cpy is the concentration of BZ,
and Ty, is the reaction temperature.

At 298 K and 5 MPa, the reaction heat for reaction 1 and 2 are —95,000 J-mol~! and
—120,000 J-mol~!, respectively. To simplify the calculation, the molar heat capacity of
each component is taken as constant, and the reaction heat for reaction 1 and 2 in reaction
temperature can be obtained by Equations (25) and (26).

(AHR); = —95000+ (CpHE — Cpga — 2Cpp, ) (Tr — 298) (25)

(AHR), = —120000+(Cppra — Cpye — Cph, ) (Tr — 298) (26)

The reaction system can be taken as a quasi-homogeneous system and the reactor can
be taken as PFR. On the basis of Equations (23)—(26), the reactor volume can be adjusted to
maximize the target product HE; the flowrate of BZ, HE and HA can be calculated according
to the mass and energy balances, as shown by Equations (19) and (20) in Section 4. With the
reactor outlet temperature keeping to be 473 K and the inlet temperature (T) changing
from 303 K to 353 K in the step of 10 K, the product composition is calculated and plotted
in Figure 6.

25 0.300
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-5 20 0.295
=
<
L 1]
T o 15 4 0290 T
- Y
N — [S)
m g =
‘5 <10 1 028 2
@ >
s
= 5 1 0.280
°
(e
0 . . . . 0.275
303 313 323 333 343 353
Ty/K
—HA HE =—BZ ——Yield of HE

Figure 6. The flowrate variation of reactor effluent along the reactor temperature.
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It can be seen from this figure that, along with the variation of the reactor’s inlet
temperature, the flowrate of desired product (HE) decreases slowly, while its yield increases
first and then decreases. When the inlet temperature is 313 K, the maximum yield of HE,
0.298, is obtained.

In the reactor’s effluent, HA, HE and BZ form three binary azeotropes, and extrac-
tive distillation is used to separate them. In the presence of solvent, the decreasing or-
der of components’ volatility is HA > HE > BZ. The candidate solvents include N,N-
Dimethylacetamide (DMAC), N-Methylpyrrolidone (NMP) and N-Formylmorpholine
(NFM), and the prices of the three candidate solvents are shown in Table 2. Based on
the method introduced in Section 2.2, when different solvents are employed and SF =
3, the relative volatility (o) versus reactor inlet temperature (Ty) curve is calculated for
every pair of adjacent components and plotted in Figure 7. As the inlet temperature of
reactor increases, the relative volatilities between components increase accordingly. When
NFM is employed, the relative volatilities are much greater than those when the other two
solvents are used. When the solvent DMAC is employed, components have the minimum
relative volatility.

Table 2. Prices of the three candidate solvents.

Solvents DMAC NMP NFM
Price/$-t~1 1800 2000 5900
24 2.4
23 23
2 2
g 22 222
B 21 =
g 2 S 21
£ 19 g 2
g e £
17 x 19
16 18
15 1.7 . . . .
303 313 323 333 343 353 303 313 323 333 343 353
TYK TdK
DMAC —NMP —NFM DMAC —NMP ——NFM
(a) The relative volatility between HA and HE (b) The relative volatility between HE and BZ

Figure 7. Variation of relative volatilities along reactor’s inlet temperature (SF = 3).

For each solvent, the relative volatility of components changes along the solvent-to-
feed ratio. For example, when the feed temperature is 323 K, the molar composition of the
reactor effluent is 18% HA, 30% HE and 52% BZ. For three candidate solvents, the variation
of relative volatility along the solvent-to-feed ratio is plotted in Figure 8. It can be seen that
the relative volatility increases along the solvent-to-feed ratio or flowrate of solvent, no
matter which solvent is used. However, increasing solvent’s flowrate will increase duty of
separation and cost of solvent, and hence will cause an increment of the system’s TAC.
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(a) The relative volatility between HA and HE (b) The relative volatility between HE and BZ

5N

Figure 8. Variation of relative volatilities with different solvent-to-feed ratios.
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The feed of the extractive distillation system includes three components (excludes
the solvent), the corresponding non-key component matrix shown by Equation (14) can
represent the possible extractive distillation sequences. Herein, A;, Ay, A3 represent HA,
HE and BZ, respectively. Based on this and with the solvent considered, sequence 1 (S1)
and sequence 2 (5S2) are identified, and their flowsheets are the same as those shown in
Figure 1. Since the solvents of two extractive distillation columns are the same, the first
solvent recovery column of S1 is taken out. For sequences S1 and S2, the TACs and TACs
of unit desired product of the system are calculated according to the procedure introduced
in Section 4, and are plotted in Figure 9. When the solvent-to-feed ratio increases, the TAC
and TAC of unit desired product decrease first and then increase, no matter which solvent
is used. For S1, when DMAC is used and the reactor’s inlet temperature lies in 303~343 K,
the minimum TAC is obtained when the solvent-to-feed ratio equals 2, while the solvent-
to-feed ratio corresponding to the minimum TAC is 3 when the feed inlet into the reactor
is at 353 K. When NMP is used, the solvent-to-feed ratio with minimum TAC is equal to
2, while it is 3 when NFM is the solvent. For S2, the solvent-to-feed ratio with minimum
TAC is equal to 3 when DMAC and NMP are used at all of the reactor’s inlet temperatures,
while it is 4 when NFM is used.
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Figure 9. Variation of TACs and TACs of unit desired product.
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It can be seen that for each sequence, the variation trends of TACs are similar for three
candidate solvents, as well as those of TACs of unit desired product. The TAC of S1 is
always greater than that of 52, no matter which solvent and solvent-to-feed ratio are used.

To sum up, the minimum TAC of the system can be achieved when the solvent is
NEFM, the solvent-to-feed ratio is 4 and S2 is applied. As shown in Figure 9b(3), for S2,
when the reactor’s inlet temperature increases, the TACs of unit desired product wavelike
rise. The minimum TAC of unit desired product, 4.01 $-kmol~!, is achieved when the
reaction inlet temperature is 333 K.

6. Conclusions

A method was proposed to integrate the reaction and the extractive distillation, and
identify the optimal solvent and solvent-to-feed ratio. The two-step procedure can identify
the extractive distillation sequences efficiently and automatically. The variation trend
curves of the TAC of the reaction and the extractive distillation system indicate the variation
of total cost along key parameters, and can be used to analyze the effect of reactor operating
conditions, solvents and solvent-to-feed ratio, and compare different distillation sequences
efficiently. The proposed method also can be used to identify the optimal extractive
distillation sequence and optimize the reactor operating conditions. Case study shows that
for the ethylbenzene process, the minimum TAC of unit desired product, 4.01 $-kmol~!,
is achieved when the reaction inlet temperature is 333 K, solvent NFM and sequence S2 are
employed, and the solvent-to-feed ratio is 4.

In this work, the reactor’s inlet temperature and solvent-to-feed ratio were analyzed
and optimized. Other reactor conditions, such as reactant concentration, operation pressure,
reflux ratio in extractive distillation system and the recycle of unreacted reactant also affect
the reaction and extractive distillation system. Besides, columns with side stream or those
performing non-sharp split can also be used in the extractive distillation. The proposed
method will be extended to take these factors into consideration.
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Abbreviations

a Effective heat transfer area per unit of reactor volume, m~!
Aexe Heat transfer area of heat exchanger, m?

Ay, B;, Gy, Dy, E; Antoine constants

B Flowrate at the bottom, mol-s—!

c Components’ concentration, kmol-L~!

CBz Concentration of BZ, kmol-L~!

Ccap Capital cost, $

Ccapr,1968: Ccap,2019 Capital costs in 1968 and 2019, $

Ceotr Creacts Cexc Capital costs of the column, reactor and heat exchanger, $
Cliggs, Clro19 Chemical Engineering Plant Cost Indexes in 1968 and 2019
Cop Annualized operating cost of equipment, $-year—!

Cpi Molar heat capacity of A; at constant pressure, J-mol~1-K~!
Cu Price of utility, $-GJ !

D Flowrate of the top product, mol-s~

D., D, Diameters of the distillation column and reactor, m

D, Distillation sequence matrix of n-component mixture

Fy Feed flowrate, mol-s—1
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Correction factors for the reactor and distillation column,

column plate and heat exchanger

Flowrate of A;, mol-s~!

Correction factors associated with material and plate material

Molar flowrate of the mixture to be separated and solvent, mol-s~!
Flowrate of key reactant A, before reactions, mol-s~!

Correction factors associated with pressure, plate spacing and plate type
Heights of the distillation column and reactor, m

Plate spacing, m

Gas-liquid equilibrium constant of component A;

Number of components in reactor effluent

Numbers of theoretical plates below and above the feed

Minimum number of theoretical plates

Non-key component matrix of n-component mixture

Number of manholes

Number of theoretical plates of distillation column

System pressure, Pa

Saturated vapor pressure, Pa

Feed thermal state

Duty of heat exchanger, J-s !

Reaction rates of BZ, HA, A; and Ay, mol-m 3.1

Reflux ratio

Reaction rate of reaction k, mol-m~3-s
Minimum reflux ratio

Heat transfer area, m?
Solvent-to-feed ratio

Total number of possible distillation sequences for n-component mixture
Temperature of reactor feed, utility for heat exchange of the reactor,
reaction and distillate, K
Annual operating time, h-year™
Heat transfer coefficient, J-m—2-s~1.K~1
Effective volume of reactor, m3

Average vapor velocity in column, m-s™
Shaft work per unit volume, J-m3-s7!
Mole fraction

Conversion of key reactant Ay

Reaction heat of reaction k, J-mol 1
Temperature difference, K

Relative volatility

Annual depreciation coefficient of equipment

Activity coefficient of component A;

Plate efficiency

Times of A; as a non-key component in distillation sequence i
Stoichiometric coefficient of A; in reaction k

Root of Underwood equation

Recovery of the key components in distillation column

jth split in distillation sequence i

-1

1

1

Bottom of distillation column
Distillate of distillation column
Feed of distillation column
Component A;

Heavy key component

Light key component
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Appendix A
The Totally Annualized Cost

The totally annualized cost (TAC) includes the annualized capital costs of the equip-
ment and the annualized operating costs.
The capital cost of the reactor Cye; is calculated by Equation (A1) [30].

Creact = 937.6D,100H,0802(2 18 1 2F 1) (A1)

where D, and H, are the diameter and the height of the reactor, F;; is the correction factor
for the reactor and distillation column, F.y = FyFy1. F, and F,,;; are the correction factors
associated with pressure and material, as shown in Table A1.

Table A1. Correction factors for reactor and distillation column.

Pressure/MPa 034 0.69 138 207 276 345 414 483 552 621 6.89
Fp 1.00 105 1.15 120 135 145 160 180 190 230 250
Shell material Carbon steel Stainless
F.q1 1.00 3.67

The capital cost of the distillation column C,; is calculated by Equation (A2).
Ceot = 937.6D10°H,0892(2 18 4 2F.1)+97.2D. " H,F,, (A2)

where D, and H, are the diameter and the height of the distillation column, and calculated
by Equations (A3) and (A4) [31]. Fc; is the correction factor for column plate, F, =
Fs + F + Fyo, Fs, Fr and F,;; are the correction factor associated with plate spacing, type
and plate material, as shown by Table A2.

S CO (TR 0

He — (1:7“ — N, —1)Hr + 06N, +4.27 (A4)

where Tp is the temperature of distillate; Hr is the plate spacing, is the plate efficiency,
N is the number of manholes, V; is the average vapor velocity in the column.

Table A2. Correction factors for column plates.

yPlate spacing/mm Above 450 300~450 0~300
F; 1.0 14 22
Plate type Grid Plate Sieve Valve Btl;;)le
F; 0 0 0 04 1.8
Plate material Carbon steel Stainless
Fin2 0.0 1.7

The capital cost of the heat exchanger, C,y, is calculated by Equation (A5) [30]. Aexc is
its heat transfer area and calculated by Equation (A6), Qe is the heat duty of the heat
exchanger and calculated by Equation (A7).

Coxe = 474.7 Aex "% (2.29 + 2F.3) (A5)
Aure = 2020 (A6)

Qexc = FechHv (A7)
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where F.3 is the correction factor for heat exchanger, it is associated with type, as shown in
Table A3 [30]; U is the heat transfer coefficient, and is set as 1500 J-m~2-s~.K~1; AT is the
temperature difference; Fy is the flowrate of the stream being cooled or heated, and the
AH, is the latent heat of stream.

Table A3. Correction factors for heat exchangers.

Heat Exchanger Type  Kettle, Reboiler  Floating Head  U-Tube  Fixed-Tube Sheet
Fe3 1.35 1.00 0.85 0.80

The capital cost introduced above is calculated based on that in 1968, and it can be up-
dated according to the Chemical Engineering Plant Cost Index (CI) [32] by Equation (AS).

CI
Ccappo19 = #gzcmp,wés (A8)

where Ccapanig is the capital cost in 2019, and Ccap,196s is the capital cost in 1968,
Clo19 and Cljgeg are the Chemical Engineering Plant Cost Index in 2019 and 1968, and their
values are 113.7 and 607.5, respectively.

The annualized operating cost is calculated by Equation (A9). In this equation, top de-
notes the annual operating time and is set as 8500 h; and Cy; represent the prices of utilities,
and is shown in Table A4.

Cop =) tor(CuQexc) + 0.02Cexc (A9)
Table A4. Data of Utilities.
Utilities Temperature/K Price/$-GJ—1
Cooling water 305 0.143
Low-pressure steam 433 7.72
Medium-pressure steam 457 8.22
High-pressure steam 537 9.88
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